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At TCM we are committed to
promote the competitive
deployment of carbon capture
technologies to help combat
climate change. We do that by
supporting technology vendors
to derisk at the largest scale
before commercialization and by
providing invaluable knowledge
to project owners throughout
their project cycle.

The owners’ intentions
«We see an increasing interest for
testing at TCM, and we are very pleased
that we can continue our important
work with testing and research
necessary for the deployment of
large-scale carbon capture.»

«TCM has contributed to maturing the
carbon capture supplier market and will
remain relevant with the increasing
number of technology suppliers lining
up for testing.»

«TCM plays a key role in further
developing and reducing the cost of
CCS – a crucial technology to help
society and economies thrive
through the energy transition.»

«In our climate ambition, carbon
capture is key. TCM is the best
platform to learn, test technologies
and accelerate the technology scale
up for implementation on our
assets.»

CATCHING OUR FUTURE

Contents

11

Results from MEA testing at the CO2 Technology Centre Mongstad.
Verification of Residual Fluid Catalytic Cracker (RFCC) baseline results (2021)_____ 7
Application of Sequential Design of Experiments (SDoE) to Large
Pilot-Scale Solvent-Based CO2 Capture Process at Technology Centre
Mongstad (TCM) (2021)_________________________________________________ 21
Cost Reduction Study for MEA based CCGT Post-Combustion CO2
Capture at Technology Center Mongstad (2021)_____________________________ 35
A Benchmark for Compact CO2 Capture Plant Designs by
Monoethanolamine Solvent Testing at Technology Centre Mongstad (2021)_______ 47
Demonstrating flexible operation of the Technology Centre Mongstad
(TCM) CO2 capture plant (2019)__________________________________________ 59
CO2 capture with monoethanolamine: Solvent management and
environmental impacts during long term operation at the Technology
Centre Mongstad (TCM) (2019)___________________________________________ 61
Assessment of Material Selection for the CO2 Absorption Process with
Aqueous MEA Solution based on Results from Corrosion Monitoring at
Technology Centre Mongstad (2019)______________________________________ 63
Results of the fourth Technology Centre Mongstad campaign:
LVC testing (2019)_____________________________________________________ 65
Demonstration of non-linear model predictive control of postcombustion CO2 capture processes (2018)_________________________________ 67
Experimental results of transient testing at the amine plant at
Technology Centre Mongstad: Open-loop responses and performance
of decentralized control structures for load changes (2018)___________________ 69
A compact and easy-to-use mass spectrometer for online monitoring
of amines in the flue gas of a post-combustion carbon capture plant (2018)______ 71

CATCHING OUR FUTURE

Contents

11

CO2 product quality: assessment of the range and level of impurities
in the CO2 product stream from MEA testing at the Technology Centre
Mongstad (TCM) (2018)_________________________________________________ 73
Results from testing of a Brownian diffusion filter for reducing the
aerosol concentration in a residual fluidized catalytic cracker flue gas
at the Technology Centre Mongstad (2018)_________________________________ 91
CO2 capture from RFCC flue gas with 30 wt% MEA at Technology
Centre Mongstad, process optimization and performance comparison (2018)____ 107
Documenting modes of operation with cost saving potential at the
Technology Centre Mongstad (2018)_____________________________________ 127
Monitoring real time, in-line variations of noble gas concentrations
during CO2 capture operations by means of a portable mass
spectrometer (2018)__________________________________________________ 141
Dynamic Process Model Validation and Control of the Amine Plant at
CO2 Technology Centre Mongstad (2017)__________________________________ 151
Ambient Measurements of Amines by PTR-QiTOF: Instrument
Performance Assessment and Results from Field Measurements in
the Vicinity of TCM, Mongstad (2016)_____________________________________ 189
Results from MEA testing at the CO2 Technology Centre Mongstad:
Verification of baseline results in 2015 (2016)______________________________ 195
Results from 30 wt% MEA performance testing at the CO2 Technology
Centre Mongstad (2016)_______________________________________________ 215
Results from MEA amine plant corrosion processes at the CO2
Technology Centre Mongstad (2017)_____________________________________ 229
Results from aerosol measurement in amine plant treating gas
turbine and Residue Fluidized Catalytic Cracker flue gases at the CO2
Technology Centre Mongstad (2016)_____________________________________ 243

CATCHING OUR FUTURE

Contents

11

Degradation and Emission Results of Amine Plant Operations from
MEA Testing at the CO2 Technology Centre Mongstad (2017)__________________ 265
Results from MEA Degradation and Reclaiming Processes at the CO2
Technology Centre Mongstad (2017)_____________________________________ 285
Dynamic process model development and validation with transient
plant data collected from an MEA test campaign at the CO2 Technology
Center Mongstad (2016)_______________________________________________ 305
Aerosol Measurement Technique: Demonstration at CO2 Technology
Centre Mongstad (2016)_______________________________________________ 319
Results from MEA testing at the CO2 Technology Centre Mongstad.
Part I: Post-Combustion CO2 capture testing methodology (2014)______________ 331
Results from MEA testing at the CO2 Technology Centre Mongstad.
Part II: Verification of baseline results (2014)______________________________ 353
Results of amine plant operations from 30 wt% and 40 wt% aqueous
MEA testing at the CO2 Technology Centre Mongstad (2014)__________________ 373
Emission results of amine plant operations from MEA testing at the
CO2 Technology Centre Mongstad (2014)__________________________________ 385
Scale-up and Transient Operation of CO2 Capture Plants at CO2
Technology Centre Mongstad (2014)_____________________________________ 403
Real-Time Monitoring of Emissions from Monoethanolamine-Based
Industrial Scale Carbon Capture Facilities (2013)___________________________ 405
Operational Experience and Initial Results from the First Test Period
at CO2 Technology Centre Mongstad (2013)________________________________ 407

CATCHING OUR FUTURE

Results from MEA testing at
the CO2 Technology Centre
Mongstad. Verification of
Residual Fluid Catalytic Cracker
(RFCC) baseline results
(2021)

Collection 11: MEA Solvent

15th International Conference on Greenhouse Gas Control Technologies, GHGT-15
15–18 March 2021 Abu Dhabi, UAE

Results from MEA testing at the CO2 Technology Centre Mongstad.
Verification of Residual Fluid Catalytic Cracker (RFCC) baseline
results
Scott A. Humeb*,Muhammad I. Shaha, Gerard Lombardoa,Thomas de Cazenovea, Jane K.
Festea, Andrew Maxsonb, and Christophe Benqueta
a
CO2 Technology Centre Mongstad (TCM), 5954 Mongstad, Norway
Electric Power Research Institute, Inc, 3420 Hillview Avenue, Palo Alto, CA 94394, USA

b

Abstract
Technology Center Mongstad (TCM) houses a pilot-scale test facility for CO2 capture solvents termed the “amine plant”, where
multiple test campaigns have been performed on monoethanolamine (MEA). The third MEA test campaign (MEA-3) was
conducted in June 2017 and several subsequent tests on MEA (MEA-4 and MEA-5) were performed, through October 2018. MEA3, MEA-4, and MEA-5 have been the most significant collaborative test campaigns that the owners of TCM, TCM DA, have
conducted since its inauguration in 2012. The large number of public, industrial, research, and academic participants involved in
these campaigns have enriched the projects and ensured that the significant results will serve a broad audience. The main objective
of these campaigns was to produce knowledge that can be used to reduce the cost as well as the technical, environmental, and
financial risks for the commercial-scale deployment of post-combustion CO2 capture (PCC). This includes demonstration of a
model-based control system, dynamic operation of the amine plant, investigating amine aerosol emissions, establishment of residual
fluid catalytic cracker (RFCC)—a flue gas emanating from a nearby Equinor refinery that emulates coal in composition—baseline
performance with MEA, and specific tests targeted at reducing CO2 avoided cost. Through the campaigns, both flue gas sources
currently available to TCM were used, including the RFCC gas as well as flue gas from a nearby combined-cycle gas turbine
(CCGT)-based combined-heat-and-power plant (CHP) that operates off of natural gas.
The Electric Power Research Institute, Inc. (EPRI) assessed the performance of the MEA-based process using an independent
verification protocol (IVP) previously developed for the CHP flue gas [1]. The IVP provides a structured testing procedure for
assessing the thermal and environmental performance of PCC processes under normal operating conditions. Based on this,
methodology results were presented by Faramarzi et al [2]. The IVP was updated for use with the RFCC as this gas contains 13–
14 vol% CO2 content by volume whereas the CHP flue gas has 3.5 vol% CO2 content. Throughout the RFCC testing, TCM DA
manually collected extractive samples from the depleted flue gas and product CO2 outlets sequentially. As part of the IVP, EPRI
also assessed critical plant instrumentation at TCM for accuracy and precision error based on a comparative analysis done during
testing operations and against calibration checks.
The MEA baseline process was evaluated during thirteen individual test periods over four days in May 2018. During the tests,
extractive samples were taken to measure process contaminants such as aldehydes, ketones, amines, and ammonia. Sulfur oxides
* Corresponding author. Tel.: +1-704-595-2978, E-mail address: shume@epri.com
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and nitrogen oxides were continuously monitored using Fourier-transform infrared (FTIR) analysers on the depleted flue gas and
product CO2 streams. TCM DA has installed multiple measurements of the CO2 concentration (FTIR, non-dispersive infrared
sensor, and gas chromatography) allowing comparative confirmation during the test periods. The capture rate was calculated via
four methods. CO2 recovery (overall mass balance) was evaluated and the thermal performance (energy consumption) was
assessed based on measured data taken during the tests. The CO2 capture rate achieved during the MEA RFCC testing was close
to 90%, with steam reboiler duties of 3.43–3.51 GJ/tonne-CO2, and the CO2 gas mass balance closures were close to 100%.
These data and the associated assessments, along with the results of TCM DA sampling during these tests, will be presented in
this paper and will provide a new baseline case for 30 wt% MEA solvent in higher concentration flue gas capture cases. Based on
this, TCM will now have two baselines covering flue gases with 3.5 vol% CO2 (Faramarzi et al.) and with 13–14 vol% CO2 (this
project).
Keywords: CO2 capture; EPRI; MEA; Post-combustion capture; CO2 Technology Centre Mongstad; TCM

1. Introduction
The CO2 Technology Centre Mongstad (TCM) is located next to the Equinor refinery in Mongstad, Norway. TCM
DA is a joint venture owned by Gassnova representing the Norwegian state, Equinor, Shell, and Total. The test facility,
dubbed the “amine plant”, run by TCM DA entered the operational phase in August 2012 and is one of the largest
post-combustion CO2 capture (PCC) test centres in the world. A unique aspect of the facility is that either a flue gas
slipstream from a natural gas-fired combined-heat-and-power (CHP) plant or an equivalent volumetric flow from a
residual fluid catalytic cracker (RFCC) unit can be used for CO 2 capture. The CHP flue gas contains about 3.5 vol%
CO2 and the RFCC flue gas contains about 13–14 vol% CO2, the latter of which is comparable to CO2 levels seen in
coal-fired flue gas. The amine plant, designed and constructed by Aker Solutions and Kværner, is a highly flexible
and well-instrumented unit that can accommodate a variety of technologies with capabilities of treating flue gas
streams of up to 60,000 standard cubic meters per hour. The plant is offered to developers of solvent-based CO2
capture technologies to test the performance of their solvent technology and to verify technologies aimed to reduce
the atmospheric emissions and environmental impact of amines and amine-based degradation products from solventbased CO2 capture processes. The objective of TCM DA is to test, verify, and demonstrate CO 2 capture technologies
suitable for deployment at full-scale. A significant number of vendors, including Aker Solutions, Alstom (now GE
Power), Cansolv Technologies Inc., Carbon Clean Solutions Ltd., Fluor and Ion Engineering have already successfully
used the TCM DA facilities to verify their CO2 capture technologies.
Nomenclature

Units

CHP
EPRI
FTIR
GC
HP
IVP
LP
MEA
NDIR
PCC
RFCC
STU
TCM

barg
g
GJ/t
kg/hr
kg/m3
m
mg/Sm3
MJ/hr
Sm3/hr
vol%
wt%


combined heat-and-power
Electric Power Research Institute, Inc.
Fourier-transform infrared
gas chromatograph
high pressure
independent verification protocol
low pressure
monoethanolamine
non-dispersive infrared
post-combustion capture
residual fluid catalytic cracker
specific thermal use
Technology Centre Mongstad

bar gauge
gram
gigajoule per tonne
kilogram per hour
kilogram per cubic meter
meter
milligram per standard cubic meter
megajoule per hour
standard cubic meter per hour
volume percent
weight percent
micro (10-6)

Multiple tests using monoethanolamine (MEA) have been carried out at TCM to define the baseline performance
of the solvent for defined operating conditions using flue gas from the CHP at 3.5 vol% CO2 content [2]. More recently,
the MEA solvent has been tested with the higher CO2 concentrations from the RFCC flue gas to develop a new baseline
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for the amine plant, in accordance with an independent verification protocol (IVP), which provides a structured testing
procedure, developed by the Electric Power Research Institute, Inc. (EPRI) [1].
2. Amine plant
The schematic of the TCM DA amine plant when treating the CHP flue gas is shown in Figure 1.
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Figure 1. TCM DA amine plant when treating RFCC flue gas
3. IVP overview
The roles and responsibilities of the organizations that conducted the IVP are:
•

TCM DA is the prime on the project and its personnel organized the field testing during the test period. They
also operated the plant throughout all baseline testing

•

EPRI were contracted by TCM DA to develop the IVP during previous MEA baseline testing. EPRI was on
site during MEA baseline testing on RFCC flue gas to observe the conduct of the tests and the associated
manual extractive sampling. EPRI received the data for the RFCC tests from TCM DA for analysis.

4. Test campaign
The testing of the MEA solvent at TCM was carried out using RFCC flue gas that has CO 2 concentrations of typical
coal flue gases. Prior testing with MEA using CHP flue gas was conducted in September 2015. The test periods
identified for the RFCC flue gas operation, shown in Table 1, reflect the extractive sampling periods carried out on
28–31 May 2018.
During the testing, personnel from TCM DA manually collected extractive samples from the depleted gas outlet
and product CO2 line downstream of the RFCC stripper. In previous tests, this was sometimes performed by an
independent testing contractor. However, TCM DA’s competency related to performing this testing was deemed
adequate by EPRI, especially since TCM DA is not commercially involved in the outcome and hence can be
considered to be unbiased.
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Data logs for all sampling periods containing pertinent flows, temperatures, pressures, and concentrations measured
by permanent plant instruments were supplied by TCM DA for the entire test period.
Table 1. Summary of the test periods
Stream sampled

Date

Start time/Stop time

Sampling Results Reported

Test Period

Depleted Flue Gas
Depleted Flue Gas
Depleted Flue Gas
Depleted Flue Gas
Depleted Flue Gas
Depleted Flue Gas
Depleted Flue Gas/CO2 Product
Depleted Flue Gas/CO2 Product
Depleted Flue Gas/CO2 Product
CO2 Product
CO2 Product
CO2 Product
Depleted Flue Gas

28 May 2018
28 May 2018
28 May 2018
29 May 2018
29 May 2018
29 May 2018
30 May 2018
30 May 2018
30 May 2018
31 May 2018
31 May 2018
31 May 2018
01 June 2018

8:23 / 9:26
9:38 / 10:42
10:54 / 12:24
9:33 / 10:40
10:58 / 12:18
13:26 / 14:41
8:29 / 9:33
9:42 / 11.18
11:41 / 12:41
8:10 / 9:15
9:36 / 10:35
12:09 / 13:07
9:38 / 10:42

MEA, NH3
MEA, NH3
MEA, NH3
MEA, NH3, Aldehydes, Acetone
MEA, NH3, Aldehydes, Acetone
MEA, NH3, Aldehydes, Acetone
NO2, SO2
NO2, SO2
NO2, SO2
MEA, NH3, Aldehydes, Acetone
MEA, NH3, Aldehydes, Acetone
MEA, NH3, Aldehydes, Acetone
MEA, NH3

C5-1
C5-2
C5-3
C5-4
C5-5
C5-6
C5-7
C5-8
C5-9
C5-10
C5-11
C5-12
C5-13

5. Instrument assessment
To determine the process plant performance, a key component is the quality of the instrumentation installed for
measuring the respective compositions and flow rates. Instrumentation quality is determined using two parameters:
•

Accuracy/bias: This represents the difference between the instrument reading (or average of a set of
readings under unchanging process conditions) being assessed and the true value of the parameter being
measured. Appropriate determination of the “true value” must be achieved by simultaneous measurement of
the parameter using a reference method or instrument with calibration that can be traced to primary
standards.

•

Precision: A determination of the variability of the instrument reading when stream conditions are known to
be steady state. Precision is therefore a measure of the random error associated with the measurement.

These measurement errors can be combined to assess the aggregate uncertainty in each measurement. In the
absence of a calibration against primary standards for the entire measurement range needed, the uncertainty published
by the instrument supplier represents only the precision error.
When the process parameter being measured does not change, precision is a measure of repeatability. In real plant
situations, when attempting to operate at steady-state conditions, often process parameters (flow, pressure, and
temperature) do vary over the measurement period. Thus, measurements over long periods of time (greater than
process time constants) will also include an error term related to process uncertainty.
5.1. Gas-phase compositions
TCM DA has 3 independent Fourier-transform infrared (FTIR) units (Finetech Anafin 2000 and a pair of Gasmet
FCX units), facilitating dedicated and continuous FTIR measurements at the absorber inlet, outlet, and CO2 product
gas streams. The CO2 concentration at the inlet and outlet of the absorber column is also determined by two nondispersive infrared (NDIR) units at each location, one set to high range (% vol) and one to low range (ppmv) on a drygas basis. A dedicated trace O2 instrument (Teledyne Instruments 3001) is installed to quantify O2 content of the
product CO2 as this is typically at ppm levels in this stream. A Siemens Maxum Edition II gas chromatograph (GC)
unit is also installed, which is capable of measuring the CO2, O2, and nitrogen content at all three locations in a nearsimultaneous fashion.

Electronic copy available at: https://ssrn.com/abstract=3821037
11

Collection 11: MEA Solvent

GHGT-15 Scott Hume

5

During the May to June 2018 operations, TCM DA utilized the installed FTIR systems, NDIR analysers, and GC
unit to monitor the incoming flue gas and depleted flue gas, as shown in Figure 2 and Figure 3. It should be noted that
the low-range NDIR units could not be used for RFCC testing as the inlet flue gas measurement range is 0–5 vol%
(dry) and the outlet depleted flue gas range is 0–1 vol% (dry), both of which are below the gas concentrations measured
during these tests.

Figure 2. RFCC flue gas supply CO2 and O2 data for all analysers

Figure 3. Depleted flue gas CO2 and O2 data
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•

Figure 2 displays the RFCC flue gas supply CO2 and O2 concentration data over the test campaign. There is
good agreement between CO2 NDIR and the GC CO2 measurements (<0.2% point difference). The TCM
FTIR CO2 was biased 1% point lower than the other two instruments.

•

Figure 3 displays the depleted flue gas CO2 and O2 concentration data over the test campaign. The data from
all of the TCM instruments show close tracking together, suggesting that the process CO2 concentration had
a degree of variability (±0.2% vol) during that operating period.

•

The O2 content of the product CO2 was low in the range of 1–2 ppmv, as shown in Figure 4. For the purposes
of calculating CO2 removal and recovery, it is assumed here that the product CO 2 stream is saturated with
water at the measured temperature and pressure and contains the small trace quantities of O2 and N2 measured.
The balance is presumed to be CO2.

Figure 4. Product gas O2 data

5.2. Gas-phase flow rates
Supply flue gas, depleted flue gas, and the CO2 product streams were determined by TCM DA plant instrumentation
for continuous measurement of the flow rates. In particular, the TCM DA amine plant is well instrumented for
determining the RFCC flue gas supply flow rate, with several of the flow meters positioned in series.
•

The RFCC flue gas supply flow is measured by two independent multi-pitot-tube flow meter instruments,
(FIC-0024 and FT-2039), which are characterized in Table 2. The data from these flow meters are shown in
Figure 5. All flow rates are at the defined standard conditions of 15°C and 101.3 kPa. The RFCC flue gas flow
was very steady over the entire test period. The test period flow averages used for all calculations are the data
reported by the multi-pitot-tube (FIC-0024) as this had a lower precision error.
Table 2. Key flow instrumentations (precision uncertainties are based on internal assessments by TCM DA)
Stream
RFCC Flue Gas Supply

•

Tag number

Instrument type

Primary flow
measurement

Precision
uncertainty

FIC-0024

Multi-pitot tube

Differential pressure

2.6%

FT-2039

Multi-pitot tube

Differential pressure

5.3%

Absorber outlet depleted flue gas

FT-2431

Multi-pitot tube

Differential pressure

5.4%

Product CO2

FT-0010

Vortex

Flowing volume

1.0%

The depleted flue gas flow is measured by a single multi-pitot tube flow meter (FT-2431), whose
characteristics are listed in Table 2. As observed in prior campaigns, the measured flow has significant
transients that are not correlated with any process parameter. Subsequently, the depleted flue gas flow rate
was calculated assuming that all O2 and N2 entering with the flue gas supply leaves in the depleted flue gas.
The performance data reported here use such a calculation for depleted flue gas flow rate.
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The product CO2 flow measured by the vortex flow meter (FT-0010) is the primary flow meter used by TCM
DA operators, the characteristics for which are listed in Table 2. Additionally, a Coriolis flow meter is installed
(FT-2215), however this instrument has not undergone an accuracy study and so is not used for primary
assessment. The data from both flow meters are shown Figure 6. The product CO2 flow was relatively steady
over all periods.

Figure 5. Flue gas supply flow measurements for RFCC testing May-June 2018

Figure 6. Product flue gas flow rate measurements for RFCC testing May-June 2018

5.3. Steam and condensate flow rates
The TCM DA amine plant receives high-pressure (HP) superheated steam from the neighbouring refinery at a
pressure of approximately 30 bar, and a temperature of between 240°C to 310°C. A schematic of the system supplying
steam to the stripper reboiler is shown in Figure 7.

Figure 7. RFCC stripper reboiler steam supply flow schematic
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The HP steam is throttled near the stripper reboiler to a pressure of approximately 5 bar before being desuperheated
with condensate. Following condensation in the stripper reboiler, the steam condensate collects in a receiving vessel
before being returned to the refinery.
Steam heat tracing is facilitated using a small amount of medium-pressure steam that is reduced to a lower pressure
prior to use. The resultant low-pressure (LP) steam condensate is returned to the same receiver as the stripper reboiler
condensate. For thermal energy consumption assessment, the key parameter of interest is the steam flow to the reboiler,
shown in Figure 8.

Figure 8. RFCC reboiler steam flow

6. Results and discussion
6.1. CO2 capture efficiency and recovery
The CO2 capture efficiency was calculated using the four methods (Methods 1–4) via the formulas detailed in Table
4. In addition, CO2 recovery is the fraction of CO2 mass flow in the flue gas supply that is accounted for by measured
CO2 mass flows in the depleted flue gas and product CO2—it is a measure of the degree to which the CO2 mass balance
is closed.
Table 3. CO2 capture efficiency and recovery calculation methods
Term

Description

Formula

CO2 capture efficiency:
Method 1

CO2 product flow as a ratio to the CO2 flow in the flue gas supply

CO2 capture efficiency:
Method 2

CO2 product flow as a ratio to the sum of the CO2 product flow and the
CO2 flow in the depleted flue gas

=

𝐶𝐶𝑂𝑂2 (𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝)
𝐶𝐶𝑂𝑂2 (𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠)

CO2 capture efficiency:
Method 3

Ratio of the difference between the CO2 flow in the flue gas supply and
the CO2 in the depleted flue gas to the CO2 flow in the flue gas supply

CO2 capture efficiency:
Method 4

Ratio of the depleted flue gas CO2 per unit O2+N2 to the flue gas supply
CO2 per unit O2+N2

=

𝐶𝐶𝑂𝑂2 (𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠) − 𝐶𝐶𝑂𝑂2 (𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑)
𝐶𝐶𝑂𝑂2 (𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠)

CO2 recovery

Ratio of the sum of the CO2 flow in depleted flue gas and the product
CO2 flow divided by the CO2 flow in the flue gas supply

OCO2 = Depleted flue gas CO2 content, dry ICO2 = Flue gas supply CO2 content, dry

=

𝐶𝐶𝑂𝑂2 (𝑝𝑝𝑝𝑝𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜)
𝐶𝐶𝑂𝑂2 (𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝) + 𝐶𝐶𝑂𝑂2 (𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑)

=1−
=

𝑂𝑂𝐶𝐶𝑂𝑂2

(1 − 𝑂𝑂𝐶𝐶𝑂𝑂2 )

(1 − 𝐼𝐼𝐶𝐶𝑂𝑂2 )
𝐼𝐼𝐶𝐶𝑂𝑂2

𝐶𝐶𝑂𝑂2 (𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑) + 𝐶𝐶𝑂𝑂2 (𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝)
𝐶𝐶𝑂𝑂2 (𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠)

As the depleted flue gas flow measurement was not reliable, it was assumed that the oxygen and nitrogen entering
the absorber with the flue gas leaves in the depleted flue gas. The saturated water content of the depleted flue gas was
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calculated using its temperature and pressure. The CO2 flow out of the absorber was calculated using the concentration
of CO2 in the depleted flue gas and the calculated mass flowrate. These are essentially the same assumptions as those
used for Method 4, which is independent of flowrate and uses a concentration-only approach. Subsequently, Method
3 and Method 4 calculations result in identical CO2 capture rates.
The CO2 recovery was then estimated using the calculated flow of depleted flue gas. The calculated CO 2 capture
efficiency and recovery are presented in Table 4. For all test periods, the calculated CO2 captures were quite steady
near the 90% capture target and the CO2 recovery was consistently in the range of 101–104%. Test C5-13 was targeted
at the lower 85% capture rate.
Table 4. CO2 capture results
S = Supply flue gas
D= Depleted gas
P= Product CO2

Method 1

P
S

Method 2

Method 3

Method 4

(

CO2 Recovery
ii

P
O i CO 2 1 − I CO2
S−D
= 1−
=
(1 − OCO2 ) (ICO2 )
P+D
S
C5-1
92.9%
89.9%
89.6%
89.6%
C5-2
92.6%
89.6%
89.3%
89.3%
C5-3
92.6%
89.6%
89.2%
89.2%
C5-4
93.0%
90.4%
90.2%
90.2%
C5-5
93.0%
90.5%
90.2%
90.2%
C5-6
93.5%
90.9%
90.6%
90.6%
C5-7
93.5%
91.2%
91.0%
91.0%
C5-8
93.6%
91.6%
91.4%
91.4%
C5-9
93.8%
92.2%
92.1%
92.1%
C5-10
93.3%
91.9%
91.8%
91.8%
C5-11
93.2%
92.3%
92.2%
92.2%
C5-12
93.0%
91.9%
91.8%
91.8%
C5-13
88.7%
86.9%
86.7%
86.7%
i
OCO2=Depleted flue gas CO2 content, dry basis, ii ICO2=Flue gas supply CO2 content, dry basis

=

Test Period

=

)

=

D+P
S

103.7%
103.8%
103.8%
103.2%
103.1%
103.2%
102.7%
102.4%
101.9%
101.6%
101.0%
101.4%
102.3%

The uncertainty calculations and results from calculation Methods 1–3 are shown in Table 5. The following
assumptions were used:
•

Flow metering uncertainties were calculated by TCM DA for the indicated flow meters based on the
specification of the instrument [3].

•

Concentration uncertainties for the flue gas flows are those detailed in Table 2.

•

Concentration uncertainty for the product CO2 is assumed to be 1% to allow for CO2 content as low as 99%.

•

CO2 capture of 90% is representative of that measured during all test periods.

•

The uncertainty in CO2 capture (ECO2) is almost entirely due to uncertainty in CO2 content of the RFCC flue
gas supply for the assigned total (low) flow uncertainties. The CO2 capture uncertainty is relatively insensitive
to uncertainties in the CO2 contents of both the product CO2 and depleted flue gases.
Table 5. Uncertainty in CO2 capture calculations (nominal CO2 capture efficiency shown as ECO2 = 85%)

CO2 capture
calculation
method
1
2
3

Stream
Product
Supply
Product
Depleted
Supply
Depleted

Uncertainty in:
Total flow

CO2 content

CO2 flow

1.1%
1.3%
1.1%
1.3%
1.3%
1.3%

1%
5%
1%
5%
5%
5%

UCO2P=1.5%
UCO2S=5.1%
UCO2P=1.5%
UCO2D=5.2%
UCO2S=5.2%
UCO2D=5.2%

CO2 capture

CO2 capture
uncertainty Equation

5.4%

(U CO2S )2 + (U CO2 P )2

0.8%
1.3%

(1 − ECO2 ) (U CO2 D )2 + (U CO2 P )2

(1 − ECO2 ) (U
2
2
CO2 S ) + (U CO2 D )
ECO2
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6.2. Thermal energy consumption
The reboiler thermal duty was calculated as the difference between steam enthalpy at the reboiler inlet
temperature and pressure and the saturation enthalpy of water at the reboiler condensate temperature. The specific
thermal use (STU) was obtained by dividing the reboiler duty by the product CO2 flow. The CO2 product flow was
either based on the measured CO2 product flow (P) or on the difference between the NDIR-measured CO2 supply
flow and the estimated CO2 depleted flow (S – D). The two corresponding values for STU are shown in Table 6.
The results for STU were very consistent during all test periods. The product flow measurements (P) were
consistently higher than the using the gas-side difference method (S – D) method, resulting in lower STU values.
Table 6. Stripper reboiler thermal energy consumption
Test period

Reboiler steam
flow rate
kg/hr

Reboiler duty
MJ/hr

Using the product CO2 flow (P)i
Product CO2
Specific Thermal
Flow kg/hr
Use GJ/t CO2

C5-1
12,343
28,173
8142
3.46
C5-2
12,459
28,343
8138
3.48
C5-3
12,436
28,315
8159
3.47
C5-4
12,463
28,376
8072
3.52
C5-5
12,457
28,380
8070
3.52
C5-6
12,369
28,365
8085
3.51
C5-7
12,630
28,678
8078
3.55
C5-8
12,585
28,592
8088
3.54
C5-9
12,641
28,771
8133
3.54
C5-10
12,571
28,593
8093
3.53
C5-11
12,583
28,636
8069
3.55
C5-12
12,397
28,427
8093
3.51
C5-13
11,592
26,529
7724
3.43
i The wet CO2 flow is obtained by using the FTIR measured moisture content of the product CO2

Using CO2 removed (S – D)
Product CO2
Specific Thermal
Flow kg/hr
Use GJ/t CO2
7849
7843
7863
7824
7827
7835
7865
7902
7984
7962
7988
7984
7548

3.59
3.61
3.60
3.63
3.63
3.62
3.65
3.62
3.60
3.59
3.58
3.56
3.51

Prior testing with CHP flue gas at approximately an 80 tonnes per day load yielded a regeneration energy range
of 3.61–3.66 GJ/tonne-CO2 using the product CO2 flow (P) and 3.58–3.60 GJ/tonne-CO2 using the gas-side
difference method (S – D) [2]. The RFCC tests achieved circa 190 tonnes per day load and delivered an average
regeneration energy of 3.51 GJ/tonne-CO2 using product flow (P) and 3.60 GJ/tonne-CO2 using gas-side difference
method (S – D). This represents a 2% reduction in regeneration energy, likely due to the higher inlet CO2 levels.
6.3. Gas-phase contaminants
Formaldehyde, acetaldehyde, and acetone concentrations were determined by extractive sampling of the depleted
flue gas at the absorber outlet during the RFCC test periods as shown in Table 7. The formaldehyde levels are lower
than the previous MEA baseline testing values of 720 μg/Sm 3 and 40 g/hr, which were done by an independent,
contractor (FORCE Technology) using brought-in instruments. The acetaldehyde levels are considerably lower than
the 2015 MEA test samples of 16 mg/Sm3 and 840 g/h emission levels measured by FORCE Technology. However,
acetone levels measured were sufficiently low to be at or below the detection limit of the analysis performed by
SINTEF, a similar result to the previous MEA test [2].
Table 7. Depleted gas phase aldehyde concentrations
Test period
C5-4
C5-5
C5-6

ppmvd
0.03
0.03
0.07

Formaldehyde
µg/Sm3
43.2
44.5
89.1

g/h

ppmvd

1.19
1.23
2.46

0.88
0.82
0.86

Acetaldehyde
mg/Sm3
1.73
1.61
1.69

g/h

47.8
44.4
46.6

For the CO2 product, shown in Table 8, the formaldehyde levels detected are lower than the manually sampled
measurements during the 2015 CHP baseline campaign of 140 μg/Sm3 and the acetaldehyde levels are considerably
lower than the previous level of 150 mg/Sm3. The 2015 MEA baseline measurements were closer to the levels
measured in 2014, where formaldehyde was detected at 190 μg/Sm 3. Although acetone was detected in the CO2
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product, these measurements were at or below the detection limit, whereas in the previous MEA baseline all
measurements taken were below the detection limit.
Table 8. Product gas aldehyde concentrations
Test period

ppmvd

Formaldehyde
µg/Sm3

C5-10
0.06
83.3
C5-11
0.04
52.5
C5-12
0.039*
51.9
* some DNPH cartridges measured below detection limit

g/h

ppmvd

0.34
0.22
0.21

2.90
3.33
3.29

Acetaldehyde
mg/Sm3
5.70
6.55
6.46

g/h

23.5
26.9
26.6

TCM DA measured concentrations of MEA and ammonia at the absorber outlet during the RFCC test periods
C5-1 to C5-6 and for C5-13 following a modification to the process operating conditions to a lower capture rate
target. The results of these manually extracted samples are shown in Table 9.
Table 9. Depleted flue gas stream ammonia and amine concentrations and mass rates as phase contaminants
Test period
C5-1
C5-2
C5-3
C5-4
C5-5
C5-6
C5-13

ppmvd
3.16
2.99
2.99
2.67
2.57
2.75
2.93

MEA
mg/Sm3
8.15
7.73
7.72
6.89
6.63
7.11
7.58

g/h

ppmvd

231
219
218
195
188
201
216

8.20
7.29
7.74
8.47
7.49
7.67
7.58

Ammonia
mg/Sm3
5.91
5.25
5.57
6.10
5.40
5.53
5.46

g/h

167
149
157
173
153
157
156

The levels detected here for MEA were consistent between samples and are far higher than observed by FORCE
Technology during the 2015 CHP gas testing (0.006 mg/Sm 3). Although the levels measured here are higher,
previous EPRI experience with coal-derived flue gases has observed comparable single-digit ppm levels of amine at
the depleted flue gas location when aerosol levels are low or zero, which TCM DA had achieved using the Brownian
demister filter upstream of the absorber. Ammonia levels are lower than the previous CHP tests results, measured at
13 mg/Sm3. However, it is unknown how degraded the solvent was during these tests in comparison with the
previous campaign. TCM DA measured concentrations of MEA and ammonia in the CO2 product gas during the
RFCC test periods C5-10 to C5-12. MEA was not detected, and levels of ammonia were substantially lower at 0.050.08mg/Sm3 than the prior CHP test results [2]. While extractive samples of SOx and NOx were not carried out
during this test campaign, the FTIR was used to track the relative levels of each component. The RFCC flue gas was
expected to have 20–60 ppm (vol, dry) of SO2 from previous tests, but this couldn’t be reliably verified during these
tests as the FTIR instrument did not deliver a reliable measurement. The outlet measurements were more consistent,
as shown in Table 10. The consistent <1 ppm vol measurement of SO2 suggests absorption by the MEA solvent.
Table 10. Depleted flue gas SO2 concentrations and mass rates
Test
period

ppmvd

SO2
mg/Sm3

C5-11

0.77

2.09

C5-1
C5-2
C5-3
C5-4
C5-5
C5-6
C5-7
C5-8
C5-9
C5-10
C5-12
C5-13

0.51
0.56
0.62
0.76
0.69
0.83
0.69
0.77
0.86
0.74

1.37
1.53
1.69
2.05
1.87
2.25
1.88
2.10
2.32
1.99

1.00
0.52

2.71
1.41

g/h

38.9
43.2
47.6
58.1
53.1
63.8
53.1
59.3
65.3
56.2

58.6
76.2
40.3
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The NOx quantities passing through the absorber were effectively unchanged, showing only the concentrating
effect of the CO2 removal from the flue gas, where more than 10% of the flue gas volume is removed. As the amine
plant operated continuously capturing 90% throughout the test period, the FTIR-measured NOx data show a
consistent increase in concentration at the outlet of the absorber as shown in Figure 9.

Figure 9. Absorber inlet and outlet NOx values

6.4. New baseline for solvent performance testing
Table 11 presents a portion of the MEA test data obtained at the TCM DA amine plant. Based on these data, a
new baseline was established for higher concentration flue gas CO2 capture.
Table 11. Results of RFCC baseline testing in 2018
Baseline year
Packing height (m)
Flue gas flow (Sm3/h)
Flue gas supply temperature (°C)
Flue gas supply pressure (bar)
Lean amine flow (kg/h)

2018
18
35 000
31.0
0.02
133 000

Lean loading
Rich loading
Stripper bottom temperature (°C)
CO2 capture (%)
SRD (MJ/kg CO2)

0.23
0.48
121.0
91
3.55

7. Conclusions
This baseline represents the performance of the TCM amine plant close to the plant nominal capacity using 5M
MEA solvent with higher CO2 concentration flue gas (13–14 vol%), typical of coal-based thermal plants. Alongside
the prior baseline work carried out in 2015 for flue gas with CO 2 concentrations from natural gas-fired CHP units
(3–4 vol%) [2], this new baseline will serve as the performance benchmark for other amines tested at the TCM DA
amine plant when using RFCC flue gas.
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Abstract
The United States Department of Energy’s Carbon Capture Simulation for Industry Impact (CCSI2) program has developed a
framework for sequential design of experiments (SDoE) that aims to maximize knowledge gained from budget- and schedulelimited pilot scale testing. SDoE was applied to the planning and execution of campaigns for testing CO2 capture systems at pilotscale in order to optimally allocate resources available for the testing. In this methodology, a stochastic process model is developed
by quantifying the parametric uncertainty in submodels of interest; for a solvent-based CO2 capture system, these may include
physical properties and equipment performance submodels (e.g., mass transfer, interfacial area). This uncertainty is propagated
through the full process model, over variable operating conditions, for estimating the resulting uncertainty in key model outputs
(e.g., percentage of CO2 capture, solvent regeneration energy requirement). In developing a data collection plan, the predicted
output uncertainty is incorporated into an algorithm that seeks simultaneously to select process operating conditions for which the
predicted uncertainty is relatively high and to ensure that the entire space of operation is well represented. This test plan is then
used to guide operation of the pilot plant at varying steady-state conditions, with resulting process data incorporated into the existing
model using Bayesian inference to refine parameter distributions. The updated stochastic model, with reduced parametric
uncertainty from data collected, is then used to guide additional data collection, thus the sequential nature of the experimental
design.
The SDoE process was implemented at the pilot test unit (12 MWe in scale) at Norway’s Technology Centre Mongstad (TCM) in
a summer 2018 test campaign with aqueous monoethanolamine (MEA). During the test campaign, the varied operating conditions
included the flowrates of circulated solvent, flue gas, and reboiler steam and the CO2 concentration in the flue gas. The process
data were used to update probability distributions of mass transfer and interfacial area parameters of a stochastic process model
developed by the CCSI2 team. Two iterations of the SDoE process were executed, resulting in the uncertainty in model predicted
CO2 capture percentage decreasing by an average of 58.0 ± 4.7% over the full input space of interest. This work demonstrates the
* Corresponding author. E-mail address: joshua.morgan@netl.doe.gov
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potential of the SDoE process for model refinement through reduction in process model parametric uncertainty, and ultimately risk
in scale-up, in CO2 capture technology performance.
Keywords: post-combustion carbon capture; pilot-scale testing; uncertainty quantification; design of experiments

1. Introduction
The United States Department of Energy’s Carbon Capture Simulation for Industry Impact (CCSI2) program is a
collaboration of national laboratories, universities, and industrial organizations that provides research and development
support for novel CO2 capture technologies with the objective of reducing risk and accelerating their
commercialization. These efforts involve continuing advancements in and applications of the open-source toolset1
developed as part of its predecessor project, the Carbon Capture Simulation Initiative (CCSI). The CCSI Toolset
includes a suite of computational tools and models with the overarching goal of accelerating the development,
deployment, and scale-up of CO2 capture technologies. The toolset includes a rigorous process model, implemented
in Aspen Plus®, of the aqueous monoethanolamine (MEA) solvent system, which is the industrial standard for solventbased CO2 capture. This model includes quantification of parametric uncertainty for solvent physical property models
such as viscosity, density, and surface tension [1], the thermodynamic framework [2], and packing-specific models
such as mass transfer, interfacial area, and hydraulics [3]. These submodels combine with a full process model that
was validated with process data from the 0.5 MWe pilot test unit at the National Carbon Capture Center (NCCC) in
2014 [4]. In 2017, an additional test campaign for the aqueous MEA system was held at NCCC, incorporating the
CCSI2 framework for SDoE. In this methodology, the existing process model is leveraged to inform collection of data
that are subsequently used to refine the model and modify the test plan accordingly [5,6]. Over two iterations of the
SDoE process, parametric distributions for process submodels were refined through experimental observations of
absorber CO2 capture percentage, resulting in an average uncertainty reduction of approximately 50% for the model
prediction of CO2 capture percentage throughout the input space of interest.
The CCSI aqueous MEA process model was scaled up to 12 MWe for consistency with the pilot test unit at
Norway’s Technology Centre Mongstad (TCM) and was used in the planning and execution of a test campaign at
TCM in summer 2018. TCM is one of the world’s largest facilities for testing carbon capture technologies, and
previous test results with the MEA solvent system have been reported in the open literature [7-12], including variation
in many process variables and both steady-state and dynamic operation. The pilot plant at TCM notably has two
sources of flue gas: combined cycle gas turbine (CCGT) based heat and power plant (CHP), with ~3.5 vol% CO2, and
residual fluidized catalytic cracker (RFCC) unit, with ~13-14 vol% CO2. The TCM plant also contains two stripper
columns, each designed for process operation with one of the flue gas sources. This work focused on collecting
additional data for the MEA process at TCM with variation in the flowrates of solvent, flue gas, and reboiler steam,
the concentration of CO2 in the flue gas, the packing height of the absorber, and the stripper configuration. During the
first three weeks of the test campaign, which are the primary focus of this paper, the SDoE framework was used to
guide the collection of process data using the existing MEA process model and multiple test objectives. The data were
used to update the model by refining the distributions of parameters in the mass transfer and interfacial area submodels,
ultimately resulting in a reduction of predicted uncertainty in the CO2 capture percentage from 10.5 ± 1.5% to 4.4 ±
0.4%, or an average reduction of 58.0 ± 4.7%, over the full input space of interest. In the final two weeks of the
campaign, data were collected for a modified process configuration in which the packing height of the absorber was
reduced to 18 meters, and eventually 12 meters, and the stripper configuration was modified so that a fraction (~20%)
of the rich solvent exiting the absorber bypasses the lean-rich heat exchanger and is heated in the water wash of the
stripper. This work, along with the previous test campaign at NCCC, demonstrates the potential of the SDoE
methodology for refining predictions of stochastic process models through strategic data collection. The reduction of
model uncertainty effectively reduces expected risk in process design and operation, thus improving confidence when
predicting process performance and conducting economic analyses.

1

Available at https://github.com/CCSI-Toolset/
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2. Methodology
2.1. SDoE Methodology
The SDoE process developed by CCSI2 uses a stochastic model, with parametric uncertainty quantified in the
submodels, to inform collection of process data in order to maximize the value of data obtained during a test campaign.
Moreover, it provides a framework for directly reducing uncertainty in model prediction of capture rates based on new
process knowledge gained from data collection. The SDoE process is represented schematically in Fig. 1.

Fig. 1. Schematic representation of SDoE methodology

As shown in Figure 1, a priori probability distributions of submodel parameters are propagated through a process
model, denoted as 𝑦𝑦(𝒙𝒙, 𝜽𝜽, 𝜽𝜽∗ ), where 𝒙𝒙 is a set of input variables that can be manipulated in plant operation and 𝜽𝜽 and
𝜽𝜽∗ are sets of model parameters. These sets differ in that 𝜽𝜽 contains parameters for which uncertainty is reduced over
the course of executing the SDoE methodology whereas 𝜽𝜽∗ has parameters with irreducible uncertainty based on the
type of data collected. For the example of a solvent-based CO2 capture system, 𝜽𝜽 includes process specific parameters
from submodels such as mass transfer or interfacial area that may be informed through collection of plant data (e.g.
CO2 capture percentage in the absorber column). Conversely, 𝜽𝜽∗ includes parameters from physical property
submodels, for which uncertainty is readily estimated through direct measurements of the corresponding properties
and cannot reasonably be informed from plant level data. If the process model y is sufficiently complex, it may be
necessary to replace it with a surrogate model, denoted as 𝑦𝑦̂(𝒙𝒙, 𝜽𝜽, 𝜽𝜽∗ ), developed and validated over the full input
space. For a given point in the input space, a confidence interval for the model prediction are computed by propagating
the uncertainty in the full set of parameters (𝜽𝜽𝑻𝑻 = [𝜽𝜽 𝜽𝜽∗ ]) through the surrogate model. The 95% confidence interval,
estimated by taking a sample of size M over the full parameter space (𝜽𝜽𝑻𝑻,(𝒋𝒋) , ∀ 𝑗𝑗 = 1, … 𝑀𝑀), is given as:
(1)
𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) = 𝐹𝐹0.975 ({𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝑻𝑻,(𝟏𝟏) ), . . . , 𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝑻𝑻,(𝑴𝑴) )}) − 𝐹𝐹0.025 ({𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝐓𝐓,(1) ), . . . , 𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝑻𝑻,(𝑴𝑴) )})

where {𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝑻𝑻,(𝟏𝟏) ), . . . , 𝑦𝑦̂(𝒙𝒙(𝒊𝒊) , 𝜽𝜽𝑻𝑻,(𝑴𝑴) )} is the set of values of an output variable calculated from propagating all of
the individual 𝜽𝜽𝑻𝑻,(𝒋𝒋) through the surrogate model and 𝐹𝐹𝑘𝑘 represents the kth percentile of this set. The values of 𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊)
for individual 𝒙𝒙(𝒊𝒊) are considered in the test selection method; the specific optimality criterion used in this work is Goptimality [13], which minimizes the maximum prediction variance. This aim targets experimental settings 𝒙𝒙(𝒊𝒊) for
which the predicted uncertainty (i.e., 𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ) is relatively large, so that the collection of data at these settings represents
high potential for uncertainty reduction. Moreover, the algorithm used in this work for test selection simultaneously
seeks to ensure that the full input space is well-represented in the test plan, balancing good representation of design
points throughout the region while making locations with large confidence interval widths more likely to be selected.
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The test plan is then implemented by running the plant accordingly, resulting in collection of experimental data
(denoted Z). The data are incorporated into a Bayesian inference framework, using the PSUADE 2 software package.
For model parameters of fixed uncertainty, a sample (𝜽𝜽∗,(𝒋𝒋) ; ∀ 𝑗𝑗 = 1, … , 𝑁𝑁) is drawn from their probability distribution
𝑃𝑃(𝜽𝜽∗ ). For each sample point 𝜽𝜽∗,(𝒋𝒋) , a posterior distribution for the remaining parameters (𝜽𝜽) is calculated:
(2)

𝜋𝜋𝑗𝑗 (𝜽𝜽|𝑍𝑍, 𝜽𝜽∗,(𝒋𝒋) ) ∝ 𝑃𝑃(𝜽𝜽)𝐿𝐿(𝑍𝑍|𝜽𝜽, 𝜽𝜽∗,(𝒋𝒋) )
∗,(𝒋𝒋)

and given in the form of a set of sample points. Here, 𝐿𝐿(𝑍𝑍|𝜽𝜽, 𝜽𝜽 ) represents the likelihood (some metric used to
express the distance between simulation predictions and experimental data) of observing a set of experimental data
(Z) conditioned on the values of the parameters, 𝑃𝑃(𝜽𝜽) the prior distribution of the parameters for which uncertainty is
updated, and 𝜋𝜋𝑗𝑗 (𝜽𝜽|𝑍𝑍, 𝜽𝜽∗,(𝒋𝒋) ) the posterior distribution of 𝜽𝜽 conditioned on the observed experimental data and the

value of 𝜽𝜽∗ for sample j. The overall posterior distribution 𝜋𝜋(𝜽𝜽|𝑍𝑍, 𝜽𝜽∗,(𝒋𝒋) ) is obtained through the process of

marginalization, combining all individual 𝜋𝜋𝑗𝑗 (𝜽𝜽|𝑍𝑍, 𝜽𝜽∗,(𝒋𝒋) ). The updated stochastic model, with refined estimates of
parameter uncertainties, is then used to re-calculate 𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) throughout the input space. For all subsequent iterations of

SDoE, the prior distribution 𝑃𝑃(𝜽𝜽) is replaced by the posterior distribution 𝜋𝜋𝑗𝑗 (𝜽𝜽|𝑍𝑍, 𝜽𝜽∗,(𝒋𝒋) ) from the previous iteration.

2.2. Overview of TCM Test Campaign

The TCM test campaign ran for five weeks in summer 2018, in five distinct test phases as outlined in Table 1.
Table 1. Phases of MEA test campaign at TCM
Phase No.

CO2 in Flue Gas
(vol%)
8
8 & 10

No. of Data Sets

Stripper Configuration

1
2

Absorber Packing
Height (m)
24
24

14
10

Simple
Simple

3

24

8 & 10

41

Simple

4

18

10

14

With Bypass

5

12

10

19

With Bypass

Description of SDoE
Criterion
Space-Filling Design
Selection of points with
optimal economic
performance
Sequential SDoE targeting
uncertainty reduction
Minimization of specific
reboiler duty (SRD)
Minimization of SRD

In the first three phases of the campaign, the absorber column was operated with all three packing beds (total height
of 24 meters). A conventional stripper configuration was used in which the full amount of rich solvent exiting the
absorber is heated in the lean-rich heat exchanger and sent to the top of the stripper column. Throughout the test
campaign, flue gas from the CCGT plant (3.5 vol% CO 2) was combined with recycle of the captured CO2, increasing
the flue gas concentration to 8 or 10 vol% CO2 as required by the test plan. Due to the increased CO2 concentration in
the flue gas, and the corresponding increase in the required solvent circulation rate for capturing CO 2, the larger
stripper intended for use with RFCC flue gas was used during this campaign in lieu of the smaller stripper intended
for CCGT flue gas. In Phases 4-5, the packing height of the absorber was reduced by changing the number of beds
and the stripper configuration was modified so that approximately 20% of the rich solvent exiting the absorber column
bypassed the lean-rich heat exchanger and was instead heated with hot vapor leaving the top of the stripper. This
portion of the test campaign, also guided with use of the process model, was focused on identifying the optimal solvent
circulation for minimizing the specific reboiler duty for the process. Other process variables were fixed for this portion
of the test campaign, including a flue gas flowrate of 50,000 sm 3/hr with 10 vol% CO2 and 85% CO2 capture. For the
purpose of brevity, the details of Phases 4-5 are not included in this paper.

Problem Solving Environment for Uncertainty Analysis and Design Exploration (https://computing.llnl.gov/projects/psuade-uncertaintyquantification)
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The first three phases differed in the choice of criteria used for developing the test plan. Phase 1 used a space-filling
design to ensure that the process model predicts key outputs such as CO 2 capture and specific reboiler duty with
reasonable accuracy. Phase 2 focused on collecting data in regions where the model predicts optimal economic
performance. Phase 3 focused on collecting data to target regions where the model predicts high uncertainty based on
the SDoE procedure in Section 2.1. For all three phases, a desired region of process operation was established based
on ranges of operation for flue gas flowrate (𝐺𝐺), CO2 capture percentage (𝐶𝐶𝐶𝐶𝐶𝐶), CO2 loading in the lean solvent
entering the absorber column (𝛼𝛼𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 ), and the volume fraction of CO2 in the flue gas (𝑦𝑦𝐶𝐶𝐶𝐶2 ), with ranges:
(3a)
𝐺𝐺 ∈ [36,000 − 75,000] 𝑘𝑘𝑘𝑘/ℎ𝑟𝑟
(3b)
𝐶𝐶𝐶𝐶𝐶𝐶 ∈ [80 − 95] %
(3c)
𝛼𝛼𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 ∈ [0.10 − 0.25] 𝑚𝑚𝑚𝑚𝑚𝑚 𝐶𝐶𝐶𝐶2 /𝑚𝑚𝑚𝑚𝑚𝑚 𝑀𝑀𝑀𝑀𝑀𝑀
(3d)
𝑦𝑦𝐶𝐶𝐶𝐶2 ∈ {0.08,0.10}
The first three variables are treated as continuous whereas the CO 2 fraction in the flue gas is treated as a categorical
variable with two process operation levels. For each value of CO2 fraction, a test set consisting of candidate
experiments with a unique combination of variables {𝐺𝐺, 𝐶𝐶𝐶𝐶𝐶𝐶, 𝛼𝛼𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 } is generated by sampling independently from
uniform distributions for each variable with upper and lower limits based on the ranges given in Eq. 3. An Aspen Plus
simulation is run for each point in the candidate set to estimate the corresponding values of lean (𝐿𝐿𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 ) and rich (𝐿𝐿𝑟𝑟𝑟𝑟𝑟𝑟ℎ )
solvent flowrate, steam flowrate (𝑆𝑆) and mass of CO2 captured (𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶 ). To be included in the final candidate set, a
point must satisfy the following conditions based on operational limits for the TCM plant:
(4a)
𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶 < 8,000 𝑘𝑘𝑘𝑘/ℎ𝑟𝑟
(4b)
𝑆𝑆 < 14,000 𝑘𝑘𝑘𝑘/ℎ𝑟𝑟

Separate candidate sets (for 𝑦𝑦𝐶𝐶𝐶𝐶2 = 0.08 and 𝑦𝑦𝐶𝐶𝐶𝐶2 = 0.10) were developed using a space-filling approach based on
the input vector 𝒙𝒙 = [𝐺𝐺 𝑆𝑆 𝛼𝛼𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 ]. These candidate sets were used in Phases 1 and 3, although Phase 1 used a spacefilling design on the model input space while Phase 3 incorporated the predicted uncertainty in the model output, using
the methodology described in Section 2.1. Moreover, only the candidate set for 8 vol% CO2 in flue gas was
implemented during Phase 1 of the test campaign due to time considerations.
Phase 2, however, was designed based on an optimization problem of the form:
𝐴𝐴
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 ( , 𝑖𝑖, 𝑛𝑛) + 𝑂𝑂𝑂𝑂𝑂𝑂𝑂𝑂
𝑃𝑃
min 𝑓𝑓(𝒙𝒙) =

𝒙𝒙
𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶



𝐴𝐴
𝑖𝑖(1 + 𝑖𝑖)𝑛𝑛
( , 𝑖𝑖, 𝑛𝑛) =
𝑃𝑃
(1 + 𝑖𝑖)𝑛𝑛 − 1

(5a)

(5b)

𝐿𝐿𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙
𝒙𝒙 = [ 𝐺𝐺 ]
𝛼𝛼𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙

subject to:
𝒙𝒙 ≤ 𝒙𝒙 ≤ 𝒙𝒙𝑼𝑼
𝑳𝑳

(5c)

(5d)

ℎ(𝒙𝒙) = 0
(5e)
𝑔𝑔(𝒙𝒙) ≤ 0
(5f)
The objective function is the ratio of the equivalent annual operating cost (EAOC) associated with the CO2 capture to
𝐴𝐴
the mass of CO2 captured. The EAOC is the sum of the capital cost (CAPEX) multiplied by an annuity factor ( , 𝑖𝑖, 𝑛𝑛)

and the operating cost (OPEX). Within the annuity factor,

𝐴𝐴
𝑃𝑃

𝑃𝑃

is the ratio of annuity to present value, i is the interest

rate, and n is the number of years. The vector of decision variables is denoted as 𝒙𝒙 with lower and upper bounds 𝒙𝒙𝑳𝑳
and 𝒙𝒙𝑼𝑼 . The equality constraints denoted by ℎ(𝒙𝒙) includes heat and material balances, and the inequality constraints
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denoted by 𝑔𝑔(𝒙𝒙) includes the constraints for process operation listed in Eq. 4. The optimization was performed
separately for the cases with 8 and 10 vol% CO2 in flue gas. In addition the optimal points in the test plan, additional
test points near the optimal points were included. The space surrounding the optimal point can be represented by a
cube created by perturbing the input variable values by a chosen amount (10% for this study) from their estimated
optimal values. A design that permutes each factor away from this estimated optimum one at a time would require
seven test points, or six for the center of each face of the cube (if each factor is manipulated one at a time) and one for
the center (optimal) point. As shown in Fig. 2., the design size was reduced to five by considering a fractional factorial
structure, which also allows exploration of potential interactions between input factors around the optimum [14].

Fig. 2. Space-filling in region around optimal point for Phase 2 test plan

Since two levels of 𝑦𝑦𝐶𝐶𝐶𝐶2 were included in the analysis, the reduction of the overall number of points required for the
Phase 2 test plan from 14 to 10 was highly beneficial due to the limited amount of time available for the test campaign.
3. Results
3.1 Phase 1
In Phase 1, the test plan was developed using a minimax space-filling methodology [15] to provide an initial data set
that was well-representative of the process. For all testing in this phase, the CO2 concentration in the flue gas was
fixed at 8 vol%. The set of input variables included in the test matrix differs from that used for space-filling design in
that the input variables for the space-filling design were chosen for modeling convenience whereas the input variables
in the test matrix were those directly manipulated in the plant operation. In developing the test matrix, the Aspen
simulation was used to estimate the rich solvent flowrate and the flue gas flowrate was converted from mass to
volumetric units. The test matrix, which was organized in terms of increasing flue gas flowrate for ease of process
operation, for Phase 1 is given in Table 2.
Table 2. Test matrix for Phase 1 design of MEA test campaign at TCM
Test
1A
1B
1C
1D
1E
1F
1G
1H

Rich Solvent Flowrate
(kg/hr)
55,300
54,200
92,100
81,400
81,300
120,800
88,900
90,300

Flue Gas Flowrate
(Sm3/hr)
31,800
36,000
37,300
43,800
45,900
53,700
56,500
57,100

Steam Flowrate
(kg/hr)
5,500
7,200
7,400
7,700
8,900
10,700
12,100
9,800

CO2 Capture Percent
Estimate
86.1
88.0
92.5
84.9
93.4
92.2
90.4
82.7

When obtaining data for test cases 1A-1B, it was noted that the CO2 capture percentage was substantially lower than
the model predictions. This discrepancy was attributed to solvent maldistribution, or uneven flow through the
packing, in the RFCC stripper column, resulting in inefficient performance of the column. This stripper was
designed to operate at a solvent flowrate of approximately 200,000 kg/hr, or almost four times higher than the
solvent flowrate in cases 1A-1B. Therefore, the lean solvent loading for these test runs was substantially higher than
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that predicted by the model, and the CO2 capture percentage lower. This issue was addressed by dividing each
subsequent test run into two intervals with distinct operating goals, so that two data sets were collected for test runs
1C-1H. First, the test was executed with the value of steam flowrate specified in the original test matrix. Upon
achieving the steady-state, the steam flowrate was manipulated to match the estimated value of CO 2 capture. Parity
plots for the model prediction of CO2 capture percentage in the absorber and steam requirement in the stripper are
given in Figure 3.

Figure 3. Parity plots for (A) CO2 capture percentage and (B) steam flowrate required for test runs performed in Phase 1. Dashed lines represent
±10% error.

The original deterministic model, or the model in which all parameters are fixed as point values, predicts the CO2
capture with a range of ±10% error for all test runs. The average error for CO2 capture percentage is -2.51 ± 2.29%,
with the negative error indicating that the model generally underpredicts the data. The model predicts stripper steam
requirement with an average error of -10.83 ± 10.82%, although the error is notably higher for cases in which the
solvent flowrate is below 90,000 kg/hr (average error of -16.43 ± 8.49%) than when it is higher than 90,000 kg/hr
(average error of -3.67 ± 9.29%). This discrepancy is likely due to liquid maldistribution in the stripper column, as
discussed previously. The results obtained in the first phase of the test campaign demonstrated that the initial process
model was sufficiently accurate to proceed with the sequential experimental design in subsequent stages.
3.3 Phases 2-3
During the test campaign, data for Phases 2-3 were collected simultaneously and used to update the model parameter
distributions through Bayesian inference. The majority of the data for Phase 2 were actually collected after those for
Phase 3 due to scheduling convenience. The optimization problem described in Eq. 5 was implemented separately for
the 8 and 10 vol% CO2 cases, and used to develop the test matrix given in Table 3.
Table 3. Test matrix for Phase 2 design of MEA test campaign at TCM
Test
2A
2B
2C
2D
2E
2F
2G
2H
2I

Rich Solvent Flowrate
(kg/hr)
107,800
107,100
107,100
97,400
87,700
87,700
97,000
97,000
118,600

Flue Gas Flowrate
(Sm3/hr)
40,800
44,100
44,100
49,000
53,900
53,900
44,900
44,900
36,700

Steam Flowrate
(kg/hr)
10,700
10,300
12,500
11,400
10,300
12,500
11,800
9,600
9,600

CO2 in Flue Gas (vol%)
10
8
8
8
8
8
10
10
10

In Table 3, the optimal points determined from solving separate optimization problems (Eq. 5) for the 𝑦𝑦𝐶𝐶𝐶𝐶2 = 0.08
(2A) and 𝑦𝑦𝐶𝐶𝐶𝐶2 = 0.10 (2D) cases are highlighted, and additional test points were selected by perturbing the variables
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by ± 10% from the optimal values. Parity plots for the model prediction of CO2 capture percentage in the absorber
and steam requirement in the stripper are given in Fig. 4.

Fig. 4. Parity plots for (A) CO2 capture percentage and (B) steam flowrate required for test runs performed in Phase 2. Dashed lines represent
±10% error.

As shown in Figure 4, the accuracy of the model for the data collected in Phase 2 is comparable to that in Phase 1.
The average percent error for the CO2 capture prediction and steam requirement prediction is -2.40 ± 3.27% and -5.28
± 8.00%, respectively. The percentage error for the steam requirement prediction is substantially lower for the data
collected in Phase 2 than in Phase 1 due to the absence of test runs with very low (< 85,000 kg/hr) solvent flowrate.
Therefore, the model was shown to be sufficiently accurate for the region of the input space likely to be economically
optimal.
Phase 3 of the test campaign was focused on data collection in regions where the stochastic model predicts relatively
high uncertainty for the absorber CO2 capture percentage. These data, along with those collected in Phase 2, were
used to update the mass transfer and interfacial area model parameter distributions. The test matrix for Phase 3 is
shown in Table 4.
Table 4. Test matrix for Phase 3 design of MEA test campaign at TCM (First Iteration)
Test
3A
3B
3C
3D
3E
3F
3G
3H
3I
3J
3K

Rich Solvent
Flowrate (kg/hr)
133,900
115,400
111,900
120,200
119,500
81,500
57,500
39,300
48,300
85,600
103,100

Flue Gas Flowrate
(Sm3/hr)
62,600
62,300
59,100
56,100
55,000
51,100
42,500
30,800
30,400
33,800
43,000

Steam Flowrate
(kg/hr)
11,600
10,700
11,100
10,100
9,900
10,300
8,700
6,600
8,200
7,500
9,200

CO2 in Flue Gas
(vol%)
8
8
8
8
8
8
8
8
10
10
10

CO2 Capture Percent
Estimate
85.9
81.3
89.3
84.1
83.6
90.1
81.8
80.0
80.0
85.5
82.2

The data collected in Table 4, along with case 2A from Table 3 were used in the Bayesian inference procedure based
on Eq. 2. In this work, the parameters contained in 𝜽𝜽 included the leading coefficients for the interfacial area and mass
transfer submodels developed in previous work [3], and the parameters contained in 𝜽𝜽∗ included the thermodynamic
model parameters for which distributions were estimated in previous work [2]. Upon obtaining the updated parameter
distributions, the refined stochastic model was used to develop a new test matrix, shown in Table 5.
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Table 5. Test matrix for Phase 3 design of MEA test campaign at TCM (Second Iteration)
Test
3L
3M
3N
3O
3P
3Q
3R
3S
3T
3U
3V

Rich Solvent
Flowrate (kg/hr)
96,100
94,000
119,500
150,300
130,200
99,900
80,800
127,500
121,200
98,200
125,500

Flue Gas Flowrate
(Sm3/hr)
41,300
43,500
46,500
48,200
58,400
53,400
51,600
50,800
49,300
47,800
47,000

Steam Flowrate
(kg/hr)
9,900
11,000
10,900
11,500
10,500
10,500
12,900
10,000
9,200
8,400
9,900

CO2 in Flue Gas
(vol%)
10
10
10
10
8
8
8
8
8
8
8

CO2 Capture Percent
Estimate
89.4
88.8
86.4
85.2
81.9
90.8
88.3
88.7
85.2
81.6
94.2

The data collected from the test plan given in Table 5, along with cases 2B-2I in Table 3, were used in a second
iteration of the SDoE procedure to update the parameter distributions again. Parity plots for the model prediction of
CO2 capture percentage in the absorber and steam requirement in the stripper for all data collected in both iterations
of Phase 3 are given in Figure 5.

Figure 5. Parity plots for (A) CO2 capture percentage and (B) steam flowrate required for test runs performed in Phase 3. Dashed lines represent
±10% error.

The average percentage error values for the model predictions of the data collected in Phase 3 are -2.91 ± 5.27% for
CO2 capture percentage and -8.53 ± 17.20% for the steam flowrate. As with the data collected in Phase 1, there is
greater discrepancy in the stripper model for cases in which solvent flowrate is low; the average percentage error in
the steam requirement is -31.05 ± 17.81% for cases in which the solvent flowrate is below 90,000 kg/hr and -0.27 ±
6.04% when it exceeds 90,000 kg/hr. As previously suggested, the underprediction in steam flowrate is likely due to
operation inefficiency of the RFCC stripper caused by solvent maldistribution, as the process is operated at much
lower solvent flowrate than the stripper design condition.
The probability density functions of the mass transfer and interfacial area parameters, including the prior and
posterior distributions obtained after each SDoE iteration, are given in Fig. 6.
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Figure 6. Comparison of prior and posterior distributions of interfacial area and mass transfer model parameters

Uniform prior distributions were initially chosen for the two parameters. The parameter space of plausible values was
significantly reduced after incorporating the experimental data from the first iteration of SDoE into the stochastic
model through Bayesian inference, with less reduction in the second round of SDoE. The effect of SDoE on model
uncertainty reduction is more apparent when considering the model output, namely the CO2 capture percent in the
absorber. The effect of the first iteration of SDoE on reducing model prediction of uncertainty in CO2 capture
percentage is shown in Fig. 7.

Figure 7. Effect of first round of Bayesian inference on CO2 capture prediction confidence interval for individual points in candidate set

For the stochastic model prediction using the uniform prior distributions, the average confidence interval width for
the CO2 capture percentage was approximately 10.5% (denoted in Figure 7 by solid line) with standard deviation 1.5%
(denoted by dashed lines). For the stochastic model prediction with the posterior distribution obtained after the first
iteration of SDoE, the average confidence interval width was approximately 4.4% with standard deviation 0.4%. No
further significant reduction in the predicted uncertainty in CO2 capture percentage was demonstrated in the second
round of SDoE. In Figure 7, the candidate set number refers to an index representing a unique combination of input
variables (liquid and gas flowrates, CO 2 loading, and CO2 fraction in flue gas). The percentage of reduction in
uncertainty for a given point (𝒙𝒙(𝒊𝒊) ) in the candidate set is calculated as:
[𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ]𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 − [𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ]𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓
(6)
𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃 𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅 = 100% ×
[𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ]𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖
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where [𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ]𝑖𝑖𝑖𝑖𝑖𝑖𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 and [𝐶𝐶𝐶𝐶|𝒙𝒙(𝒊𝒊) ]𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 represent the 95% confidence intervals in the model prediction of CO 2 capture
percentage before and after updating the parameter distributions through Bayesian inference, respectively. For the
entire candidate set, the average percent reduction in the uncertainty is 58.0 ± 4.7%, which is comparable to the
reduction in the previous SDoE-based test campaign executed at NCCC [5,6]. As the ability of the SDoE methodology
to reduce parametric uncertainty in a process model for an aqueous MEA system has been demonstrated in multiple
campaigns, it may be considered a promising technique for designing future test campaigns to effectively increase
fundamental understanding of novel CO2 capture systems.
4. Conclusions and Future Work
In summary, a sequential design of experiments methodology was implemented for executing a test campaign for
aqueous MEA at TCM, guiding collection of process data to refine the parameter distributions in the stochastic process
model. This resulted in an average reduction of around 58% in the uncertainty in the prediction of CO2 capture
percentage. The deterministic model, or the model without parameter uncertainty, also predicted the plant performance
accurately, with an average error in percentage of CO 2 capture of -2.74 ± 4.47% for the first three phases and an
average error of -8.52 ± 14.85% for the reboiler steam requirement. An exception to the accurate performance of the
model is for data collected under impractical operating conditions (low solvent circulation rate, in which solvent
maldistribution in the stripper column was noted). For data collected when the system was operated with rich solvent
flowrate below 90,000 kg/hr, the percent error in the reboiler steam prediction was -23.92 ± 15.70%. However, the
percentage error in the steam prediction is -1.17 ± 6.65% for data collected when the rich solvent flowrate was above
90,000 kg/hr. The insights gained during the execution of SDoE guided the development of a new SDoE module with
capability for straightforward implementation of the aims used in this experiment [16] that has been implemented in
the Framework for Optimization, Quantification of Uncertainty, and Surrogates (FOQUS). This is available as part of
the aforementioned CCSI Toolset and will enable the SDoE process to be implemented in a more streamlined manner
in future applications. In planned future work, the CCSI2 team will apply the SDoE methodology to novel CO2 capture
technologies with the primary goal of refining initial process models by reducing their uncertainty, and thus the
inherent risk associated with preliminary models of new processes, through guided data collection.
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Abstract
A campaign was carried out by Technology Center Mongstad (TCM) and its owners in the amine capture plant to study various
cost saving operating options relevant for combined cycle gas turbine plants. The owners chose MEA as solvent for this test because
it is a well-studied solvent system with no commercial constraints regarding sharing of data. Learnings obtained from MEA studies
are also expected to be of relevance for other solvent systems.
During this campaign the main focus was on thermal energy optimization at different flue gas flow rates through the absorber
column and MEA emissions, with target for reduced CAPEX and OPEX. During the campaign, new options such as a rich solvent
bypass to stripper overhead and higher concentration of MEA (up to 38wt%) were tested. Tests were carried out to identify plant
configurations and process parameters with the potential for CAPEX and OPEX reduction in a post-combustion carbon capture
plant. Significant cost of CO2 avoided reductions were achieved compared to the previous TCM campaigns for MEA.
Keywords: CO2 Absorption; Cost Reduction; MEA

1. Introduction
TCM is located next to the Equinor refinery in Mongstad (outside Bergen, Norway) which is the source of the two
types of flue gases supplied to TCM. These sources are the combined cycle gas turbine (CCGT) based heat and power
plant (CHP) and residual fluid catalytic cracker (RFCC). The owners of TCM started their third monoethanolamine
(MEA) test campaign (MEA-3) in June 2017 and continued with MEA-4 and MEA-5 that lasted until October 2018.
MEA-3, MEA-4 and MEA-5 have been the most significant collaboration campaigns that TCM has conducted since
its inauguration in 2012. The large number of industrial, research and academic participants involved in these
campaigns have enriched the projects and ensured that the results will serve a broad range of audiences.
A sub-campaign on cost reduction during MEA-5 was carried out by TCM owners in this capture plant to study
various cost saving options. MEA was chosen as solvent for this test because it is a well-studied solvent system with
* Corresponding author. Tel: +47 948 45 691, E-mail address: eirik.silva@total.com
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no commercial constraints regarding sharing of data. This work follows previous work carried out on the same subject
at TCM [1].
2. Test Campaign and Results
The TCM amine plant is shown in Figure 1. The plant has been in operation since 2012 carrying out tests on a
number of proprietary and non-proprietary solvent systems. A recent modification to the plant is the addition of a rich
solvent partial-bypass upstream of the lean-rich amine heat exchanger to the stripper top. This is intended to improve
the energy performance of the plant. A noteworthy feature of the plant is that there are three different feed locations
for the lean solvent to the absorber. This allows for testing at different packing height for CO2 absorption (12m, 18m,
and 24m), as shown in yellow in the Figure. Another important feature is that the plant has two strippers with dedicated
reboilers, the Combined Heat and Power (CHP) stripper suited for stripping of lower amounts of CO2 and the Residual
Fluidized Catalytic Cracker (RFCC) stripper suited for larger volumes of CO2. Only CHP flue gas was utilized in the
present campaign.
The purpose of the present campaign has been to explore different modes of operation with cost reduction potential.
Such as higher flue gas throughput, lower packing height, more concentrated solvent and higher capture rate. Simple
configurations such as operating with only one water wash section and higher flue gas inlet temperatures were also
investigated. Table 1 summarizes the phases A to F of the test campaign.

Fig. 1. A process flow diagram of the TCM Amine plant. The diagram illustrates the two different flue gas configurations (CHP and RFCC) as
well as the available strippers. The CHP flue gas can be further enriched with CO2 from a CO2 recycle line, and the RFCC flue gas can be diluted
with air to reach a target CO2 concentration.
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Table 1. Phases of the campaign.
Condition

Phase A

Phase B

Phase C

Phase D

Phase E

Phase F

Flue gas flow [Sm3/h]

40-47,000

50,000

50,000

67,000

67,000

59,000

Absorber packing height [m]

18

18

18

24

24

18

Stripper

CHP

CHP

CHP

RFCC

RFCC

RFCC

CO2 capture rate [%]

85 - 96

90 - 91

89 - 93

95 - 99

98 - 99

90-91

Optimal SRD [GJ/ton CO2]2

3.8 (85)

3.6 (91)

3.6 (91)

3.7 (97)

4.0 (98)

3.7 (91)

MEA [wt%]

32

37

34 - 37

35 -36

35 -37

36 -38

CO2 conc, wet [vol %]

3.6 - 4.2

4.0 – 4.2

3.8 – 4.2

4.0 – 4.2

3.9 – 4.2

4.1 – 4.2

Absorber water wash stages

2

1

1

1/2

1

1

L/G [kg/Sm3]4

0.97 - 1.14

0.92 - 1.54

1.13 – 1.74

0.95 – 1.88

1.10 – 1,54

1.12 – 1.47

Flue gas temp [°C]

30

30

45

30

45

30

Rich solvent bypass [%]

0

20

20

20

20

20

Lean solvent temp [°C]

41.2

54.9

54.5

45.0

40.0

44.4

MEA emission [ppmv]

<1

<1

0.6

1.5

2.1

1.1

1

3

1: Capture rate is based on method 4 as described in the text. 2: SRD is Specific Reboiler Duty 3 as described in the text. Associated capture rate in
parenthesis. 3: Second water wash stage was partially operated to manage emissions. 4: L/G is the ratio of lean solvent flow to flue gas flow into
the absorber.

The rich solvent bypass was in operation during all phases of the campaign except phase A. Flue gas CO2
concentrations varied between 3.6 % and 4.2% during the campaign. The variations in CO2 concentration were
achieved by use of a recycle. Phase A was operated at 32 wt% MEA and was investigating effect of CO2 concentration
and flue gas flow.
Phase A was mainly intended to validate previous work and will not be discussed further. The rest of the cases were
operated at MEA concentration up to 38 wt% and with the target of having only the lower absorber water wash section
in operation.
Phase B and C were operated at 50,000 Sm3/h, 18-meter absorber packing, CHP stripper and with flue gas
temperature out the absorber of 30 and 45°C, respectively. Operating with higher flue gas temperature could offer
potential savings since this will enable the use of a smaller Direct Contact Cooler.
During Phase D and E this temperature variation was intended to be repeated at flue gas flow of 67,000 Sm3/h, 24meter absorber packing and RFCC stripper in operation. The flue gas flow of 67,000 Sm3/h rate is the highest
practically possible operating point at TCM and represents 113% of design capacity.
Finally, Phase F was operated at 18-meter absorber packing and 59,000 Sm3/h flue gas flow at 36-38wt% MEA.
The energy efficiency of the capture process is given by the Specific reboiler duty (SRD), this is defined as the heat
delivered to the reboiler from the steam system divided by the amount of captured CO2:

𝑆𝑆𝑆𝑆𝑆𝑆 =

∆𝐻𝐻𝑚𝑚𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

(1)

𝑚𝑚𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑐𝑐
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where 𝑚𝑚steam is the steam flow to the reboiler heat exchanger. ∆𝐻𝐻 is the enthalpy difference between steam and
condensate calculated from measured temperature and pressure, see also reboiler, steam and condensate in Figure 1.
Steam pressure is typical around 2.5 barg and up to 160 °C for the tests reported in this paper. CO2 capture rate is the
mass fraction of CO2 being captured out of the amount of CO2 flowing into the absorber. The amount of captured CO2
can be derived from the CO2 product flow out of the stripper or from difference in CO2 flow in and out of the absorber.
SRD and capture rate are presented utilizing both methods below, while the economical assessment is based on
difference in and out of the absorber such that the results can be compared to previous work [1]. This method is in the
present paper referred to as “SRD 3”. SRD based on the product flow out of the stripper is referred to as “SRD 1”.
The reported results are two-hour averages within a test slot that lasts more than 6 hours. Typically, one liquid solvent
sample is taken for each test point.
In the present paper we report CO2 capture rates based on two methods, Capture Method 1 and Capture Method 4.
Method 1 is based on the ratio between the stripper product flow and the absorber inlet flow, while Method 4 is based
on the mass balance over the absorber [2].
TCM is equipped with multiple flue gas analyzers and flow meters for each of the main three gas streams. Table 2
shows the ones selected for the current analysis. Water is calculated assuming saturated conditions based on pressure
and temperature. Flow out of the absorber is calculated from measured flow into the absorber assuming conservation
of all components in and out of the absorber except water and CO2. Finally, it is assumed that product gas out of the
stripper is only CO2 and water.
Table 2. Measurement of gas flows.

Unit
Absorber in

Absorber out

Product flow

Property
H2O
CO2
Flow
H2O
CO2
Flow
H2O
CO2
Flow

Method/Principle
Calculated from p and T
Infrared spectroscopy (IR)
Ultrasonic flow meter
Calculated from p and T
Infrared spectroscopy (IR)
Calculated from absorber in flow and composition
in and out of absorber
Calculated from p and T
Calculated as: 100 - H2O
Coriolis flow meter

In Figure 2 SRD and capture rate vs. L/G for phase B is shown. At TCM optimum SRD is obtained by varying the
lean flow rate (and thereby the L/G) and adjusting the reboiler duty at each solvent circulation point to maintain the
required/targeted capture rate. The optimum SRD achieved here was 3.6 GJ/ton CO2 (based on SRD 3).
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Fig. 2 SRD (left y-axis) and capture rate (right y-axis) for phase B as function of liquid to flue gas ratio (flue gas 50,000 Sm3/h).

One of the best cases demonstrated is “B3-rep” (at L/G of 1.13). The capture rate for this case is a bit above 90%,
with SRD of 3.6 GJ/tCO2 with 18m packing height, 37 wt% MEA, one water wash and MEA emissions below 1 ppm.
Flue gas flow is 50,000 Sm3/h and liquid to gas ratio (L/G) for “B3-rep” is about 1.13 kg solvent/Sm3 of flue gas. This
can result in significant reduction of CAPEX and OPEX, compared to the MEA baseline.
In Figure 3 SRD and capture vs. L/G for phase D is shown. During Phase D 97% CO2 capture at an SRD of 3.7
GJ/ton CO2 were achieved. This SRD is perhaps lower than that would have been expected for a very high capture
rate. The point at L/G of 1.38 has a high SRD, this is due to high levels of steam being utilized to achieve high capture
rates. With Method 4 the capture rate was 99%, with Method 1 it was slightly over a 100% (due to accuracy limitations
in calculation). Since the number is over 100% it is not visible in the plot.
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Fig. 3. SRD (left y-axis) and capture rate (right y-axis) for phase D as function of liquid to flue gas ratio (flue gas 67,000 Sm3/h).

Higher flue gas capacity tests at 67,000 Sm3/h resulted in high amine emission, which is partly due to mechanical
entrainment and partly due to only one water wash section being in operation. However high solvent entrainment can
be potentially reduced by improving the absorber design by installing a more efficient demister at appropriate location
in the absorber. Very high CO2 capture rate of almost 99% was demonstrated with SRD of 3.8 GJ/tCO2 with 24 m
absorption bed and 67,000 Sm3/h of flue gas capacity. The increase in SRD is about 6% when the capture rate increases
from 90% to 99%, however the comparison is not fair as the plant capacity and configuration is not similar in the two
cases.
During phase E higher flue gas capacity tests at 67,000 Sm3/h and flue gas temperature of 45°C resulted in a
relatively high SRD and most importantly higher MEA emission as expected.
SRD and capture results from Phase F are shown in Figure 4. Case F2 with 3.8 GJ/ton CO2 and 90% capture rate
was selected for further assessment in the next section.
Lean Solvent flow rate (kg/h)
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Fig. 4. SRD (left y-axis) and capture rate (right y-axis) for phase F as function of liquid to flue gas ratio (flue gas 59,000 Sm3/h).

In the present campaign the plant was mostly operated with 37 wt% MEA. There have been some relatively short
campaigns at TCM in the past where the plant has operated with a concentration slightly higher than 40 wt% MEA
[1]. From an energy performance perspective 40 wt% is expected to give better results. There is however a concern
that solvent degradation will be more severe for 40 wt% MEA. Degradation can besides being a problem in itself also
impact corrosion in the plant. 35 wt% MEA is what TCM is currently comfortable with operating, however long-term
continuous test with 37-38 wt% MEA needs to be conducted to better understand degradation, emission and energy
performance of the solvent.
Table 3 summarizes the selected cases for economical evaluation along with the reference case named MEA 3 (94) [1]. Stripper pressures were maintained at 0.9 barg for all cases. The MEA-3 and B3-rep were operated with CHP
stripper while F2 and D3-rep utilized the RFCC stripper. Liquid sample for case D3-rep is taken about 1 hour outside
the 2 hours being averaged, but still within the test period.
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Table 3. Selected cases for economical evaluation [1-3]
#

Abs.
pac
k
[m]

MEA1

L/G

Anti-foam

Stripper
bottom temp

Lean loading

SRD

CO2
Capture

[wt%]

Flue
gas ×
1000
[Sm3/h]

[kg/Sm3]

[-]

[°C]

[mol/mol]

[GJ/ton CO2]

[%]

MEA-1

24

~ 30

47

1.17

No

119.3

0.23

4.1

~ 85

MEA-2

24

31/30

59

1

Yes

121.0

0.21

3.6

86

MEA-3

18

43/40

51.0

0.98

No

121.7

0.25

3.6

86

F2

18

36/34

59.0

1.29

No

121.0

0.26

3.8

90

B3-rep

18

37/35

50.0

1.13

No

121.4

0.24

3.6

91

D3-rep

24

36/34

67.0

1.12

No

122.5

0.21

3.7

97

1: Number given first is on MEA-water basis, second number is on MEA-water-CO2 basis.

3. Economic Evaluation
The economic evaluations of power and capture plants in this paper is based on standard “Cost of Electricity”
(COE) and “Cost of CO2 avoided” metrics. These calculations are based on aligned and standardized estimates and
assumptions on technology process performance such as energy efficiency, CO2 generation and capture rates, see e.g.
[4]. Cost estimates include CAPEX, operations and maintenance (O&M) including fuel and a set of general price and
rate of return assumptions. For each case below, a complete sized capture plant equipment list is established. Aspen
In-Plant Cost Estimator (IPCE) V9 is used to estimate equipment cost. Equipment installation factors are then used to
estimate total installed costs. Aligned with known projects, including contingency, 30% added to the Aspen
Equipment cost and average installation factor of around 5.5. The OPEX can be split in annual cost (of CAPEX),
power loss, maintenance, chemicals and fixed operating costs. The gas fired power plant specific cost and performance
is based on GTPro simulation of a GE 9HA CCGT plant. 25% contingency is added to the estimated GTPro CCGT
CAPEX number. All calculations are furthermore carried out at:
• normalized, per unit (kWh) output from the base industrial (power) plant
• pretax, pre-financing basis
• annual cost basis, applying a capital charge factor corresponding to a standard discount factor and project time
horizon
Cost of CO2 avoided ($/ton CO2) is calculated according to Equation below and is based on cost of electricity
(COE) and CO2 emission per kWh (CO2 emission) for a power plant with capture (cap) and without CO2 capture (no
cap).

𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 𝑜𝑜𝑜𝑜 𝐶𝐶𝐶𝐶2 𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 =

𝐶𝐶𝐶𝐶𝐶𝐶𝑐𝑐𝑐𝑐𝑐𝑐 −𝐶𝐶𝐶𝐶𝐶𝐶𝑛𝑛𝑛𝑛 𝑐𝑐𝑐𝑐𝑐𝑐

𝐶𝐶𝐶𝐶2 𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑛𝑛𝑛𝑛 𝑐𝑐𝑐𝑐𝑐𝑐 −𝐶𝐶𝐶𝐶2 𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑐𝑐𝑐𝑐𝑐𝑐

(2)

The calculated cost of CO2 avoided implicitly accounts for the capture systems’ own energy demand and its
inherent CO2 emissions. The following economic assumptions are applied:
• Fuel gas price: 0.1875 US $/Sm3
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• On-stream hours: 7884 (90 %)
• Discount rate: 5 % real (pretax)
• Time horizon: 30 years
These were chosen to be consistent with a previous economical study [1].
This paper will only report percentage cost reduction and no absolute cost numbers. The main reasons are that the
absolute numbers are not useful for the purpose of this work and are partially confidential. In this work one consistent
method and one consistent set of assumptions are used for calculating the cost, which is important for a fair
comparison.
The experiments targeted lowest possible absorber packing height, lowest possible L/G and SRD while maximizing
the captured CO2 and capture rate. In Table 4 below the experimental data for the selected cases are scaled to a fullscale design at a fixed inlet CO2 flow of 150 tonnes CO2/h and measured capture rate case by case.
In order to compare on the same basis in the cost assessment, the CO2 inlet concentrations for all cases are adjusted
to 4.2 % (wet) since the tests was done with close to 4.2 % (wet) CO2 in the flue gas. Typically, an H class gas-turbine
will produce flue gas with at least 4.5% CO2 which will reduce the CO2 capture cost further. An increased CO2 content
will impact all the cases in this paper equally (see discussion in previous paper [1]).
The adjusted/scaled absorber packing height and the most important cost parameter, the packing volume, are
calculated from the experimental data for the cases selected in the test campaign. The scaled-up absorber volume is
based on packing height utilized for each TCM test case and a scaled up cross sectional area. The latter is calculated
based on TCM cross sectional area and the ratio of full-scale (150 tonnes CO2/h, corresponding to 700 MWlhv fuel
input) to TCM (case by case) CO2 inlet flow.
For all scaled up cases the cross-sectional areas are adjusted to fit with a superficial velocity of 2 m/s (at 0 °C, 1
atm). This will secure less differences in pressure drop between the cases and less impact on the flue gas fan duty in
a full-scale plant. This means that it is assumed that the CO2 capture rate depends mainly on the total packing volume
and less on the differences in flue gas velocity through the absorber.
Thus, packing height, see Table 4, is adjusted in order to maintain the scaled-up absorber packing volume. The
packing volume per captured CO2 will be equal for each TCM case and corresponding scaled up case. The data are
shown in Table 4 including lean solvent flow rate, specific packing volume, amount of captured CO2 and CO2 capture
rate.
Packing volume is a significant CAPEX element and the most cost-effective packing volume demonstrated in this
campaign was 34 m3/tonne CO2 capture per hour for the current test conditions. In Case B3-rep and D3-rep a
significantly larger stripper (RFCC) was used removing any limits in the stripper process. This had a positive effect
in allowing operating with a lower inlet lean loading at an increased solvent flow rate to the absorber (i.e. keeping an
optimal L/G) increasing the absorber CO2 capture capacity and significantly increasing the CO2 capture rate.
Table 4. Key cost parameters

Adjusted abs.
Pack [m]

Lean solvent
flow
[kg/kg CO2 in]

Spec. packing
volume [m3/t CO2, h]

Captured CO2
[t/h]

CO2 capture
[%]

MEA-11

~28

~16

~55

128

85

MEA-21

25.5

14.5

50

128

86

MEA-3

18.9

12.5

37

129

86

F2

16.6

17.5

37

135

90

B3-rep

19.5

14.5

36

136

91

D3-rep

19.6

15.5

34

146

97

1

1: Reference [1].
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The section above introduced the economic evaluation and cost of CO2 avoided. In Figure 5 the demonstrated cost
reduction for the selected three test cases are compared with the best result from the MEA-3, 2 and 1 campaign [1].
The previous assessment [1] has been revisited and the presented relative cost of CO2 avoided are updated based a
newer gas turbine (H class).
Case D3-rep demonstrates the largest cost reduction contribution, i.e. 4.8 % down relative to MEA-3 and close to
20% relative to MEA 1 The trend is a reduction in CO2 capture cost with increasing CO2 capture rate. Since more CO2
is being captured for a given flue gas stream the total cost (CAPEX) of CO2 handling will increase somewhat also
increasing cost of electricity. For case D3-rep this represents an increased cost of electricity with 3-4% compared to
the MEA-3 case. Due to the significantly higher amount of CO2 captured, the avoided CO2 cost will still be reduced
as shown in Figure 5 below. The cost estimation was done with two water wash stages for the case D3-rep. Results
from the campaign did suggest that one stage could have been sufficient, resulting in some additional savings.
Since the cost reduction potential of these measures is experimentally verified in one of the world’s largest
demonstration plants, the cost reduction should be highly accurate, and hence relevant for future post-combustion
plants.

Fig. 5. Demonstrated reduction in cost of CO2 avoided for the selected cases compared with the earlier MEA campaigns.

4. Conclusions
The results show encouraging cost reduction potential such as lower energy numbers for a more concentrated (35
wt%) MEA solvent and more cost-efficient design of the capture plant. Cost improvements of 4.8% were achieved
compared to the previous TCM benchmark (MEA 3) and close to 20% compared to the first campaigns. These results
can be viewed as a form of debottlenecking of the amine plant, optimizing its throughput. However, the impact of
working with a more concentrated solvent on corrosion, solvent degradation and emissions is something that must be
explored further.
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It is important to notice that these results are generated at one of the world’s largest capture demonstration units,
and that it is one of the first times such a structured campaign is executed. Similar testing can be carried out with
different amine-based solvents. Therefore, these results at TCM scale represent a very relevant basis for scale up and
industrial design of amine solvent capture technologies.
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Abstract

Technology Centre Mongstad (TCM) is a large and flexible demonstration site for post-combustion CO2 capture. It
is located next to the Equinor refinery at Mongstad (Norway) which is the source of the flue gases supplied to TCM.
It has been used for testing CO2 capture with MEA solvent and a compact design, providing a benchmark for
compact CO2 capture technologies.. The absorber was used with its lowest possible packing height of 12m, and only
one of two water washes was used (3m height). The plant was operated with a high flue gas flow rate (67,000 Sm3/h)
and 35 wt% MEA with a sensitivity down to 30 wt%. The CO 2 inlet concentration was 6% mimicking some
industrial exhausts, small turbines with exhaust gas recycle or modern turbines with high turbine inlet temperatures.
The tests demonstrated that such a low absorber can capture more than 80% of the CO 2 with only a slightly higher
steam demand than conventional applications with higher packing heights of 18-24m. The low absorber gave 3.9
MJ/kg CO2 for the specific reboiler duty, while previous tests at other conditions and with higher absorbers gave
3.5-3.7. Acceptable emissions were observed, while degradation was higher than earlier TCM campaigns due to the
choice of running with 35 w% MEA. Overall, a benchmark has been provided for future improved compact capture
technologies.
Keywords: CO2 capture, post-combustion, compact, benchmark, demonstration, monethanolamine

1. Introduction
Technology Centre Mongstad (TCM) is a large and flexible demonstration site for post-combustion CO2 capture.
It is located next to the Equinor refinery at Mongstad (Norway) which is the source of the two types of flue gases
supplied to TCM. These sources are the combined cycle gas turbine (CCGT) based heat and power plant (CHP) and
residue fluid catalytic cracker (RFCC). TCM is owned by Gassnova (on behalf of the Norwegian state), Shell, Total
and Equinor. Various proprietary amine solvents have been tested and matured at TCM since the start-up in 2012. In
addition, various campaigns have been executed with a numbered series of open non-proprietary monoethanolamine
(MEA). Most of the results have been published. The most significant campaigns were the third monoethanolamine
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test campaign (MEA-3) in June 2017 and the following MEA-4 and MEA-5 that lasted until October 2018. The large
number of public, industrial, research and academic participants involved in these campaigns have enabled that the
results served a broad scientific audience. The main objectives of these campaigns were to gain knowledge and
information that can be used to reduce the cost as well as technical, environmental and financial risks of commercial
scale deployment of post-combustion capture (PCC). This includes demonstration of a model-based control system,
dynamic operation of the amine plant, investigating amine aerosol emissions, establishment of residue fluid catalytic
cracker (RFCC) baseline performance with MEA, and specific tests targeted at experimentally verifying measures that
can reduce the cost of CO2 avoided [1].
This paper describes a part of the MEA-5 campaign tests relevant for reducing the size of a CO2 capture plant as
the most important driver. Reduced size can be beneficial or even enable CO2 capture in certain applications. One
example is brownfield retrofit of capture on exhausts with very limited spaces, e.g. existing industry near urban areas
and refineries. Another example are turbines or engines on offshore oil&gas production unit. Equinor is currently
developing its 3CWI concept “CO2 Capture with Carbonated Water Injection” for greenfield Floating Production,
Storage and Offloading (FPSO) units [2]. In this concept CO2 is captured from a gas turbine, compressed, mixed with
produced and/or sea water and injected as dissolved bicarbonate ions. For these examples the main constraints is
available space and equipment weight rather than the energy efficiency. As the absorber is the unit of largest mass and
volume, experiments that can reduce the uncertainty at low absorber heights are of value for these applications. Not
much specific research has been done yet with this motivation.
The tests in this paper are done at elevated CO2 concentration relative to earlier CHP based campaigns at TCM. 6
vol% was chosen, which reduces the size of the absorber relative to the usual 3.5-4 vol%. The reason for this is that
elevated CO2 concentrations are likely in applications where weight and volume are restricted. One motivation for this
choice is the possible use of exhaust gas recycle (EGR) both on turbines and piston engines. Another motivation is the
gradual development of increasing the CO2 content due the higher turbine inlet temperatures in modern turbines
allowing for less air cooling of the expander blades. In order to achieve 6 vol% of CO2 in the flue gas going to the
capture plant, the TCM amine plant was operated with flue gas from the Mongstad CCGT plant and with recycling a
portion of the captured CO2.
The absorber packing height was set at 12m, which is the lowest possible at TCM’s amine unit. Moreover, one of
the two water washes was disabled. This combination simulates the lowest absorber setting possible at TCM, but has
significant dry bed height in between. The results will be used for discussing the viability of making post-combustion
capture more compact. It is acknowledged that the amine unit at TCM is not specifically designed for testing compact
capture. Consequently, the result may not be representative for commercial use as the unit will operate outside the
operational window TCM’s amine unit is designed for. The data can be utilized as a source for insight, comparison
and for benchmarking commercial compact capture technologies.
2. System
TCM’s amine unit was used (see e.g. [4][5][6]) and its flexibility was utilized to collect data relevant for a compact
capture plant design. This means that the absorber was operated with only the lower packing section (12 m) and with
one water wash bed (3 m, Lower (L) in operation, Upper (U) is idle) in service. This is the smallest total amount of
packing possible at TCM without modifications. The set-up is illustrated and compared to the full amine plant set-up
in Figure 1.
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Figure 1. Illustration of the compact flue gas absorber set-up.

The flue gas flow rate was adjusted to its highest practically possible operating point (67,000 Sm3/h, 113% of design
capacity). To mimic higher capacity solvent types, the MEA concentration was increased to 35 wt% from the normally
used 30 wt%.
The amine plant has extensive instrumentation with multiple measurements on the streams required for performance
assessment. Details on the CHP flue gas characteristics, the main systems in the plant and an assessment of
instrumentation quality as well as calculation methods for the main parameters are described in previously published
papers, see Gjernes et al [1][7].
3. Method
3.1. Strategy
For this work various test series were executed named by the first letters in the alphabet. The plant was operated
with a high flue gas flow rate (67,000 Sm3/h). An overview of the test series is given in Table 1. The strategy in this
work was to start out with the highest achievable capture rate in test series A. Therefore, the steam flow rate to reboiler
was maximized and the solvent flow rate was high (106-138 kg/hr). The series B to D were systematic experiments to
produce steam demand optimum curves (so-called U-curves) for identifying the lowest specific reboiler duty (SRD)
for each series over a selected range of target capture rates (~ 83 to 72 %). In the E and F-series the flue gas temperature
into the absorber was higher (45 instead of 30 °C), for assessing potential reduction in the cooling requirement and the
equipment size of the direct contact cooler (DCC). As in the A series, the E cases were maximizing the steam flow
rate to achieve a high capture rate and the F series was systematic experiments to find the energy optimum. The E case
consists only of one test. All these series were run with around 35 w% MEA. Next, some tests were added to put the
series A-F in a wider perspective. The cases named B5-1 and B5-2 are two reference runs with MEA at 30 wt% and
with lower and upper water wash in operation, respectively. The motivation was to see whether there are differences
between the upper and lower water washes. The case named 15-3 is included in the results section to have a comparison
against the most compact absorber line-up used in the previous TCM study on modes of operation with cost saving
potential back in 2018 [1]. The objectives for the experimental work were to investigate capture rates and specific
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reboiler duty during parameter testing. Steam flow to reboiler and solvent flow rates were the main variables, while
flue gas flow and CO2 inlet concentration were kept constant.
Table 1. Overview of the tests.

MEA

Flue gas
temperature

Lean
x 1000

[%]

[°C]

[kg/h]

A

35

30

106-138

L+U

B

35

30

138-98

L

C

35

30

139-83

L

D

35

30

120-72

L

E

35

45

107

L

F

35

45

128-77

L

B5-1

30

30

128

L

B5-2

30

30

128

U

Series

Water
wash

With this strategy, it was the intention to inspire, and stretch the targets for new technology developments of
compact and low weight CO2 capture plants. With more advanced solvents and optimized systems, it is expected that
significant improvements beyond what TCM demonstrates here are possible.
The so-called U-curves were produced by variations in the lean amine to gas flow rate ratio (L/G). The cold rich
by-pass of the lean rich heat exchanger (17% by-pass) was in operation during all test runs. This variable was left
unchanged. It is acknowledged varying it could provide somewhat lower steam demand or higher capture rate, but not
significant.
3.2. Measurements
The combination of methods used in the current work is shown in Table 2. The flow out of absorber is based on
flow into the absorber assuming all components except water and CO 2 are conserved. Moisture is calculated from
temperature and pressure. The product flow is assumed to be CO2 and moisture only.
Table 2. Selected methods for test performance assessment.

Location

Property

Method

Absorber in

H2O

Calculated from p and T

CO2

Infrared Spectroscopy (IR)

Flow

Ultrasonic

H2O

Calculated from p and T

CO2

Infrared Spectroscopy (IR)

Flow

Calculated from absorber in flow and composition

H2O

Calculated from p and T

CO2

Calculated as: 100 - H2O

Flow

Coriolis

Absorber out

Product flow

In each test run the plant is first allowed to stabilize over several hours. A set of key performance indicators is used
to assess the quality of data. A two-hour stable period is selected for data extraction. Liquid sampling is conducted
within this period. All properties except liquid samples (amine concentration and loading) are averaged over the two-
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hour period. Thus, reported data are based on stable operation with respect to all streams. The total and CO 2 mass
balances should be within 100 ± 2%. This procedure allows normally not more than two single test runs per day (24
hours). To make comparisons between the test runs, it is important to maintain stable MEA concentration (35 wt%,
CO2 free) and the absorber inlet CO2 concentration (6 vol%, dry). MEA concentration, lean and rich loading are
calculated from laboratory analysis of the liquid samples. In case there is a missing liquid sample, the lean loading is
extrapolated using amine density (only for the following tests: B6-opt, C2, D4 and F2).
The solvent loading is calculated from total inorganic carbon (mole CO2/kg solvent) and total alkalinity (mole
amine/kg solvent):
𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿 =

𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐

(1)

𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎

The specific reboiler duty (SRD) is the heat delivered to the reboiler from the steam flow divided by the amount of
captured CO2:
𝑆𝑆𝑆𝑆𝑆𝑆 =

∆𝐻𝐻 𝑚𝑚̇𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

(2)

𝑚𝑚̇𝐶𝐶𝐶𝐶2

In this work the captured CO2 (𝑚𝑚̇𝐶𝐶𝐶𝐶2 ) is based on the difference in mass flow of CO 2 over the absorber (𝑚𝑚̇𝐶𝐶𝐶𝐶2 abs,
in – 𝑚𝑚̇𝐶𝐶𝐶𝐶2 abs, out). This is chosen in order to aligned with earlier published results (e.g. [1]). Captured CO2 (𝑚𝑚̇𝐶𝐶𝐶𝐶2 )
based on product flow from stripper will for the present cases result in a lower CO2 product flow. The steam pressure
and temperature are typically around 2.5 barg and 160 °C in this work.
The capture rate is the mass fraction of captured CO 2 and the amount of CO2 flowing into the absorber.
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 =

𝑚𝑚̇𝐶𝐶𝐶𝐶2,𝑎𝑎𝑎𝑎𝑎𝑎 𝑖𝑖𝑖𝑖− 𝑚𝑚̇𝐶𝐶𝐶𝐶2,𝑎𝑎𝑎𝑎𝑎𝑎 𝑜𝑜𝑜𝑜𝑜𝑜
𝑚𝑚̇𝐶𝐶𝐶𝐶2,𝑎𝑎𝑎𝑎𝑎𝑎 𝑖𝑖𝑖𝑖

(3)

𝑥𝑥100%

The absorber packing volume and thus the absorber size are major CAPEX elements. The absorber packing volume
(m3/ton CO2, h) was calculated for the cases with highest CO2 product flow and compared with the previous test case
15-3. The parameter is one metric used for assessing compact absorber designs. The TCM absorber cross section is
7.2 m2 and packing height applied is 12 m.
The emissions of amine and ammonia were monitored during all test runs. As higher MEA concentration is
associated with increased solvent degradation [3] and plant corrosion, degradation and metal content in the solvent
were closely monitored. However longer-term testing is expected to be needed to assess the solvent management
aspects of higher MEA concentrations. Moreover, the solvent composition was measured before and after for
estimating the cumulative degradation.
4. Results and discussion
4.1. Capture rate and steam demand
The observed relation between SRD and capture rate is shown in Figure 2 for all the series A-F and the B5-2 and
B5-1 with 30 w% MEA. The lowest SRD value in the U-curves achieved within each test series is shown as transparent
squares along with a dashed trend line based on the five selected optimum points. The trend line shows a corresponding
decrease in capture rate and SRD from 87% and 4.3 MJ/kg CO 2 down to 73% and 3.7 MJ/kg CO2. Within each series
the capture rates were quite well controlled within the target. The trend line gives a good indication of what is
achievable with a compact plant configuration. The results from the F-series (82% capture rate) shows promise also
for reducing cooling need and size of the DCC. It is also seen that the SRD is significantly higher for the two test runs
with MEA 30wt% (B5-2 and B5-1). The uncertainty at TCM is discussed in other papers [4][5][6] and is assumed not
to be significant different in this campaign.
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Figure 2. SRD and capture rate for the test series. Optimum points for each series are shown as transparent squares.

As expected with the low absorber height the SRD become higher than TCM has reported earlier for higher absorber
heights. For 30 w% MEA Gjernes et al.[1] reports down to 3.6 MJ/kg CO2 at 86% capture with 3.6 vol% CO2 in the
inlet, while this work shows around 4.0-4.2 MJ/kg CO2 at 87% capture with 6 vol% CO2 in the inlet. This increase
may not be unacceptable high in situations where energy ample cheap heat is available. Figure 2 also shows that a
similar low SRD of around 3.6-3.8 is achievable with a lower capture rate of 70-80%. This decrease may neither be
unacceptable in the mentioned applications where space and weight are the limiting factors.
The MEA and wet CO2 inlet concentrations were aimed to be kept constant for all tests, and the achieved results
are shown in Figure 3. There are small variations between the test series and the comparison between the series are
representative. There is also good agreement between the two CO2 measurement methods. The figure also shows MEA
concentration close to 31 wt% for the B5-1 and B5-2 cases and the CO2 concentration in good agreement with the
other test series. This means that any differences are likely not to be caused by variations in CO2 inlet concentration
and MEA concentration.

Figure 3. Wet CO2 inlet concentration and lean amine concentration were maintained at the same level for the selected optimum cases. Grey
symbols are for the B5-1 and B5-2 cases that were operated at lower amine concentration.
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Figure 4. L/G ratio is increasing, and lean loading is decreasing for the optimum cases when plotted versus the targeted capture rate. Grey
symbols are for the B5-1 and B5-2 cases that were operated at lower amine concentration.

A graph of the variations in L/G and lean loading versus capture rate is given in Figure 4. There was a wide enough
experimental window with respect to lean flow and resulting loading to observe trends. A 14 percentage points
higher capture rate (from 73 to 87) demands a 0.03 mole/mole lower lean loading and a 0.3 kg/Sm3 higher L/G. It is
observed that the MEA 30wt% test cases (B5-1 and B5-2) needs a significantly (0.4 kg/Sm3) higher solvent flow
rate to achieve the target capture rate of 82-83% than the results with 35% MEA, while the lean loading is not very
different. As mentioned before, all cases are with 67,000 Sm3/h flue gas flow.
A summary of results from the test series is given in Table 3. The CO2 captured in the optimum cases shown in
Figure 2 are used for calculating the absorber packing volume.
Table 3. Results summary for all test series.

Series

A

[kg/Sm3]
1.6-2.1

[mole/mole]
0.19-0.24

[tonne/h]
6.4

[%]
84-87

[MJ/kg CO2]
4.3

Absorber packing
volume per tonne
captured CO2
[m3/tonne CO2, h]
13

B

1.5-2.1

0.19-0.25

6.0

83-84

3.9-4.3

14

C

1.2-2.1

0.18-0.25

5.8

78-79

3.8-4.1

15

D

1.1-1.8

0.15-0.27

5.2

73-75

3.7-4.3

16

#

L/G interval

Lean loading Captured CO2
Optimum case

Capture rate
interval

SRD interval

E

1.7

0.19

5.9

87

4.3

15

F

1.2-1.9

0.16-0.24

5.6

80-82

3.9-4.3

15

B5-1/2

1.8

0.2

5.9

82

4.1-4.3

15

15-3

1.4

0.23

3.2

72

4.0

27

The new property added in this Table is the “Absorber packing volume per ton captured CO2. This is a good property
for analyzing the potential for size and weight reductions. Most interestingly, in the A-1 case the CO2 produced is
6,427 kg/h and the absorber packing volume parameter is 13. The result for the 15-3 case from earlier TCM publication
[1] was 27. This shows that there are significant differences in this property and that this campaign had low number
ranging from 13-16. The difference with 15-3 up to 27 shows that there should be a significant opportunity for more
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compact absorber designs and corresponding cost saving for this largest equipment item in post-combustion capture.
It is recommended to use this new property in future work for comparison.
A final observation is that no large differences were observed between B5-1 and B5-2. This means that there are
likely no big differences between upper and lower water wash (as expected) that can explain any variation or invalidate
any conclusions.
4.2. Emissions to air
When changing design of amine based post-combustion one must always keep control of the emissions since these
pose of the main HSE risks [8]. Table 4 gives an overview of the measured emissions to air at moments or intervals
the results were regarded as reliable and representative. The letter gives which series the measurement is taken from
while the number gives which test it is (not reported in detail in this work). Two measurements were done in the C5
test. The online data were 5 min averaged data over an analyzed period of 2 hours.
Table 4 Overview of isokinetic sampling during the period. Note that FTIR values are reported for time slots where isokinetic samplings were not
available. In addition to optimum cases, emission results are included from B4, C3 rep, E1 and F3. The FTIR was out of service during case D4
and F4.

Series/Test

Water
wash

MEA
[ppm]

NH3 Emission result
type
[ppm]

A1

L+U

0.12

9.3 Online (FTIR)

B4

L

0.13

11 Isokinetic

B5

L

0.00

12 Online (FTIR)

C3 rep

L

0.059

9.0 Isokinetic

C5

L

0.047

14 Isokinetic

C5 opt

L

0.37

22 Isokinetic

C5 opt

L

0.52

30 Online (FTIR)

D4

L

-

E1

L

5.7

24 Isokinetic

F3

L+U

3.5

26 Isokinetic

F4

L+U

-

- Online (FTIR)

- Online (FTIR)

Except for E1 and F3 the emissions to air were not significantly higher than the ones published earlier on
industrially representative operation [9]. In E and F especially the MEA emissions are high, probably higher than most
future emission permits will allow. The reason is that the inlet temperature was increased from 30 to 45 °C. So, this
seems not to be a favourable measure for compact capture. This indicates that two water washes are likely needed for
compact capture if high inlet temperature is unavoidable.
The numbers presented here have a somewhat higher uncertainty than TCM presents in dedicated emission papers,
e.g. Morken et al [9]. Some numbers may be somewhat higher than if the plant was operated stable for longer time.
Build-up of MEA in water wash can occur. On the other hand, some numbers may be low since they can be impacted
by the large amount of dry packing bed above the absorption bed. It must be noted that the quantification limit for the
FTIR is 0.5 ppm due to increased instrument noise at low levels. However these uncertainties do not impact the
conclusion on the overall low enough levels with 30 °C inlet and the overall too high levels at 45 °C inlet temperature.
4.3. Solvent degradation
When changing design of amine based post-combustion one must also always keep control of the degradation since
it can be important for the OPEX and HSE risk. Table 5 gives an overview of metal and heat stable salt (HSS) in the
solvent. The compact campaign was done after another campaign of 905 hours. So, the amine was already partly
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degraded at the start.
Table 5. Overview of metal and heat stable salt (HSS) concentrations after reclaiming and at the beginning and end of the campaign discussed in
this paper. All concentrations are mg/kg solvent. Components below the detection limit are marked with “<”.

Component

After Reclaiming

Beginning

End

Sum operational hours

0

905

1,230

Sum tons CO2 captured

0

5,830

7,702

Cr

<0.1

0.30

1.3

Fe

0.2

1.60

11

Ni

0.2

0.5

1.7

Mo

<0.1

<0.1

<0.1

Na

0.9

1.9

4.5

V

<0.1

<0.1

<0.1

Zn

<0.1

<0.1

<0.1

Cu

<0.1

<0.1

<0.1

Sum metals

1.3 - 1.7

4.3 - 4.7

18.5 - 18.9

Formic acid

41.8

285

645

Glycolic acid

<20

54

79

Oxalic acid

<20

84

213

Acetic acid

<20

74

165

Nitrate

37.3

246

510

Nitrite

<30

<35

<35

Sulfate

<35

92

114

Sulfite

<30

<35

<35

79.1 - 234.1

835 - 905

1,726 – 1,796

Sum HSS

The degradation products increase as expected. When deciding to run this campaign with 35wt% a risk of excessive
degradation was taken. This risk was mitigated by only running a relative short time of 325 hours. From all the
measured concentrations the main discussion in literature focuses on the iron concentration. TCM’s own guideline
[10] recommends keeping the iron concentration below 5 mg/kg solvent. In the compact campaign it increased from
from 1.6 to 11 crossing the recommended value. However, Moser [11] has observed long periods of low degradation
above the 5 mg/kg iron. It seems anyhow recommended to have more mitigation actions in place for keeping the
degradation under control for using 35 w%. Examples are continuous reclaiming or use any of the new O2 and/or iron
removal technologies.
4.4. Comparison with previous results
Over the years various campaigns have been executed at TCM with MEA on CCGT flue gas, of which the compact
campaign in this paper is the latest. From each campaign one representative result was chosen that has most industrial
relevance. Table 6 below gives an overview of these representative results enabling a comparison and perspective of
what TCM has been achieved at TCM.
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Table 6. Comparison of representative results from all MEA campaigns at TCM.

Campaign (literature
reference)

CO2 inlet
[vol%]

MEA2 [1]
MEA3 [1]
MEA5 (B5 this paper)

3.6
4.2
6

Gas
velocity
[m/s]
2.3
2.0
2.7

Absorber
packing
[m]
24
18
12

MEA

L/G

[w%]
30
40
35

[kg/Sm3]
1.0
0.98
1.46

Capture
rate
[%]
86
86
83

SRD
[MJ/kg]
3.6
3.6
3.9

MEA
emissions
[ppmv]
<1
<1
<1

The results from this compact campaign has as expected the largest SRD as well as the lowest capture rate. The
differences with the other cases on variables that are important for cost and HSE are not very large. Hence, we can
conclude that the amine unit at TCM can be used to study compact capture, although it is not specifically designed for
it. Another result from this Table is a set of data that can be used to tune any overall MEA model. The data give a
large enough specter to serve this purpose.
4.5. Discussion on compact capture
The results in this paper give a benchmark for any compact capture technology. Many new ideas and improvements
on reducing weight and size can use this work for comparison. Preferably, these should perform better on most
variables that are important for cost and HSE. Examples of such more compact but less mature technologies are
rotating absorption&desorption, membrane contactors and CO2 selective gas-gas membranes.
But better results could also be obtained at TCM in the future. One improvement idea for TCM is to use another
better solvent. This work already shows that increasing the MEA concentration from 30 to 35% makes compact
capture design more attractive. TCM has already tested the solvent CESAR-1 for other motivations [12]. Testing this
solvent on compact design like done in this work is a logic next step.
Another idea for TCM is to study in more detail metal build-up and degradation rates in compact design. This work
provides a good indication but had not enough hours for industrially relevant conclusions. A final idea is further testing
at 45°C and two water washes could also be interesting to be able to find the balance with the size of the direct contact
cooler (DCC) upstream the absorber and the lean amine cooler.
5. Conclusions
The amine unit at TCM has been used for testing compact capture for providing a benchmark. The absorber was
used with its lowest possible packing height of 12m, and only one of two water washes was used (3m height). The
plant was operated with a high flue gas flow rate (67,000 Sm3/h) and 35 wt% MEA with a sensitivity down to 30
wt%. The CO2 inlet concentration was 6% mimicking some industrial exhausts, small turbines with exhaust gas
recycle or modern turbines with high turbine inlet temperatures. The tests demonstrated that such a low absorber can
capture more than 80% of the CO2 with only a slightly higher steam demand than conventional applications with
higher packing heights of 18-24m. The low absorber gave 3.9 MJ/kg for the specific reboiler duty for the low
absorber, while the higher absorbers gave 3.5-3.7. Acceptable emissions were observed, while degradation was high
due to the choice of running with 35 w% MEA. Overall, a benchmark has been provided for future improved
compact capture technologies.
Acknowledgements
The authors gratefully acknowledge the staff of TCM DA, Gassnova, Equinor, Shell and Total for their contribution
and work at the TCM DA facility. The authors also gratefully acknowledge Gassnova, Equinor, Shell, and Total as
the owners of TCM DA for their financial support and contributions.

57

Collection 11: MEA Solvent

GHGT-15 G de Koeijer

11

References
[1] Gjernes E, Pedersen S, Jain D, Åsen KI, Hvidsten OA, de Koeijer G, Faramarzi L, de Cazenove T, Documenting modes of operation with cost
saving potential at the Technology Mongstad, Energy Procedia, 14th Greenhouse Gas Control Technologies Conference Melbourne 21-26
October 2018 (GHGT-14)
[2] Pettersen J, Nilssen OR, De Koeijer G, Approaching Zero CO2 Emissions for Future Oil and Gas Production Offshore, Abstract and
presentation to TCCS-10 conference, June 2019, Trondheim, Norway
[3] Supap T, Idem R, Veawab A, Aroonwilas A, Tontiwachwuthikul P, Chakma A, and Kybett BD, Kinetics of the Oxidative Degradation of
Aqueous Monoethanolamine in a Flue Gas Treating Unit, Ind. Eng. Chem. Res. 2001, 40, 16, 3445–3450
[4] Thimsen D, Maxson A, Smith V, Cents T, Falk-Pedersen O, Gorset O, Hamborg ES, Results from MEA testing at the CO2 Technology Centre
Mongstad. Part I: Post-Combustion CO2 capture testing methodology, Energy Procedia, 63, 2014, 5938-5958,
[5] Hamborg ES, Smith V, Cents T, Brigman N, Falk-Pedersen O, de Cazanove T, Chhagnlal M, Feste JK, Ullestad Ø, Ulvatn H, Gorset O,
Askestad I, Gram LK, Fostås BF, Shah MI, Maxson A, Thimsen D, Results from MEA testing at the CO2 Technology Centre Mongstad. Part
II: Verification of baseline results, Energy Procedia, 63, 2014, 5994-6011
[6] Faramarzi L, Thimsen D, Hume S, Maxon A, Watson G, Pedersen S, Gjernes E, Fostås BF, Lombardo G, Cents T, Morken AK, Shah MI, de
Cazenove T, Hamborg ES, Results from MEA Testing at the CO 2 Technology Centre Mongstad: Verification of Baseline Results in 2015.
Energy Procedia, Volume 114, 2017, p 1128-1145.
[7] Gjernes E, Pedersen S, Cents T, Watson G, Fostås BF, Shah MI, Lombardo G, Desvignes C, Flø NE, Morken AK, de Cazenove T, Faramarzi
L, Hamborg ES, Results from 30 wt% MEA performance testing at the CO 2 Technology Centre Mongstad, Energy Procedia, Volume 114,
2017, 1146-1157
[8] De Koeijer G, Talstad VR, Nepstad S, Tønnessen D, Falk-Pedersen O, Maree Y, Nielsen C. Health risk analysis for emissions to air from
CO2Technology Centre Mongstad, International Journal of Greenhouse Gas Control, 18, 2013, 200–207.
[9] Morken AK, Pedersen S, Kleppe ER, Wisthaler A, Vernstad K, Ullestad Ø, Flø NE, Faramarzi L, Hamborg ES, Degradation and Emission
Results of Amine Plant Operations from MEA Testing at the CO2 Technology Centre Mongstad, Energy Procedia, 114, 2017, 1245- 1262
[10] Morken AK, Pedersen S, Nesse SO, Flø NE, Johnsen K, Feste JK, de Cazenove T, Faramarzi L, Vernstad K, CO 2 capture with
monoethanolamine: Solvent management and environmental impacts during long term operation at the Technology Centre Mongstad (TCM),
International Journal of Greenhouse Gas Control 82 (2019) 175-183.
[11] Moser P, Wiechers G, Schmidt S, Monteiro JGMS, Charalambous C, Garcia S, Fernandez ES, Results of the 18-month test with MEA at the
post-combustion capture pilot plant at Niederaussem – new impetus to solvent management, emissions and dynamic behaviour, International
Journal of Greenhouse Gas Control, Volume 95, 2020.
[12] Christophe Benquet C, Knarvik A, Gjernes E, Hvidsten OA, Kleppe ER, Akhter S, First Process Results and Operational Experience with
CESAR1 Solvent at TCM with High Capture Rates (ALIGN-CCUS Project). To be presented at GHGT-15 Virtual Conference: 15-18 March
2021.

58

CATCHING OUR FUTURE

Demonstrating flexible
operation of the Technology
Centre Mongstad (TCM) CO2
capture plant
(2019)

This article is behind a paywall.

Collection 11: MEA Solvent

International Journal of Greenhouse Gas Control 93 (2020) 102879

Contents lists available at ScienceDirect

International Journal of Greenhouse Gas Control
journal homepage: www.elsevier.com/locate/ijggc

Demonstrating flexible operation of the Technology Centre Mongstad (TCM)
CO2 capture plant
Mai Buia,b, Nina E. Fløc, Thomas de Cazenovec, Niall Mac Dowella,b,*
a
b
c

Centre for Process Systems Engineering, Imperial College London, South Kensington, London SW7 2AZ UK
Centre for Environmental Policy, Imperial College London, South Kensington, London SW7 1NA UK
Technology Centre Mongstad (TCM), 5954 Mongstad Norway

AR T IC L E I N F O

A BSTRA CT

Keywords:
CO2 capture
Dynamic modelling
Flexible operation
Transient operation
Post-combustion capture
Pilot plant
CCGT

This study demonstrates the feasibility of flexible operation of CO2 capture plants with dynamic modelling and
experimental testing at the Technology Centre Mongstad (TCM) CO2 capture facility in Norway. This paper
presents three flexible operation scenarios: (i) effect of steam flow rate, (ii) time-varying solvent regeneration,
and (iii) variable ramp rate. The dynamic model of the TCM CO2 capture plant developed in gCCS provides
further insights into the process dynamics. As the steam flow rate decreases, lean CO2 loading increases, thereby
reducing CO2 capture rate and decreasing absorber temperature. The time-varying solvent regeneration scenario
is demonstrated successfully. During “off-peak” mode (periods of low electricity price), solvent is regenerated,
reducing lean CO2 loading to 0.16 mol CO2 /molMEA and increasing CO2 capture rate to 89–97%. The “peak” mode
(period of high electricity price) stores CO2 within the solvent by reducing the reboiler heat supply and increasing solvent flow rate. During peak mode, lean CO2 loading increases to 0.48 mol CO2 /molMEA, reducing CO2
capture rate to 14.5%, which in turn decreases the absorber temperature profile. The variable ramp rate scenario
demonstrates that different ramp rates can be applied successively to a CO2 capture plant. By maintaining
constant liquid-to-gas (L/G) ratio during the changes, the CO2 capture performance will remain the same, i.e.,
constant lean CO2 loading (0.14–0.16 molCO2 /molMEA) and CO2 capture rate (87–89%). We show that flexible
operation in a demonstration scale absorption CO2 capture process is technically feasible. The deviation between
the gCCS model and dynamic experimental data demonstrates further research is needed to improve existing
dynamic modelling software. Continual development in our understanding of process dynamics during flexible
operation of CO2 capture plants will be essential. This paper provides additional value by presenting a comprehensive dynamic experimental dataset, which will enable others to build upon this work.
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The owners of the Technology Centre Mongstad (TCM DA) started a monoethanolamine (MEA) test campaign in
June 2017. The main objective was to produce knowledge and information that can be used to reduce the cost as
well as technical, environmental and financial risks of commercial scale deployment of post-combustion capture
(PCC). The campaign covered experimental activities in the amine plant from the 12th of June 2017 until the
30th of July 2018. A wide range of operating conditions were applied, thus giving a unique opportunity to study
the impacts on the solvent quality, degradation behavior, corrosion tendency and emissions to the atmosphere.
The current work describes how solvent quality and low emissions to atmosphere can be maintained during longterm operation by appropriate solvent management.
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Abstract
In 2017 and 2018, Technology Centre Mongstad (TCM) performed long-term testing of CO 2 capture with aqueous
monoethanolamine (MEA) solvent through a series of test campaigns. As part of the test campaigns, a selection of materials was
assessed for the CO2-MEA process by investigation and analysis of material test coupons. The test coupons were exposed to various
operating conditions at five different locations in the plant. Both metal and rubber materials were tested in order to detect possible
material compatibility issues with the CO2-MEA process. All metals proved to be suitable, except CS235 which in general showed
severe corrosion rates exposed to the MEA solvent. However, a mid-campaign weight loss analysis indicated that CS235 might be
acceptable for specific process conditions on the cold rich solvent location. No significant changes were observed on the tested
rubber materials, however minor changes in hardness and tensile properties indicated some impact by the MEA solvent
environment. In addition to examination of test coupons, the solvent was frequently monitored for typical factors that might indicate
or influence corrosion such as the concentration of dissolved metals and heat stable salts (HSS). Some variability in average metal
dissolution was observed between specific operational phases, however, the flue gas source did not seem to have significant effect
on metal dissolution.
Keywords: Post-combustion CO2 capture; Technology Centre Mongstad; material testing; material selection; corrosion monitoring
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The lean vapor compressor (LVC) unit at Technology Centre Mongstad (TCM), Norway has been tested using
30 wt% monoethanol amine (MEA) and flue gas from the combined cycle gas turbine (CCGT) based combined
heat and power (CHP) plant. The aim was to study the impact of LVC on the CO2 capture efficiency and energy
profile of the TCM plant. 16 cases have been tested with and without LVC, and with various process parameters
such as LVC pressure, solvent flow, inlet flue gas CO2 concentration, and stripper pressure. Absorber and stripper
process conditions were recorded during these tests. The operation of the TCM amine plant was very steady.
Standard deviation and reproducibility of the various process parameters were satisfactory. Overall, the LVC
results are as expected. A clear trend shows lower operating LVC pressure gives less specific reboiler energy
consumption. A maximum thermal energy reduction of 25% was obtained when applying LVC at the expense of a
typical LVC electrical energy consumption of 0.1 to 0.2 GJ electric/ton CO2. Additional results show that the
specific reboiler duty (SRD) may have a characteristic non-linear dependence on solvent flow rate. Higher
stripper pressure may decrease the specific reboiler duty and be beneficial to the thermal power used in the plant
at the expense of increased LVC electrical power consumption. Lower SRD was obtained when increasing the
inlet flue gas CO2 concentrations both with and without LVC. For the LVC cases, no significant indication of
additional energy requirement was observed when increasing the CO2 capture rate. The LVC power consumption
in this study was to a large extend conservative due to a specific LVC design chosen. The presented results will
help to enhance the accuracy of future CO2 capture engineering designs.
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a b s t r a c t
Nonlinear model predictive control applications have been deployed on two large pilot plants for post
combustion CO2 capture. The control objective is formulated in such a way that the CO2 capture ratio
is controlled at a desired value, while the reboiler duty is formulated as an unreachable maximum constraint. With a correct tuning, it is demonstrated that the controllers automatically compensate for disturbances in ﬂue gas rates and compositions to obtain the desired capture ratio while the reboiler duty
is minimized. The applications are able to minimize the transient periods between two different capture
rates with the use of minimum reboiler duty.
© 2018 Published by Elsevier Ltd.
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Flexible operation of combined cycle thermal power plants with chemical absorption post combustion CO2
capture is a key aspect for the development of the technology. Several studies have assessed the performance of
decentralized control structures applied to the post combustion CO2 capture process via dynamic process simulation, however there is a lack of published data from demonstration or pilot plants. In this work, experiments
on transient testing were conducted at the amine plant at Technology Centre Mongstad, for ﬂue gas from a
combined cycle combined heat and power plant (3.7–4.1 CO2 vol%). The experiments include six tests on openloop responses and eight tests on transient performance of decentralized control structures for fast power plant
load change scenarios.
The transient response of key process variables to changes in ﬂue gas volumetric ﬂow rate, solvent ﬂow rate
and reboiler duty were analyzed. In general the process stabilizes within 1 h for 20% step changes in process
inputs, being the absorber column absorption rates the slowest process variable to stabilize to changes in reboiler
duty and solvent ﬂow rate. Tests on fast load changes (10%/min) in ﬂue gas ﬂow rate representing realistic load
changes in an upstream power plant showed that decentralized control structures could be employed in order to
bring the process to desired oﬀ-design steady-state operating conditions within (< 60 min). However, oscillations and instabilities in absorption and desorption rates driven by interactions of the capture rate and stripper
temperature feedback control loops can occur when the rich solvent ﬂow rate is changed signiﬁcantly and fast as
a control action to reject the ﬂue gas volumetric ﬂow rate disturbance and keeping liquid to gas ratio or capture
rate constant.
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We herein report on the adaptation and deployment of a compact and easy-to-use mass spectrometer for online
monitoring of amines in industrial ﬂue gas at ppb to ppm levels. The use of ammonia as a source gas in protontransfer-reaction mass spectrometry (PTR-MS) greatly simpliﬁes the detection of amines, making it possible to
use a low-end commercial instrument version (PTR-QMS 300) for the measurements. We characterized the
analytical performance of the instrument (sensitivity, limit of detection, precision, matrix eﬀects) for nine solvent amines (monoethanolamine, dimethylaminoethanol, aminomethylpropanol, methyldiethanolamine, diglycolamine, piperazine, aminoethylpiperazine, methylpiperazine, N-(2-hydroxyethyl)piperazine) and three
degradation amines (methylamine, dimethylamine, trimethylamine). The new analyzer was tested and validated
in side-by-side measurements with established emission monitoring techniques at the Technology Centre
Mongstad (TCM) in Norway. After validation, the instrument was permanently installed on top of the absorber
tower to deliver real-time amine emission data to the plant information management system.

Futher information: https://www.sciencedirect.com/science/article/abs/pii/S1750583618304122?via%3Dihub
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Abstract
During the recent MEA campaign at the Technology Centre Mongstad (TCM), a broad range of operational conditions have been
explored for the post-combustion amine-based CO2 capture demonstration plant. This paper presents CO2 product composition
data from online gas analyzers, originating from CO2 capture of two different flue gas sources available at TCM. Detailed
composition data obtained by manual sampling and laboratory analysis, both internally at TCM and by Airborne Labs International
Inc. is presented. Among the impurities identified and analyzed for, ammonia, formaldehyde and acetaldehyde are the compounds
not commonly reported in the literature. The solvent quality, in terms of metal content and amount of degradation products, seemed
to be the most influential parameter affecting the concentration of acetaldehyde and ammonia in the CO2 product gas. In addition,
ammonia slip was found to be correlated with operating temperature of the overhead stripper system.
Keywords: MEA; CO2 product composition; Impurities; Ammonia; Aldehydes

1. Introduction
1.1. MEA campaign at TCM
The Technology Centre Mongstad (TCM) is the world’s leading facility for verifying and improving CO2 capture
technologies. TCM is located at Mongstad, one of Norway´s most complex industrial facilities. TCM has been
operating since autumn 2012, providing an arena for qualification of CO2 capture technologies on an industrial scale.
In autumn 2017, Gassnova (on behalf of the Norwegian state), Equinor (formerly Statoil), Shell and Total entered into
a new ownership agreement securing operations at TCM until 2020. The owners of TCM started their most recent

* Corresponding author. Tel.: +47 98 40 68 89;
E-mail address: kim.johnsen@equinor.com
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monoethanolamine (MEA) test campaign in June 2017 where a large number of public, industrial, research and
academic stakeholders were involved [1]. The campaign included demonstration of a model-based control system,
dynamic operation of the amine plant, investigating amine aerosol emissions and specific tests targeted at reducing
the cost of CO2 avoided. Through the testing, both flue gas sources currently available at TCM were used. These
sources are the combined cycle gas turbine (CCGT) based heat and power plant (CHP) and the residual fluid catalytic
cracker (RFCC). They provide flue gases with a wide range of properties and a CO2 content from 3.6 to 14%. TCM
is located next to the Equinor refinery in Mongstad. The Mongstad refinery is the source of both flue gases supplied
to TCM. One of the objectives of the campaign has been to characterize the CO2 product gas, which is presented in
this paper.
1.2. Knowledge gaps
The compounds that make up the CO2 product stream from a CO2 capture plant can generally be grouped by their
impact on the integrity of downstream transport- and storage systems, health and safety issues or cost impact on overall
carbon capture and storage (CCS) value chain. There are several literature references [2,3,4,5,6] discussing the
concentration range of compounds expected from the main capture technologies used with fossil-fueled power plants
or other industrial sources. The most commonly reported impurities for post-combustion capture technologies, along
with their impact on CCS value chain, are listed in Table 1.

H2O

x

O2

x

x

NOx

x

SOx

x
x

x

x

x

CO
Total hydrocarbons

x

Storage/pipeline
capacity

Minimum miscibility
pressure (MMP)

Major impact

Corrosion and hydrate formation

x
x

x

Well Integrity
(injectivity)
x

N2/Ar

H2S

Operational upsets for
re-compression system

HSE issues during
venting/accidental
release

Hydrate formation

Compound

Corrosion and material

Table 1: Reported impact of CO2 product composition on compression system, transport and storage (incl. EOR) [2-6]

x

x

x

React with the hydrocarbons within the oil field
(EOR), corrosion

x

x

Transport and storage capacity reduction
Reaction with formation and cap rocks, affect
injectivity and storage integrity, corrosion,
HSE

x

Corrosion, HSE
x

Hydrate formation & toxicity

x

Hydrate formation and MMP

x

Decrease injectivity and solubility trapping
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References with actual product CO2 composition data from large scale pilots or demonstration plants operated with
amines are rather sparse. In particular, the concentrations of impurities such as amines, ammonia and aldehydes are
not easily accessible in the open source literature, although some operational data have previously been reported by
TCM during the 2015 MEA baseline tests [7]. Aldehydes, as a possible human carcinogenic by-product of MEA
degradation, may represent a HSE risk for CCS facilities if present in high concentrations. Occupational exposure
limits are presented by Gentry et al. [8] for both formaldehyde and acetaldehyde. For example, the Health and Safety
Executive in the UK has put a long-term exposure limit of 2 and 20 ppm for formaldehyde and acetaldehyde
respectively.
The CO2 product gas composition is likely to vary, depending on plant design, operational parameters and solvent
properties. During the recent MEA campaign at TCM, a broad range of operational conditions have been explored for
the amine plant. This paper presents CO2 product composition data from the online gas analyzers installed at TCM,
originating from CO2 capture of both flue gas sources available. Moreover, detailed composition data obtained by
manual sampling and laboratory analysis, both internally at TCM and by external labs (Airborne Labs International,
Inc.) is presented. The assessment of the CO2 product composition in this work covers the following operational
aspects and sensitivities:
•
•
•
•

Composition data from both flue gas sources at TCM;
Solvent quality;
Stripper overhead system operation;
Transient operation.

Nomenclature
BD
CCGT
CHP
CCS
D-mix
EOR
FTIR
HSE
HSS
MEA
MMP
PCC
RFCC
TCM

Brownian Diffusion (filter)
Combined Cycle Gas Turbine
Combined Heat and Power
Carbon Capture and Storage
Degradation mixture [13]
Enhanced Oil recovery
Fourier-Transform Infrared Spectroscopy
Health Safety and Environment
Heat Stable Salts
Monoethanolamine
Minimum Miscibility Pressure
Post combustion capture
Residual Fluidized Catalytic Cracker
Technology Center Mongstad
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2. Instrumentation and sampling
2.1. TCM amine plant instrumentation
The major constituents of the CO2 product stream are measured by different online analyzers (FTIR/GC/IR)
downstream the stripper overhead receiver, as shown in Figure 1. In addition, a manual sampling point is located
adjacent to the analyzer off-take, enabling sampling and identifications of additional trace compounds. In the 2015
MEA campaign [7] the manual sampling was performed closer to the CO2 vent stack, and located further downstream
of the new sample point, with a larger risk of condensation and non-representative sampling.

Figure 1: Schematic drawing of TCM amine plant and CO2 product analysis location

At TCM there are two dedicated strippers for operation with each of the flue gas sources containing different CO2
concentration levels. Both strippers are equipped with a water wash circulation system in addition to the reflux, as
shown in the schematic above. The purpose is to “polish” the gas, reducing traces of soluble impurities in the CO2
rich gas leaving the stripper. When the stripper water wash system is not in operation, only the reflux from the
overhead condenser drum is returned to the stripper.
2.2. Airborne Labs analysis
CO2 product gas analysis was done by Airborne Labs International, which is an accredited ISO/IEC 17025
laboratory and provider of analytical chemistry testing involving high purity gases and other types of gaseous samples.
Sampling was performed during two periods of MEA campaign in 2017 for both flue gas sources. The sampling
was done by TCM lab personnel as instructed by the sample kits provided by Airborne Labs. The complete list of
compounds analyzed for by Airborne Labs, including analysis method and uncertainty of analytic readings, is found
in Appendix A.
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3. Detailed composition data
3.1. Composition data from CHP and RFCC flue gas testing
The CO2 product gas sampling was conducted at two different time slots during the MEA campaign, operated with
CHP and RFCC flue gas respectively. Table 2 shows typical flue gas conditions upstream the absorber at TCM.
Table 2: Typical CHP and RFCC flue gas conditions upstream absorber
Conditioned CHP flue gas

Conditioned RFCC flue gas

Temperature [°C]

25-50

15-50

Pressure [mbarg]

Up to 250

Up to 250

N2 [mole%]

73-79

73-79

O2 [mole%]

13-14

3-8

CO2 [mole%]

3.6-4.0

13.0-14.5

H2O [ppmv]

Saturated

Saturated

SO2 [ppmv]

<0.3

<5

NOX [ppmv]

<5

100

NH3 [ppmv]

<5

<1

CO [ppmv]

<10

Particles [parts/cm3]

0.3-0.8×106

The results from the detailed analysis from Airborne Labs are presented in Table 3. Compounds analyzed for, but
not detected are not included the table (the complete list of compounds analyzed for is found in Appendix A).
However, some selected impurities of particular interest for CCS, are still reported as not detected (Nd) in the table
for the records. The concentrations are reported on an as-is wet basis, except for CO2 which is on a dry basis.
Three kits for each flue gas source were used during sampling. However, the gas cylinders for two of the sample
kits used during the CHP campaign were reported to contain high levels of oxygen and nitrogen, indicating that air
contamination may have occurred during the sampling process. Hence, these results are considered to be nonrepresentative and concentrations of CO2 and non-condensables are not reported for these samples. It should be noted
that in the period between the CHP and RFCC campaigns the sample probe was somewhat modified to reduce the risk
of condensation in the sample probe.
Table 3 also lists some key operational process parameters during the sampling periods. Solvent quality in terms
of metal content and degradation products during the campaign is reported elsewhere [9]. The first product gas
sampling during the CHP flue gas campaign in June was performed only one week after the start-up of the amine
plant, whereas the two last CHP samples were taken four weeks after the start-up. Sampling with the RFCC flue gas
was done over a period of two weeks, four and five weeks after a thermal reclaiming campaign respectively. The
impact of solvent quality on the product gas quality is also discussed later in this paper.
A Brownian diffusion (BD) filter is installed downstream the RFCC direct contact cooler (DCC), to control the
particle concentration in the RFCC flue gas entering the absorber. A by-pass line is also provided to allow for testing
at varying particle concentrations, and sampling was performed both for closed and partly open by-pass line during
the RFCC testing. Lombardo et al. [10] provide details on the nature of the aerosols particles and removal efficiency
of the Brownian diffusion filter.
The stripper overhead system was operated without the dedicated stripper water wash in operation, i.e. only reflux
water returned to the upper stripper packing wash section, throughout all sampling periods.
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Table 3: Results from detailed CO2 product composition analysis by Airborne Labs
Process conditions
Flue gas source
Flue gas rate [Sm /h]
3

21.06.2017

11.07.2017

13.07.2017

07.11.2017

09.11.2017

17.11.2017

CHP

CHP

CHP

RFCC

RFCC

RFCC

59000

35000

35000

35000

35000

35000

21

28

Solvent condition
0.4

8.7

-

18

BD filter operation

Fe [mg/kg]

N/A

N/A

N/A

By-pass closed

CO2 content in flue gas [vol%]

3.9

4.1

9.4*

13.7

13.4

14.2

Stripper pressure [barg]

0.9

0.9

0.9

0.9

0.9

0.9

3400

2500

5100

7900

7400

7800

25

12

12

30

30

21

1500

1100

1800

3000

2800

3000

99.9+

Cont

Cont

99.9+

99.9+

99.9+

Hydrogen [ppmv]

Nd

Cont

Cont

Nd

Nd

Nd

Oxygen + Argon [ppmv]

49

Cont

Cont

28

36

17

Nitrogen [ppmv]

420

Cont

Cont

220

370

310

Carbon monoxide [ppmv]

Nd

Nd

Nd

Nd

Nd

Nd

Ammonia [ppmv]

1.0

Nd

Nd

0.5

Nd

0.5

Oxides of nitrogen (NOx) [ppmv]

Nd

Nd

0.5

0.5

0.5

0.5

Total hydrocarbons, THC [ppmv]

4.8

12

10

11

22

9.3

Acetaldehyde [ppmv]

2.9

6.9

7.1

6.3

6.5

7.7

CO2 product flow rate [kg/h]
Temperature downstream
overhead condenser [C]
Stripper overhead reflux rate
[kg/h]

By-pass partly open

CO2 product analysis
CO2 [% v/v]

Formaldehyde [ppmv]

Int

Int

Int

Int

Int

Int

Aromatic hydrocarbon content
[ppmv]

Nd

Nd

Nd

Nd

Nd

Nd

Sulfur dioxide [ppmv]

Nd

Nd

Nd

Nd

Nd

Nd

Amines [ppmv]

Nd

Nd

Nd

Nd

Nd

Nd

Ethane [ppmv]

Nd

0.5

Nd

Nd

Nd

Nd

C6+ [ppmv]

0.7

1.6

1.6

1.7

3.5

1.5

Ethanol [ppmv]

Nd

0.2

0.2

0.3

1.9

0.4

Acetone [ppmv]

Nd

0.2

0.4

0.5

0.4

0.5

Methanol [ppmv]

Nd

0.1

Nd

0.2

Nd

Nd

Ethyl acetate [ppmv]

Nd

Nd

Nd

0.1

0.1

Nd

2-Butanol [ppmv]

Nd

Nd

Nd

0.2

0.1

0.1

Nd= not detected, Int= interference with acetaldehyde spectra, Cont= sample contamination, *obtained by CO2 recycle operation
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3.2. Comparison with online instrumentation
A comparison of the Airborne analysis results with TCM online instrumentation is provided in Table 4 for two
selected periods, running with CHP and RFCC flue gas, respectively. For some of the compounds there were additional
manual samples and analysis performed by the TCM lab, as noted in the table.
Table 4: Comparison of Airborne analysis results with TCM online instrumentation
21.06.2017 (CHP)

09.11.2017 (RFCC)

Online
instrumentation

Manual
sampling

Online
instrumentation

Manual
sampling

MEA [ppmv]

Int

Nd

Nd

Nd1

Ammonia [ppmv]

2.2

1.0

6.1

3.42

NO [ppmv]

Nd

NO2 [ppmv]

Nd

Nd

Nd
Nd

0.5

SO2 [ppmv]

0.2

Nd

Nd

Nd

Acetaldehyde [ppmv]

1.7

2.9

5.4

6.53

Formaldehyde [ppmv]

0.3

Int

0.6

0.24

N2 [ppmv]

220

420

300

370

O2 [ppmv]

1.8

49

2.0

365

5

Not detected by neither Airborne nor TCM lab analysis
Not detected by Airborne, reported value in table is from TCM lab analysis
3
TCM lab analysis gave 7.1 ppmv
4
Reported value is from TCM lab sampling, Interference in spectra reported by Airborne
5
Oxygen concentration lumped with argon in Airborne reporting
Nd= not detected, Int= interference in spectra
1
2

Neither the online instrumentation nor the analysis from manual sampling could quantify any amines from the CO2
product gas in the selected periods of comparison. There is fairly good agreement for NOx and SO2 between the online
FTIR and analysis by Airborne Labs. Moreover, nitrogen concentrations are also comparable, whereas the online
electrochemical measurement for oxygen is significantly lower than reported by Airborne Labs. However, these
oxygen results are not directly comparable, as Argon is lumped into the reported oxygen concentration from Airborne.
For ammonia, the online FTIR is showing higher values than both analysis performed by Airborne Labs or by the
TCM lab. Based on a comparison of a series of ammonia analysis done by the TCM lab throughout the MEA-3
campaign at different point in time, these manual samples are rather consistently and systematically showing
approximately 50% of the concentrations found by the FTIR.
For aldehydes the concentrations measured by the FTIR are comparable with manual sampling. Figure 2 shows
FTIR measurement of formaldehyde and acetaldehydes in the period of 7th to 9th of November. The results from
manual sampling and analysis by Airborne and TCM lab, respectively, are included in the figure.
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Figure 2: Online FTIR measurement of aldehydes, compared to results from manual sampling and analysis by Airborne TCM/SINTEF for
7th and 9th of November
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4. CO2 product composition sensitivities
4.1. Stripper overhead condensing temperature
The CO2 product is cooled down in the overhead condenser. The condensed vapor is collected in a reflux receiver
drum and returned to the stripper as cold reflux over the upper water wash packing section, as shown in Figure 1. At
TCM the CO2 stripper is also equipped with a stripper water wash circulation system in addition to the reflux. The
operational mode of the overhead system will influence the CO2 quality. In particular, the effect of the condensing
temperature and total reflux rate, is of interest with respect to traces and impurities in the CO2 product stream.
A test with CHP flue gas was performed, where the cooling duty of the condenser was reduced in steps, and
consequently increasing the CO2 product temperature downstream the condenser from 18 to 25 and 35°C in a stepwise manner. The reflux rate was kept stable during the ramps, without operation of the dedicated stripper water wash
system. With increased temperature, the water content in the CO2 product is increased, as an obvious consequence.
More interestingly, it was observed that ammonia emissions increased from a steady value of 3 ppmv to almost 6
ppmv, for a condenser outlet temperature of 18 and 35°C, respectively. Reducing the temperature back to 18°C,
restored the approximate same concentration of ammonia as prior to the temperature ramp-up, as seen in Figure 3.

Figure 3: Ammonia and aldehydes concentrations during temperature change of CO2 product gas

Increasing the CO2 product temperature will increase the vapor pressure of dissolved ammonium causing higher
ammonia slip to downstream re-compression systems and transport system. Also shown in Figure 3 are the
formaldehyde and acetaldehyde concentrations, which were not significantly influenced by the temperature changes.
The online FTIR did not detect any amines in the CO2 product gas for the temperature interval explored during this
ramp test.
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4.2. Solvent quality
During the MEA campaign both solvent reclaiming and partial or complete inventory replacement have been done
to maintain good solvent condition. For certain periods of the campaign the solvent metal content has been higher
than usual, as described by Morken et al. [9]. Two selected periods with aged and fresh solvent, denoted F and G
respectively, have been assessed for any observable changes in the CO2 product composition. In period F, the solvent
contained relatively high concentrations of metals and degradation products, whereas period G represents a period
after a complete solvent inventory replacement and plant wash. More details on the solvent condition in these periods
are described elsewhere [9]. For both periods the capture plant was operated with the CHP flue gas. Some key
operating conditions for a selected 12-hours window within both periods are listed in Table 5 along with average
values for generation of iron, heat stable salts and D-mix.
Table 5: Key operational parameters for comparing CO2 product impurities for two periods
Period

F

G

Date

(09.12.17)

(18.01.18)

Iron generation [moles/h]

0.26

0.002

Heat stable salts [mole/h]

8.0

0.2

D-Mix [mole/h]

25

3.2

Flue gas flow rate [Sm3/h]

58000

39000

NOx in feed gas [ppmv]

1.5

3.0

CO2 product rate [kg/h]

3600

2500

CO2 condenser outlet
temperature [°C]

19

18

Total reflux rate [kg/h]

1600

1500

Figure 4 shows how ammonia and acetaldehyde in the CO2 product gas compare for a selected time interval of 12
hours in the two periods. Data points every minute are shown. First, it is evident that the ammonia concentration is
significantly higher for period F than G, with concentrations in the region of 50-60 ppmv. This relates to the difference
in metal concentration in the solvent for the two periods, as iron has an increased catalytic effect on oxidative
degradation of the solvent, resulting in higher ammonia emissions. Also, it is seen that the concentration of
acetaldehyde is significantly higher for period F with average of 16 ppmv, compared to approximately 2 ppm for
period G. The concentration of formaldehyde, not shown in the figure, does not seem to be correlated to solvent
conditions in the same way as acetaldehyde, as both periods show values in the same range of concentrations.
Unfortunately, reliable readings of amines from the online FTIR was not available for both the periods under
consideration.
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Figure 4: Ammonia and acetaldehyde concentrations (FTIR) in CO2 product over a 12-hours period for periods F and G. Data points averaged
every minute
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4.3. Transient operation
A so-called rapid load change test was done by ramping the CHP flue gas rate between 55000 Sm3/h to 35000
Sm3/h within 5 minutes, while adjusting solvent circulation rate and reboiler duty to maintain a constant capture rate
of approximately 85%. Figure 5 shows the corresponding solvent circulation and CO2 product flow rates for this test.
This test intended to mimic a rapid load change/turn down of the power plant, to study if there were any observable
changes in the CO2 product composition.

Figure 5: Flow rates of flue gas (CHP), solvent and product gas for transient rapid load change test

For the ramp-down, the stripper outlet temperature is slightly increased during the transient as the total product flow
rate decreases, reducing the required cooling duty of the overhead condenser. As the condenser temperature controller
was not properly tuned for such a transient, this resulted in a slight increase in CO2 product temperature and hence
ammonia slip, as a seen in Figure 6. The aldehydes concentrations are rather stable during the transients, except for a
small peak in acetaldehyde concentration observed during the ramp-up. There was not detected any MEA, NOX or
SO2 by the online FTIR during this test.
For changes in flue gas and solvent circulation rate, it could be foreseen that contact time for different gas/liquid
(G/L) ratios could influence that amount of dissolved trace compounds in the rich amine leaving the absorber sump.
In addition, if significant foaming occurs in absorber, the amount of non-condensable that are carried-under as gas
bubbles could increase with increased solvent circulation. However, from the online instrumentation no significant
changes are seen for the for the O2 and N2 concentrations, which remained at approximately 3 ppmv and 100 ppmv,
respectively.
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Figure 6: Ammonia and aldehydes concentrations in product gas during rapid load change test

5. Discussions
The reported dry basis purity of CO2 of 99.9% is very high and in accordance with other references reporting purity
of 99.6-99.8% from post combustion capture by chemical absorption processes [3]. The CO2 product gas leaving the
stripper overhead system will always be water saturated at the pressure and temperature in overhead reflux condenser
and receiver. For transportation purpose, a drying unit will almost always be required downstream the capture unit.
The final saturation degree, dictating the design of the drying system, will be set by compressor and intercoolers
configuration. The amount of water to be handled by downstream systems is not an inherent feature of post
combustion, but rather a choice of operational settings, and is therefore not reported explicitly as an impurity in this
work.
Nitrogen is found to be the impurity with highest level in the product gas, regardless of flue gas source, operational
condition or solvent condition with concentrations ranging from 200 to 400 ppmv. Nitrogen can arise from entrainment
of gas bubbles in the rich solvent flow from the absorber or possibly from NOX conversion. Other non-condensables
reported from the Airborne analysis were O2 and Ar, where the sum was ranging from 10-50 ppmv. Presence of noncondensables at higher concentrations could have an adverse effect on operation of rotating equipment in the
downstream compression and liquefaction part of the value chain, as they will influence the phase envelope
characteristics. In particular, the presence of gas bubbles in liquid CO2 could cause increased vibration on CO2
injection pumps.
Ammonia concentration in the CO2 product gas has during the MEA campaign at TCM varied with the solvent
quality. In general, the ammonia levels throughout the campaign has been low (< 10 ppmv). However, in periods
where the solvent contained relatively high amounts of degradations products, e.g. prior to reclaiming operation, the
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ammonia emissions occasionally exceeded 60 ppmv. At these elevated concentrations there is a risk of solids
formation downstream the stripper, such as ammonium carbamate, carbonate and bicarbonate as CO2 reacts with NH3.
This was experienced at TCM, observed by increased pressure drop over the pressure control valve at the outlet of the
condenser receiver vessel. Restricted flow and lack of operability of the pressure control valve caused plant shut down.
Upon opening the control valve, salt precipitation was evident in the valve trim, restricting the flow and causing the
high pressure drop. Such precipitation could also be a safety concern, if salts block impulse and feed lines to pressure
safety valves that protect the stripper and overhead system. This is in particular valid for uninsulated and non-heat
traced piping. Moreover, ammonia is reported [11, 12] to have an adverse effect on molecular sieve dehydration
systems if deployed downstream, as it weakens the binding structure of sieves. No recommended threshold value was
found reported in the literature.
Similar to ammonia, acetaldehyde concentration seems to correlate with the solvent quality. Formaldehyde seems
to be less sensitive to the solvent condition with reported concentrations smaller than 1 ppmv. In general, the
acetaldehyde concentration has been smaller than 10 ppmv throughout the campaign, whereas elevated concentration
up to 15-20 ppmv was experienced in periods with increased degradation products and metal concentration in the
solvent.
Amines were not detected from the samples analyzed by Airborne Labs, consistent with results from TCM lab
analysis and FTIR online instrumentation. Based on analysis of MEA in liquid phase in reflux receiver drum and
vapor pressure considerations, the expected MEA vapor phase concentration should be virtually zero. The design of
the overhead condenser receiver at TCM is equipped with a wire mesh pad. The overhead receiver drum is common
for both stripper configurations, which means that the load and consequently the separation efficiency is excepted to
vary and some entrainment cannot be ruled out, although not found by the sampling probes in this study. In general,
separation drums will not be 100% efficient and some liquid carry-over is to be expected, and design considerations
of downstream systems should be made to include traces of amines. Consequently, trace levels over time will damage
and reduce the lifetime of a molecular sieve used for drying, if constant carry-over is experienced.
6. Conclusions
After evaluating several months of operational data from the recent MEA campaign, it is evident that the CO2
product gas is rather unaffected by flue gas source and process conditions dictating the capture rate. CO2
concentrations of 99.9 v/v% on dry basis was obtained with nitrogen being the major impurity.
Among the impurities identified and analyzed for, ammonia, formaldehyde and acetaldehyde stand out as
compounds not commonly reported in the literature. The solvent quality, in terms of metal content and amount of
degradation products, seems to be the most influential parameter on the concentrations of acetaldehyde and ammonia
the CO2 product gas. In addition, the ammonia slip was found to be correlated with temperature of the overhead
stripper system.
High ammonia emissions were experienced in periods where plant was operated with a highly degraded solvent.
For ammonia concentrations exceeding 60 ppmv, precipitation of salts as ammonia combines with CO2, caused
operational upsets in the stripper overhead system due blocking and extensive pressure drop. Hence, special
considerations for solvent quality management should be given with respect to ammonia emissions from CO2 stripper.
It should be noted that the presented results are only typical and valid for MEA and the process parameters at TCM.
The variation of the measurements suggests that the limitation of the trace compounds in the CO2 product is
challenging and sensitive to many parameters. This is also likely to be valid for other amines.
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Appendix A. Airborne Lab International analysis details
Table 6: CO2 product analysis provided by Airborne labs
Compound

Lower detection
limit

Uncertainty of
reading

CO2

5 % v/v

ISBT 4.0 GC/DID

12%

Hydrogen

10 ppmv

ISBT 4.0 GC/DID

12%

Helium

50 ppmv

ISBT 4.0 GC/DID

12%

Oxygen + Argon

10 ppmv

ISBT 4.0 GC/DID

12%

Nitrogen

10 ppmv

ISBT 4.0 GC/DID

12%

Carbon monoxide

2 ppmv

ISBT 5.0 DT (colormetric)

20%

Ammonia

0.5 ppmv

ISBT 6.0 DT (colormetric)

20%

Oxides of nitrogen (NOx)

0.5 ppmv

ISBT 7.1 DT (colormetric)

20%

Phosphine

0.25 ppmv

ISBT 9.0 DT (colormetric)

20%

Total hydrocarbons, THC

0.1 ppmv

ISBT 10.0 THA (FID)

2.7%

Total non-methane hydrocarbons

0.1 ppmv

ISBT 10.1 GC/DID

5.2%

Methane

0.1 ppm

ISBT 10.1 GC/DID

5.2%

Acetaldehyde

0.05 ppmv

ISBT 11.0 GC/FID

6.6%

Formaldehyde

0.05 ppmv

DT

20%

Aromatic hydrocarbon content

2 ppmv

ISBT 12.0 GC/FID

6.2%

Benzene

2 ppmv

ISBT 12.0 GC/FID

6.2%

Toluene

2 ppmv

ISBT 12.0 GC/FID

6.2%

Ethyl benzene

2 ppmv

ISBT 12.0 GC/FID

6.2%

m,p Xylenes

2 ppmv

ISBT 12.0 GC/FID

6.2%

o Xylene

2 ppmv

ISBT 12.0 GC/FID

6.2%

Total Sulfur content

0.01 ppmv

ISBT 14.0 GC/SCD

8.8%

Sulfur dioxide

0.01 ppmv

ISBT 14.0 GC/SCD

20%

Hydrogen cyanide

0.2 ppmv

ISBT SM 1.0 GC/FID

6.6%

Vinyl chloride

0.1 ppmv

ISBT SM 2.0 GC/FID

6.6%

Amines

0.5 ppmv

DT

20%

Speciated volatile hydrocarbonds

0.1 ppmv

ISBT 10.1 GC/DID

5.2%

Speciated volatile sulfur compunds2

0.01 ppmv

ISBT 14.0 GC/SCD

8.8%

Speciated volatile oxygenates

0.1 ppmv

ISBT 11.0 GC/FID

6.6%

1

3

1

Analysis method

Ethane, Ethylene, Propane, Propylene, Isobutane, n-Butane, Butene, Isopentane, n-pentane, Hexanes+

Hydrogen sulfide, Carbonyl sulfide, Methyl mercaptan, Ethyl mercaptan, Dimethyl sulfide, Carbon disulfide, t-Butyl mercaptan, Isopropyl
mercaptan, n-Propyl mercaptan, Methyl propyl sulfide, 2-Butyl mercaptan, i-Butyl mercaptan, Diethyl sulfide, n-Butyl mercaptan, Dimethyl
disulphide
2

Dimetyl ether, Ethylene oxide, Diethyl ether, Propionaldehyde, Aceton, Methanol, t-Butanol, Ethanol, Isopropanol, Ethyl acetate, Methyl ethyl
ketone, 2-Butanol, n-Propanol, Isobutanol, n-Butanol, Isoamyl alcohol, Isoamyl acetate
3
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Abstract
Operation of amine absorbers with a flue gas containing sulfuric acid aerosols and dust particles is a challenge. After the
installation of a Brownian diffusion filter upstream the absorber the aerosols are reduced and TCM has been able to operate the
amine plant with the residual fluidized catalytic cracker flue gas. The Brownian diffusion filter efficiency is assessed based on
the number particle concentration and aerosol size distribution. The tests at TCM demonstrate that more than 95 % of the
aerosols were removed. The growth of the aerosols with moisture from the flue gas is fast and is not detected by the
instrumentation installed at TCM. The water captured by the Brownian diffusion filter confirms that the mass concentration of
the aerosols captured is between 1000 and 5000 mg/Sm3 of flue gas.
Keywords: CO2 capture; Aerosol; Amine emissions; Brownian diffusion filter

1. Introduction
The Technology Centre Mongstad (TCM) is the world’s leading facility for verifying and improving CO 2 capture
technologies. TCM is located at Mongstad, one of Norway´s most complex industrial facilities. TCM has been
operating since autumn 2012, providing an arena for qualification of CO 2 capture technologies on an industrial scale.
In autumn 2017, Gassnova (on behalf of the Norwegian state), Equinor (formerly Statoil), Shell and Total entered
into a new ownership agreement securing operations at TCM until 2020. The owners of TCM started their most
recent monoethanolamine (MEA) test campaign in June 2017 where a large number of public, industrial, research
and academic stakeholders were involved [1]. The campaign included demonstration of a model-based control
system, dynamic operation of the amine plant, investigating amine aerosol emissions and specific tests targeted at

* Corresponding author. Tel.: +47 40 00 59 08.
E-mail address: postmottak@gassnova.no
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reducing the cost of CO2 avoided. Through the testing, both flue gas sources currently available at TCM were used.
These sources are the combined cycle gas turbine (CCGT) based heat and power plant (CHP) and the residual
fluidized catalytic cracker (RFCC). They provide flue gases with a wide range of properties and a CO 2 content from
3.6 to 14 %. TCM is located next to the Equinor refinery in Mongstad. The Mongstad refinery is the source of both
flue gases supplied to TCM.
During the MEA campaigns in 2017 and 2018 TCM executed a series of tests to capture CO2 from residual
fluidized catalytic cracker flue gas. It was first of its kind test campaigns at TCM where CO 2 is captured from RFCC
flue gas treated with a Brownian diffusion filter. A previous MEA test campaign was conducted while capturing CO 2
from combined cycle gas turbine flue gas mixed with RFCC flue gas and recycled CO2. A pilot Brownian diffusion
filter was tested in this previous campaign. Results of the previous campaign are documented at the GHGT-13 [2].
The new learning’s related to the Brownian filter efficiency and aerosol properties are reported in this paper. These
learning’s are valuable for the design of flue gas treatments upstream or downstream of amine absorbers. The impact
of flue gas pretreatment by the BD filter on the MEA emissions is reported separately [3].
Nomenclature
CHP
BD filter
DCC
ELPI+
MEA
RFCC
TCM
WESP

Combined heat and power plant
Brownian diffusion filter
Direct contact cooler
Electrical low pressure impactor
Monoethanolamine
Residual fluidized catalytic cracker
Technology Centre Mongstad
Wet electrostatic precipitator

2. Process description
In December 2016, a Brownian diffusion filter was installed between the RFCC direct contact cooler (DCC) and
the amine absorber. The vessel for the Brownian diffusion Filter includes a high efficiency demister and twenty-one
filters filled with fibers typically called candles. A simplified sketch of the BD filter unit is given in the figure 1.

Figure 1. Simplified flow diagram of the Brownian diffusion Filter.
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A detailed description of the BD filter unit is given in the following sections.
1.1. Functional description of the BD filter and design capacity
The main design parameters are:
 Design flue gas flow rate: 35,000 Sm3/h
 Maximum allowable differential pressure of the demister: 12 mbar
 Maximum allowable differential pressure of the candles: 30 mbar
Based on the operation experience acquired since the installation of the filter, a maximum RFCC flue gas flow of
40,000 Sm3/h to 45,000 Sm3/h is possible but the filter efficiency is slightly reduced.
The particles are captured by fibers and each particle captured grows by further accumulation until droplets are
formed. When the weight of the droplets is sufficient, a water film occurs, flowing down to the bottom of the
candles. During operation, the candles are partly filled with the water accumulated. The liquid collected downstream
the candles is drained to the bottom of the vessel. A pump controls the level of the vessel.
1.2. Typical aerosol description at TCM
The table 1 describes the total number concentration and weight concentration of aerosols in the flue gas.
Table 1. Typical aerosol parameters at TCM.
Main components

Units

Upstream
BD filter
15 to 25

Downstream
BD filter
0.3 to 0.8

Downstream BD
filter with bypass
0.3 to 4.6

Number concentration

x 106
part./cm3

Size distribution
Weight concentration

µm

0.01 to 10

0.01 to 0.5

0.01 to 5

mg/Sm3

1000 to 5000

3 to 10

3 to >200

Fly ash/catalyst/non soluble salts

mg/Sm

<5

<0.1

<0.1

H2SO4 & Salts
(mainly ammonium sulfates)

mg/Sm3

20 to 30
(H2SO4: 10 to 20)

<0.6

<0.6 to 5

3

Upstream the filter, the RFCC flue gas contains a high number of particles between 10 nm and over 5 µm
diameter, and the composition is expected to be similar to the flue gas from a coal power plant without fabric filters.
As illustrated in figure 2 the particle size distribution is variable upstream the BD filter. The variation of aerosol size
distribution is caused by the fluctuations of the operation parameters of the refinery and mainly by the steam
injection in the flue gas upstream of the RFCC DCC. At TCM, the steam injection is necessary in order to keep the
temperature and moisture constant in the flue gas. The size distribution of the RFCC flue gas has been checked
during several campaigns, before the installation of the BD filter, upstream and downstream the RFCC DCC and
downstream of the absorber. The similarity between the measured size distributions suggests that a BD filter may be
also applicable at the absorber outlet.
The flue gas composition downstream the candles at TCM is expected to be similar to coal flue gas treated with a
conventional electrostatic precipitator and an additional flue gas purification unit as a fabric filter or advance
purification systems as a wet electrostatic precipitator (WESP). The BD filter bypass allows higher particle
concentrations to the absorber.
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Figure 2. Typical size distribution upstream and downstream the BD filter.

1.3. Installation and mechanical design of the candles
The entire vessel including candles and demister is designed and delivered by Begg Cousland Envirotec Limited
(United Kingdom). The candles are fixed to a main support plate as described in figure 3. The flue gas inlet is
located at the bottom of the vessel, upstream of the demister and the flue gas is distributed to each candle through
the openings in the main support plate.

Figure 3 Installation pictures. To the left: main support plate of the candles. To the right: the flue gas inlet is located at the bottom of the vessel.

An isometric view of the RFCC flue gas treatment system is presented in figure 4. The bypass to the filter is
located in the pipe rack. In order to minimize the capture of aerosols above 1 µm to the bypass, the connection of the
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bypass to the main duct is not isokinetic (branch tee) and the velocity to the bypass is low compared to the main
flow to the filter.

Figure 4. Isometric view of the RFCC flue gas treatment system.

1.4. Candle description
The thickness of the candle bed fibers is 50 mm and the total filtration area of the 21 candles is 135 m2. The inlet
velocity to the filtration area is 7.2 cm/s. The design is optimized, based on the results from the pilot tests from
various fiber types and suppliers.
The capture efficiency of the BD filter is approximately 97 % of the particle number based on 35,000 Sm3/h of
flue gas with 20 x 106 particles/cm3. The number concentration downstream the candles is 0.3 x 106 particles/cm3
with clean candles and 0.7 x 106 particles/cm3 with used candles. The capture efficiency of the particles with a
diameter between 10 nm and 70 nm is decreasing with higher flue gas flow. The life span of the candles may be
reduced by the accumulation of catalyst particles. The life span of the candles shall be confirmed by further tests at
TCM.
1.5. Installation and mechanical design of the demister
The demister installed upstream the candles is described in figure 5. The purpose of the demister is to minimize
the catalyst particles accumulation in the candles. A Scanning Electron Microscopy with an Energy Dispersive Xray spectrometer (SEM-EDX) was used to measure the elemental composition of the deposits and catalyst in the
aerosols. As the catalyst particles are mainly detected in aerosols of 1 µm or above, a high efficiency demister is
required.

Figure 5. High efficiency demister. To the left: demister pads disassembled for cleaning operation. To the right: the demister pads are located
under the yellow support grid. The candle support plate with the openings to the candles is visible at the top of the picture.
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The demister is 2.45 m diameter, 120 mm thick and includes several diverse layers of polypropylene mesh. The
demister is arranged in five sections and each section divided in a lower and upper bundle. The inlet velocity to the
demister is 2 m/s. A demister is usually designed to remove liquid particles, but at TCM the demister is operated
with catalyst particles and the demister requires periodic cleaning. At 35,000 Sm3/h, the mass of catalyst particles
captured in the vessel is between 1 and 2.5 kg/day. Dry or accumulated catalyst particles require a disassembling of
the demister and a manual cleaning with pressurized water. A cleaning is typically performed after a campaign
period of 2 months. The operation parameters of the demister are critical in order to avoid dry areas and
accumulation of catalyst. The accumulation of catalyst is likely limited at high water load and flooding conditions in
the demister bed. A complete spare part of the demister is available at TCM in order to minimize the shutdown
period during cleaning operation. A shutdown of 4 to 6 hours is usually necessary for a replacement of the demister.
3. Campaigns and test summary
A brief overview of the different tests conducted is given below and test results are detailed out in the following
sections.
 From 16 to 22 December 2016: BD filter start-up/test and efficiency measurements with the use of ELPI+
(Electrical low pressure impactor: refer to section 6)
 From 24 to 30 January 2017: pressure drop tests of BD filter
 From 21 February to 25 April 2017: BD filter tests and proprietary solvent campaign with RFCC flue gas
 From 24 July to 17 November 2017: BD filter tests, MEA 3 test campaign and efficiency measurements with the
use of ELPI+
4. Demister and Candle filter pressure drop
The pressure drop test results for are summarized in the table 2. At constant temperature and gas phase
composition, the pressure drop through the candles and the demister is directly proportional to the flue gas flow and
increasing with the mass of aerosols captured.
Table 2. Demister and Candle filter pressure drop.
Operation summary

Parameter

Operation period

18 weeks

Comment
7 periods from December 2016 to November 2017
3

Flue gas flow

35,000 Sm /h

Design capacity

Flue gas temperature to filter &
absorber

20 ºC to 35 ºC

Controlled by steam injection upstream the RFCC
DCC (2000 to 3000 kg/h)

Pressure drop of the demister

5 to 6 mbar
(Design: 12 mbar)

Stable pressure drop. Variations due to aerosol
mass in the flue gas

Pressure drop of the candles

15 to 17 mbar
(Design: 30 mbar)

Stable pressure drop. Variations due to aerosol
mass in the flue gas

The efficiency of the demister secures a lower pressure drop of the candles than measured during the pilot tests in
2015. The water load in the demister and the accumulation of catalyst particles establish flooding conditions in the
demister and high capture efficiency for aerosols above 1 µm. Due to the flooding conditions, water droplets are
entrained from the demister to the candles.
The accumulation of catalyst particles in the candles is confirmed by the inspections of January, April, August
and November 2017. However, the accumulation looks limited and no increase of pressure drop is observed. The
life span of the candle will be estimated during the future campaigns with RFCC flue gas.
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5. Mass of aerosols captured based on the liquid level measurements of the BD filter vessel
The mass of aerosol captured by the demister and the candles is estimated based on the liquid level measurement
of the BD filter vessel.
The liquid accumulation in the filter vessel may be caused by:
 Aerosols captured
 Water condensation from the flue gas in the ducts and in the BD filter vessel. Based on the temperature decrease
between the DCC and the inlet to the absorber, the maximum water condensation is estimated to 30 kg/h. A water
condensation of 10 to 20 kg/h is confirmed during the tests with ambient air instead of flue gas.
 Liquid entrainment from the DCC. The tests with ambient air from 20,000 Sm3/h to 55,000 Sm3/h confirm that
there is no entrainment of liquid from the DCC if the flow rate is limited to 45,000 Sm3/h.
At the design flow of 35,000 Sm3/h, the estimated capture rate is summarized in the table 3. The average
concentrations of sulfate salts and sulfuric acid are based on laboratory water analysis from the vessel.
Table 3. Mass concentration of aerosols captured.

Aerosols captured

Mass concentration of aerosols captured
with steam injection upstream the RFCC
DCC (mg/Sm3)
1500 to 3000 (up to 100 kg/h)

Mass concentration of aerosols captured
without steam injection
(mg/Sm3)
500 to 900

Sulfate salts

30

Not measured

Sulfuric acid

7

1

Catalyst particles

>1

Not measured

As described in the section 8, the mass concentration of water in the aerosols captured is higher than estimated
with the ELPI+ measurements (50 to 500 mg/Sm3). A substantial number of aerosols with a diameter between 2 and
10 µm are necessary to explain the mass of aerosols captured in the vessel. The capture rate measured by the liquid
level of the vessel confirms that the ELPI+ is not designed for the detection of large aerosols mainly composed of
water. The salts and sulfuric acid concentrations are in accordance with the previous flue gas measurements between
2013 and 2015. Most of the catalyst particles are eliminated with the vessel drain and the mass cannot be estimated.
A mass concentration of 1 to 3 mg/Sm3 of catalyst particles is estimated based on the previous flue gas isokinetic
gravimetric sampling.
6. ELPI+ technology
6.1. Introduction
Based on weight concentration, the high efficiency of Brownian diffusion filters is well established. Most of the
authority regulations are based on weight concentration and manual isokinetic sampling. The weight of aerosols
under 0.5 µm is insignificant, but these aerosols may grow in the absorber, hence the efficiency based on weight is
not satisfactory for amine absorbers. Therefore, the efficiency of the Brownian diffusion filter has been determined
based on the particle number concentration and particle size distribution measured upstream and downstream the
BD filter unit. The particle number concentration and particle size distribution are estimated with ELPI +
measurements performed by Engie Research and Technologies.
Working principle of the ELPI+:
1. Particle charging
2. Size classification in a cascade impactor (14 size classes)
3. Electrical detection with sensitive electrometers
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6.2. ELPI+ description and limitations for the measurements of aerosols with high load of water
As described in the figure 6, the ELPI+ measurements require usually a dilution of the sample with dry air in
order to avoid water condensation on the EPLI+ stages. The particle size distribution and number concentration may
be modified by this dilution if the aerosols contain large particles with mainly water.

Figure 6. ELPI+ sampling system.

In the range of 10 nm to 1 µm, the ELPI+ (Electrical low pressure impactor) is applicable to estimate the
efficiency of the Brownian diffusion filter based on the particles number concentration, but the impact of following
limitations shall be evaluated during the measurements:
 Impactor loading: if a measurement continues a long period or sampling is made from a high particle
concentration, the high amount of collected particles can have a negative effect on the impactor performance. As
a rule of thumb, 1 mg of particles per one impactor stage can be used as an absolute maximum value.
 The sampling to the ELPI+ is not isokinetic upstream the filter. With the dilution system used, an isokinetic
sampling to the ELPI+ is not reliable or complex. However, as demonstrated by previous studies [4, 5], the effect
of non-isokinetic sampling of aerosols on the observed sizes is not important since most of the aerosol size is
smaller than 0.5 µm.
 Fine Particle Correction: diffusion causes the impact of the smallest particles on a too early stage, leading to an
overestimation of the particle size. An algorithm is used to correct the ELPI + readings. It is possible to calculate
both uncorrected and corrected particle size distributions.
 Aerosols above 2 µm, composed only of water are unstable and easy to evaporate. This type of aerosols may be a
challenge for ELPI+ measurements.
7. Results from ELPI+ measurements just after the first startup of the BD filter
The ELPI+ measurements completed just after the first startup of the BD filter are summarized in the table 4.
Table 4. ELPI+ measurements of December 2016.
Location/Sample

RFCC flow rate
(Sm3/h)

Unfiltered RFCC flue gas

25,000
35,000
25,000
35,000

Number conc.
All stages
(Part./cm3)
1.61 x 107 to 3.4 x 107
1.1 x 108
1.5 x 107
1.5 to 1.9 x 107

25,000
35,000
39,000

2.2 to 2.6 x 105
2.6 to 3.3 x 105
2.2 x 105

Pre-filtered RFCC flue gas,
downstream Bluefil demister
Filtered RFCC flue gas, downstream
Brownian candles

99

Collection 11: MEA Solvent

GHGT-14 Lombardo et al.

9

Comments to the results:
 Relatively large variations are measured for the RFCC flue gas, as previously observed since the first
measurements in 2015: from 12 to 34 million particles/cm3
 Due to turbulent weather conditions with outdoor sampling with the ELPI+, unstable measurements are
experienced.
 As the particles above 1 µm are not detected; the efficiency of the demister could not be demonstrated for these
particles.
 The large number of particles for the unfiltered RFCC flue gas is due to particles of 0.01 µm size.
 As expected, the efficiency of the Brownian diffusion candle filter is decreasing at higher flow rates for the
smaller aerosol diameters.
The filter performance has been demonstrated at different flue gas flow rates. Results are summarized in the table
5 below.
Table 5. Filter performance at start up (December 2016).
Flue gas flow
(Sm3/h)

Downstream pre-filter
(Particles/cm3)

25,000
35,000
39,000

1.49 x 107
1.87 x 107
Not measured

Downstream Brownian
diffusion filter
(Particles/cm3)
1.41 x 105
2.13 x 105
2 x 105

Efficiency
(%)
99.1
98.9

An overall efficiency of 99 % is confirmed for the particles > 20 nm. As the candles are new and not saturated
with aerosols, a higher efficiency than measured during the pilot test is confirmed (Pilot test efficiency: 98 %). The
efficiency is slightly decreasing at higher flue gas flow
8. Results from ELPI+ measurements in August 2017
8.1. Aerosols size distribution of the RFCC flue gas before filtration
Figure 7 shows that for all samplings, the size distribution of the RFCC flue gas before filtration is similar in the
range from 0.06 to 0.2 µm. The variation of size under 0.06 µm is caused by the operation at the refinery as well as
the ELPI+ sampling system, i.e. the number of small aerosols is varying with dilution effect, algorithm for small
particle correction or unstable conditions. Above 0.2 µm, the particle size is increasing quickly with steam injection
and temperature control of the flue gas. In addition, the ELPI + algorithm for small particle correction removes most
of the particles detected by the ELPI+.
The mass of aerosols in one cubic of flue gas could be assessed based on the ELPI+ measurements considering:
 The number of particles and size distribution.
 Spherical particles with 1000 kg/m3 as density.
Based on ELPI+ measurements, the mass concentration of aerosols is estimated at 20 mg/Sm3 by taking into
account small particle correction and 500 mg/Sm3 without small particle correction. These values are much lower
than the actual mass captured by the candles. In August 2017, the average mass concentration captured was 1600
mg/Sm3. A typical size distribution of 1600 mg/Sm3 is shown in the figure 7 and addition of 45,000 particles/cm3
above 1 µm is sufficient to simulate the missing weight. This number is negligible compared to the total number of
particle measured (1.5 x 107 particles/cm3).
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Figure 7. Summary of the measurements of the size distribution upstream the Brownian diffusion candles.

8.2. Particle number concentration of the RFCC flue gas after filtration
As summarized in tables 6, 7 and 8 in order to confirm the filter efficiency, the same test procedure for the ELPI+
measurements as in December 2016 was repeated in August 2017. The bypass of the filter and the impact to the
aerosol concentration are also evaluated.
Table 6. ELPI+ measurements in August 2017 with DB filter bypass in operation. The lower particle number at 100 %
opening of the bypass is likely caused by the position of the disk of the butterfly valve and a higher pressure drop.
Sample Location

Flue gas flow

Unfiltered RFCC flue gas

(Sm3/h)
35,000

Filter Bypass
Valve opening
(%)

Downstream BD filter
(Particles/cm3)
1.48 x 107 to 1.57 x 107

Filtered RFCC flue gas, downstream Brownian
filter

35,000
40,000
44,000
48,000

0
0
0
0

6.2 x 105
6.65 x 105 to 6.82 x 105
6.84 x 105
9.25 x 105

Mixed flow: filtered RFCC flue gas + filter
bypass

35,000
35,000
35,000
35,000
35,000
35,000
35,000
35,000
35,000
35,000
35,000

0
10
20
30
40
50
60
70
80
90
100

7.37 x 105
9.38 x 105
1.18 x 106
1.49 x 106
1.92 x 106
2.59 x 106
3.38 x 106
4.24 x 106
4.65 x 106
4.84 x 106
4.15 x 106
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Table 7. Filter performance in August 2017.
Flue gas flow
(Sm3/h)
35,000
40,000
44,000
48,000

Unfiltered RFCC flue gas
(Particles/cm3)
1.5 x 107
1.5 x 107
1.5 x 107
1.5 x 107

Downstream BD filter
(Particles/cm3)
6.15 x 105
6.7 x 105
6.8 x 105
9.2 x 105

Efficiency
(%)
95.9
95.5
95.5
93.9

Table 8. Comparison of the filter performance to previously measured efficiencies.
Test
Pilot 2015
New candles 2016
Candles August 2017

Flue gas flow
(Sm3/h)
1,000
35,000
35,000

Efficiency
(%)
98.5
98.9
95.9

Comments to the efficiency results:
 The stability of the ELPI+ measurements at the BD filter inlet is challenging and variable.
 The inlet concentration is not checked simultaneously with the outlet concentration. The number of particles of
the unfiltered RFCC flue gas is assumed based on previous measurements.
 The mass of particles at the filter inlet is highly variable with the steam injection and the number of particles is
variable with the refinery operation. Any effect of the steam injection has not been studied.
A lower efficiency after a period of operation with RFCC flue gas is experienced and may be caused by:
 Higher water load to the candles (steam injection and variable efficiency of the demister)
 Progressive accumulation of sulfuric acid in the new candles. The accumulation is normally stabilized by
drainage of the candles after several weeks of operation.
 Candles partially blocked by catalyst particles or non-soluble salts: the accumulation is confirmed by inspections,
but does not look significant.
 An inspection performed in 2018 confirms that a leakage occurs in the upper part of the bed for some candles.
Due to gas flow, operating conditions being above the maximum design rate and the filters being overloaded with
liquid being carried over from the lower demister, the fiber beds have compressed. Further tests shall be
performed in 2018 after repair the fiber beds.
 Further measurements and periodic inspections are necessary in order to estimate the life span of the candle fibers
and confirm the efficiency.
9. Capacity of the BD filter bypass
The purpose of the BD filter bypass, see figures 1 and 4, is to control the aerosol concentration to the absorber in
order to test the robustness of solvents for the limitation of emissions. As the flow to the DB filter bypass is not
proportional to the valve opening, flue gas flow to the bypass is estimated. Methodology of the calculation is as
follow:
 The total flow to the bypass and the filter is measured and controlled by the fan velocity
 At constant temperature and flue gas composition the gas flow rate to the filter is proportional to the pressure
drop of the candles. Thus, the flow to the candles can be based on the candle pressure drop.
 The pressure drop of the candles has been verified at various flue gas flows
 The flow to the bypass is estimated based on the total flow and on the flow to the candles

102

Collection 11: MEA Solvent

12

GHGT-14 Lombardo et al.

Several tests are performed. The figure 8 describes the average gas flow to the bypass at various bypass valve
opening.

Figure 8. Flue gas flow to the bypass as a function of the butterfly valve opening. The dotted line is a polynomial trend of the test results.

As expected and confirmed by the figure 9, for aerosols under 1µm of diameter, the total particle concentration is
proportional to the bypass flow. Several ELPI+ measurements are performed in order to confirm the reliability of the
particle concentration in the flue gas upstream the absorber as a function of the flue gas flow to the bypass.

Figure 9. Flue gas flow to the bypass as a function of the particle number concentration.
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Figure 10 shows a constant size distribution of the aerosols downstream the BD filter in the most of range
measured by the ELPI+. No particles above 0.5 µm are measured. Without small particle correction, even if the
number of large particle is overestimated, the number of particles above 0.5 µm is not significant (<1000).

Figure 10. Particle size distribution downstream the BD filter without bypass.

As shown in figure 11, the size distribution of the RFCC flue gas downstream the BD filter and after the open
bypass is similar in most of the ranges measured by the ELPI +, but the particle number concentration increases with
the valve opening. With small particle correction, no particles above 0.4 µm are measured. Without small particle
correction, the number of particles above 0.4 µm is significant (>10,000). Consequently, the number of particles
above 0.4 µm cannot be confirmed. At higher flue gas flow to the bypass, it is possible that a higher number of the
larger particles are entrained to the bypass.

Figure 11. Particle size distribution downstream the BD filter with bypass.
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10. Conclusion
The efficiency of the BD filter system installed at TCM allows the operation of the amine absorber with the
RFCC flue gas without breaching the TCM amine emission permit. With the BD filter bypass, various particle
concentrations may be generated and controlled in order to test the sensibility of the amine solvents to the aerosols.
The test flexibility of the Technology Centre Mongstad is increased, allowing the simulation of different flue gas
compositions with aerosols. During a test campaign, the efficiency of the filter is stable, even with fluctuations of
the flue gas composition and the presence of components like SO2. Furthers tests are necessary in order to confirm
the following items:





Effect of the accumulation of catalyst particles in the BD filter
Effect of high and variable aerosol mass to the BD filter
Estimate the life span of the candles
Demister efficiency

The removal of aerosols and fly ash in a flue gas is usually and preferably performed by electrostatic precipitators
(ESP) and fabric filters, but the tests at TCM suggest that a BD filter may be applicable in specific full scale
projects. The BD filter may be installed upstream or downstream of the absorber if the fly ash concentration is
minimized upstream of the BD filter as achieved at TCM.
The ELPI+ (Electrical low pressure impactor) is reliable to measure the aerosol number concentration. However,
in the specific case of aerosols above 2 µm diameter composed only of water, the ELPI+ is not applicable since these
aerosols are unstable and easy to evaporate. An assessment of the accuracy of the correction algorithm for the fine
particles used to correct the ELPI+ readings may be necessary, especially for aerosols above 1 µm of diameter in a
flue gas.
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Abstract

Aerosol based amine emission from post combustion carbon capture process is very challenging in terms of
accurate online measurement, compliance to emission permit and operating cost due to high solvent makeup. At
Technology Centre Mongstad (TCM), an advanced process configuration is developed and tested to control and
reduce amine emissions in parallel to accurately measure MEA emissions by online FTIR. The advanced
configuration consists of a Brownian diffusion filter upstream the absorber, RFCC water wash, special design and
operation of online sampling system and a fractional cold rich amine bypass to the stripper. With the flue gas from
the Residue fluidized catalytic cracker (RFCC), promising results are achieved by applying the advanced process
configuration. MEA emissions are reduced to about 2 ppm and specific reboiler duty of 3.5 GJ/ton CO2 is
demonstrated with a capture rate of about 90%.
Keywords: CO2 capture, Aerosol, Amine emissions, Advanced process configuration for amine plant, Online monitoring of amine emission,FTIR

1. Introduction
The Technology Centre Mongstad (TCM) is the world’s leading facility for verifying and improving CO2 capture
technologies. TCM is located at Mongstad, one of Norway´s most complex industrial facilities. TCM has been
operating since autumn 2012, providing an arena for qualification of CO2 capture technologies on an industrial scale.
In autumn 2017, Gassnova (on behalf of the Norwegian state), Equinor (formerly Statoil), Shell and Total entered
into a new ownership agreement securing operations at TCM until 2020. The owners of TCM started their most

* Corresponding author. Tel.: +47 40 00 59 08.
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recent monoethanolamine (MEA) test campaign in June 2017 where a large number of public, industrial, research
and academic stakeholders were involved [1]. The campaign included demonstration of a model-based control
system, dynamic operation of the amine plant, investigating amine aerosol emissions and specific tests targeted at
reducing the specific cost of CO2 capture. Through the testing, both flue gas sources currently available at TCM
were used. These sources are the combined cycle gas turbine (CCGT) based heat and power plant (CHP) and the
residue fluidized catalytic cracker (RFCC). They provide flue gases with a wide range of properties and CO2 content
from 3.6 to 14 vol%. TCM is located next to the Equinor refinery in Mongstad. The Mongstad refinery is the source
of both flue gases supplied to TCM.
Until 2017, TCM had not been able to operate the amine plant with RFCC flue gas due to very high amine
emissions (> 20 ppmv) caused by sulfuric acid aerosol and dust particles present in the flue gas [2]. By installation of
a Brownian diffusion (BD) filter upstream the absorber, more than 95% of the aerosol were removed and together
with optimization of plant process parameters and configuration, the amine emissions were reduced to levels well
below TCM’s emission permit (< 6 ppmv for amines.) this allowed for long term testing with RFCC flue gas in the
amine plant.
TCM participated in the Climit Demo project AeroSolve (616125) that was led by SINTEF with NTNU, Uniper,
Engie, TNO and the Road project as partners. The project aimed to close knowledge gaps related to aerosol
emissions from CO2 capture plants whereas a part of the project TCM conducted a 3 months test campaign treating
the RFCC flue gas with MEA under “work package 4” of the project (Testing at industrial demo scale). Based on the
learnings gained through this campaign, TCM optimized and modified process configurations and online emission
sampling system followed by further testing with the RFCC flue gas and MEA under MEA-4 campaign during Q22018. The conventional amine process configuration was modified to an advanced amine process configuration
which is able to efficiently capture CO2 from flue gases containing aerosol, and the sampling system was modified to
accurately and reliably measure amine aerosol. Description of the sampling system, optimal TCM amine plant
process configuration to minimize aerosol emissions and specific reboiler duty as main results from testing, is
presented in the current paper.
Nomenclature
CCGT
CHP
RFCC
ppmv
UoM
w
Conc.
MEA X
WP4
Sm3/h
VOC
Meth X
mill
Vol%
LVC
wt%

Combined cycle gas turbine
Combined heat and power
Residue fluidized catalytic cracker
parts per million by volume
Unit of measure
wet basis
Concentration
TCM owner’s MEA campaign, where X=1,2,3,4
Work package 4
Standard cubic meter per hour at 101.325 kPa and 15°C
Volatile organic components
Method where X=1, 2, 3
million
Volume percent
Lean Vapour Compressor
weight percent
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2. TCM’s experience with Aerosol based emissions and its control
TCM is regulated under emission permit from the Norwegian environmental authority (Miljødirektoratet). The
emission permit regulates amine plant’s emissions to air of ammonia (NH3), Amines (primary, secondary and
tertiary) and aldehydes. Table 1 given below shows the allowable emission limits applicable to the amine plant.
Table 1. TCM Amine plant applicable emission permit

Emission component
Ammonia (NH3)
Total Amines
Total Aldehydes

Emission source

Amine plant
Amine plant
Amine plant

Emission limits
Daily average concentration limit
100 ppmv
6 ppmv*

Yearly limit(kg/year)
6,000
2,800
1 g/s

* Maximum hourly averaged emission 15 ppmv

Under normal operation conditions the amine plant capturing CO2 with 30 wt% MEA from CCGT flue gas has
amine emissions to air below 1 ppmv and ammonia emissions about 10-20 ppmv [3] . TCM tested capturing CO2
with 30 wt% MEA for the first time, from the RFCC flue gas in spring 2013. It was soon found that emissions were
very high and shortly further testing with RFCC and MEA were abandoned to avoid violation of the emission permit
and to find ways to mitigate high amine emission to air.
To understand and control high amine emissions further tests with CCGT flue gas with recycled CO2 and
controlled addition of RFCC flue gas supported by several manual isokinetic sampling of the depleted flue gas were
conducted in autumn 2015 [11]. After through testing, control and repeatability of high amine emission tests, it was
concluded that high amine emission is caused by sulfuric acid aerosol in the RFCC flue gas together with process
conditions which causes high amine emission in the form of aerosol. From tests in autumn 2015, the need for RFCC
flue gas aerosol removal, upgrade of the absorber water wash system and online flue gas sampling systems was
deemed necessary to be able to run with RFCC flue gas and 30 wt% MEA in compliance to the applicable emission
permit.
During late 2016 a high efficiency Brownian diffusion (BD) filter with flue gas capacity of 35,000 Sm3/h was
installed downstream the Direct Contact Cooler (DCC) and upstream the absorber, followed by upgrade of the water
wash systems to increase its cooling capacity to 12 MW (thermal), where 6 MW (thermal) on the lower water wash
and 6 MW on the upper water wash system. The later upgrade allows keeping the plant in water balance and allows
for flexible operation in terms of lean amine temperature, and selection of the ratio of cooling needed in the water
washes.
During period summer-autumn 2017, the amine plant with the new installations was tested with 30 wt% MEA
under the AeroSolve project. TCM amine plant’s ability to run with RFCC flue gas, 30 wt% MEA and compliance
with the emission permit was demonstrated thoroughly and continuously supported by manual isokinetic sampling.
During this period it was observed that the online flue gas analysis system was suffering stability issues due to
accumulation of aerosol and degradation of amines. The online flue gas sampling system was upgraded and
modified by TCM, to overcome aerosol accumulation and degradation of amines in the sampling line.
The upgraded online flue gas sampling system with advanced process configuration to reduce specific reboiler
duty (SRD) was thoroughly and successfully tested during spring 2018 with 30 wt% MEA and RFCC flue gas.
2.1 TCM’s Amine plant
The amine plant is a generic and highly flexible CO2 capture plant designed and constructed by Aker Solutions
and Kværner. The amine plant can either capture CO2 from CCGT flue gas or RFCC flue gas with a design CO2
production capacity of 80 tonnes/day and 200 tonnes/day respectively [4]. Figure 1 given below shows a simplified
process flow diagram with online meters and instrumentation.
Flue gas from the blower is conditioned and saturated with water to the required temperature (normally 20-50°C)
in the DCC. The CHP DCC system cools the flue gas from about 195°C down to the required temperature while the
RFCC DCC saturates the flue gas from 20°C up to 50°C by injecting live steam into the DCC as the RFCC flue gas
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leaving the upstream (refinery side) flue gas desulfurization unit (FGD) is at around 20°C. Conditioned and water
saturated RFCC flue gas enters the high efficiency BD filter where most part of aerosol and catalyst particles from
the flue gas are removed. Filtered RFCC flue gas enters the rectangular absorber, where flue gas flows counter
currently to lean amine solvent. The lean amine solvent can be fed either at 12m, 18m or 24m to the absorber
structured packed bed. In the conventional configuration CO2 depleted flue gas enters the lower water wash
followed by upper water wash to reduce VOC, NH3 and some amine emission to the air and condition the flue gas to
the required humidity and thus keeps the plant in good water balance.
Rich amine from the absorber is pumped through the rich/lean cross plate heat exchanger to the top of either
RFCC or CHP stripper depending on the flue gas source and CO2 amount to be produced. The RFCC stripper is a
structured packed bed column equipped with water wash and shell and tube type natural thermosiphon reboiler
which utilizes low pressure steam to regenerate rich solvent, CHP stripper is described elsewhere [4]. Stripped CO2
is cooled to about 20°C in the overhead condenser utilizing sea water. Condensate from cooled CO2 product is
separated in the reflux drum and pumped back into the stripper top, while CO2 product is vented to the ambient via
CO2 stack. The RFCC stripper is also equipped with a Lean vapor compressor (LVC) system, which can be lined-up
with the RFCC stripper if required. In the LVC system, hot lean amine which is at bobble point is throttled to a
lower pressure and fed to the flash drum generating steam. In the flash drum steam and lean amine solvent are
separated. Steam from the flash drum is compressed to stripper bottom pressure in a compressor by the expense of
electrical energy. The superheated steam from compressor is fed to the stripper which provides extra energy to
regenerate rich amine and reduces consumption of low pressure steam. Lean amine solvent from the flash drum is
pumped back to the absorber through rich/lean cross plate heat exchanger followed by lean amine cooler. The lean
amine is cooled to the required feed temperature in the lean amine cooler.
The amine plant is heavily instrumented with dedicated online analyzers and flow meters. Details of the online
analyzer and meters are given in Figure 1.
2.2 RFCC flue gas composition and its challenges for CO2 capture amine based process
RFCC flue gas contains high concentration of CO2, with about 14.7 vol% of CO2 (wet basis), 3.2 vol% of O2, 77
vol% N2 and saturated with water. This makes the RFCC flue gas equivalent to flue gas from coal power plant.
Further details of the RFCC flue gas are given in Table 2 below. The concentration of trace elements in the RFCC
flue gas fluctuates during normal operation.
Table 2. Typical RFCC flue gas composition upstream and downstream the BD filter

RFCC flue gas composition:
N2
Ar
O2
CO2
H2O
SO2
NOx
NO2
NH3
CO
Total Particulates
H2SO4 Aerosol
Salts
Non-water soluble (SiO2,CaCO3,metals)
Particle number concentration

mol%
mol%
mol%
mol%
mol%
ppmv
ppmv
ppmv
ppmv
ppmv
mg/Sm3
mg/Sm3
mg/Sm3
mg/Sm3
aerosol/cm3

Inlet BD Filter
77.0
0.9
3.2
14.7
4.2
5
100
2.5
0.2
10
15-40
10-25
5-15
0-2
21* million

Inlet of Absorber
77.0
0.9
3.2
14.7
4.2
5
100
2.5
0.2
10
<0.5
<0.5
<0.5
<0.1
300,000 to 500,000**

*Aerosol conc. upstream the BD filter may vary from 15 million to 25 million. ** conc. downstream the BD filter varies between 300,000-800,
3

000 aerosol/cm .
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RFCC flue gas contains catalyst fines in the range of a micron to submicron sizes which are different in
composition and nature to fly ash contained in coal power plant flue gas. If coal power plant flue gas is filtered for
example with a bag house filter to reduce mercury, it will result in very clean flue gas comparable to RFCC flue gas
downstream the BD filter. H2SO4 aerosol shown on mass basis in table 2 is equivalent to about 21 million
aerosol/cm3 most of them are of submicron size.

Figure 1. TCM Amine plant with two flue gas sources, CHP and RFCC with corresponding strippers, flue gas analyzers and meters.

BD filter reduces aerosol in the RFCC flue gas from around 21 million aerosol/cm3 to around 500,000
aerosol/cm3. Further details on performance of BD filter can be found elsewhere [2]. A bypass over the BD filter
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allows higher aerosol concentrations to the absorber in order to study its effects on emissions. The sensibility of
advance amines may be compared to MEA at various aerosol concentrations and operational parameters.
Submicron aerosol larger than 0.1 µm grow in the absorber in the presence of supersaturated water vapor due to
exothermic reaction of CO2 and MEA. The submicron aerosol absorb MEA from the flue gas in the region close to
the lean amine inlet and absorber bulge zone, MEA has the highest partial pressure in this region of the absorber.
Submicron aerosol from the absorption section will follow the depleted flue gas and will not be removed efficiently
by conventional mesh pads or water wash packing bed(s). MEA emission in the form of aerosol can be reduced by
reducing the number of aerosol nuclei in the feed flue gas to the absorber and by avoiding/reducing supersaturation
in the absorber. At TCM the former is achieved by filtering the flue gas via the BD filter. The latter is achieved by
operating the amine plant in such a way to minimize supersaturation in the absorber and water wash sections which
allows for maximum MEA removal from the gas phase before the depleted flue gas enters the upper water wash.
Depleted RFCC flue gas containing MEA aerosol poses a great challenge to the online emission monitoring
(FTIR, PTR-QMS, PTR-TOF-MS) system installed at TCM as MEA aerosol accumulate in the sampling system
(filters, pumps, lines etc.) which makes online analysis erratic.
The existing sampling system for online emission monitoring in the TCM amine plant, which has been verified
for gas phase emissions [5], is not suitable when aerosol are present in the sample flue gas. The problem was
particularly experienced at higher MEA emissions (> 4-6 ppmv). With emissions around 2 ppmv MEA, the weight
of the aerosol is in the range 30-50 mg/Sm3, while at 6 ppmv MEA, the weight of the aerosol may be up to 100
mg/Sm3 due to the increased diameter. The aerosol, which mainly consist of water, accumulate in the sampling
system despite that sampling line has filters and is heat traced. The sampling system was designed for homogenous
gas phase emissions and it has been proven to function very well when there are no aerosol present. In previous
campaigns with CHP flue gas there has been good agreement between online measurements and manual isokinetic
sampling and laboratory analysis [5].
In contrast aerosol carrying amines in the depleted RFCC flue gas accumulated in the sample line and associated
filters, pump, and fittings resulting in erratic analysis and unreliable behavior. Upon occurrence of such problems,
the sampling system was flushed several times but helped only for a short time. To ensure reliable measurements,
proper design of online sampling system is required to avoid condensation, degradation and accumulation of aerosol
and flue gas components. TCM’s online flue gas sampling was therefore modified to be able to efficiently evaporate
aerosol, avoid accumulation, degradation and reliably and to accurately measure emissions. µm
2.3 Modified online flue gas sampling system
During tests with RFCC flue gas and 30 wt% MEA regular manual isokinetic sampling were collected and
analyzed to make sure that the online emission monitoring system is working properly. The data was also used to
properly design a robust online emission monitoring system. Several modifications to the online emission
monitoring system were made during the period (2017-2018). This resulted in a robust and reliable emission
monitoring system capable of accurately analyzing flue gas even in the presence of aerosol.
The modified online flue gas sampling system as shown in Figure 2, consists of an electric heat traced sampling
probe equipped with 6 mm nozzle pointing at 90° to the horizontal plane and placed at 250 mm from the absorber
stack’s inner wall. The sampling probe is flushed with cold instrument air if needed. The temperature of the heat
tracing elements of the probe can be controlled from 40 to 200°C. Flue gas sample via the probe leads to evaporator,
the evaporator is a 316ss double pipe type of electric heater, where the flue gas sample travels in the annulus. The
flue gas sample in the annulus of the evaporator is heated by 622 W heating elements installed on the outside of
shell and the heating elements inside the inner rod located in the center of the evaporator. The rod runs along the
length of the evaporator. The annulus of the evaporator is 12.5 mm wide and 670 mm long. A suction pump sucks 1
m3/h of flue gas sample through the probe resulting in a flue gas sample velocity similar to the velocity in stack,
which makes it isokinetic. The flue gas has a residence time of ~4 seconds in the evaporator. Flue gas sample from
the pump is filtered with several filters ranging in sizes from 0.1 µm to 10 µm located in the filter house.
The filtered flue gas sample delivers a feed of 0.4 m3/h to the online FTIR over a flowmeter while rest of the
sample is routed back to the absorber. The FTIR analyzer is located in the analysis house close to the bottom of the
absorber. A sampling line of 110 m length in sulfonated and polished stainless steel which is heat traced and
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insulated carries the flue gas sample to the FTIR analyzer. This arrangement avoids accumulation of aerosol and
condensable components on the surfaces. To avoid chemical degradation of the sample the flue gas sample is not
overheated and kept close to 80°C.

Figure 2. Sketch of TCM modified online flue gas sampling system able to accurately analyze flue gas containing aerosol.
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2.4 Isokinetic sampling sketch and description
To verify online sampling system, manual isokinetic sampling of the absorber depleted flue gas for quantification
of the concentration of emitted chemical components, were planned to be taken several times on weekly basis and
more frequent in demanding periods during testing with RFCC flue gas.
In 2016, TCM further developed the existing method for isokinetic sampling to enable capturing very fine liquid
droplets and aerosol. Up to then, the amine plant had mainly been used for capturing CO2 from the CCGT flue gas
with very low to almost negligible concentration of SO2 and no aerosol. The development resulted in a modified
manual sampling method for amine emission in presence of aerosol. Figure 3 illustrates a sketch of the modified
manual isokinetic sampling method. The sampling train consists of a cold probe, a condenser, a dry impinger with
jet inlet design, distribution manifold and 0.05 M H2SO4 impinger train. The method has been further optimized
since 2016, and the mist trap now consists of only one bottle with jet inlet and no glass wool. The jet-formed inlet of
the bottle accelerates the gas containing particles/aerosol/droplets and over a fixed distance lets the particles impinge
against a flat glass surface at higher velocity. During this operation droplets gets broken and agglomerated to bigger
droplets which are less prone to further re-entrainment.

Figure 3. Modified manual sampling train configurations at TCM for collection of mist and flue gas sample. This method has been further
optimized and the mist trap now consists of only one bottle with jet inlet and no glass wool.

2.5 Comparison of manual isokinetic and online emission results
While running with RFCC flue gas the TCM online emission monitoring system was suffering from severe
aerosol accumulation resulting in erratic emission numbers. Erratic functioning of the online emission monitoring
system was monitored by comparing water concentration in the depleted flue gas reported by FTIR to calculated
water concentration from steam table based on the actual temperature and pressure of the depleted flue gas.
Fluctuations or discrepancies between the measured water concentration and calculated concentration reveal
problems with online emissions monitoring system. Figure 4a shows such an example.
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Figure 4a (left) Water measured by online FTIR (Green solid line) showing fluctuations and discrepancy problems with the sampling system.
water concentration from FTIR does not match with calculated water concentration (dotted line in light blue) in the depleted flue gas. All process
parameters were kept unchanged during this period. Figure 4b (right), shows good agreement between water concentration both from the FTIR
and calculated.

Figure 5 Comparison of isokinetic sampling results to the non-modified online sampling system.

Figure 5 shows comparison of FTIR (Gasmet) and isokinetic results from November 2017, before modification
of the sampling system. FTIR mentioned in this paper is FTIR (Gasmet) and will be denoted by FTIR for reference.
In Figure 5, on left side, FTIR results compared to manual isokinetic show good agreement during this period the
plant was running with CHP flue gas with CO2 recycle having similar CO2 conc. as RFCC flue gas but free of
aerosol and has less SO2. From 6th of November the flue gas source is switched to RFCC. During the first couple of
days differences in results from FTIR and Isokinetic is not very pronounced. From the 8th of November the
difference in results from isokinetic and FTIR begins to increase this can also be noticed from Figure 4a showing
mismatch between the water conc. measured by FTIR and calculated. This instance reveals accumulation of aerosol
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in the sampling system and perhaps enhanced by non-representative sample due to the fact that the probe for FTIR
was installed at location S6 as shown in Figure 11. S6 is located in the concrete absorber wall where the probe may
not have received a representative sample due to its non-optimal design. This was verified by manual sampling at S6
which does not match manual isokinetic results at S14 (shown in Figure 11). From 11th of November the deviation
in results from FTIR to isokinetic gets very large, the behavior renders the online system inadequate for flue gas
containing aerosol. Therefore, it was deemed necessary to modify the existing online sampling system to be able to
analyze accurately and reliably in the presence of aerosol in the flue gas.
The objective of the TCM modified online sampling system is to be able to measure total amine emission in the
depleted flue gas both in the form of aerosol and gas phase, and to increase the online systems availability and
reliability with challenging flue gases.
Figure 6 shows comparison of results from the modified online sampling system with FTIR installed at S14 and
manual isokinetic samples. All process parameter (i.e.) flue gas flow rate, CO2 concentration in the inlet flue gas,
lean amine temperature, water wash(s) process parameters, CO2 capture rate, and lean amine flow rate were kept
unchanged while performing manual isokinetic sampling and collecting data from the online FTIR.
It is obvious from Figure 6 that isokinetic and online FTIR results from the modified sampling system are in good
agreement and is not suffering from aerosol accumulation and degradation. The modified system is tested
thoroughly for more than two months with RFCC without any problems of aerosol accumulation.

Figure 6. Comparison of results from the modified online sampling system with FTIR and isokinetic.

3. Process optimization for energy consumption and low emission
During the AeroSolve Climit project (August-November 2017), testing with RFCC flue gas and 30 wt% MEA
was conducted to find optimal process conditions resulting in low emissions and optimum SRD. Some of the tests
conducted during AeroSolve project were revised and further optimized with the modified online sampling system
in operation during spring 2018 under TCM owner’s MEA-4 test program. During all these tests caustic soda
solution was injected in the RFCC DCC to reduce SO2 in the flue gas entering the absorber.
Some of the process parameters and plant configuration which were optimized in the AeroSolve project are:
 Lean amine temperature
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 Lean amine loading for minimum Specific reboiler duty (SRD)
 Process plant configuration to result in minimum emissions
As a result, an advanced process plant configuration together with the mentioned modified online sampling
system was developed which results in lower SRD and low emissions. Details of the optimized process parameters
are given below.
3.1. Lean amine temperature optimization
CO2 absorption in chemical solvents like MEA, MDEA or MEA+AMP etc. is an exothermic process resulting in
temperature increase of the absorbing solvent and flue gas in mutual contact. The temperature increase is largest in
the absorber bulge zone as shown by the temperature profile of the TCM amine absorber in Figure 7. Due to heat
generation and temperature increase in the absorber bulge zone water is evaporated from the bulk of the solvent to
the gas phase and thus saturates the flue gas at a given temperature, pressure and composition. The saturation of gas
phase with water can be further increased to supersaturation, S as given by equation (1), by creation of aerosol
(including both homogenous and heterogeneous aerosol) due to rapid quenching with cold lean amine and in
presence of large amount of submicron foreign nuclei. Aerosol formation and its growth in gas-liquid contactors
such as absorbers and scrubbers has been extensively studied for quenching of acid gases [6], [7], [8].
����� ������� �������� �� ����������� ����������

� � ����������� ������� �������� �� ����������� ����������

Absorber bulge zone

Figure 7. Absorber temperature profile, running with RFCC flue gas. CO2 capture of 85%.
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For homogenous supersaturation a higher degree of saturation is required S>2 [9], depending on temperature and
composition. For heterogeneous aerosol formation, the degree of supersaturation required could be as low as close to
S~1 due to presence of large number of nuclei available in the gas phase. The aerosol formed in the absorber bulge
zone will follow the flue gas stream to the downstream water wash system(s). The aerosol may grow further due to
condensation, coalescence and process parameters which favor rapid quenching.
Lean amine entering the absorber is typically around 35-40°C where the highest bulge temperature in the
absorber is around 50-55°C for CCGT type of flue gas at 85% CO2 capture [5], while for RFCC or coal flue gas
having around 14% CO2 the bulge temperature is around 75-78°C for 85% CO2 capture with 30 wt% MEA. The
environment for creation and growth of aerosol due to supersaturation will be favorable if the temperature difference
between the lean amine and absorber bulge (ΔTbl) is large.
ΔT�� � ����������������� � ����������������������������

(2)

Therefore, keeping small difference between the lean amine temperature and bulge temperature will help
reducing aerosol formation and hence reduce amine aerosol emissions. On the other hand running CO2 capture
plants with high lean amine temperature to reduce the ΔTbl may lead to increased SRD due to the fact that less
energy from hot lean amine is recovered in the rich lean cross heat exchanger. As a result more energy is lost to
cooling water in the water wash system. To reduce the energy loss in a conventional amine plant configuration, ΔTbl
needs to be kept largest possible to allow for optimal SRD and acceptable amine emission in compliance to the
applicable emission permit.
Several tests were conducted during the testing at TCM within the AeroSolve project to optimize the lean amine
temperature in terms of reducing emissions. Figure 8 shows MEA emission as function of ΔTbl.

Figure 8 shows reduction in MEA emissions by reducing ΔTbl.

From Figure 8 it is obvious that MEA emissions are reduced by reducing ΔTbl. This supports the theory of
reducing supersaturation in the gas phase reduces MEA emissions. During tests with RFCC flue gas TCM targeted
to run the plant with less than 1-2 ppm of MEA emissions. Based on the results it was decided to keep ΔTbl below
25°C for tests with RFCC flue gas at 87% CO2 capture rate which allows keeping MEA emissions below 2 ppm.
3.2. Lean amine loading for minimum Specific reboiler duty (SRD)
The plant performance was optimized for 18 m absorber packed height, with about 14% CO2 by varying lean
solvent flow rate and manipulating steam flow rate to stripper reboiler to find process conditions resulting in 87%
CO2 capture with lowest SRD. As the online sampling system during the AeroSolve project was not able to
accurately and reliably measure MEA emissions resulting from tests with RFCC flue gas, it was decided to run SRD
optimization tests with CHP and CO2 recycle flue gas to avoid any breach of emission permit. CHP flue gas with
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CO2 recycle flowrate from the stripper overhead was adjusted, to achieve CO2 concentration in the flue gas at
absorber inlet similar to RFCC flue gas CO2 concentration.
Table 3 given below summarizes range of process parameters tested during SRD optimization tests. At each
solvent flow rate, the steam pressure was manipulated and hence the steam flow rate to achieve 87% CO2 capture.
At stable conditions, lean and rich solvent samples were collected for analysis of MEA and CO2 concentration. After
every 24 hours, the solvent flow rate was changed to the next set point and the procedure was repeated at each
solvent flow rate.
Table 3. List of process parameters during SRD optimization tests.

Parameter
Number of test cases

UoM

Range
10

Absorber Packing height

m

18
3

Sm /h (w)

35,000

CO2

mole%

13.1-13.5

H 2O

mole%

4.0 – 4.2

O2
Flue gas inlet temperature

mole%
°C

12.2 – 13.5
29 – 30

Conc. of MEA in lean solvent (CO2 loaded)

wt%

28-30.2

Lean solvent flow rate
Lean solvent temperature
Liquid to Gas ratio
Stripper bottom temperature
CO2 capture rate
Stripper pressure

kg/h
ºC
kg/Sm3
°C
%
barg

100,000 – 165,000
50 to 55
2.8-4.6
119.5 – 122.6
86-89
0.95-0.96

Flue gas flow into absorber
Flue gas composition:

Figure 9 shows results for the SRD optimization tests. Capture rate during these tests was within 86-88% as
denoted by red david (*) stars in the figure. For the targeted 86-89% CO2 capture, a minimum SRD of 3.67 GJ/ton
CO2 was achieved. For optimal SRD, a lean solvent circulation rate of 120,000 kg/h with 30 wt% MEA is required
while utilizing 18 m packing height of the absorber bed. Table 4 summarizes some more details for tests reported in
Figure 9. More details about SRD(Meth 1) and SRD( Meth 3) as shown in figure 9. can be found elsewhere [10].

Figure 9. U-curve for SRD optimization, CHP flue gas with CO2 recycle and 30 wt% MEA.
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Table 4. List of process parameters during SRD optimization tests

Case ID

Flue gas flow
rate (Sm3/h)

Lean amine flow
rate (kg/h)

Lean amine loading(mol
CO2/mol MEA)

CO2 Capture
rate (%)*

SRD (GJ/ton
CO2)*

2C-CHP6C Recy

33,908

99,670

0.160

88.3%

3.92

2C-CHP6A Recy

33,900

114,873

0.19

87.3%

3.70

2C-CHP5C Recy

33,934

116,455

0.204

87.3%

3.67

2C-CHP8A Recy

33,918

120,360

0.199

87.4%

3.67

2C-CHP-3
Recy

33,699

136,867

0.251

88.1%

3.71

2C-CHP-4
Recy

33,874

160,821

0.273

85.9%

3.85

*Tabulated Capture rate and SRD is based on Meth 1.

4. Advanced process configuration for reduction and control of amine aerosol emission
TCM developed and tested an advanced novel concept to reduce and control amine aerosol emission and improve
the energy efficiency of the overall CO2 capture process. The advanced process configuration was tested for an
extended period during spring 2018 under TCM owner’s MEA-4 campaign. The advanced process configuration’s
performance was independently verified by a third party, Electric Power Research Institute (EPRI) in May 2018.
The independent verified advanced process configuration’s performance with RFCC flue gas will serve as baseline
for bench marking other amine based technologies. The independent verified RFCC baseline will be published later.
Following modifications were made to the amine plant prior to running tests with RFCC flue gas under the MEA-4
campaign, in order to allow for accurate and reliable online emission monitoring, amine aerosol emission reduction,
and improve the energy efficiency of the overall process.





Modification of online emission monitoring system
Modification of the 3rd absorption bed to “RFCC water wash”
Installation of cold rich by pass line to the stripper
Installation of Brownian diffusion (BD) filter

Brownian diffusion filter was installed in December 2016 and thoroughly tested with RFCC flue gas during 2017
and 2018. Details about performance of TCM BD filter can be found elsewhere [2]. Modification of online
emissions monitoring system with FTIR is described in section 2.3 while rests of the modifications are described
below.
4.1. Modification of the 3rd absorption bed to RFCC water wash
The RFCC flue gas downstream the BD filter contains around 500,000-800,000 aerosol/cm3, most part of the
aerosol are submicron (0.1-0.5 µm) [11]. In absorber the submicron aerosol grow by condensation of water and
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coalescence followed by absorption of MEA present in vapor phase in the bulge zone. Majority of aerosol carrying
amine from the absorber bulge zone will follow the supersaturated depleted flue gas to downstream sections of the
absorber (i.e) water wash(s) and demisters.
A conventionally designed amine plant treating flue gas which contains aerosol and particulates cannot remove
submicron aerosol. This is due to the fact that in a conventional absorber system, the depleted flue gas from
absorption section is quenched abruptly to keep the plant in water balance and recover some amines and ammonia.
Abrupt quenching in the presence of nuclei generates and grows more aerosol due to heterogeneous supersaturation
which results in increased emissions. Therefore, abrupt quenching of the depleted flue gas needs to be avoided when
amine are present in the gas phase. At TCM a three stage water wash system is tested in order to mitigate the aerosol
emissions. The system is tested with up to 2000,000 aerosol/cm3 in the flue gas at the absorber inlet.
Abrupt quenching of the depleted flue gas containing aerosol at TCM is avoided by a special designed water
wash which is termed “RFCC water wash” utilizing the pre-existing 6 m deep upper absorption bed. As suggested
by its name the RFCC water wash is operated when capturing CO2 from RFCC flue gas. The purpose of the RFCC
water wash is to remove as much as possible of the amines in gas phase with hot and relatively clean water from the
upper water wash [12]. Simultaneously, large aerosol above 5 µm generated above the bulge area are captured in the
RFCC water wash. In the future, a demister shall be installed upstream of the RFCC water wash in order to capture
larger aerosol and increase the RFCC water wash efficiency.
The lower water wash is operated at the highest possible temperature in order to capture the remaining amines in
gas phase and to avoid water condensation on aerosol.
 The upper water wash cools down the flue gas for the plant water balance.
 The RFCC water wash consists of 6 m Flexipac 2X (SS) structured packing with equivalent diameter
similar to the absorber equivalent diameter and a special distributor.
The special distributor has a capacity corresponding to the total clean water condensed in the upper water wash.
This is about 6-8 m3/h of water during normal conditions. Hot water at around (60-70°C) either from the upper or
lower water wash, preferably from the upper water wash together with inherent leakage of about 1 m3/h of water
from the lower water wash collector tray is fed to the RFCC water wash. Water fed to the RFCC water wash
distributor irrigates the packing and aerosol in the depleted flue gas counter currently contacts hot water. Aerosol in
the depleted flue gas grow to a larger size which makes it possible to be removed from the flue gas in the RFCC
water wash. Major part of aerosol containing amine is recovered here. Water from the RFCC water wash containing
removed aerosol flow down to the absorber packing and eventually to absorber sump. Figure 10. shows details of
the RFCC water wash configuration.
The amine captured in each water wash is estimated based on the laboratory analysis of the water wash
circulation water and the flow meters of each water wash drain. The tests confirm that more than 90% of the amines
are captured in the RFCC water wash. 5% to 8% are captured in the lower water wash. Less than 2% are captured in
the upper water wash. The total amines captured in the three water washes correspond to a concentration up to 2,000
ppmv of MEA in the flue gas upstream the water washes. As the theoretical MEA concentration in the gas phase is
lower than 400 ppmv, it is deducted that most of the amines captured in the RFCC water wash are caused by MEA
condensed on aerosol.
A different water wash configuration is tested elsewhere [12] with a limited water flow to the lower water wash
further operation parameters are not available in the public domain.
At TCM depleted flue gas from RFCC water wash continues to lower water wash where the flue gas is cooled by
removing about 1 MW of heat. From the lower water wash the depleted flue gas leads to upper water wash and cools
down to a temperature just above the flue gas inlet temperature in order to keep the plant in water balance.
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Three stage water wash
Demister
Upper Water wash
Lower Water wash
Demister
RFCC Water wash
Future Demister
CO2 absorption bed 6 m
CO2 absorption bed 12 m

Figure 10. Water wash configuration for the TCM amine plant absorber.

Figure 11. TCM Advanced process configuration for emissions control and optimal SRD. RFCC WW and rich amine bypass over cross heat
exchanger is shown in the figure.

4.2. Installation of cold rich by pass line
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As discussed in section 3.1, lean amine inlet temperature to absorber needs to be kept around 55°C while
capturing CO2 from RFCC flue gas, this gives a ΔTbl~ 23°C. Lean amine temperature of 50°C or above can be
achieved by two ways:
 Bypassing a fraction of hot lean amine over rich-lean cross heat exchanger
 Bypassing a fraction of cold rich amine over rich-lean cross heat exchanger
By applying the first approach a fraction of hot lean amine bypasses over the rich-lean cross exchanger, the
bypass hot lean is mixed with cold lean amine exiting the cross heat exchanger and fed to the absorber without
further cooling in the downstream trim cooler. Bypassing a fraction of hot lean amine increases SRD because the
available recoverable heat in the cross heat exchanger reduces and the extra heat in the bypass stream is transferred
to flue gas and thus lost in the cooling water.
By applying the second approach a fraction of cold rich solvent downstream the rich pump bypasses the cross
rich-lean heat exchanger and fed to the stripper overhead system. Via the stripper overhead system, the rich bypass
stream enters the stripper water wash section and functions as extra reflux by condensing water from the gas phase
in the stripper top section accompanied by further cooling in the stripper top section. The energy from condensation
of water in the stripper top section is recovered in the cold rich stream running down the stripping section thus
reduces the energy lost in the overhead condenser. Around 2/3 of water in the stripper top section is condensed by
the cold rich amine stream. While 1/3 of the water in the hot stripper gas stream is condensed in the overhead sea
water cooled condenser. This reduces SRD from 3.67 to 3.5 GJ/ton CO2 at similar conditions. The second approach
as described above was implemented to the TCM amine plant as illustrated in Figure 11 and tested thoroughly. The
advanced configuration consisting of BD filter, three stage water wash system, cold rich bypass to stripper and
modified online emission monitoring system was tested successfully over a long period and enabled TCM to run
amine plant with RFCC in compliance with the applicable emission permit in an efficient manner. Table 5
summarizes results achieved with the advanced configuration and RFCC flue gas.
Table 5. Performance of advanced process configuration of amine plant

Aerosol in Flue gas
downstream BD filter
Absorption parameters

Absorber MEA emissions
SRD without Cold rich bypass
SRD with Cold rich bypass

Aerosol/cm3

500,000 to 2 000,000*

CO2 conc. in flue gas (vol%)
CO2 capture (%)
Lean amine MEA (wt% )
Lean amine temperature (°C)
RFCC water wash in operation (yes/no)
Lower water wash duty
Upper water wash duty
ppm(v)
GJ/ton CO2
GJ/ton CO2

13-14
~90
30
55
Yes
1/4th of total cooling duty
3/4th of total cooling duty
1.5 to 3
3.67
3.5

3

*2 000,000 aerosol/cm in the flue gas were achieved with bypassing a small amount of RFCC flue gas over the BD filter.

Conclusion
TCM has developed and tested an advanced amine plant process configuration for RFCC flue gas with 30 wt%
MEA. The advanced configuration in addition to conventional configuration consists of a Brownian diffusion filter,
three stage water wash system, online sampling system tolerating aerosol, fractional bypass of cold rich amine
stream and operational parameters which enables to reduce aerosol based amine emissions to around 2 ppm and
SRD of 3.5 GJ/ton CO2. To avoid MEA emissions above 2 ppmv the flue gas entering the absorber should have no
more than 1000,000 aerosol/cm3, the ΔTbl needs to be kept within 25°C and any abrupt quenching of aerosol
containing depleted flue gas needs to be avoided. The latter is achieved by operating the RFCC water wash with the
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special procedure described in this paper. To reduce SRD a fraction of rich stream should be bypassed over the lean
rich cross heat exchanger and fed to the stripper, this helps to reduce steam demand and thus lowers SRD. The
sampling line for the online analysis and monitoring should be designed to avoid accumulation and degradation of
chemical species and should be able to evaporate all chemical species and keep it in gaseous form.
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Abstract
From December 2017 to February 2018 the Technology Centre Mongstad (TCM DA), operated a test campaign capturing CO2 by
use of monoethanolamine (MEA) in a 80 to 200 ton CO2 per day demonstration unit. The primary objective was to provide
experimental evidence for reducing operational as well as capital costs of CO2 capture. For cost assessment a selection of the test
cases has been used as a basis for estimating cost of full scale amine based CO2 capture for a large combined cycle gas turbine
based (CCGT) power plant. The cost of CO2 avoided is presented for these cases and the case with the lowest cost of CO2 avoided
has been furthered investigated by a parameter study. The cost assessment is presented relative to two earlier MEA campaigns at
TCM. A reduction in cost of CO2 avoided up to 18% was justified by experiments while further improvements were made plausible
theoretically.
Keywords: MEA; post-combustion capture; cost of CO2 avoided; CO2 Technology Centre Mongstad; TCM DA

1. Introduction
The Technology Centre Mongstad (TCM) is the world’s leading facility for verifying and improving CO2 capture
technologies. TCM is located at Mongstad, one of Norway´s most complex industrial facilities. TCM has been
operating since autumn 2012, providing an arena for qualification of CO2 capture technologies on an industrial scale.
In autumn 2017, Gassnova (on behalf of the Norwegian state), Equinor (formerly Statoil), Shell and Total entered into
a new ownership agreement securing operations at TCM until 2020. The owners of TCM started their most recent
monoethanolamine (MEA) test campaign in June 2017 where a large number of public, industrial, research and
academic stakeholders were involved [1]. The campaign included demonstration of a model-based control system,
dynamic operation of the amine plant, investigating amine aerosol emissions and specific tests targeted at reducing the
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cost of CO2 avoided. Through the testing, both flue gas sources currently available at TCM were used. These sources
are the combined cycle gas turbine (CCGT) based heat and power plant (CHP) and the residual fluidized catalytic
cracker (RFCC). They provide flue gases with a wide range of properties and a CO2 content from 3.6 to 14 %. TCM
is located next to the Equinor refinery in Mongstad. The Mongstad refinery is the source of both flue gases supplied
to TCM.
The part of the test campaign addressing cost of CO2 avoided will be reported in the current paper where the aim
is to estimate the potential for cost reduction of some known measures based on experimental data from TCM’s amine
unit. This means that these estimates will be experimentally verified. It is the first time such a structured cost reduction
test campaign has been executed on such a large test unit. Hence the results are expected to be useful for large scale
plants. Besides an experimental verification of known measures, this paper will also use this methodology to estimate
other cost reduction measures on a theoretical basis using extrapolation of the verified results.
The performance of TCM's amine plant was presented in 2014 [2] along with an independent verification protocol
developed by Electric Power Research Institute (Epri) [3]. The performance was reported with a specific reboiler duty
(SRD) of 4.1 GJ/ton CO2 for a case with 47,000 Sm3/h flue gas flow at 3.7 % CO2 and a capture rate around 85 %.
CO2 concentration in the flow in and out of the absorber as well as in the product flow was measured by use of one
FTIR unit that cycled between the three flows. One cycle lasted more than one hour, thus simultaneous gas
composition measurements could not be presented. In 2015 performance was revisited after a major upgrade of the
gas phase measuring system. The upgrade included multiple gas phase analyzers at each of the three flows, i.e. in and
out of the absorber and out of the stripper. The use of anti-foam significantly improved the performance and resulted
in an SRD of 3.6 GJ/ton CO2 [4] for operation at 59,0000 Sm3/h flue gas flow with 3.6 % CO2. The 47,000 Sm3/h case
was also revisited in 2015 [5] with a test program for energy optimization based on maintaining 85 % capture rate for
various combinations of stripper bottom temperature and corresponding lean CO2 loading (mole CO2 per mole amine).
This resulted in SRDs for the cases without and with the use of anti-foam of 3.9 and 3.6 GJ/ton CO2, respectively.
These results were used for establishing a baseline. This work takes the next step: how can the cost of capture based
on this baseline be reduced through a structured test campaign?
Nomenclature
Abs. pack
CAPEX
CCGT
CHP
L/G
MEA
MEA-1
MEA-2
MEA-3
OPEX
RFCC
Sm3/h
SRD
ton
TCM
wt%

Absorber packing height
Capital expenditure
Combined cycle gas turbine
Combined heat and power plant
Liquid to gas ration, i.e. ratio of solvent flow and flue gas flow
Monoethanolamine
Test campaign at TCM on MEA (2013-2014)
Test campaign at TCM on MEA (2015)
Test campaign at TCM on MEA (2017-2018)
Operational expenditure
Residual fluidized catalytic cracker
Standard cubic meter per hour at 15 °C and 101.325 kPa
Specific reboiler duty
1,000 kg,
Technology Centre Mongstad
Concentration on weight basis

2. Overview of the tests program
The test program that is reported in this paper was executed at TCM from December 2017 to February 2018. The
main elements investigated were:
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•
•

3

Absorber configurations with packing heights at 24, 18 and 12 meter
Solvent concentration with MEA at 30 and 40 wt%

In addition to this, most of the tests were operated at slightly elevated CO2 concentration in the flue gas to be
treated, i.e. from 3.6 to 4.2 % CO2 (wet), and during last part of the campaign anti-foam was injected based on
experience from the test program in 2015 [5]. The test program contains 18 test series and the main operational
parameters are listed in Appendix A.
The operation in December 2017 was stopped due to signs of corrosion i.e. increasing iron content in the solvent
and high levels of ammonia emissions to air. Results from corrosion monitoring at TCM is reported in e.g. [6]. After
inspection and a comprehensive plant washing operation, the test program was started up again week 3, 2018. The
following two months different modes of operation were investigated. Before presenting the experimental results and
cost assessments, the definitions of specific reboiler duty, capture rate and CO2 loading will be discussed.
Figure 1 shows the TCM amine plant in CHP mode. It is a flexible plant that enables testing of CO2 capture in
several configurations and offers a wide range of flue gas flow rates as well as flue gas compositions [2 to 5]. In the
current campaign injection of lean amine is made at three different heights in the absorber and thus utilising 24, 18
and 12 meter absorber packing (yellow boxes in figure), respectively. The CO2 recycle line has been in operation for
most of the campaign in order to maintain a CO2 level of 4.2 % (wet) in the flue gas into the absorber.
Specific reboiler duty (SRD) is defined as the heat delivered to the reboiler from the steam system divided by the
amount of captured CO2:
𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 =

∆𝐻𝐻𝐻𝐻 𝑚𝑚𝑚𝑚̇𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

(1)

𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐

where 𝑚𝑚𝑚𝑚̇𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑚𝑚𝑚𝑚 is the steam flow to the reboiler heat exchanger. ∆𝐻𝐻𝐻𝐻 is the enthalpy difference between steam and
condensate calculated from measured temperature and pressure, see also reboiler, steam and condensate in Figure 1.
Steam pressure is typical around 2.5 barg and up to 160 °C for the tests reported in this paper.

Figure 1. The TCM amine plant in CHP mode (up to 80 ton CO2 per day). Flow meters and flue gas analysers are located at absorber inlet,
outlet/depleted flue gas and product flow. Captured CO2 can be recycled, see green dotted line, to increase the CO2 concentration in the flue gas
flow into the absorber.
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CO2 capture rate is the mass fraction of CO2 being captured out of the amount of CO2 flowing into the absorber:
𝜀𝜀𝜀𝜀 =

𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐

(2)

𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖

Captured CO2 (𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐 ) in (1) and (2) can be based on CO2 in product flow (𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2,𝑐𝑐𝑐𝑐𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 ) leaving the stripper or on
difference in mass flow of CO2 over the absorber (𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2𝑠𝑠𝑠𝑠𝑎𝑎𝑎𝑎𝑠𝑠𝑠𝑠,𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 − 𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑠𝑠𝑠𝑠𝑎𝑎𝑎𝑎𝑠𝑠𝑠𝑠,𝑝𝑝𝑝𝑝𝑜𝑜𝑜𝑜𝑠𝑠𝑠𝑠 ). There are several ways of calculating
CO2 capture rate [4]. In addition to this and as outlined in more details in [4,5] TCM is equipped with multiple flue
gas analysers for measuring composition in and out of the absorber and out of the stripper, see Figure 1. This also
includes moisture which alternatively can be calculated based on thermodynamics using temperature and pressure of
the gases in question. The flow meter at the absorber outlet is unreliable and flow out of absorber is calculated from
flow into the absorber assuming that all components except moisture and CO2 are conserved. The current analysis will
be based on the selection of composition analysers, flow meters and calculation methods presented in Appendix B.
Lean and rich solvent loading (mole CO2/mole amine) are calculated from laboratory analysis of liquid solvent
samples that provide total inorganic carbon (mole CO2/kg solvent) and total alkalinity (mole amine/kg solvent):
𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 =

𝑇𝑇𝑇𝑇𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑇𝑇𝑇𝑇 𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑖𝑖𝑖𝑖𝑠𝑠𝑠𝑠𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑐𝑐𝑐𝑐 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

(3)

𝑇𝑇𝑇𝑇𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑇𝑇𝑇𝑇 𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑎𝑎𝑎𝑎𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑎𝑎𝑎𝑎

3. Optimising performance: energy

Most of the MEA-3 program was conducted with CO2 concentration at 4.2 % (wet) in the flue gas into the absorber.
This was maintained by recycling captured CO2 back to the absorber inlet. This secured stable CO2 concentration in
the flue gas since recycled CO2 could top the initial CO2 concentration of 3.5 to 3.9 % up to 4.2 % (wet). This CO2
level is typical for state of the art CCGT plants. Selected test series that will be discussed below are presented in Table
1.
Figure 2 shows to the left the MEA-3 test series 3 with black filled symbols and series 11 with black open symbols.
These two series were operated at 47,000 Sm3/h, 24 meter absorber packing and without use of anti-foam. Compared
to results from the MEA-2 campaign in 2015 [5] these two new test series resulted in a lower optimum SRD, but this
may be due to several aspects and in addition the CO2 concentration in the flue gas into absorber was higher. However,
during this part of the campaign the amine plant could be operated at rather high stripper bottom temperature and
corresponding low lean solvent CO2 loading without the use of antifoam. Thus, the resulting optimum point was found
at a higher stripper bottom temperature and lower lean CO2 loading compared to MEA-2 results, i.e. 118.1 °C /0.29
mole/mole for MEA-2 versus 121.0 °C/0.21 mole/mole for MEA-3. Results down to 3.6 GJ/ton CO2 was not achieved
at 24 meter absorber packing when operated without the use of anti-foam and as will be presented below the effect
anti-foam was not at all as pronounced as in the MEA-2 campaign. We acknowledge this difference in performance
which could be due to several factors, however, this has not yet been concluded.
Table 1. Selected test series from MEA-3 campaign at 24 and 18 meter absorber packing, the latter operated at 30 and 40 wt% MEA. The liquidto gas ratio (L/G) is the ratio of lean amine- to flue gas flow. SRD is based on thermal energy, see equation 1.
#

1

Abs.
pack
[m]

MEA

Antifoam
[-]

Lean
× 1000
[kg/h]

L/G

[wt%]

Flue gas
× 1000
[Sm3/h]

SRD

[kg/Sm3]

Stripper
bottom temp
[°C]

[GJ/ton CO2]

CO2
capture
[%]

3

24

30

47.0

No

42.0–55.0

0.89–1.17

119.8–121.5

3.8-4.4

86

11

24

30

47.0

No

45.0–60.0

0.96–1.28

119.7–121.4

3.8-4.4

83-86

13

18

30

47.0

Yes

47.5–55.0

1.01–1.17

120.6–121.4

3.9-4.1

84-86

17

18

B

18

30

47.0

Yes

52.2–55.1

1.11–1.17

121.5–121.9

3.8-3.9

85-89

30

47.1-47.2

No1

52.5–52.7

1.11–1.12

120.8–120.9

3.8-3.9

87

9

18

40

51.0

No

44.8–55.0

0.88–1.08

121.0–122.8

3.6

82-86

Test series B is made after reclaiming and with no use of anti-foam.

131

Collection 11: MEA Solvent

5

GHGT-14 Gjernes et al.

All SRDs and capture rates presented in Figure 2, Table 1 and Table 2 are calculated based on that captured CO2
(𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐 ) in equation (1) is derived from the difference in mass flow of CO2 over the absorber. Earlier reported data
from MEA-2 campaign [5] was based on measured product mass flow of out of stripper. The discussion below is
based on a reassessment of these data using mass flow of CO2 over the absorber. The data points presented are made
from averaging process data over a two hour time slot. This time slot also includes liquid solvent samples such that
solvent CO2 loading can be calculated according to equation (3).
Performance at 18 meter absorber packing height was investigated at both 30 and 40 wt% MEA. Figure 2 shows
to the right the MEA-3 test series 13 and 17 with filled and open brown symbols, respectively. The blue filled symbols
are test series B without anti-foam that was executed after solvent reclaiming. The best SRDs were obtained around
3.8 GJ/ton CO2 for test series 17 which is a bit below the 24 meter tests in MEA-2 without anti-foam. The red filled
symbols in Figure 2 right hand side shows MEA-3 series 9 which was operated with 51,000 Sm3/h flue gas flow, 40
wt% MEA and without the use of anti-foam. The optimum SRD is similar as the best performance from MEA-2,
however, the absorber packing required was reduced from 24 meter (MEA-2) to 18 meter (MEA-3) and no use of antifoam. Test series 9 was stopped before completion due to increasing ammonia emission and signs of corrosion i.e.
increasing iron content in solvent. Thus only a limited number of parameter variations was conducted during operation
at 40 wt% MEA and there might still be a potential for obtaining even lower SRDs. Another observation was that the
use of anti-foam had limited effect on performance which can be seen from the brown (with anti-foam) and the blue
symbols (without anti-foam) in Figure 2 to the right. Case 9-4 that was operated at 40 wt% MEA without the use of
anti-foam resulted in the lowest SRD in this campaign.

Figure 2. To the left SRD for tests utilising 24 meter absorber packing compared to results from MEA-2 in 2015 (grey symbols and lines). MEA-3
series 3 is with black filled symbols and series 11 is with black open symbols. To the right SRD for tests at 18 meter absorber packing compared
to the same results from MEA-2 in 2015 (grey symbols and lines). Series 13 is with brown filled symbols, series 17 with brown open symbols,
series B with blue symbols and series 9 which is with 40 wt% MEA, is with red symbols. SRDs are calculated based on difference in mass flow of
CO2 over the absorber. All plots except series 9 are with 30 wt% MEA. The right and left figure present the same MEA-2 results utilising 24 meter
absorber packing. Table 1 and Table 2 provide more information about the test series.
Table 2. With ref to Figure 2 operational data, SRD and capture rate for the three cases at lowest SRD values during MEA-3. SRD is based on
thermal energy, see equation 1.
#

Abs.
pack
[m]

MEA

L/G

[wt%]

Flue gas
× 1000
[Sm3/h]

Stripper
bottom temp
[°C]

Lean
loading
[mole/mole]

SRD

[-]

Antifoam
[-]

[GJ/ton CO2]

CO2
Capture
[%]

11-1

24

30

47.0

1.07

No

121.0

0.21

3.8

85

17-5

18

9-4

18

30

47.0

1.11

Yes

121.6

0.20

3.8

88

40

51.0

0.98

No

121.7

0.25

3.6

87
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4. Modes of operation
Based on previous work [4,5] it was interesting to further investigate the trade-off between capital expenditure
(CAPEX) and operational expenditure (OPEX) parameters for operating conditions relevant for various CCGT- and
exhaust gas recycling systems with the aim of providing experimental evidence on how total capture cost can be
minimized.
The flexibility of the TCM amine plant was utilized in test series with large variations in absorber packing height,
flue gas flow rate, liquid- to gas flow ratio (L/G), solvent CO2 loading and inlet CO2 concentration. This experimental
set-up covered a range of operating modes. Data collection and performance results such as mass balance, CO2
recovery, capture rate and SRD are according to methods described in section 2 above. Table 3 gives operational
parameters and performance results for selected cases used in the cost evaluation described in section 6 below. Data
from previous campaigns, MEA-1 and MEA-2 [2,4], are also included in the table for comparison.
Table 3. Test cases selected for further investigation. Case 11-1 and 9-4 are optimum modes of operation selected from Figure 2. The liquid- to gas
ratio (L/G) is the ratio of lean amine- to flue gas flow. SRD is based on thermal energy, see equation 1.
#

Abs.
pack
[m]

MEA

CO2 wet

L/G

[wt%]

Flue gas
× 1000
[Sm3/h]

SRD

[-]

Lean
loading
[mole/mole]

[GJ/ton CO2]

𝑚𝑚𝑚𝑚̇𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐
[kg/h]

CO2
capture
[%]

[%]

11-1
5-1

24

30

47.0

24

30

59.0

4.2

1.07

0.21

3.8

3,160

85

4.1

0.92

0.20

4.0

3,480

77

8-1

18

30

51.0

4.3

1.07

0.21

3.9

3,360

82

9-4

18

40

51.0

4.2

0.98

0.25

3.6

3,430

86

13-2
15-0

18

30

47.0

4.3

1.12

0.20

3.9

3,180

84

12

30

47.0

4.2

1.18

-

4.1

2,700

73

15-3

12

30

47.0

5.0

1.38

0.23

4.0

3,170

72

MEA-1

24

30

47.0

3.7

1.17

0.23

4.1

2,750

~ 85

MEA-2

24

30

59.0

3.6

1.00

0.21

3.6

3,390

86

The initial learning at TCM during the years 2013 and 2014 are represented by the test case MEA-1. At that time
the operation was mainly with 24 meter absorber packing height and flue gas flow at 47,000 Sm3/h (80 % of design
flow capacity). For capture rates between 85 to 90 % the specific reboiler duty was measured to 4.1 GJ/ton CO2.
In the MEA-2 campaign in 2015 learning from several test campaigns were implemented in the test plan. Addition
of anti-foam improved especially the stripper performance. This allowed operation with full flue gas load and
achievement of both high capture rates and significantly lower SRD values.
In the current MEA-3 campaign, the cases 11-1 and 5-1 are utilizing 24 meter absorber packing height and were
run at 47,000 and 59,000 Sm3/h flue gas flow, respectively. The stripper performance constrained the maximum
possible CO2 capture to 3,480 kg/h in the case with highest flue gas flow. The corresponding capture rate was 77%.
However, during the current campaign no energy optimisation was made at 59,000 Sm3/h flue gas flow and this test
was done without the use of anti-foam.
From the three cases run at 18 meter absorber packing height (cases 8-1, 9-4 and 13-2) it is seen that the benefit of
40 w% MEA is lower L/G, lower SRD and still achieving high capture rate. The low L/G and the high lean CO2
loading indicates a further potential for capturing more CO2 in this system.
The two cases run at 12 meter absorber packing height achieved rather low capture rates. The benefit of increasing
the CO2 concentration in the flue gas flow into absorber from 4.2 to 5.0 % (wet) is assessed based on results from
these two cases.
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5. Cost assessment and cost of CO2 avoided
The economic evaluations of power and capture plants in this paper is based on standard “Cost of Electricity”
(COE)- and “Cost of CO2 avoided” metrics. These calculations are based on aligned and standardized estimates and
assumptions on technology process performance such as energy efficiency, CO2 generation and capture rates, see e.g.
[7]. Cost estimates include CAPEX, operations and maintenance (O&M) including fuel and a set of general price and
rate of return assumptions. For each case in section 6 below, a complete sized capture plant equipment list is
established. Aspen In-Plant Cost Estimator (IPCE) V9 is used to estimate equipment cost. Equipment installation
factors are then used to estimate total installed costs. The OPEX can be split in annual cost (of capex), power loss,
maintenance, chemicals and fixed operating costs. The gas fired power plant specific cost is based on GTPro and a
West Europe scenario. All calculations are furthermore carried out at:
•
•

•

normalised, per unit (kWh) output from the base industrial (power) plant
pretax, pre-financing basis
annual cost basis, applying a capital charge factor corresponding to a standard discount factor and project time
horizon

Cost of CO2 avoided ($/ton CO2) is calculated according to (4) below and is based on cost of electricity (COE) and
CO2 emission per kWh (CO2 emission) for a power plant with capture (cap) and without CO2 capture (no cap).
𝐶𝐶𝐶𝐶𝑙𝑙𝑙𝑙𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 𝑙𝑙𝑙𝑙𝑜𝑜𝑜𝑜 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑙𝑙𝑙𝑙𝑎𝑎𝑎𝑎𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑎𝑎𝑎𝑎𝑙𝑙𝑙𝑙 =

𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐 − 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝑖𝑖𝑖𝑖𝑛𝑛𝑛𝑛 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐

𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑖𝑖𝑖𝑖𝑛𝑛𝑛𝑛 𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐 − 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠𝑐𝑐𝑐𝑐

(4)

The calculated cost of CO2 avoided implicitly accounts for the capture systems’ own energy demand and its
inherent CO2 emissions. The following economic assumptions are applied:
•
•
•
•

Fuel gas price:
On-stream hours:
Discount rate:
Time horizon:

0.1875 US $/Sm3
7,884 (90 %)
5 % real (pretax)
30 years

This paper will only report percentage cost reduction and no absolute cost numbers. The main reasons are that the
absolute numbers are not useful for the purpose of this work and are partially confidential. In this work one consistent
method and one consistent set of assumptions are used for calculating the cost, which is important for a fair
comparison.
6. Cost evaluation of selected cases
The experiments targeted lowest possible absorber packing height, lowest possible L/G and SRD while maximizing
the captured CO2 and capture rate. In Table 4 below the experimental data for the selected cases are scaled to a fullscale design at a fixed inlet CO2 flow of 150 ton CO2/h and measured capture rate case by case.
In order to compare the MEA-1 and MEA-2 to MEA-3 on the same basis in the cost assessment, the CO2 inlet
concentrations for these two cases are adjusted up to 4.2 % (wet) and the flue gas flow rates are reduced
correspondingly, reducing the size and cost of flue gas blower, DCC and absorber. The superficial gas velocity is held
constant in the DCC and absorber, reducing the diameter of these units.
The adjusted/scaled absorber packing height and the most important cost parameter, the packing volume, are
calculated from the experimental data for the cases selected in the MEA-3 campaign. The scaled-up absorber volume
is based on packing height utilised for each TCM test case and a scaled up cross sectional area. The latter is calculated
based on TCM cross sectional area and the ratio of full-scale (150 ton CO2/h) to TCM (case by case) CO2 inlet flow.
For all scaled up cases the cross sectional areas are adjusted to fit with a superficial velocity of 2 m/s (at 0 °C, 1 atm).
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Thus, packing height, see Table 4, is adjusted in order to maintain the scaled-up absorber packing volume. The packing
volume per captured CO2 will be equal for each TCM and corresponding scaled up case. The data are shown in Table
4 below together with calculated lean solvent flow per kg CO2 into absorber, CO2 loading in lean and rich amine. The
rich CO2 loading is calculated based on solvent flow rate and captured CO2.
Packing volume is a major CAPEX element and for operation with 30 and 40 wt% MEA the most cost-effective
packing volume demonstrated at TCM was about 37 m3/ton CO2 capture per hour for the current test conditions. This
result is however, design and site specific. In case 9-4 with 40 wt% MEA the main cost reduction parameters are
reduced enthalpy to reboiler (low SRD) and reduced solvent flow rate.
The case 11-1 had more packing than needed and very little CO2 is captured in the upper 6 m packed bed. The
cases 11-1, 8-1 and 13-2 performed close to the MEA-2 results, while the case 5-1 was performing poorer. The flue
gas flow rate was very high in this case resulting in high CO2 flow into the absorber. The rich CO2 loading was high,
indicating that the solvent flow rate was too low to achieve high capture rate. Solvent flow rate was 12.02 kg solvent
per kg CO2 in comparison to at least 13.50 kg solvent per kg CO2 into absorber for the best cases. In new campaigns
some of the cases could be further improved if higher capture rates are obtained.
The cases 15-0 and 15-3 with 12 m absorber packing achieved the lowest packing volume per kg CO2 captured.
On the other hand, the capture rate was low and the solvent flow rate was higher. This resulted in higher capture cost.
These cases had in fact a too low packing volume.
In MEA-1 the packing volume was slightly higher than for the 11-1 case, solvent flow was higher and the rich
loading was lower. In MEA-2 with 24 meter absorber packing height, the packing volume of 50 m3 per ton CO2
captured is on the high side compared to the MEA-3 results.
Table 4. The test cases selected for further investigation are scaled up to 150 ton of CO2/h in the flue gas into the absorber base on 2 m/s superficial
velocity (at 0 °C, 1 atm) in the absorber. Case 11-1 and 9-4 are optimum cases in Figure 2 while rest of the tests documents different modes of
operation.
#

Adjusted
abs. pack
[m]

Packing
Volume
[m3/ton CO2, h]

Lean solvent
flow
[kg/kg CO2 in]

Lean
loading
[mole/mole]

Rich
Captured
Loading
CO2
[mole/mole] [ton/h]

CO2
capture
[%]

11-1

27.3

54

13.48

0.21

0.51

128

85

5-1

22.4

49

12.02

0.20

0.51

115

77

8-1

18.5

38

13.31

0.21

0.51

123

82

9-4

19.0

37

12.48

0.25

0.50

129

86

13-2

20.2

40

13.94

0.20

0.50

127

84

15-0

13.7

32

15.07

0.21

0.45

110

73

15-3

13.7

27

14.74

0.23

0.47

108

72

MEA-1

~28

~55

~16

0.23

0.48

128

85

MEA-2

25.5

50

14.5

0.21

0.50

128

86

Section 5 above introduces the economic evaluation and cost of CO2 avoided. In Figure 3 to the left the
demonstrated cost reduction for the seven test cases selected from MEA-3 is presented relative to the cost of CO2
avoided of MEA-1. The demonstrated effect of increasing the CO2 concentration in flue gas into absorber from 4.2 to
5.0 % (wet) is shown by cases 15-0 and 15-3. When scaled to 150 ton CO2/h the cost reduction for 15-0 to 15-3 is
mainly due to the reduced resulting flow of flue gas, impacting the cost of the DCC, flue gas blower and absorber.
Case 9-4 demonstrates the largest cost reduction contribution, i.e. 13.5 % down relative to MEA-1. This case is also
presented in Figure 3 to the right (MEA-3) along with MEA-2 and a theoretically case based on 9-4 assuming 5 %
CO2 (wet) in the flue gas. The latter improves the case 9-4 by about 5 % points.

135

Collection 11: MEA Solvent

9

GHGT-14 Gjernes et al.
0,0 %
MEA-1

0,0 %

0,4 %
11-1

5-1
-1,1 %

8-1

9-4

13-2

15-0

MEA-1

15-3

MEA-2

MEA-3
Base

MEA-3
Base +
5 % CO2

-5,0 %
-10,3 %
-8,9 %

-9,3 %

-13,5 %

-9,9 %

-18,2 %

-13,5 %

Figure 3. To the left: Demonstrated reduction in cost of CO2 avoided for seven selected MEA-3 cases. To the right: Lowering cost of CO2 avoided
in campaigns MEA-1 to MEA-3. The MEA-3 is also presented with its theoretically potential if CO2 content in flue gas is 5 % (MEA-3 Base + 5
% CO2). Results are presented relative to assessment made for MEA-1 in 2014. Note that case 9-4 in the left plot is presented as "MEA-3 base" in
the right plot.

The measures in Figure 3 do not represent radical new ways of operating or new technologies. They can rather be
categorized as learning-by doing. They are typically measures relevant for the first few plants, also called FOAK –
first of a kind. Since the cost reduction potential of these measures is experimentally verified in one of the world’s
largest demonstration plants, the cost reduction should be highly accurate, and hence relevant for future postcombustion plants.
Based on the experience from the test campaign other reduction measures have been studies on a theoretical basis
in order to investigate future potential for reducing cost of CO2 avoided. A theoretical parameter study has been made
based on case 9-4, referred as "MEA-3 Base" in Figure 4. The following elements have been assessed:
•
•
•
•
•

Reduce from 2 × 3 meter wash section to 1 × 3 meter wash section
Reduce solvent consumption from 1.6 kg/ton CO2 down to 0.3 kg/ton CO2 [8,9]
Increase CO2 capture rate from 86 to 90 %
Reduce steam consumption to achieve SRD of 3.1 GJ/ton CO2 (other solvents than MEA)
Increasing CO2 content in flue gas from 4.2 up to 5 %

These measures are considered to be realistic. Most of the numbers are reported in the post-combustion literature
and seem reasonable. In addition to these measures reduced manning is also included in the parameter study for
illustration:
•

Reduced manning from 4 operators per shift to 1 operator per shift

Figure 4 shows the cumulative effect for cost of CO2 avoided from these 6 elements. Solvent and process
development relates to the first five items. The assumptions on operators before and after reduction is not based on
TCM experience. The second last element corresponds to state of the art CCGT plants that are expected to be operated
at 5 % CO2. The five first elements improves the "MEA-3 Base" by 17.1 % while utilizing all six elements results in
21.5 % improvement.
All in all, these initiatives will represent a reduction in cost of CO2 avoided of the order of 30 % when compared
to MEA-1. However, note that these measures are not necessary cumulative, i.e. all combinations may not be possible
at the same time.
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0,0 %
MEA-3
Base

3m Wash
-1,5 %

0.3 kg
MEA

90% Cap

SRD 3.1

5% CO2

Red
Manning

-5,7 %
-8,0 %

-12,9 %
-17,1 %
-21,5 %

Figure 4. Relative cost of CO2 avoided based test case 9-4 (MEA-3 Base) and a theoretical parameter study involving 6 cost reduction initiatives
introduced on top of each other.

7. Conclusion
Different modes of operation with cost saving potential were executed as part of the MEA-3 campaign at TCM
from December 2017 to February 2018. The target was to explore learning from five years of operation at TCM with
respect to overall cost reduction potential using the relative cost of CO2 avoided metric. The new results were therefore
compared to those reported from the MEA-1 and MEA-2 campaigns. The investigation of optimum energy
performance identified that SRD values below 3.6 GJ/ton CO2 for MEA are challenging to achieve with 30 wt% MEA
and a CCGT like flue gas. This performance is achieved at TCM with a conventional amine plant and may be
optimized with an advance process plant. In the cost reduction part of the investigation the level of 10 % cost reduction
in cost of CO2 avoided as achieved in MEA-2 was confirmed with the new experiments. Packing volume is a major
CAPEX element and the most cost-effective packing volume demonstrated based on TCM equipment, was about 37
m3/ton CO2 capture per hour for the current test conditions. The lowest cost of CO2 avoided was demonstrated when
using MEA at 40 wt% and 18 meter absorber packing height. Compared with MEA-1 results a cost reduction of 13.5%
was demonstrated. There is likely a further cost reduction potential of 5 %-points for this case. This is based on results
from tests when the flue gas CO2 concentration was increased from 4.2 to 5.0 % (wet). Finally, a theoretical parameter
variation showed a potential cost reduction of around 20 % compared with MEA-3 Base. Compared to MEA-1 this
amounts to a reduction potential of the order of 30 %. However, all combinations may not be possible at the same
time.
It is important to notice that these results are generated at one of the world’s largest capture demonstration units,
and that it is the first time that such a structured campaign is executed. Similar testing can be carried out with different
amine-based solvents. Therefore, these results at TCM scale represent a very relevant basis for scale up and industrial
design of amine solvent capture technologies.
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Appendix A
Table A1. The test series during MEA-3, 2017-2018.
#

Abs.
pack
[m]

MEA

Antifoam
[-]

Lean
× 1,000
[kg/h]

L/G

Stripper bottom

[wt%]

Flue gas
× 1,000
[Sm3/h]

CO2 wet

[°C]

Lean
loading
[-]

11

12-18

[-]

30

40.0-60.0

No

39.4-66.0

0.82-1.11

119.2-121.5

0.15-0.23

3.5-3.9

2

12-24

30

40.0-47.0

No

40.5-44.1

0.94-1.10

120.0-120.5

0.18-021

3.8-3.9

3

24

30

47.0

No

42.0–55.0

0.89–1.17

119.8–121.5

0.16-0.23

4.1-4.3

4

24

30

50.5-53.0

5

24

30

59.0

No

54.5-54.6

1.03-1.08

120.2-120.4

0.20-0.21

4.1-4.2

No

54.4

0.92

120.5

0.20

4.1-4.2

6

Test of max flue gas flow vs. pressure drop in the absorber

7

24

30

51.0

No

54.8

1.07

120.8

0.21

4.1-4.2

8

18

30

51.0

92

18

40

51.0

No

54.1-73.9

1.06-1.45

118.5-120.6

0.21-0.28

4.2-4.3

No

44.8–55.1

0.88–1.08

120.5–122.8

0.23-0.28

4.1-4.4

10

18

30

51.0

No

55.2-60.1

1.08-1.18

120.6-121.2

0.22-0.25

4.1-4.2

11

24

30

47.0

No

45.0–60.0

0.96–1.28

119.7–121.4

0.17-0.25

4.2-4.3

12
13

18

30

47.0

No

49.6-54.7

1.06-1.16

120.5-121.1

0.19-0.21

4.1-4.3

18

30

47.0

Yes

47.5–55.0

1.01–1.17

120.6–121.4

0.17-0.21

4.1-4.3

12

30

47.0

Yes

54.2-65.2

1.15-1.39

120.8-121.7

0.18-0.22

4.1-4.3

12

30

47.0

Yes

55.3-65.0

1.18-1.38

120.5

0.23

4.2-5.0

16

12

30

40.0

Yes

35.2

1.14

121.2

0.20

4.2

174

18

30

47.0

Yes

52.2–55.1

1.11–1.17

121.0–121.9

0.17-0.21

4.2

B

18

30

47.1-47.2

No

52.5–52.7

1.11–1.12

120.8–120.9

0.21-0.22

4.2-4.3

14
15

3

Tests in week 49 and 50 2017. Rest of the test series were executed in 2018.
Full range of parameters reported, but 9-1 and 9-3 were at capture rate below 80% and are not included in Table 1 (section 3).
3
Includes test at elevated CO2, i.e. 5% CO2 (wet).
4
Full range of parameters reported, but 17-1 was at capture rate below 80% and is not included in Table 1 (section 3).
1
2

Appendix B
Table B1. Selected instruments and calculation methods for analysing test data.
Unit

Property

Method

Tag/comment

Absorber in

H2O

Calculated f(T,p)

8610-TT-2041, 8610-PT-2040

CO2

IR-high

8610-AI-2004A

Flow

Ultrasonic

8610-FT-0150

H2O

Calculated f(T,p)

8610-TT-2035, 8610-PT-2430

CO2

IR-high

8610-AI-2030A

Flow

Calculated

Based on flow: "Absorber in"

H2O

Calculated f(T,p)

8615-TT-2210, 8615-PT-2213

CO2

Calculated

100 – f(T,p)

Flow

Coriolis

8615-FT-2215

Absorber out

Product flow
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̇ ) is calculated from volume flow into �𝑉𝑉𝑉𝑉𝑖𝑖𝑖𝑖̇ 𝑖𝑖𝑖𝑖 � the
With ref to Table B1 the volume flow out of the absorber (𝑉𝑉𝑉𝑉𝑝𝑝𝑝𝑝𝑜𝑜𝑜𝑜𝑠𝑠𝑠𝑠
absorber assuming all components except water (𝐶𝐶𝐶𝐶𝐻𝐻𝐻𝐻2𝐶𝐶𝐶𝐶 ) and CO2 (𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2 ) are conserved:
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Abstract
In the ICO2P-project the overall aim is to develop an innovative and cost-effective monitoring scheme for CO2 capture and storage
operations, implementing new methods for in situ noble gas measurements. The first step is to establish a basis for fluid source
identification by recording temporal variance of noble gas composition in CO 2 product. Studies of noble gases related to CCS
typically include few, single point samples. In ICO2P, a portable mass spectrometer (i.e. miniRUEDI) is utilized to directly measure
real time variability of the noble gas content in CO2 gas streams at operating CCS facilities. The first study was performed at the
Technology Centre Mongstad (TCM) in Norway, a large-scale test facility for post-combustion CO2 capture operations. During an
open scientific test campaign for amine-based capture (TSA-MEA), noble gases (He, Ar, Kr) as well as CO2, N2, O2 concentrations
in the CO2 product stream were recorded every 10 to 15 minutes during a 5-day period. He concentrations (<0.001ppm)were
depleted post-capture and too low for temporal variation measurements in the CO2 product line. Ar concentrations (0.15 – 0.65
ppm) were significantly higher and temporal variation was successfully recorded in the CO 2 product line. Ar was found to be
sensitive to capture operations, e.g. CO2 recycling ratio. This new approach will provide knowledge of the uniqueness and
variability of inherent noble gas fingerprints and depletion/absorption during CCS operations and provide grounds for comparison
between fluid origins needed in leakage detection schemes at CO2 storage sites.
Keywords: CO2 storage; CO2 capture; CCS; noble gases; monitoring;
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1. Introduction
During a recent feasibility study [1], to assess the potential for real-time, semi-continuous noble gas monitoring,
data were collected from CO2 capture operations at the Technology Centre Mongstad (TCM) in Norway (Fig. 1),
using a novel method for quantitative gas composition measurement. The overall aim has been to contribute towards
developing innovative and cost-effective monitoring schemes for CO2 capture and storage operations, work that is
now part of an ongoing research project - the ICO2P-2 project [1] during 2018-2021.
By recording temporal variance of noble gas composition in CO 2 capture products, the inherent geochemical
fingerprint can be evaluated with respect to the potential for source identification at prospective storage sites (i.e.
differentiation of sources at CO2 seepage sites or natural variations in marine and terrestrial environments). Studies
so far typically include only a few, single point samples, and there is a clear need for more background data on gas
compositions and better sampling strategies to ensure safe storage and reliable leakage detection. The miniRuedi [2]
portable mass spectrometer has the capacity to measure low concentrations (i.e. partial pressures) of He, Ar and Kr,
as well as CO2, CH4, O2 and other relevant chemical substances with high accuracy at sample intervals of < 15 minutes.
This technology proved suitable for monitoring fluctuations in some components of the CO2-product composition, as
tested during an open scientific test campaign for post-combustion capture processes; amine-based temperature swing
absorption (TSA), at TCM in summer 2017.
This data set, and further work, will provide important knowledge on absolute variability in CO2 product from
complex and mixed sources. During capture operations and before storage of CO 2 can commence, there is a need to
document variability, and to evaluate the inherent compositional signature (and the potential need for adding tracers).
This approach will allow for source-specific identification of fluids; differentiating injected (anthropogenic) CO 2 from
natural (methanogenic / biogenic) CO2 rich gases at potential leakage points.

Fig. 1. Technology Centre Mongstad (TCM), Norway [Photo © Equinor] DA amine plant with CHP flue gas inlet from the front, and the high
absorber tower in the middle. “Captured” CO2 product outlet and sample point towards the right.

2. Noble gases as tracers in CCS (and EOR)
Reliable monitoring is a prerequisite for safe, long-term storage and public acceptance of CCS. Terrestrial noble
gases (i.e. He, Ne, Ar, Kr, Xe) appear to be suitable natural tracers for monitoring and understanding CO 2-rich gas
systems [3]. They are chemically inert and non-degradable. And in contrast to several commonly applied chemical
tracers (e.g. PerFluoroCarbons), inherent noble gases are not harmful to the environment and bring no additional cost.
The concept of using noble gases for monitoring CO2 projects has been demonstrated at small-scale onshore facilities,
and noble gas data proved to be crucial evidence to rule out an alleged leakage incident at the Weyburn project [4].
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However, there are still knowledge gaps: studies so far typically include only a few, single-point samples, and there
is a clear need for better data on gas compositions and variability.
To understand large-scale reservoir dynamics and fluid mixing at CO2 injection sites and along possible leakage
paths, experience from research related to multi-phase hydrocarbon systems have to be used and adapted to the
scientific case of CCS. Formation water in deep, saline aquifers will have a unique noble gas signature based on a
blend of an atmospheric component (stable contents of 20Ne, 36Ar, 84Kr), a deep mantle component (mostly supplying
3
He) and a crustal radiogenic component (production of 4He, 21Ne, 40Ar). The signature is a function of time and
dependent on the in-situ lithology [5]. Crustal 4He is supplied from radiogenic decay of U and Th in minerals, and
40
Ar is produced by radioactive decay of 40K. The mixing ratios of meteoric, mantle and crustal components may yield
information about residence times and fluid mixing. E.g., it was found that seepage of methane causes depletion of
20
Ne and 36Ar relative to 4He by partitioning, as the heavier noble gas species are more soluble in methane than in
water [5]. Exchange between groundwater and oil phase may also be detected as increased 20Ne and 36Ar abundance
in oil, as described for the Magnus Field in the British North Sea [6]. Injected CO 2-rich fluid will also interact with
formation water and/or hydrocarbon phases present in a storage reservoir. A recent tracer test at the Cranfield enhanced
oil recovery (EOR) field in the US, adding Kr and Xe, showed noble gases to be stripped from formation water and
into the CO2 phase [7]. Mapping of the background noble gas abundance before injection is of utmost importance to
characterize the natural gas composition and spatial distributions prior to CO2 injection. This will improve the
understanding of CO2 trapping mechanisms and oil/water/gas partitioning in reservoirs, and form the grounds for
comparison needed in leakage detection schemes.
2.1. Compositional variability in captured CO2
Norway is currently at the forefront in developing CCS, along with Canada, Australia, USA and China. With two
active storage sites and a national plan to establish another, larger-scale offshore storage site at Smeaheia, there is an
imminent need to prepare reliable, cost-effective and long-term monitoring programs. Noble gas finger-printing can
provide an applicable solution, but there is a significant knowledge gap concerning the inherent signature of CO2 from
various capture processes.
At the operative Sleipner and Snøhvit sites, inherent CO2 from fossil sources (natural gas reservoirs) is captured
(as part of the gas processing) and re-injected into a storage formation (saline aquifer). Such single-source storage
schemes are expected to display the least degree of temporal variation in the noble gas compositions of injected gas.
The noble gas signature of a given natural gas accumulation is related to long-term, slow accumulation rates of e.g.
3
He, 4He, 21Ne, 40Ar in a given geological setting. Lateral or vertical compositional gradients in reservoirs related to
the lithology and contact time with fluids in traps and along migration paths, may be documented as compositional
changes during production. However, these changes are expectedly subtle, compared to complex mixed-source and
post-combustion schemes. At the Technology Centre Mongstad (TCM) the source is mixed, and natural gas from
several reservoirs are combusted before CO2-rich flue-gas enters the capture facility. CO2 is captured from a
combination of flue gases; (1) from a combined cycle gas turbine (CCGT) based heat and power plant (CHP) or (2)
the residual fluid catalytic cracker (RFCC) at the Equinor refinery at Mongstad. At the CHP plant large quantities of
gases from different fossil sources are combined, but after initial mixing and combustion, the signature of the flue
gases are expected to become relatively homogenous within a few days. Then, with addition of residual refinery gas,
the compositional variability is expected to increase. Further, the combustion process will add an atmospheric
component.
Depletion of the radiogenic/nucleogenic components of reservoir derived noble gases occurs during combustion
and capture [8]. In the product line recirculation rates, addition of different solutes with given solubilities for the gases
and their isotopes under varying pressure and temperature conditions will affect noble gas contents. In this study, we
attempt to document temporal changes, and the next step is to interpret and decipher the relative effects of capture
processes on noble gas fingerprinting. Additionally, documenting variation in the fossil gas feed is highly relevant in
evaluating the traceability of mixed-source gas in future storage schemes, involving captured CO 2 also from other
industries (e.g. cement, ammonia, waste incineration, biogas). E.g. the presented storage scheme for Smeaheia
involves storage of CO2 from mixed sources, after post-combustion capture.
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3. Methodology
3.1. Capture processes at TCM
The Technology Centre Mongstad (TCM) is
a large-scale test facility for CO2 capture
operations. This study was conducted in July
2017 during an open scientific test campaign for
post-combustion capture processes, using
amine-based temperature swing absorption
(TSA) [e.g. 9, 10, 11]. Monoethanolamine
(MEA) is used as solvent for CO2. The combined
cycle gas turbine and power plant is run with
reservoir gas from different fields in the North
Sea mixed with a fraction (up to 50 %) of
residual gases from the nearby refinery. Flue gas
is fed into the TCM plant, cooled, run through
the absorber, before CO2 is stripped off by
heating the solvent and vented to a safe location
in a dedicated vent stack (Fig. 2). During the test
period, the capture plant was run with flue gas
from the CHP plant, with a CO2 concentration of
approximately 4 vol%. In addition, recycling
(i.e. return of CO2 product back to feed gas
upstream absorber) was performed, increasing
the CO2 content to mimic concentrations similar
to coal combustion capture (Fig. 2).

Fig. 2. Post-Combstion CO2 capture at the Technology Centre Mongstad
during TSA-MEA test campaigns. A mobile mass spectrometer was
connected to the CO2 product line. Modified from Thimsen et a. [9]

3.2. Portable mass spectrometer
The adapted mass spectrometric technology
for analyzing extremely low concentrations and
the isotopic fractionations of He, Ne, Kr, Xe, Ar
in water and gas is available only in few
laboratories worldwide, with the research
laboratory at Eawag/ETH (Zürich) being one of
the pioneers in this field.
The miniRuedi (Fig. 3) allows for semicontinuous gas analysis (i.e. partial pressures),
and may be used to measure noble gas
concentrations. It consists mainly of two vacuum
pumps (DP, TP) and a quadrupole mass
spectrometer (QMS) with two detectors
Fig. 3. The miniRuedi portable mass spectrometer (figure from Brennwald et
(Faraday and Multiplier) with different
al. [2]) set up with 6-port inlet selector valve (S), capillary (C), inlet valve
sensitivities. In contrast to fixed laboratory units,
(V), quadrupole masspectrometer (QMS), turbomolecular pump (TP), and
no purification by e.g. cryogenics is carried out,
diaphragm pump (DP).
which reduces the detection limits, but allows for
on-site measurements and smaller instrument
units [2]. The instrument has several inlet ports such that a standard gas for calibration and multiple samples can be
measured subsequently and automatically without changing the setup. The consumption rate of sample gas is
negligible low compared to passing gas streams.
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3.3. Sample set-up
A miniRuedi [2] mass spectrometer was connected to the outgoing CO 2 product line, downstream the overhead
condenser of the CO2 stripper (Fig. 2). This stream is water-saturated, and the slip-stream to the instrument was passed
through a dryer to avoid the risk of condensation in the instrument. A pressure regulator was mounted between the
sample point and the membrane inlet to decrease the inlet pressure to atmospheric pressure. This inlet pressures were
fairly constant and recorded with a pressure sensor. The instrument was mounted in less than 1 hour, and ran
continuously during a 5-day test period. The analytical sequence was set to repeating cycles of one air-standard
analysis block (calibration), followed by three CO 2 output stream sample analysis blocks. An ambient air sample
analysis block was added intermittently to remove residual CO 2 from the ion source. The analysis blocks lasted
between 10 and 15 minutes depending on the number of components measured. During the test He, H 2O, Ne, N2, O2,
Ar, CO2 and Kr were measured. In this way, a unique, semi-continuous data series of gas content was collected and
suitable measurement routines were established. Single samples were gathered for lab analysis of noble gas isotopes.
4. Results
The instrument ran steadily throughout the sampling period. However, as this was a feasibility study, parameters
such as air-calibration and sampling intervals as well as the selection of analyzed components were tweaked and tested
underway. Absolute concentrations of CO2, O2 and N2 were compared with measurements performed by TCM (inline gas-chromatography). Low concentrations of noble gases throughout the measuring campaign confirm depletion
during capture. Kr and Ne were excluded after initial sampling tests, as their partial pressures were below the detection
limit. He was too low (< 0.001 ppm) throughout for proper quantification with the miniRuedi, as peak variation could
not be deciphered from background. This was confirmed in new, preliminary data analysed after the GHGT poster
presentation, and thus He plots are excluded from this final summary. Further studies of single samples and continuous
measurement of pre-capture variation (source inlet) are ongoing.
Ar (150 – 650 ppm) contents were significantly higher compared to He, Kr, Ne, and was measured throughout the
5-day sampling period (Fig. 4). Some significant changes were observed (i.e. sudden increase/decrease). The

Fig. 4. Measured Ar concentrations (ppm) during the test period 10.07. – 15.07.2017 (upper) displaying co-variance with CO2 recycle ratio
(wt %) at the TCM plant (lower).
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analytical error at sampling intervals of 10 - 15 minutes was acceptable, but the standard gas (air) used for calibration
was found to be sub-optimal. Ar concentrations appear to be sensitive to changes in the recycle ratio and the capture
process (Figs. 4, 5). Preliminary results from single samples confirm that He content is lower in the refinery gas
compared to in the natural gas source, and concentrations are expected to vary according to relative contributions from
natural gas versus refinery gas (Fig. 6). An observed decline in measured Ar concentrations coincided with reduction
of CO2 recycling in the line, a scheduled process change (Fig. 4).

Fig. 5. Gas flows (kg/h); flue gas, CO2 product and recycled CO2.

Fig. 6. Change in flue gas composition (wt % refinery gas vs. natural, detail from Fig. 5). Single samples indicate lower He concentrations in
RFCC flue gas, such that concentration changes are expected for different mixing ratios.
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5. Discussion
The test was successful in that the miniRuedi instrument ran continuously and variation in Ar concentrations were
observed and documented. Up to 50 % change in relative concentrations of Ar was observed in the course of 5 days.
This shows that there is noble gas variability, and that continuous monitoring is useful to ensure representative
sampling in evaluation of inherent fingerprints and traceability. Preliminary single sample results show that
concentrations are detectable with our technique before absorption (capture). During gas combustion and in the RFCC
process, contamination with air occurs.
Assuming that tests during the capture processing (e.g. recycling) in a regularly working plant are not occurring,
variations due to the capture process are expected to be minor. Thus noble gas variation related to source rather than
process changes should be measured/detectable at the inlet. This is evaluated in ongoing studies.
The approach of in-line monitoring with a miniRuedi instrument is straightforward. However, optimization is
necessary in order to reduce analytical uncertainty. Sample intervals of ~ 10 minutes were found suitable with respect
to signal reading time and peak heights, and relative to sample resolution (gradual compositional changes). A
customized calibration gas more similar to the CO2-product should be used in future tests for improved accuracy.
Absolute variability in Ar concentrations was registered, and may be used to guide sampling for further chemical
analysis and noble gas isotopic signature, ensuring a representative data set of single samples.
TCM is a test facility, and thus the CO2 product is not stored. There are, however, plans to establish a full value
CCS chain in Norway, including storage of CO2 captured post-combustion [12]. Storage of CO2 from multiple sources
(e.g. fossil fuels, cement, waste incineration) and different capture operations are challenging. Semi-continuous noble
gas analysis may allow for pre-injection gas fingerprinting. With regards to detectability at potential leakage sites and
separation of different anthropogenic type sources in reservoirs, however, some additional tracer gas may have to be
added. At single-source sites (e.g. Snøhvit, Utsira), inherent fingerprints may suffice for source identification. For
evaluation of source variability and the effect of the capture process on noble gas signatures, both the flue gas supply
(inlet) and CO2 product (outlet) should be monitored simultaneously. Multiple capillary inlets to the miniRuedi
instrument allows for semi-continous monitoring of several sample points. Total variation estimates are useful to guide
sampling for isotopic analysis.
Ar concentrations displayed significant variation. During the Ar decrease shown in Fig. 4 the recycling rate was
adjusted. Even though this is a change that may not occur in a running large-scale capture site, the dramatic decrease
emphasizes that there is a response in the noble gas assembly related to capture process changes. During the test period
measurements indicate that noble gases were heavily depleted after capture. He concentrations are significantly lower
than atmospheric concentrations (~ 0.00524 hPa). Alternative sampling techniques, e.g. [13], may be tested in further
research for gases currently below detection limit (i.e. He, Ne, Kr). Monitoring in-line variation and correlating with
isotopic fractions from previous samples will reduce the need for costly and time-consuming lab analysis.
6. Conclusions
The utilization of noble gases as added and/or natural tracers in the context of CO 2 storage monitoring is rather
new. As CCS is being upscaled and put into practice, the need for combined and improved monitoring techniques is
becoming evident. This feasibility study found that the miniRuedi [2] allows for frequent and accurate measurements
of Ar abundance in captured CO2 from a post-combustion like facility (TCM). Preliminary single sample analyses
indicate detectability also for continuous measurements of variation in He in the flue gas supply (source) before
absorption and depletion during post-combustion capture. At pre-combustion sites, however, contamination with air
is expected to be significantly lower, and considering He concentrations (enriched during radiogenic production)
measured in North Sea gas fields [6], monitoring temporal variations for He in the CO2 product at pre-combustion
capture sites is feasible. Documentation of variability in live gas streams and guided follow-up sampling for isotopic
analysis in the lab will provide an important basis for consideration of noble gas fingerprints in monitoring schemes
and leakage detection. This is a new approach that will provide knowledge of the uniqueness of noble gas fingerprints
in the product stream from hydrocarbon production, CO 2 capture operations and in the injection line for CO2 storage.
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Abstract: This paper presents a set of steady-state and transient data for dynamic process model
validation of the chemical absorption process with monoethanolamine (MEA) for post-combustion
CO2 capture of exhaust gas from a natural gas-fired power plant. The data selection includes a wide
range of steady-state operating conditions and transient tests. A dynamic process model developed
in the open physical modeling language Modelica is validated. The model is utilized to evaluate the
open-loop transient performance at different loads of the plant, showing that pilot plant main process
variables respond more slowly at lower operating loads of the plant, to step changes in main process
inputs and disturbances. The performance of four decentralized control structures is evaluated,
for fast load change transient events. Manipulation of reboiler duty to control CO2 capture ratio at
the absorber’s inlet and rich solvent flow rate to control the stripper bottom solvent temperature
showed the best performance.
Keywords: pilot plant; transient data; dynamic simulation; flexibility; post-combustion; decentralized
control; process dynamics; chemical absorption; CO2 capture

1. Introduction
Carbon capture and storage (CCS) is a group of technologies that can significantly contribute to the
reduction of anthropogenic CO2 emissions from thermal power generation and other carbon-intensive
industries [1]. There are two commercial-scale coal-fired power plants with post-combustion CO2
capture (PCC) using amines being operated today, at Boundary Dam in Canada [2] and at Petra
Nova project at the Parish Power Station in the US [3]. These projects prove the technical feasibility
of the technology at commercial scale. Among the different options and technologies for CO2
capture in thermal power generation, post-combustion CO2 capture with chemical absorption is
considered the more mature technology that can contribute to significantly reducing the carbon
intensity (kgCO2 /kWhel ) of fossil-fueled thermal power plants. In future energy systems with a high
penetration of renewable energy sources, the variability in demand and generation will introduce
a change in the operating patterns of thermal power generation plants, which will have to change
operating conditions [4–6]; there will also be a higher frequency of significant transient events including
load changes, and start-up and shut-down events [7,8]. In this regard, Boot-Handford et al.’s carbon
capture and storage update 2014 concludes that the financial case for CCS requires that it operates in
a flexible manner and that load-following ability is extremely important to the long-term economics [9].
Among the different features of flexible operation of power plants with CCS, an important
aspect is the transient behavior of the system when varying operating conditions. This means that
efficient operation and emissions and the related operational costs during transient operation will
gain importance. However, the operational experience from commercial-scale power plants with post
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combustion CO2 capture is scarce and the published transient pilot plant data from test campaigns
is limited. Therefore, there is a need for the development of dynamic process models. Dynamic
process models can contribute to developing the learning curve for flexible operation of PCC plants.
These tools can assist in evaluating the feasibility of flexible operation strategies as well as design
process configurations and operational strategies that can lead to the reduction of operational costs and
increased revenue during power plant operation. The study of the transient performance with dynamic
process models can contribute to identifying process bottlenecks and ease the process scale-up.
Dynamic process models allow the study of the open-loop transient performance of the
plant [10], the evaluation of different process configurations and designs [11], the development and
implementation of optimal control strategies [12–20], as well as the study of the plant behavior under
different operational flexibility scenarios [21,22]. In addition, the power plant and the PCC unit can be
treated as an integrated system and dynamic process models can be utilized to analyze the response
of the capture unit to changes that occur upstream in the power plant [12,15,19,23–25]. Furthermore,
the operational flexibility of the PCC plant can be improved with plant design or using control
strategies [26–29]. The core purpose of dynamic process models is to capture the time-dependent
behavior of the process under transient conditions. However, the validation of dynamic process models
with experiments and pilot plant data is necessary in order to assess the reliability of simulation results.
Kvamsdal et al. [30] developed a dynamic process model of a CO2 absorber column and used
steady-state data from a pilot plant to validate liquid temperature profiles, capture ratio % and rich
loading. That work highlighted the necessity of building up a dynamic process model of the integrated
system (including stripper, lean/rich heat exchanger, mixing tank and main process equipment),
to understand the complexities of dynamic operation of the plant. Gaspar and Cormos [31] developed
a dynamic process model of the absorber/desorber process and validated with steady-state plant
data. Several publications are available, in which the models were validated only with steady-state
pilot plant data [11,32–35]. Biliyok et al. [36] presented a dynamic model validation study where
transient data was driven by decrease in solvent flow rate to the absorber, fluctuating concentration
of CO2 at absorber inlet and a varying absorber’s feed flue gas stream temperature to the absorber.
A dynamic process model developed in Modelica language was validated with transient data from the
Esbjerg pilot plant by Åkesson et al. [37]. That data consisted of the transient performance after one
step-change in flue gas mass flow rate. An extensive review work by Bui et al. [38] concluded that
research efforts are required on producing transient pilot plant data.
More recent works have included validation of dynamic process models with transient plant data
from pilot plants. A K-Spice model by Flø et al. was validated with pilot plant data from the Brindisi
pilot plant [39]. Flø et al. [40] validated a dynamic process model of CO2 absorption process, developed
in Matlab, with steady-state and transient pilot plant data from the Gløshaugen (Norwegian University
of Science and Technology (NTNU)/SINTEF) pilot plant. Van de Haar et al. [41] conducted dynamic
process model validation of a dynamic process model in Modelica with transient data from a pilot
plant located at the site of the coal-fired Maasvlakte power plant in the Netherlands. Gaspar et al. [42]
conducted model validation with transient data from two step changes in flue gas volumetric flow rate
from the Esbjerg pilot plant. Other works include the validation of equilibrium-based models such as
that of Dutta et al. [43]; or the work by Chinen et al. [44] which conducted dynamic process model
validation of a process model in Aspen Plus® with transient plant data from the National Carbon
Capture Center (NCCC) in the US. Manaf et al. [45] developed a data-driven black box mathematical
model, based on transient pilot plant data, by means of system identification. In addition, dynamic
process models have been developed to study the transient behavior of the chemical absorption CO2
capture process using piperazine (PZ) as chemical solvent [19,20]. It should be noted that the majority
of work has been conducted for typical flue gas compositions from coal-based power plants with CO2
concentration around 12 vol % [38].
From the literature review it can be concluded that dynamic process model validation is
a challenging process due to:
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The scarce availability of transient or dynamic pilot plant data.
Most available data is found from small-scale pilot plants. That has implications for the reliability
of simulation results when applying dynamic process models to scaled-up applications.
The works involving transient data generally include the response of the plant to disturbances in
a few process variables.
Most of the validation work was done for flue gas with a typical CO2 content from coal-based
power plants.

Flexible operation of PCC plants has been studied with pilot plant test facilities in test campaigns.
Faber et al. [46] conducted open-loop step change responses at the Esbjerg pilot plant; this type of
analysis helps in understanding the transient performance of the process. They concluded that the
overall system acts as a buffer to perturbations at the plant inlet and that the coupled operation of the
absorber/desorber unit led to fluctuations in the system when all parameters—flue gas and solvent
mass flow rates and reboiler duty—are changed simultaneously. Bui et al. [47] presented a flexible
operation campaign conducted at the Commonwealth Scientific and Industrial Research Organization
(CSIRO)’s PCC pilot plant in Australian Gas Light Company (AGL) Loy Yang, a brown-coal-fired
power station in Australia. The generated transient data included step changes in flue gas flow
rate, solvent flow rate and steam pressure. The purpose of the study was to generate a set of data
for validation of dynamic process models, and to gain insight into process behavior under varying
operating conditions. A different approach was taken by Tait et al. [48] who conducted experiments
that simulated flexible operation scenarios on a pilot plant to treat synthetic flue gas with a CO2
concentration of 4.3 vol%, typical of a natural gas combined cycle (NGCC) plant. Tests for transient
operation have been conducted at the amine plant at CO2 Technology Center Mongstad (TCM DA).
De Koeijer et al. presented two cases: a first case with controlled stop-restart of the plant, driven by
a controlled stop of flue gas and steam sent to the PCC plant; and a second case with sudden stop of
the blower upstream of the absorber [49]. Nevertheless, a limited amount of transient testing can be
conducted during test campaigns. A thoroughly validated dynamic process model can help to study
the transient performance, controllability, and flexible operation of the plant and process dynamics via
dynamic process simulation.
In this work, a suitable set of steady-state and transient plant data, collected from a MEA
campaign at CO2 Technology Center Mongstad, is selected for dynamic process model validation
purposes. The plant was operated with flue gas from a natural gas fueled combined heat and power
plant. The selected data is utilized to validate a dynamic process model of the amine-based CO2
absorption-desorption process at TCM DA. Then, the validated model is employed to carry out two
case studies on the process dynamics of the TCM DA amine plant. In the first case study, the open-loop
transient response of the pilot plant at different operating loads of the plant is analyzed. In the second
case study, the performance of four decentralized control structures of TCM DA amine pilot plant is
evaluated for fast disturbances in flue gas volumetric flow rate.
2. Materials and Methods
2.1. Plant Description
CO2 Technology Center Mongstad test site has a pilot-scale amine-based chemical absorption
process plant. The amine plant can be configured to treat flue gas from a catalytic cracker from the
Mongstad refinery, with CO2 content of around 13–14 vol%, typically found in flue gas from coal-fired
power plants, and also to treat exhaust gas coming from a combined cycle gas turbine combined heat
and power plant (CHP), with CO2 content of around 3.5 vol%. A fraction of the product CO2 mass
flow rate can be re-circulated back upstream of the direct contact cooler (DCC) to increase the CO2
content, so CO2 concentrations of between 3.5 and 13–14 vol% could be fed to the plant to simulate
the effects of exhaust gas recirculation [50]. Table 1 presents data of the main process equipment of
TCM DA amine plant when configured to treat CHP flue gas, which has a total flue gas capacity of
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60,000 Sm3 /h and can capture around 80 ton CO2 /day. Figure 1 shows a simplified process flow sheet
of the amine plant at TCM DA when configured for CHP gas. A slipstream of exhaust gas is extracted
from the CHP plant placed next to the TCM DA facility, and it consists of about 3% of the total exhaust
gas. An induced draft blower is utilized to blow the flue gas flow. It has variable speed drives that
allow the flue gas volumetric flow rate fed to the absorber column to be manipulated. Upstream the
absorber column, a direct contact cooler cools down and saturates the flue gas with water, by means of
a counter-current flow stream of water.
Table 1. Size and materials of main process equipment at the amine plant at TCM DA with CHP
stripper configuration.
Absorber
Column cross sectional area (m2 )
Column height (m)
Packing height (12 + 6 + 6) (m)
Water wash section height (3 + 3) (m)
Absorber packing type
Absorber washer packing type

3.55 × 2
62
24
6
Koch Glitsch Flexipac 2X
Koch Glitsch Flexipac 2Y HC

CHP Stripper
Column cross sectional area (m2 )
Diameter (m)
Packing height (m)
Water wash section height (m)
Absorber packing type
Absorber washer packing type

1.33
1.3
8
1.6
Koch Glitsch Flexipac 2X
Koch Glitsch Flexipac 2Y HC

Heat Exchanger L/Rich
Duty (kW)
Heat transfer area (m2 )
Material

10358
308
SS 316L

Reboiler
Duty (kW)
Heat transfer area (m2 )
Material

3365
142
SS 316L

Lean Amine Cooler
Duty (kW)
Heat transfer area (m2 )
Material

5182
78.8
TITANIUM

A chemical absorption process occurs in the absorber column, where the chemical solvent, flowing
from top to bottom, meets the flue gas flowing in counter-current. The absorber column consists of
a rectangular polypropylene-lined concrete column with a height of 62 m and a cross-section of
2 × 3.55 m. The absorber-packed sections consisting of Flexipac 2X (Koch-Glitsch Italia, Vimercate,
Italy) structured stainless-steel packing are distributed from bottom to top in three sections of 12 m,
6 m and 6 m. Two water-wash systems are installed in the top of the absorption column, consisting of
two sections of Flexipac 2Y HC (Koch-Glitsch Italia, Vimercate, Italy) structured stainless-steel packing.
The water-wash sections limit emissions and are used to keep the water balance of the plant. The upper
water-wash sections can be operated as acid wash [51]. In addition, the plant can be configured to use
different packing heights in the absorber column resulting in 12, 18 or 24 m. This can be implemented
at TCM plant by introducing all the lean solvent flow at 12 m of absorber packing, 18 m of absorber
packing (12 + 6) m or 24 m of absorber packing (12 + 6 + 6) m.
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the desorption process. The steam supplied to the reboiler comes from the refinery situated next to the
TCM DA facility. Details on the steam supply system can be found in Faramarzi et al. [51].
2.2. Pilot Plant Configuration and Instrumentation
The TCM DA amine plant can be utilized to test various chemical solvents. In this work, the tests
were conducted with 30 wt. % aqueous monoethanolamine (MEA). During the tests conducted
in the test campaign, the responses and performance of the pilot plant were logged and extracted
every 30 s. Gas composition was logged with gas analyzers at the inlet of the absorber, outlet of the
absorber, and the product CO2 . A gas chromatograph (GC) installed at TCM DA plant can measure
concentrations of CO2 , N2 , H2 O and O2 at the three locations in a nearly simultaneous manner, which is
a desired feature for transient tests; refer to GA1, GA2 and GA3 in Figure 1. Details on gas analyzers
and instrumentation at TCM DA plant can be found in [51].
Gas phase flow rates were measured at the plant during the tests. The flue gas volumetric
flow rate fed to the absorber is measured with an ultra-sonic flow meter (FT1). As discussed by
Faramarzi et al. in [51], the depleted flue gas flow meter (FT2) had a higher degree of variability than
FT1, and some transients were observed on the FT2 measurement that were not explained by changes
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in process parameters at the plant. Therefore the depleted flue gas flow rate was calculated in the
test campaign by considering that all O2 and N2 fed to the absorber goes out of the plant with the
depleted flue gas. The cooled product CO2 discharge flow (FT3) was measured with a vortex flow
meter. Other flow rates measured at the plant include the steam fed to the reboiler, the lean amine flow
rate at the absorber inlet and the rich amine flow rate at the absorber outlet. For flue gas flow meters,
the standard conditions are 15 ◦ C and 101.3 kPa [51].
Pressures and pressure drops at different components of the plant were logged. In addition,
main process temperatures were logged. For process model validation, it is common to assess the
model prediction of the absorber and stripper temperature profiles. Within the absorber and stripper
columns of TCM DA’s amine plant there are four temperature sensors distributed in the radial plane
per meter of packing in the axial direction. Thus, there are 96 temperature sensors within packed
segments of absorber column and 28 temperature sensors within the packed segment in the stripper
column. These measurements allow the creation of clear temperature profiles of the absorber and
stripper columns in the axial direction (at each column height, the resulting temperature value is the
average of the four measurements distributed in the radial plane).
Online solvent analysis measurements (SA) were taken at the inlet (SA1) and outlet of the absorber
(SA2); refer to Figure 1. The measurements include pH, density and conductivity. In addition, solvent
samples were regularly taken manually and analyzed onsite. These analyses allow MEA concentration
and CO2 loadings to be calculated at the sampling points on a periodic basis. The actual reboiler duty
was estimated as suggested in Thimsen et al. [52]. Equation (1) shows the calculation of the actual
reboiler duty, where Fsteam is the logged measurement data of steam mass flow rate (refer to FT4 in
Figure 1), Tc is the condensate temperature, Tg is the superheated steam inlet temperature, p g is the
steam pressure at inlet, and pc is the condensate pressure. Enthalpy was calculated with the use of
accurate steam tables, with the condensate at the reboiler outlet assumed to be saturated liquid at Tc or
pc . The specific reboiler duty (SRD) in kJ/kgCO2 is calculated as in Equation (2), where Fprod is the
CO2 rich product mass flow rate; refer to FT3 in Figure 1.
.
 


Qreb = Fsteam h g Tg , p g − hc ( Tc , pc )

(1)

.

Q
SRD = reb
FProd

(2)

During the tests presented in this work, the averaged total inventory of aqueous MEA was
around 38.2 m3 . Averaged values of liquid hold-ups and its distribution at different components of
the plant during the steady-state tests included in this work are presented in Table 2. Detailed data
on solvent inventory distribution throughout the plant is of importance in order to obtain suitable
dynamic process simulation results. The regulatory control layer of the plant was active during the
tests conducted in the MEA campaign. The main control loops of the regulatory control layer are
presented in Figure 1. Note that the actual regulatory control layer of the amine plant at TCM DA
is more complex and includes more control loops for auxiliary equipment, stable and safe operation
of the plant, and start-up and shut-down sequences. The control loops included here are those the
authors found relevant for the purposes of dynamic process modeling and simulation of this plant
during online operation, and considering the time scales of interest for process operation.
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Table 2. Averaged values of total solvent inventory and its distribution within the main components of
the TCM plant.
PCC Plant Main Components

Solvent Inventory (m3 )

Absorber sump
Absorber packing
CHP stripper packing
CHP stripper sump
CHP reboiler
Cold rich solvent pipe
Cold lean solvent pipes
Hot rich solvent pipe
Hot lean solvent pipes (including reboiler pipes)
Lean/rich hx—lean side
Lean/rich hx—rich side
Lean cooler
TOTAL

8.1
8.4
1.0
2.3
0.4
2.2
5.2
1.1
8.2
0.5
0.5
0.3
38.2

2.3. Dynamic Process Model
Dynamic process modeling was carried out by means of the physical modeling language
Modelica [53]. Modelica allows development of systems of differential and algebraic equations that
represent the physical phenomena occurring in the different components of the system. The process
models of the equipment typically found in a chemical absorption plant were obtained from a Modelica
library called Gas Liquid Contactors (Modelon AB, Lund, Sweden) [54], and the commercial tool
Dymola (Dassault Systèmes, Vélizy-Villacoublay, France) [55] was utilized to develop the models
and carry out the simulations. The component models include absorber and stripper columns,
sumps, lean and rich heat exchanger, stripper reboiler, overhead condenser, condensers, pipe models,
pumps, valves, measurements and controllers. The dynamic process model of the amine plant at
TCM DA presented in Figure 1 was developed by parameterizing, modifying and connecting the
different models. For this purpose, the main process equipment, size, geometry and materials were
considered; refer to Table 1. A key aspect for obtaining suitable dynamic simulation results is the
consideration of the distribution of solvent inventory at the different equipment of the plant. Therefore,
solvent inventory distribution was implemented in the dynamic process model; refer to Table 2.
Finally, the equivalent regulatory control layer of the plant was applied in the dynamic process
model; discussed later in Section 5.2. The models contained in the library have been presented
elsewhere [56,57]; therefore only an overview of the models is presented in the following. Numerical
integration of the resulting system of differential and algebraic equations was carried out in Dymola
with the differential algebraic system solver (DASSL) implemented in Dymola [55]. The main assumptions
applied are [56]:

•
•
•
•
•
•
•
•
•
•
•

All chemical reactions occur in the liquid phase and are assumed to be in equilibrium.
The flue gas into the absorber contains only CO2 , O2 , H2 O and N2 .
MEA is non-volatile and not present in the gas phase.
The total amount of liquid in the column is defined as the packing hold-up and the sump
liquid hold-up.
The reboiler is modeled as an equilibrium flash stage.
The liquid in the column sumps and other large volumes are assumed to be ideally mixed.
Mass and heat transfer between liquid and gas phase is restricted to packed section.
Negligible temperature difference between the liquid bulk and interface to gas phase.
No storage of mass and energy in the gas phase.
All liquid from the packing bottom in the stripper is fed to the reboiler with a constant liquid level.
Constant target packing hold-up.
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The models of the absorber and stripper columns are developed based on the two-film theory;
therefore, at the gas and liquid interface thermodynamic equilibrium is assumed. Interface mass
transfer phenomena is modeled in packed sections with a rate-based approach with enhancement
factor E [30], which takes into account the enhanced mass transfer due to chemical reactions; refer to
Equations (3) and (4), where ci,if and ci,b are molar concentrations at liquid bulk and interface, Aif is
the contact area, ki are the mass transfer coefficients by Onda [58], T is the bulk phase temperature,
and pi are the partial pressures of the species in the gas phase. The pseudo-first order enhancement
factor E is calculated as in Equation (5), where k CO2 is the overall reaction constant for CO2 and
CMEA the molar free MEA-concentration taken from [59], the diffusivity DCO2 of CO2 in aqueous
MEA is calculated by the Stokes-Einstein relation and the diffusivity of CO2 in water from [60]. Cef is
a pre-multiplying coefficient for calibration of enhancement factor. The packing characteristics of Koch
Glitsch Flexipac 2X were considered for parameterizing the packing segments of the dynamic process
model for absorber and stripper columns, with a surface area of 225 m2 /m3 and a void fraction of 0.97.


.
ni,l = Ai f k i,l E ci,b − ci,i f
.

ni,v =



Ai f Ki,v pi,b − pi,i f

E = Ce f



RT

i = CO2

(3)

i = CO2 , H2 O

(4)

i = CO2

(5)

C MEA k CO2 DCO2
k i,l

Phase equilibrium at the gas-liquid interface is calculated as in Equations (6) and (7), where the
solubility of CO2 in water is considered by Henry’s law, with Hei from [61]; activity coefficients γi
are implemented from [61]; chemical equilibrium is assumed at the interface and liquid bulk, and the
chemical equilibrium constants Ki implemented in the process model are obtained from Böttinger [61].
The Van’t Hoff equation is utilized in order to infer the heats of reaction ∆Hr from the equilibrium
constant; refer to Equation (8). The Chilton-Colburn analogy was employed to correlate sensible
heat transfer between phases with the gas phase mass transfer coefficient. Latent heat connected to
the transferred mass flow from one phase to the other is considered in the specific enthalpies of the
individual species. The heat of evaporation and heat of solution are a function of temperature but are
considered constant with solvent CO2 loading. The gas phase model assumes ideal gas law, and the
pressure of the column p is determined by the gas phase pressure drop.
yi p = γi xi Hei i = CO2

(6)

yi p = γi xi pi,sat ( T ) i = H2 O

(7)

∆Hr
dlnK
=
dT
RT 2

(8)

The lean-rich heat exchanger is modeled as a static heat exchanger model with the ε-NTU
(effectiveness—number of thermal units), and pure transport delay models are used to account for
dead times included by the solvent hold-up within piping’ volumes.
At the top of the absorber column a washer model is implemented, consisting of a volume model
with phase separation that saturates the gas with water at the targeted temperature. A make-up stream
of water is injected in the absorber sump to keep the H2 O mass balance of the system. MEA is assumed
non-volatile in the model and therefore it is only present in the liquid phase. However, in the actual
plant make-up MEA is required for operation and it is injected upstream the rich amine pump; refer to
Figure 1.
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3. Steady-State Validation of Dynamic Process Model
3.1. Steady-State Operating Cases
A test campaign was conducted at the amine plant at TCM DA using MEA, operated from 6 July
until 17 October 2015. Table 3 shows the steady-state cases generated during the test campaign that
were used in this work for dynamic process model validation purposes. The plant was operated
with 30 wt. % MEA for all cases. The objective was to select a set of steady-state cases from the
MEA campaign that could represent a wide range of steady-state operating conditions, including
data from full capacity of volumetric flow rate fed to the absorber column. The steady-state cases
were generated by varying the set points of the main pilot plant inputs, namely solvent circulation
.
flow rate Fsolv (refer to FT5 in Figure 1), reboiler duty (Qreb ), and flue gas volumetric flow rate (Fgas ).
The steady-state cases represent a variation in operating conditions of the plant, especially on the flue
gas volumetric flow rate load of the absorber, CO2 capture rate, L/G ratio in the absorber and absorber
packing height. Cases 1 to 5 are operated at absorber full flue gas capacity of around 60,000 Sm3 /h.
A similar mass-based L/G ratio, of around 0.89, is kept in the absorber column during the steady-state
operating cases with full capacity, with the exception of Case 4, where it is changed to 0.8, by varying
the rich solvent mass flow rate. The main process variability in these cases is the change in reboiler
duty, with CO2 capture rate ranging from 85 to 68%. CO2 capture rate was calculated with the method
1 described by Thimsen et al. [52]; refer to Equation (9), where Fprod refers to the product CO2 flow
rate (FT3 in Figure 1), and XCO2 is the mass fraction of CO2 in the absorber inlet (measured at GA1 in
Figure 1). Note that here CO2 capture rate has been named Des as it defines the desorption ratio utilized
in Section 5.2. In addition, Cases 2 to 5 were operated with 18 m absorber packing, i.e., the uppermost
absorber-packing segment is kept dry. Cases 6 to 10 are operated with 24 m absorber packing and
the absorber column at 80% volumetric flue gas flow rate capacity. The mass-based L/G ratios on
the absorber range from 1.34 to 0.75 for Cases 6 to 10, by varying solvent circulation mass flow rate.
The capture rate is kept constant at around 85% by varying the reboiler duty.
Table 3. A selection of steady-state data cases obtained from the test campaign conducted at TCM
plant during autumn 2015. The plant was operated with 30 wt. % aqueous MEA.
Case
Gas flow rate (Sm3 /h)
Rich solvent flow rate (kg/s)
L/G ratio (kg/kg)
Reboiler duty (kW)
Absorber inlet gas CO2 (vol%)
Absorber inlet gas O2 (vol%)
Absorber inlet gas H2 O (vol%)
Absorber inlet gas N2 (vol%)
Loading rich (mol/mol)
Loading lean (mol/mol)
Stripper bottom temperature (◦ C)
CO2 product flow (kg/s)
CO2 capture rate (%)
Absorber packing height (m)

1

2

3

4

5

6

7

8

9

10

59,461 59,468 59,442 59,499 59,544 46,973 46,973 46,973 46,973 46,973
17.33 17.31 17.22 15.50 17.24 20.56 17.50 16.11 12.74 11.46
0.89
0.89
0.89
0.80
0.89
1.34
1.14
1.05
0.83
0.75
3417
3159
2664
2397
3056
2745
2669
2667
2659
2682
3.64
3.61
3.59
3.58
3.59
3.60
3.62
3.62
3.62
3.62
15.52 15.54 15.55 15.46 15.35 15.30 15.48 15.49 15.51 15.52
3.98
3.92
3.93
4.01
4.22
3.80
3.36
3.46
3.52
3.43
79.09 79.02 78.85 78.57 78.20 78.18 78.88 78.94 79.06 78.96
0.490 0.485 0.498 0.500 0.495 0.475 0.488 0.486 0.493 0.491
0.280 0.294 0.333 0.341 0.314 0.342 0.329 0.310 0.260 0.229
120.9 121.1 119.1 118.9 120.1 116.6 118.3 119.1 121.4 121.8
0.95
0.89
0.75
0.68
0.84
0.74
0.74
0.75
0.77
0.76
85
80
68
75
85
85
85
85
85
24
18
18
18
18
24
24
24
24
24

The first series of tests during the MEA campaign were dedicated to verification of mass balances
of the plant [50]. CO2 mass balance gives results close to 100%, and Gjernes et al. [50] conclude that
CO2 mass balance based on gas phase can be maintained at a level better than 100 ± 5%. In this work,
the suggested method in [50] was used during data selection in order to ensure that the steady-state
data cases presented in Table 3 have acceptable CO2 mass balance.
In order to develop the overall dynamic process model of the plant, the steady-state data for
Case 1, refer to Table 3, was used as a reference to calibrate the dynamic process model, and the main
outputs from the model simulations were compared with the plant data. This data set was chosen since

160

Collection 11: MEA Solvent

Energies 2017, 10, 1527

10 of 36

it represents the baseline operating conditions of the amine plant at TCM DA when using aqueous
MEA as chemical solvent, as presented in Faramarzi et al. [51]. The models of the different subsystems
of the plant consisting of (i) absorber column; (ii) lean/rich heat exchanger; and (iii) stripper column
with overhead condenser and reboiler were calibrated separately, and then linked to form the overall
dynamic process model. The model was calibrated by tuning a pre-multiplying coefficient Cef for
the enhancement factor E. It was set to 0.28 in absorber packed segments and 0.01 in stripper packed
segments. The validation section included in this work extends on work conducted previously [62].
Des =

Fprod
Fgas · XCO2

(9)

3.2. Validation Results of Dynamic Process Model with Steady-State Plant Data
The results from the simulated dynamic process model for the steady-state operating cases,
described in Section 3.1, are displayed in Table 4. The results shown are for main process variables
during pilot plant operation, namely CO2 lean (Ll ) and rich (Lr ) loadings, product CO2 flow rate (Fprod ),
specific reboiler duty (SRD) and stripper bottom temperature Tstr . Possible deviations in dynamic
process model prediction arise from errors related to measurement uncertainty and to modeling
uncertainty, the latter being related to the fact that a physical model is always a simplification of
reality. This means that it is natural to observe some deviation in the prediction of the dynamic process
model simulation. Therefore, it is of importance to quantify these errors so that they are kept within
reasonable bounds. The absolute percentage errors (AP) and the mean absolute percentage errors
(MAP) are calculated as in Equations (10) and (11), where xm is the value of the process variable
predicted by the process model simulation, x p is the value of the process variable measured at the pilot
plant at the given steady-state operation case, and n is the number of steady-state cases studied.


 x − x 
p 
 m
AP = 100·



xp
n

MAP = 100· ∑
i



 ( xm,i − x p,i ) 


x p,i


n

(10)

(11)

The results for lean CO2 loading are presented in Figure 2 with a parity plot, where ±5% and
±10% error lines are also shown. It is clear that the dynamic process model under-predicts lean loading
for most of the cases, with a MAP < 6.6%. In addition, Figure 2 shows the parity plot for CO2 product
flow rate; in this case, the CO2 product flow rate is also under-predicted by the dynamic process model,
with a MAP < 5.3%. Figure 3 shows the parity plot for stripper bottom temperature, with the ±2%
error lines plotted; stripper bottom temperature Tstr presented a MAP < 1%. From the parity plots, one
can observe that, despite the errors found in the absolute values predicted by the dynamic process
model with respect to the reference plant data, the dynamic process model can predict the variability
in the main process variables for a wide range of steady-state operating conditions.
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0.489
0.514
5.01
0.282
0.257
8.93
0.95
0.90
4.97
3602
3791
5.23
120.9
121.0
0.08

Pilot plant
Model
AP
MAP

Pilot plant
Model
AP
MAP

Pilot plant
Model
AP
MAP

Pilot plant
Model
AP
MAP

Pilot plant
Model
AP
MAP

Lean loading Ll
(mol/mol)

CO2 Product flow Fprod
(kg/sec)

Specific reboiler duty
SRD (kJ/kg)

Stripper bottom
temperature Tstr (◦ C)

1

Rich loading Lr
(mol/mol)

Case

162

121.1
119.8
1.06

3562
3739
4.95

0.89
0.84
4.72

0.294
0.273
7.24

0.485
0.513
5.58

2

119.1
117.2
1.63

3533
3726
5.46

0.75
0.72
5.18

0.333
0.309
7.16

0.498
0.514
3.19

3

118.9
117.2
1.42

3509
3670
4.58

0.68
0.65
4.38

0.341
0.306
10.06

0.500
0.514
2.91

4

120.1
119.4
0.61

3651
3724
2.00

0.84
0.82
1.96

0.314
0.279
11.34

0.495
0.513
3.55

5

116.6
114.7
1.62

3727
3909
4.88

0.74
0.70
4.65

0.342
0.343
0.35

0.475
0.512
7.81

6

118.3
117.0
1.10

3613
3744
3.63

0.74
0.71
3.50

0.329
0.312
4.98

0.488
0.513
5.17

7

119.1
118.3
0.71

3561
3688
3.56

0.75
0.72
3.44

0.310
0.292
5.94

0.486
0.514
5.62

8

121.4
121.0
0.31

3463
3783
9.24

0.77
0.70
8.46

0.260
0.241
7.10

0.493
0.514
4.43

9

121.8
121.8
0.04
0.86

3538
3994
12.89
5.64

0.76
0.67
11.42
5.27

0.229
0.224
2.35
6.55

0.491
0.514
4.70
4.80

10

Table 4. Results from dynamic process simulation of the amine plant at TCM for the 10 steady-state operation cases. The pilot plant data for solvent CO2 lean loading
(Ll ), solvent CO2 rich loading (Lr ), CO2 product flow rate (Fprod ), specific reboiler duty (SRD) and stripper bottom temperature (Tstr ) are shown. In addition, the model
prediction during steady-state simulation for the same process variables is shown. Calculated absolute percentage errors (AP) and mean absolute percentage errors
(MAP) between pilot plant measurements and simulated model predictions for the 10 steady-state operating cases are presented.
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Validation of absorber and stripper temperature profiles is normally considered a challenging
Validation of absorber and stripper temperature profiles is normally considered a challenging
task for several reasons. At TCM DA the temperature profiles are the resulting averaged values of
task for several reasons. At TCM DA the temperature profiles are the resulting averaged values
the 4 measurements distributed radially in a given axial position within the column; refer to Section
of the 4 measurements distributed radially in a given axial position within the column; refer to
3. A given pilot plant temperature value presented in Figure 4 is the resulting average over time
Section 3. A given pilot plant temperature value presented in Figure 4 is the resulting average over time
during one hour of steady-state operating conditions, of the averaged 4 temperature measurements
during one hour of steady-state operating conditions, of the averaged 4 temperature measurements
radially distributed within the absorber or stripper column, at the given axial position of the column.
radially distributed within the absorber or stripper column, at the given axial position of the column.
The individual temperature measurements are considered reliable and the resulting temperature
The individual temperature measurements are considered reliable and the resulting temperature
profiles are reasonable. However, some sensors are located closer to the center of the packing while
profiles are reasonable. However, some sensors are located closer to the center of the packing while
others closer to the wall. This results in a maximum variation (<6 °C) which is observed between the
others closer to the wall. This results in a maximum variation (<6 ◦ C) which is observed between
measurements in the same radial plane, which depends on operating conditions and is different at
the measurements in the same radial plane, which depends on operating conditions and is different
different radial planes. Based on the results presented in Figure 4, the dynamic process model can
at different radial planes. Based on the results presented in Figure 4, the dynamic process model
properly predict absorber and stripper column temperature profiles with sufficient accuracy
can properly predict absorber and stripper column temperature profiles with sufficient accuracy
considering the purpose of application. Absorber temperature profiles predicted by the model show
considering the purpose of application. Absorber temperature profiles predicted by the model show
a good agreement with the experimental pilot plant data, and the model is capable of properly
a good agreement with the experimental pilot plant data, and the model is capable of properly
predicting the trends in temperature along the column. The absorber temperature profiles have a mean
absolute percentage error (<2.5%) for Case 1 and (<2.1%) for Case 6, which is within the observed
maximum variability of the temperature measurements in a given radial plane. In addition, desorber
temperature profiles have a mean average error (<0.6%) for Case 1 and (<3.6%) for Case 6. It is the
desorber temperature profile for Case 6 that presents the less accurate prediction. In addition, it can
be concluded that the process model is capable of properly predicting the variation of temperature
profiles for various steady-state operating conditions.
4. Validation of Dynamic Process Model with Transient Plant Data
For dynamic process model validation purposes transient tests are conducted by means of
open-loop step changes in the main process inputs to the plant. The transient behavior occurs between
the initial steady-state operating conditions until the new steady-state operating conditions are reached.
In this work, the experiments consist of set-point changes in rich solvent flow rate, flue gas volumetric
flow rate fed to the absorber and reboiler duty. The output trajectories of main process variables
are observed and compared with the model output trajectories. In order to obtain good sets of data
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Figure 6. (a) Main inputs to the plant for test with flue gas flow rate set-point increase (kg/s). Rich
Figure 6. (a) Main inputs to the plant for test with flue gas flow rate set-point increase (kg/s).
solvent flow rate from absorber (kg/s) and reboiler duty (kW); (b) Pilot plant transient response and
Rich solvent flow rate from absorber (kg/s) and reboiler duty (kW); (b) Pilot plant transient response
and model output trajectory for CO2 product flow rate Fprod or CO2 desorbed (refer to FT3 in Figure 1);
(c) Pilot plant transient response and model output trajectory for CO2 absorbed in absorber column,
refer to Equation (11). The time t = 0 corresponds to the point from which the set point of flue gas
volumetric flow rate was changed.
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This corresponds with flue gas volumetric flow capacities in the absorber column of 80% and 67%
respectively. Figure 5a shows the three main inputs of the plant for this test. During the test, reboiler
duty was changed in steps around the value of 3550 kW; this might be due to the effects of the
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regulatory control layer on steam mass flow rate. The solvent mass flow rate had small amplitude
oscillations around the set point.
CO2,abs = Fgas · XCO2 − Fdepleted · XCO2,out

(12)

Figure 5b,c show the output trajectories of CO2 product flow rate (or CO2 desorbed) and CO2
absorbed to the disturbance applied in this test. CO2 absorbed is calculated as the difference between
CO2 mass flow rate at the absorber inlet and the CO2 mass flow rate leaving the absorber with the
depleted flue gas at the top of the absorber; refer to Equation (12). In Figure 5b, a dead time of around
40 min was observed, i.e., no significant changes are found in the CO2 desorbed until around 40 min
after the disturbance was applied to the pilot plant. In addition, the plant did not reach steady-state
operating conditions until around 4 h later. As shown in Figure 5c, there is not significant dead time in
the response of CO2 absorbed. The difference observed between the output trajectories is characteristic
of the coupled transient performance of the absorber and stripper columns. Figure 5b,c shows that
the process model is capable of predicting the main process dynamics for CO2 product mass flow rate
(CO2 desorbed), including an adequate prediction of dead times and stabilization time. In addition,
the CO2 absorbed transient performance trends are predicted in a satisfactory manner.
4.2. Flue Gas Flow Rate Ramp-Up and Step Changes in Reboiler Duty
These tests consist of combined input changes to the plant in terms of flue gas volumetric flow
rate and reboiler duty. A set-point increase of the flue gas volumetric flow rate fed to the absorber
from 40,000 to 47,000 Sm3 /h was applied. This corresponds with 67% and 80% of the absorber column
capacity, respectively. In addition, step-changes in reboiler duty were applied during the transient
test. Figure 6a shows the three main inputs of the plant during the test. Figure 6b,c show the CO2
product flow and CO2 absorbed for the model and the pilot plant data. In this test a dead time of
around 20 min in the response of CO2 desorbed was observed. This confirms the buffering effect by
the chemical process in terms of the response of CO2 desorbed when the flue gas volumetric flow rate
is changed. There is evidence to support this observation in previous pilot plant studies [46–48]. The
delay in the response is partly attributed to solvent circulation time and the redistribution of liquid.
Despite the steady-state offset shown on CO2 absorbed in Figure 6b, a good prediction of the main
transient response is seen. It is possible that the reduction in reboiler duty at around 10 min flattens
out the response in CO2 product flow rate.
4.3. Solvent Flow Rate Ramp-Down
In this test, the plant is operated in steady-state until the rich solvent mass flow rate set point
is ramped down from around 17.5 kg/s to around 16.1 kg/s; refer to FT5 in Figure 1. The reboiler
duty and flue gas volumetric flow rate were intended to be kept constant. Figure 7a shows the three
main inputs of the plant during this transient test. In addition, the pilot plant performance in terms of
product CO2 mass flow Fprod (or CO2 desorbed) and absorbed CO2 flow rate are presented, together
with the dynamic process model simulations for this test. Again, a satisfactory agreement is found
between the plant trajectories and the output trajectories predicted by the dynamic process model.
From the three transient tests presented above, it can be concluded that the dynamic process
model predicts the transient trends of the main output trajectories of the process for different inputs to
the plant. In addition, the dead times and stabilization times of the process are properly predicted
by the dynamic process models, despite the steady-state deviations observed and already quantified
in Section 3.2. This means that the dynamic process model is suitable for simulation studies at the
plant scale, including dynamic process simulations to analyze the plant transient performance, and for
control tuning and advanced control layer design, including control structure studies.
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5. Case Study: Open-Loop Performance and Decentralized Control Structures
5.1. Open-Loop Step Responses at Different Plant Flue Gas Capacities
A power plant operated in a power market with a high penetration of renewables will most likely
be operated in load-following mode [7,63]. This means that the power plant with PCC will be operated
during a significant amount of its lifetime at part loads. In the case of a natural gas combined cycle
power plant with post-combustion CO2 capture it means that, at part-load operation, the gas turbine
(GT) load will be reduced, generating a reduced mass flow rate of flue gas that would be conducted to
the PCC unit. The purpose of this case study is to investigate the transient performance of the PCC
pilot plant via dynamic process simulation by implementing open-loop step changes to the dynamic
process model, and to compare the response of the plant at different part-load operating points, defined
by different mass flow rates of flue gas to be treated. The analysis will assess the transient response
of the plant to multiple and non-simultaneous step changes in three key inputs to the plant, namely
.
(i) flue gas flow rate Fgas (ii) solvent flow rate Fsolv ; and (iii) reboiler duty Qreb , at different flue gas
mass flow rate capacities of the plant. In order to define the part-load operating points, a decentralized
control structure was utilized, in which reboiler duty was the manipulated variable to control stripper
bottom temperature Tstr to 120.9 ◦ C, and the solvent flow rate was the manipulated variable to control
CO2 capture ratio Cap to 0.85, as defined in Equation (13). When operating the plant at different flue
gas mass flow rates, corresponding to 100%, 80% and 60% of nominal mass flow rate, this results in
the three steady-state operating points presented in Tables 5 and 6. The control structure is defined as
control structure A in Table 7.
Cap =

Fgas · XCO2 − Fdepleted · XCO2,out

(13)

Fgas · XCO2

Table 5. Simulated pilot plant inputs’ set points for the three operating points to be studied, corresponding
to 100%, 80% and 60% of flue gas mass flow rate capacity of the pilot plant. With Cap = 0.85 and
Tstr = 120.9 ◦ C for all cases.
.

Pilot Load (%)

Fgas (kg/h)

Fsolv (kg/s)

Qreb (MW)

100
80
60

19.3
15.3
11.6

17.6
13.2
9.5

3.5
2.7
2.1

Table 6. Simulated pilot plant values for the process variables, lean CO2 loading Ll , rich CO2 loading
Lr , CO2 capture ratio Cap and CO2 product flow rate, at three different operating points of the
plant, corresponding to 100%, 80% and 60% of flue gas mass flow rate capacity of the pilot plant.
With Cap = 0.85 and Tstr = 120.9 ◦ C for all cases.
Pilot Load (%)

Ll (mol/mol)

Lr (mol/mol)

Cap

Fprod (kg/s)

100
80
60

0.280
0.246
0.228

0.501
0.514
0.514

0.85
0.85
0.85

0.91
0.72
0.55
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Table 7. Control structures for the supervisory control layer of the TCM amine plant. Key manipulated
variables (MVs) are solvent flow rate Fsolv and reboiler duty Qreb . Controlled variables are CO2
capture ratio Cap to 85%, defined in Equation (12), and stripper bottom temperature Tstr to 120.9 ◦ C.
Control structure D controls Cap via a feed forward FF controller.
Pairing 1

Pairing 2

Control
Structure

Manipulated Variable

Controlled Variable

Manipulated Variable

Controlled Variable

A
B
C
D

Fsolv
Qreb
Fsolv
Fsolv

Cap
Cap
L/G
Cap, with FF

Qreb
Fsolv
Qreb
Qreb

Tstr
Tstr
Tstr
Tstr

The open-loop response was studied for the process variables (i) CO2 absorbed CO2,abs ,
in Equation (11); (ii) CO2 desorbed CO2,abs (or Fprod ); (iii) lean CO2 loading Ll at the inlet of the absorber;
and (iv) rich CO2 loading Lr at the outlet of the absorber. To characterize the transient response,
dead time θ, settling time ts , total stabilization time tt , and relative change (RC) were calculated:

•
•

•
•

Dead time θ: it is the time that takes before a process variable starts to change from the initial
steady-state conditions as a response to the disturbance or input.
Settling time: The 10% settling time ts is the time taken from when the process variable begins to
respond to the input change (dead time) until it remains within an error band described by 10%
of the change in the process variable ∆y and the final steady-state value of the process variable
y∞ , i.e.: −0.1 ∆y + y∞ < y∞ < 0.1 ∆y + y∞ .
Total stabilization time: the sum of the dead time θ and the settling time ts is the resulting total
stabilization time tt .
Relative change RC: Change in the observed process variable from initial steady-state conditions
y0 to the final steady-state conditions; refer to Equation (14).
RC (%) = 100·

y ∞ − y0
y0

(14)

The detailed results of the process simulations are presented in Tables A1–A3 in Appendix A.
Figure 8 shows the total stabilization times for the selected process variables at the three operating
points, for step changes in solvent flow rate and reboiler duty. The responses for step changes in flue
gas flow rate are not presented, since it is shown in Table A1 that the relative change RC in the output
process variables is very small or negligible (RC ranges from −0.81% to 0.21%). This can be explained
by the highly diluted nature of the CO2 in the flue gas (ca. 3.5 vol%). The results show the non-linear
behavior of the plant, with different transient responses to step change set-point increase and decrease
in key plant inputs, and at different loads of the plant.
Figure 8a shows the total stabilization time for lean CO2 loading Ll at the inlet of the absorber,
which ranges from 25 to 45 min in all cases. The results show that the required time for total stabilization
increases when the plant is operated at lower loads. As shown in Appendix A (Tables A1 and A2),
a general trend was that the dead time θ in the response of Ll to step changes in reboiler duty and rich
solvent mass flow rate increases at part-load points. This could be explained by the fact that at lower
loads the solvent mass flow rate is smaller (refer to Fsolv in Table 6), resulting in longer residence times
of the solvent through each equipment hold-up, piping, and recycle loop, this is, larger circulation
time. This can also explain why dead times are generally larger when decreasing solvent flow rate
than when increasing it; refer to Table A2 in Appendix A.
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Figure 8a shows the total stabilization time for lean CO2 loading Ll at the inlet of the absorber,
Figure 8b shows the total stabilization times for rich CO loading L at the outlet of the absorber
which ranges from 25 to 45 min in all cases. The results 2show that r the required time for total
sump. In this case, the stabilization times range from 60 to 450 min. It should be mentioned that
stabilization increases when the plant is operated at lower loads. As shown in Appendix A (Table A1
the relative change RC in rich CO2 loading is also small or negligible for the disturbances studied
and A2), a general trend was that the dead time ϴ in the response of Ll to step changes in reboiler
(see Appendix A), due to the fact that the solvent is operated close to its maximum loading capacity
duty and rich solvent mass flow rate increases at part-load points. This could be explained by the fact
of 0.51 mol/mol CO2 loading. The total stabilization times of the responses of rich CO2 loading Lr
that at lower loads the solvent mass flow rate is smaller (refer to Fsolv in Table 6), resulting in longer
to disturbances in solvent flow rate and reboiler duty are larger at lower plant loads. At 60% flue
residence times of the solvent through each equipment hold-up, piping, and recycle loop, this is,
gas capacity, a very slow response is found in Lr when the solvent flow rate is decreased by a −10%
larger circulation time. This can also explain why dead times are generally larger when decreasing
step change; however, the relative change RC of Lr in this process variable is negligible for this plant
solvent flow rate than when increasing it; refer to Table A2 in Appendix A.
disturbance; refer to Table A2 in Appendix A.
Figure 8b shows the total stabilization times for rich CO2 loading Lr at the outlet of the absorber
The total stabilization times for CO2 absorbed CO2,abs response to disturbances in rich solvent
sump. In this case, the stabilization times
range from 60 to 450 min. It should be mentioned that the
.
mass
flow
rate
F
and
reboiler
duty
Q
are
shown
8c. Total
stabilization
timesstudied
range from
solv
reb
relative change RC in rich CO2 loading is also
smallinorFigure
negligible
for the
disturbances
(see
55
to
135
min.
When
the
rich
solvent
mass
flow
rate
is
increased
by
10%,
this
results
in
an
increase in
Appendix A), due to the fact that the solvent is operated close to its maximum loading capacity
of
CO
absorbed
with
a
relative
change
RC
of
0.35%
to
4.18%
(refer
to
Table
A2),
due
to
the
increased
2
0.51 mol/mol CO2 loading. The total stabilization times of the responses of rich CO2 loading Lr to
L/G
ratio in the
absorberflow
column.
However,
since
theare
reboiler
is kept
constant,
lean flue
loading
disturbances
in solvent
rate and
reboiler
duty
larger duty
at lower
plant
loads. the
At 60%
gas
will
increase
(see
RC
values
of
L
in
Table
A2).
Due
to
the
residence
time
in
the
hot
solvent
piping,
capacity, a very slow response isl found in Lr when the solvent flow rate is decreased by a −10%
step
change; however, the relative change RC of Lr in this process variable is negligible for this plant
disturbance; refer to Table A2 in Appendix A.
The total stabilization times for CO2 absorbed CO2,abs response to disturbances in rich solvent
171 in Figure 8c. Total stabilization times range from
mass flow rate Fsolv and reboiler duty �� reb are shown
55 to 135 min. When the rich solvent mass flow rate is increased by 10%, this results in an increase in

Collection 11: MEA Solvent

Energies 2017, 10, 1527

21 of 36

lean/rich heat exchanger and lean amine cooler of the recycle loop, it takes time for the solvent to
be distributed towards the inlet of the absorber. A dead time in CO2 lean loading Ll at the inlet of
the absorber of 11 to 22 min is observed (see Table A2). This results in it taking a long time for the
CO2,abs to stabilize. When the rich solvent mass flow rate is decreased by 10%, it is observed that
the CO2 absorbed CO2,abs decreases (relative change RC between −3.14% and −5.59% in Table A2).
This is a result of the combination of the reduction in L/G ratio and the decrease in lean loading Ll .
.
CO2,abs requiring time for stabilization (stabilization time of 65 to 69 min). When reboiler duty Qreb
is increased by 10%, the lean loading Ll is decreased significantly (RC ranging from 6.75 to 8.59%),
which results in increase of CO2,abs (relative change RC of 4.0% to 6.07%). The change in lean loading Ll
is observed at the absorber inlet with a dead time of 13 to 23 min (due to circulation time of the solvent
in the recycle loop), and the total stabilization time for CO2,abs for increase in reboiler duty ranges
.

from 76 to 99 min. When reboiler duty Qreb is decreased by 10%, the solvent lean loading increases
(RC of 6.63% to 8.46%), resulting in less CO2 being absorbed. Relatively slower response in CO2,abs to
disturbances in solvent flow rate and reboiler duty were found when the PCC was operated at lower
loads (55 to 99 min). An exception is found for the case when the solvent flow rate is increased at 100%
mass flow rate operating conditions of the plant.
Figure 8d shows the stabilization times for CO2 desorbed CO2,abs . For disturbances in rich solvent
flow rate and reboiler duty, the desorbed CO2 stabilizes slightly faster at lower loads (ranging from 2
to 100 min). In general, it was found that the desorption rate stabilized faster than the absorption rate
CO2,abs for the disturbances in solvent flow rate and reboiler duty applied to the process. When solvent
flow rate is decreased, this results in smaller L/G ratio in the absorber column and less CO2 being
desorbed in the stripper column. Since the rich CO2 loading does not change significantly (RC in Lr
from 0 to 0.08%), the CO2 desorbed CO2,des stabilizes faster than the CO2 absorbed (circulation time
.

through the recycle loop is not affecting the stabilization of CO2,abs ). When the reboiler duty Qreb is
increased by 10%, the relative change in CO2 desorbed is large (4 to 6.07% in Table A3), and with fast
total stabilization time (2 to 3 min in Table A3). A change in reboiler duty results in a fast response
in the produced stripping vapors, which also results in a fast response in CO2 product flow rate
(CO2 desorbed). The longest stabilization time for CO2 desorbed is found when the solvent flow rate is
increased at 100% operating conditions. It is notable that there is a big difference in total stabilization
times for solvent flow rate increase at different loads of the plant.
5.2. Decentralized Control Structures
In this section, four control structures for the TCM DA amine plant were tested via dynamic
process model simulations. The scenario considers realistic load changes on the power plant,
by changing flue gas flow rate feed to the absorber column. From a control analysis perspective,
flue gas flow rate change can be considered as a disturbance applied to the PCC process. A load
change event would result in a significant change in flue gas flow rate, at a ramp rate given by GT
operation and controls. Fast ramp rates are the goal of power plant operators, since a fast power plant
can respond to the variability in costs in a day-ahead power market [7,64]. For a NGCC power plant, a
fast ramp rate is considered to be around 10%/min GT load [4,65]. Two tests were considered and
simulated:

•
•

Test 1: Ramping down flue gas flow rate from 100 to 70% in 3 min. The transient event starts at
t0 = 0 min, and sufficient simulation time is allowed for the plant to reach the new steady-state.
Test 2: Flue gas flow rate is ramped up from 70 to 100% in 3 min. The transient event starts at
t0 = 0 min, and sufficient simulation time is allowed for the plant to reach the new steady-state.

The supervisory or advanced control layer of the TCM DA amine plant has three main degrees of
freedom, consisting of set point of flue gas volumetric flow rate Fgas , set point of rich pump solvent
.

flow rate Fsolv , and steam flow rate to feed the reboiler duty Qreb ; refer to FT1, FT5 and FT4, respectively
in Figure 1. Under normal and stable operation of the pilot plant at TCM DA, such degrees of freedom
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are changed manually by the operators to bring the plant to different operating conditions. If flue
gas flow rate is considered to be a disturbance, there are two degrees of freedom left for operation.
Note that here we do not consider the degrees of freedom available to the operators in the stabilizing
or regulatory control layer, or for other auxiliary operations of the plant, or start-up procedures.
Several studies in the literature suggest that keeping the capture ratio Cap and a temperature in the
stripper column constant can lead to efficient operation of the process for varying loads of the PCC
absorber-desorber process [13]. In this analysis, four control structures were tested, as presented in
Table 7. All the feedback control loops are PI controllers, and were tuned with the simple internal
model control (SIMC) tuning rules [66].

•

•

•

•

Control structure A uses Fsolv to control capture ratio at the top of the absorber Cap defined by
.

Equation (13) to the set point of 0.85, and reboiler duty Qreb to control the solvent temperature at
the stripper bottom Tstr to the set point of 120.9 ◦ C. This control structure has been previously
proposed in the literature in different studies including [14,16], where it shows a fast response
and the capability to reject disturbances.
Control structure B uses Fsolv to control the solvent temperature at the stripper bottom Tstr to the
.

set point of 120.9 ◦ C, and reboiler duty Qreb to control capture ratio at the top of the absorber Cap
to the set point of 0.85. Note that changes in reboiler duty result in a big change in solvent lean
CO2 loading (large relative change RC; see Appendix A). A similar version was suggested by
Panahi and Skogestad [14], where it was found that this control structure showed similar dynamic
behavior, in response to disturbances in flue gas flow rate, compared with a model predictive
control scheme (MPC).
Control structure C utilizes solvent flow rate Fsolv to control the mass-based L/G ratio in the
absorber column at the same value as that in the close-to-design-point operating conditions.
This control structure has been studied previously in [12,15]. This control loop is implemented
via ratio control. In addition, reboiler duty is manipulated to control Tstr to 120.9 ◦ C. The control
structure leads to different final steady-state operating conditions when ramping down the plant
load than the other three alternatives.
Control structure D is a modification of control structure A. In this control structure, the solvent
flow rate set point is changed via a feed forward (FF) action to control the capture ratio Cap at
0.85; in addition, the stripper bottom temperature is controlled by manipulating the reboiler duty.
The feed forward controller is implemented by a set-point ramp change in the solvent flow rate
with the same total duration as the flue gas flow rate ramp change, to the final value that gives
a Cap of 0.85 under final steady-state conditions.

Figure 9 shows the simulated time input trajectories during the test with flue gas flow rate
.
reduction. The manipulated variables Fsolv and Qreb are shown for the different control structures
evaluated. Figure 10 shows the output trajectories of CO2 capture ratio Cap, desorption ratio Des,
CO2 absorbed and CO2 desorbed for the transient tests of flue gas flow rate reduction. Figure 11 shows
the trajectories of lean loading Ll and stripper bottom solvent temperature Tstr for flue gas flow rate
reduction. In addition, Figure 12 shows the simulated time input trajectories during the test with flue
gas flow rate increase. Figure 13 shows the output trajectories of CO2 capture ratio Cap, desorption ratio
Des, CO2 absorbed and CO2 desorbed for the transient tests of flue gas flow rate increase, and Figure 14
shows the trajectories of lean loading Ll and stripper bottom solvent temperature Tstr for flue gas flow
rate increase. In order to compare the different control structure performances during transient load
change, the total stabilization times of the selected process variables are shown in Table 8. These will
indicate how fast the plant achieves stabilization of the different floating (not controlled) process
variables when moving from one operating condition to the next one. In addition, three transient
performance indicators have been considered and presented in Table 9. Note that, for this analysis
auxiliary consumptions of the plant are not considered.
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Table 8. Total stabilization times of the floating process variables for the different control structures,
when ramping down the plant tt,down from 100% flue gas mass flow rate to 70%; and when ramping up
the plant tt,up from 70% flue gas mass flow rate to 100%.
Control Structure

Process Variable

tt,down (min)

tt,up (min)

A

CO2 Absorbed
CO2 Desorbed
Ll

3.3
36.3
187.7

71.0
112.7
201.0

B

CO2 Absorbed
CO2 Desorbed
Ll

4.0
35.3
68.2

5.2
27.5
46.7

C

CO2 Absorbed
CO2 Desorbed
Ll

3.6
56.5
172.2

97.7
63.7
115.5

D

CO2 Absorbed
CO2 Desorbed
Ll

6.2
50.3
185.0

96.8
59.2
113.8

Table 9. Simulation results for accumulated reboiler energy consumption Qreb (MJ), accumulated CO2
emitted CO2,em and accumulated CO2 captured CO2,cap during the transient event (8 h) for the different
control structures A,B, C and D (refer to Table 7), when ramping up and down the plant (between
100% and 70% of flue gas mass flow rate). Static plant refers to an ideal static plant that changes
from the initial operating conditions to the final operating conditions instantaneously at time t = 0.
An integration time of tf = 480 min was utilized to calculate the values for the ideal static plant.

•

Transient
Event

Indicator

Static Plant

A

B

C

D

Ramp down

Qreb (MJ)
CO2,em (tons)
CO2,cap (tons)

60,441
2.66
15.70

63,353
2.64
15.76

60,926
2.65
15.75

69,045
0.96
17.44

64,046
2.39
16.01

Ramp up

Qreb (MJ)
CO2,em (tons)
CO2,cap (tons)

100,924
4.49
26.41

100,898
4.51
26.39

100,655
4.53
26.37

98,973
4.77
26.13

98,667
4.94
25.96

Accumulated reboiler energy input Qreb (MJ): see Equation (15). This is calculated by integration
.

of the Qreb trajectory under the transient event, from the initial time t0 = 0 min to the final
time tf = 480 min (8 h). The final time was defined to ensure that the plant was already
under steady-state conditions at the final operating point. This value Qreb represents the main
energy consumption of the process during the transient event of load change. In addition,
the consumption of an ideal static plant is included for comparison (see Table 9). The ideal
static plant is assumed to change from initial to the final steady-state operating conditions
instantaneously at time t0 , and would operate until tf . The static plant value represents the
minimum value when ramping down and a maximum value when ramping up.
Qreb =

•

 t .
f
t0

Qreb (t)dt

(15)

Accumulated CO2 emitted CO2,em (tons): see Equation (16). This is calculated by integration
.
of the mCO2 trajectory under the transient event, from the initial time t0 = 0 min to the final
time tf = 480 min; this represents the CO2 emitted at the absorber stack. The final time was
defined to ensure that the plant was already under steady-state conditions at the final operating
point. This measure represents the CO2 emitted during the transient event of load change.
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For comparison, the CO2 emitted by an ideal static plant is calculated (considered as the maximum
value when ramping down and a minimum value when ramping up), shown in Table 9.
CO2,em =

•

 t
f .
t0

mCO2 (t)dt =

 t
f .
t0

mdepleted (t)· XCO2 (t)dt

(16)

Accumulated CO2 captured CO2,cap (tons): see Equation (17). This is calculated by integration
of the CO2 absorbed CO2,abs trajectory (Equation (12)) under the transient event, from the initial
time t0 = 0 min to the final time tf = 480 min. The final time was defined to ensure that the plant
was already under steady-state conditions at the final operating point. This measure represents
the CO2 captured during the transient event of load change. For comparison, the CO2 captured
by an ideal static plant is calculated (considered as the minimum value when ramping down and
a maximum value when ramping up), shown in Table 9.
CO2,cap =

 t 
f
t0


Fgas (t)· XCO2 (t) − Fdepleted (t)· XCO2,out (t) dt

(17)

Figure 10 shows that the CO2 capture ratio Cap had similar trajectories for control structures
A and B during Test 1 (flue gas ramp-down), and that Cap reached stabilization conditions faster
(20–50 min) than control structures C and D (around 270 min). Cap had also larger excursions from the
set point than when control structures A and B are utilized. The same trends are found for Test 2 with
flue gas flow rate ramp-up (Figure 13). When ramping up, control structures C and D stabilize faster
(around 160 min) than when ramping down. This showed that the utilization of close-loop feedback
control (structures A and B) allows shorter stabilization times to be reached for the controlled variable
CO2 capture ratio Cap. The desorption ratio Des trajectories in Figure 10 show that the plant requires
the shortest stabilization time for this process variable when employing control structure B (around
60 min), followed by control structure A and C (around 200 min). This can be explained by the fact that
for a change in reboiler duty the response of CO2 desorbed has a fast total stabilization time and a large
static relative change RC (where RC ranges from 4 to 6.29% and total stabilization time range from
2.2 to 3.5 min for a +10% step in reboiler duty); refer to Table A3. When it comes to the stabilization
time required for Des for Test 1, structures C and D presented a poorer performance as the trajectories
for Cap and Des deviate from the set point significantly. For control structure A, Des showed slow
performance for Test 2 (around 210 min total stabilization time) with significant oscillations around set
point; refer to Figure 13.
When ramping down the plant, CO2 absorbed and CO2 desorbed require similar stabilization
times for control structures A and B (around 3 min for CO2,abs and 36 min for CO2,abs ), while the control
structures C and D require longer stabilization times for CO2 desorbed (around 50 to 57 min); refer to
Table 8. The trajectory of CO2 lean loading again shows shorter stabilization time for control structure
B. This can be explained by the large static relative change RC of the response of CO2 lean loading to
changes in reboiler duty (where RC ranges from −6.29% to −4.97% and total stabilization time range
from 22.7 to 39.2 min for a +10% step in reboiler duty); refer to Table A3. This contributes to the tight
control of CO2 capture ratio Cap achieved by control structure B, since the CO2 lean loading Ll is a key
process variable that connects the operation of the stripper and the absorber columns via the recycle
loop. In addition, control structure B shows the shortest stabilization times and smaller excursions of
the stripper bottom temperature Tstr (around 15 to 30 min), in Figures 11 and 14.
When the plant load is ramped up from 70 to 100% (Test 2), the control structure B in general
showed a faster dynamic performance with significantly shorter stabilization times required for
the floating process variables considered (5.2 min for CO2,abs , 27.5 min for CO2,abs and 46.7 min for
Ll ), see Table 9; followed by C, D and A. Note that control structure B presented a faster dynamic
performance towards stabilization while ramping up (Ll stabilizes in 46.7 min) than when ramping
down the process (Ll stabilizes in 68.2 min). Control structures A, C and D required shorter stabilization
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times for CO2 absorption and CO2 desorption when ramping down the process load, while CO2 lean
loading stabilized faster when ramping up the plant load; refer to the stabilization time values in
Table 9. When the plant is operated under control structure C, the optimum solvent flow rate Fsolv and
lean loading Ll are not reached at the 70% absorber capacity steady-state operating conditions; refer to
time >250 min in Figures 9a and 11a, and time <0 min in Figures 12a and 14a. This leads to a higher
Cap than specified (refer time t > 290 min in Figure 10a and time t < 0 min in Figure 13a), and therefore
higher reboiler duty (time t > 290 min in Figure 9b and time t < 0 min in Figure 12b), even though the
stripper bottom temperature Tstr criterion is satisfied.
During the ramp-down transient event of the plant (i.e., period of 8 h from the time change was
implemented), the least energy-intensive performance measured by Qreb in Table 9 was observed for
control structure B. In addition, this structure shows the largest CO2 emissions during the transient
event, albeit still lower than the ideal static plant. The fast stabilization time of the plant process
variables achieved by control structure B provides a transient performance that is the closest to the
ideal static plant. Control structures C and D showed the largest CO2 captured during the transient
event. However, when ramping down the plant load, this means that the plant is emitting less CO2
during the transient event with control structures A, B, C and D than that established by the operational
objective and represented by the ideal static plant case. Consequently, when ramping down the plant
load, CO2 emissions will always be lower than those of the equivalent ideal static plant. In addition,
the plant is capturing more CO2 than the ideal static plant. Figure 10a shows how there are periods of
time in which the capture ratio Cap is above the target of 0.85, leading to more CO2 being captured
than the ideal static plant during the transient event. Control structures A and B showed the largest
CO2 emitted when compared with the ideal static case. Despite control structure A presenting a similar
amount of CO2 emitted during the transient event, it requires a larger amount of energy input during
this period than control structure B. Therefore, control structure B shows the best performance in terms
of energy consumption and CO2 emissions during the transient load change event of ramping down
the PCC plant load. When ramping up the plant load the most energy-intensive control structure is
control structure B. However CO2 emissions are the lowest, being closer to the minimum established by
the static plant. This means that, when ramping up the plant load, CO2 emissions will always be higher
than those of the equivalent ideal static plant. While control structure D is the least energy-intensive
process during the transient event of load change increase, it is the control structure with the largest
CO2 emissions during this transient event.
6. Conclusions
The pilot plant data obtained in this work from an MEA campaign at TCM DA amine plant
includes ten steady-state operating data sets. The data sets consist of a wide range of steady-state
operating conditions of the chemical absorption process in terms of L/G ratio in the absorber column,
different absorber packing heights, CO2 capture ratios, reboiler duty and flue gas flow rate fed to
the absorber. The data is considered reliable and valid and can be used for process model validation
purposes. In addition, the three transient data sets presented in this work represent transient operation
of the pilot plant driven by set-point changes in flue gas flow rate, solvent circulation flow rate and
reboiler duty. The transient data sets are considered reliable and suitable for dynamic process model
validation purposes, provided that input trajectories can be applied to the dynamic process model.
The validation of the dynamic process model with the steady-state and transient data shows
that the process model has a good capability of predicting the steady-state and transient behavior
of the plant for a wide range of operating conditions. The validation included in this work proves
the capacities of dynamic process modeling applied to large-scale experimental data. The model
is considered suitable for studies including transient performance analysis and control structure
evaluation studies at the plant scale. In addition, it provides confidence towards using the dynamic
process model for analysis of larger-scale PCC plants.
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The case study carried out in this work via dynamic process simulations with the validated model
shows that, generally, the plant responds more slowly at lower operating loads (the load being defined
by the flow rate fed to the absorber). A general trend is observed, in which it takes a longer time
to stabilize the main process variables of the pilot plant under open-loop step changes in the main
inputs of the process, namely solvent flow rate, flue gas flow rate and reboiler duty. From the process
simulations, it is found that, in general, the desorption rate stabilizes faster than the absorption rate for
set-point step changes in solvent flow rate and reboiler duty. In addition, ±10% step changes in flue
gas flow rate around a given operating point do not cause a large relative change in the main process
variables of the process (RC ranges from −0.81% to 0.21%).
The evaluation of the decentralized control structures shows that by adding closed-loop controllers
on the two main degrees of freedom of the plant—solvent flow rate and reboiler duty—to control two
other process variables, including CO2 capture ratio and stripper bottom solvent temperature, the plant
can be stabilized faster and more efficiently under varying loads. The control structure that showed
the best performance was control structure B, in which the reboiler duty is manipulated to control
CO2 capture ratio at the inlet of the absorber and the rich solvent flow rate to control the stripper
bottom solvent temperature. It was observed that control structure B provides the fastest stabilization
times for the main process variables under scenarios when the plant load is ramped down and up,
with ramp rates typically found in NGCC power plants with fast-cycling capabilities. When reducing
the PCC process load, this control structure is the least energy-intensive of those evaluated in this
work. When increasing the plant load, this control structure is the one with the lowest accumulated
CO2 emissions imposed by the process inertia during load-change transient operation.
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Abbreviations and Symbols
Aif
AP
Cap
CHP
CCS
CO2
CO2,em
ci
Cef
DCC
Des
DCO2
E
F

Contact area
Absolute percentage error
CO2 capture ratio
Combined heat and power
Carbon capture and storage
Carbon dioxide
CO2 emitted (kg/s)
Molar concentration
Pre-multiplying coefficient
Direct contact cooler
Desorption ratio
Diffusivity of CO2 in aqueous monoethanolamine
Enhancement factor
Mass flow rate (kg/s)
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FB
FC
FF
FT
GA
GC
GT
Hei
H2 O
HX
ki
Ki
LC
Ll
Lr
L/G
LT
MAP
MEA
MPC
N2
NCCC
NGCC
O2
p
PC
PCC
PT
PZ
.

Qreb
Qreb
RC
SA
SIMC
SRD
T
TC
TCM DA
ts
tt
TT
X
xp
xm
y∞
θ
γi
∆Hr
∆y
ε-NTU
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Feedback
Flow controller
Feed-forward
Flow transmitter
Gas analyzer
Gas chromatograph
Gas turbine
Henry’s constant
Water
Heat exchanger
Mass transfer coefficient
Equilibrium constant
Level controller
Lean CO2 loading
Rich CO2 loading
Mass-based liquid to gas ratio (kg/kg)
Level transmitter
Mean absolute percentage error
Monoethanolamine
Model predictive control
Nitrogen
National carbon capture center
Natural gas combined cycle
Oxygen
Pressure (Pa)
Pressure controller
Post-combustion CO2 capture
Pressure transmitter
Piperazine
Reboiler duty (W)
Reboiler energy input (J)
Relative change
Solvent analyzer
Simplified internal model control
Specific reboiler duty (kJ/kgCO2 )
Temperature (K)
Temperature controller
CO2 Technology Cener Mongstad
Settling time
Total stabilization time
Temperature transmitter
Mass fraction
Value measured at pilot plant
Value simulated model
Steady-state final value
Dead time
Activity coefficient
Heat of reaction
Change in process variable
Effectiveness number of thermal units
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Appendix A
Tables A1–A3 show the simulation results in terms of the dead time θ, 10% settling time ts ,
total stabilization time tt and relative change RC %, for the open-loop response to step-changes in
the main inputs to the plant. The step changes are applied to the plant when it is operated at three
different steady-state operating conditions defined by three different mass flow rate capacities of the
absorber column. The inputs are:

•
•
•

Flue gas mass flow rate ±10% step-change.
Solvent mass flow rate ±10% step-change.
Reboiler duty ±10% step-change.

•
•
•
•

CO2 lean loading Ll (mol/mol).
CO2 rich loading Lr (mol/mol).
CO2 absorbed CO2,abs (kg/s).
CO2 desorbed CO2,abs (kg/s).

The output process variables studied are:

Table A1. Open-loop response to ±10% step-changes in flue gas mass flow rate for three different
operating points of the pilot plant. Responses in CO2 lean loading Ll , CO2 rich loading Lr , CO2 absorbed,
and CO2 desorbed.
Input

Fgas +10%

Plant
Load

Process
Variable

Fgas −10%

θ (min)

ts (min)

tt (min)

RC (%)

θ (min)

ts (min)

tt (min)

RC (%)

100%

Ll
Lr
CO2,abs
CO2,abs

40.5
0.0
0.0
22.2

296.5
41.7
95.2
244.3

337.0
41.7
95.2
266.5

0.01
0.09
0.05
0.04

33.5
19.0
0.0
22.7

133.2
116.3
168.7
128.7

166.7
135.3
168.7
151.3

80%

Ll
Lr
CO2,abs
CO2,abs

50.3
0.0
0.0
25.5

260.8
53.3
61.8
393.7

311.2
53.3
61.8
419.2

42.7
67.2
0.0
23.8

442.0
117.5
334.5
364.7

484.7
184.7
334.5
388.5

60%

Ll
Lr
CO2,abs
CO2,abs

51.9
0.0
0.0
27.7

424.9
96.1
113.7
363.4

476.8
96.1
113.7
391.1

−0.03
0.21
−0.03
−0.03

−0.35
−0.76
−0.81
−0.80

53.7
0.0
0.0
25.6

318.5
192.8
141.2
369.9

372.2
192.8
141.2
395.5

−0.03
0.00
−0.05
−0.05

0.04
−0.15
−0.06
−0.06
0.08
−0.05
0.09
0.09

Table A2. Open-loop response to ±10% step-changes in solvent mass flow rate for three different
operating points of the pilot plant. Responses in CO2 lean loading Ll , CO2 rich loading Lr , CO2 absorbed,
and CO2 desorbed.
Input

Fsolv +10%

Plant
Load

Process
Variable

Fsolv −10%

θ (min)

ts (min)

tt (min)

RC (%)

θ (min)

ts (min)

tt (min)

RC (%)

100%

Ll
Lr
CO2,abs
CO2,abs

11.8
14.2
0.0
0.0

15.8
89.7
133.2
98.8

27.7
103.8
133.2
98.8

8.59
−0.10
0.35
0.35

14.5
0
0
0

11.5
63.83
67.16
12.83

26
63.83
67.16
12.83

80%

Ll
Lr
CO2,abs
CO2,abs

15.8
0.0
0.0
0.0

18.5
106.3
97.8
18.8

34.3
106.3
97.8
18.8

7.85
−0.04
2.09
2.09

19.5
0
0
0

13.16
176.66
65.66
3.16

32.66
176.66
65.66
3.16

−7.50
0.08
−3.14
−3.15

60%

Ll
Lr
CO2,abs
CO2,abs

22.0
0.0
0.0
0.0

17.0
141.0
104.0
23.5

39.0
141.0
104.0
23.5

6.75
−0.02
4.18
4.18

27
0
0
0

17.33
454
69.5
3.8

44.33
454
69.5
3.8

183

−6.87
0.02
−4.38
−4.39
−6.28
0.00
−5.59
−5.59
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Table A3. Open-loop response to ±10% step-changes in reboiler duty for three different operating
points of the pilot plant. Responses in CO2 lean loading Ll , CO2 rich loading Lr , CO2 absorbed,
and CO2 desorbed.
.

.

Input

Qreb +10%

Plant
Load

Process
Variable

θ (min)

ts (min)

tt (min)

RC (%)

θ (min)

ts (min)

tt (min)

RC (%)

100%

Ll
Lr
CO2,abs
CO2,abs

13.0
31.8
6.0
0.0

9.7
81.5
70.8
2.2

22.7
113.3
76.8
2.2

−6.29
−0.22
6.07
6.07

12.7
29.5
5.0
0.0

15.5
43.3
49.8
10.3

28.2
72.8
54.8
10.3

80%

Ll
Lr
CO2,abs
CO2,abs

17.0
40.7
7.8
0.0

11.7
78.0
74.7
2.7

28.7
118.7
82.5
2.7

−5.60
−0.03
5.19
5.19

17.0
38.3
5.7
0.0

14.8
88.0
57.0
14.5

31.8
126.3
62.7
14.5

8.46
0.00
−8.48
−8.48

60%

Ll
Lr
CO2,abs
CO2,abs

23.2
47.0
9.5
0.0

16.0
99.3
89.6
3.5

39.2
146.3
99.1
3.5

−4.97
−0.01
4.00
4.00

23.8
47.8
7.5
0.0

17.3
114.7
72.0
3.3

41.2
162.5
79.5
3.3

Qreb −10%

7.78
0.02
−7.16
−0.05
6.63
0.00
−5.30
−5.30
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Abstract
A PTR-QiTOF instrument was deployed in the field in the vicinity of the CO2 Technology Center Mongstad (TCM) for
measuring amines in ambient air. The observed single-to-double-digit pptv levels of dimethylamine (DMA) and trimethylamine
(TMA) are comparable to natural background values reported in the literature for these species. No indication was found that
these small alkylamines stem from industrial activities at Mongstad. Monoethanolamine (MEA) was observed at single-digit pptv
levels, but further analytical work is needed to validate measurements at such low concentrations. No indication was found that
small enhancements in ambient MEA levels were caused by emissions from TCM. No other industrial amines (2-amino-2methylpropanol, diethylamine and piperazine) were detected in ambient air. According to the current state of knowledge, the
observed levels of amines pose no harm to human health or the environment.
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1. Introduction
Amine-based capture of carbon dioxide (CO2) results in the release of trace amounts of amines to the atmosphere.
While amines are nowadays routinely monitored in stack gas, the detection of amines under highly diluted
atmospheric conditions remains an analytical challenge [1]. Proton-Transfer-Reaction Mass Spectrometry (PTR-MS)
has been successfully used for on-line monitoring of amines in stack gas [2,3] and in atmosphere simulation
chambers [4,5,6]. Recently, the ultra-sensitive proton-transfer-reaction quadrupole ion guide time-of-flight mass
spectrometer (PTR-QiToF-MS) has become available [7], which is capable of detecting trace gases at single-digit
pptv levels (1 pptv = 1 pmol mol-1 = 10-12 v/v). In the present study, we have used this novel analytical tool for
carrying out exploratory measurements of amines in ambient air in the vicinity of the CO2 Technology Center
Mongstad (TCM).
2. Methods
Ambient air measurements were carried out at Sunsbø (60°46'10.1"N, 5°09'08.6"E), Sande (60°50'56.6"N,
5°00'21.0"E) and Mongstad West (60°48'45.7"N, 5°00'43.4"E) from Aug 6 - 28, Aug 28 - Sept 10 and Sept 10 – 25,
2015, respectively. The geographic location of the three measurement sites and of TCM is shown in Figure 1.

Fig. 1. Geographical map showing the locations of the measurement sites at Sunsbø, Sande and Mongstad West and of the Technology Center
Mongstad (TCM).

PTR-MS is an on-line chemical ionization (CI) technique for atmospheric trace gases that has been routinely
deployed in atmospheric chemistry field studies over the past decade [8]. Only recently, the ultra-sensitive PTRQiTOF-MS instrument version has become available which detects gaseous analytes at single-digit pptv-levels [7].
We operated the PTR-QiTOF instrument in the routine mode of operation recommended by the manufacturer
(H3O+ CI; drift tube pressure 3.8 mbar, drift tube temperature 60 °C, reduced electric field strength 120 Td with 1 Td
= 10í17 V cm2). Mass spectra were recorded in the m/z 15 to m/z 510 range, but only selected signals corresponding
to protonated methylamine, dimethylamine (DMA) and ethylamine, trimethylamine (TMA), monoethanolamine
(MEA), 2-amino-2-methylpropanol (AMP), diethylamine and piperazine, respectively, were analyzed in detail. The
list of target amines was taken from a previous study [1]. The PTR-TOF Data Analyzer v4.44 was used for data
analysis [9]. 2-minute and 1-hour averages were generated from the data output.
An optimized inlet system was used for minimizing inlet losses of amines. Ambient air was sampled at a flow
rate of 12 liters per minute trough a passivated stainless steel tube (material: SilcoNert® 2000, outer diameter: 6.35
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mm, length: 115 cm, temperature: 60 °C). The PTR-QiTOF instrument sub-sampled a flow of 0.5 liters per minute
through a heated capillary (material: PEEK, outer diameter: 1.59 mm, temperature: 60 °C). No evidence for inlet
losses was found when ambient air was spiked with known amounts of DMA and TMA at pptv levels.
Amine-free air generated from compressed and catalytically cleaned (Pt/Pd at 325 °C) ambient air was
periodically (every 12 hours for 30 minutes) fed to the inlet system for instrumental background determination.
Instrumental response factors for DMA, TMA and MEA were calculated from ion-molecule reaction kinetics
using the molecular properties reported previously [4,5,6]. The estimated accuracy of the reported volume mixing
ratios is ±20% for volume mixing ratios above 10 pptv.
TCM is part of a large industrial complex (refinery, power plant, oil terminal) at Mongstad which is located in a
pristine coastal environment. Oil and gas tracers were used for distinguishing between periods when the outflow
from the Mongstad complex was advected to the sampling sites and periods when natural background air was
sampled. TCM was in operation during the ambient air measurement campaign, with MEA being used for CO2
capture.
3. Results
AMP, diethylamine and piperazine were not detected at levels above 10 pptv in the recorded mass spectra. It was
not possible to measure these species at single-digit pptv levels due to mass spectral interferences. The PTR-QiTOF
instrument, in its routine mode of operation, was not capable of detecting methylamine. The abundant O2+ signals
distorted the mass spectrum in the region where methylamine is detected.
The hourly average time series of DMA, TMA and MEA are shown in Figures 2a, 2b and 2c, respectively. The
color-coded data points identify the time periods when the outflow from the Mongstad industrial complex was
advected to the sampling site.
DMA was observed at single-digit pptv levels, which is at or close to the instrumental detection limit. The
detection of amines at such low concentrations is an analytical challenge and all single-digit pptv data reported
herein should be taken with caution. More analytical validation work is needed in this concentration regime. The 2minute average data show episodic short-term enhancements in the 10 to 22 pptv range at all three measurement
sites. These enhancements were found both in natural background air and in the outflow from the Mongstad
complex.
TMA levels were typically close to zero, with the exception of an episode lasting from Sept 1 to 12 when hourly
average volume mixing ratios up to 49 pptv were recorded. Enhanced levels of TMA were observed at the Sande
and the Mongstad West site, both in natural background air and in the outflow from the industrial site.
MEA levels were also in the single-digit pptv range. Yet again, these concentrations should be interpreted with
caution. A 1-2 pptv enhancement was observed in the period from Aug 31 to Sept 10, both in natural background air
and in the Mongstad outflow. This comes as a surprise as MEA is not believed to have natural sources. Further
research is warranted to confirm these findings and exclude potential signal interferences for MEA.
The time series data indicate that amine levels were not enhanced in the Mongstad outflow as compared to
natural background conditions. This is also reflected in the overall statistical analysis summarized in Table 1.
4. Discussion and Conclusions
A PTR-QiTOF instrument was successfully deployed in the field for the first time to measure amines in ambient
air. The observed single-to-double-digit pptv levels of DMA and TMA are comparable to coastal background values
reported in the literature for these species [10]. No indication was found that these small alkylamines stem from
industrial activities at Mongstad. According to the current state of knowledge, the observed levels of alkylamines
pose no direct or indirect harm to human health or the environment.
TCM was operating on MEA during the ambient measurements. Single-digit pptv levels of MEA were observed
in ambient air, but no indications were found that these small enhancements were caused by emissions from TCM.
Further analytical work is, however, needed to validate MEA measurements at such low concentrations. No other
industrial amines (AMP, diethylamine and piperazine) were detected.
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Fig. 2. Hourly average time series of DMA, TMA and MEA amine as measured at Sunsbø, Sande and Mongstad West in August and September
of 2015. The color-coded data points identify the time periods when the Mongstad outflow was advected to the sampling sites.
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Table 1. Average mixing ratios (in pptv) of DMA, TMA and MEA as observed at the Sunsbø, Sande and
Mongstad West sites, respectively, when the Mongstad plume was advected and under natural
background conditions. No statistically significant enhancement of amines was found in the outflow
from the Mongstad industrial complex as compared to natural background conditions.
DMA

TMA

MEA

TCM

baseline

TCM

baseline

TCM

baseline

Sunsbø

1.2 r 1.8

1.6 r 1.9

0.5 r 0.6

0.5 r 0.7

0.2 r 1.9

0.5 r 1.9

Sande

3.3 r 1.9

3.4 r 1.7

5.2 r 7.9

5.7 r 7.1

2.4 r 2.2

2.5 r 1.8

Mongstad
west

0.9 r 2.1

0.6 r 1.8

0.7 r 1.1

1.0 r 1.1

0.1 r 2.1

0.5 r 2.2
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Abstract
In 2015, the CO2 Technology Center Mongstad (TCM DA) operated a post-combustion CO2 capture test campaign using aqueous
monoethanolamine solvent at 30 weight%. The main objective was to demonstrate and document the performance of the TCM
DA amine plant located in Mongstad, Norway.
During the treatment of flue gas from the natural gas-fired combined heat and power plant at Mongstad, a revised baseline was
established for the TCM DA amine plant in accordance to the verification protocol developed by the Electrical Research Institute,
Inc. This paper presents the revised baseline, which can be considered as a reference case for the solvent-based CO2 capture
processes applied to natural gas-based flue gases.
© 2017 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license
© 2017 The Authors. Published by Elsevier Ltd.
(http://creativecommons.org/licenses/by-nc-nd/4.0/).
Peer-reviewunder
under
responsibility
of organizing
the organizing
committee
of GHGT-13.
Peer-review
responsibility
of the
committee
of GHGT-13.
Keywords: CO2 capture; EPRI; Verification; Monoethanolamine; CO2 Technology Centre Mongstad; TCM DA

* Corresponding author. Tel.: +47-56 34 52 20.
E-mail address: leila.faramarzi@tcmda.com

1876-6102 © 2017 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license
(http://creativecommons.org/licenses/by-nc-nd/4.0/).
Peer-review under responsibility of the organizing committee of GHGT-13.
doi:10.1016/j.egypro.2017.03.1271

196

Collection 11: MEA Solvent

Leila Faramarzi et al. / Energy Procedia 114 (2017) 1128 – 1145

1. Introduction
The CO2 Technology Centre Mongstad (TCM) is located next to the Statoil refinery in Mongstad, Norway. TCM
DA is a joint venture set up by Gassnova representing the Norwegian state, Statoil, Shell, and Sasol. The facility run
by TCM DA entered the operational phase in August 2012 and is one of the largest post-combustion CO2 capture
(PCC) test centres in the world. A unique aspect of the facility is that either a flue gas slipstream from a natural gasbased combined heat and power (CHP) plant or an equivalent volumetric flow from a residual fluid catalytic cracker
(RFCC) unit can be used for CO2 capture. The CHP flue gas contains about 3.5% CO2 and the RFCC flue gas
contains about 13-14% CO2, the latter of which is comparable to CO2 levels seen in coal-fired flue gas. One of the
main test plants at TCM DA is a highly flexible and well-instrumented amine plant. The amine plant was designed
and constructed by Aker Solutions and Kværner to accommodate a variety of technologies, with capabilities of
treating flue gas streams of up to 60,000 standard cubic meters per hour. The plant is being offered to vendors of
solvent-based CO2 capture technologies to, among others, test: (1) the performance of their solvent technology; and
(2) technologies aimed to reduce the atmospheric emissions and environmental impact of amines and amine-based
degradation products from solvent-based CO2 capture processes. The objective of TCM DA is to test, verify, and
demonstrate CO2 capture technologies suitable for deployment at full-scale. A significant number of vendors, Aker
Solutions, Alstom (now GE Power), Cansolv Technologies Inc., and Carbon Clean Solutions Ltd. have already
successfully used the TCM DA facilities to verify their CO 2 capture technologies.
From 6 July to 17 October 2015 TCM DA, in collaboration with partners, operated a monoethanolamine (MEA)
campaign with the main objective to document and demonstrate the amine plant performance.
TCM DA investigated the stripper performance and concluded that the use of anti-foam made it possible to utilise
the full flue gas supply capacity of 60,000 standard cubic meters per hour. At the full CHP flue gas capacity, the CO 2
capture rate was about 85% when MEA at 30 weight% (wt%) was used. The corresponding specific reboiler duty
(SRD) was about 3.6 GJ/ton CO2. Total and CO2 mass balance closures were near 100 %. Emission levels of MEA,
NH3, aldehydes, nitrosamines, nitramines, and other compounds were also measured during extractive samples for
the defined time periods and were all below the permissible levels set by the Norwegian Environment Agency
(Miljødirektoratet).
During the treatment of the CHP flue gas at full capacity, a revised baseline was established for the TCM DA
amine plant. The revised CHP baseline was verified by the Electric Power Research Institute, Inc. (EPRI).
EPRI has developed a structured CO2 capture testing methodology for characterizing PCC processes. EPRI’s
methodology is designed to provide relevant information for baselining and comparing technologies, referred to as
an independent verification protocol (IVP). This methodology has been tailored to the TCM DA amine plant facility
and is presented in detail elsewhere [1].
The amine plant is planned and equipped for conducting research and development activities and TCM DA has
recently installed a number of additional gas-phase analysers to improve the speed and accuracy of measurements.
The IVP methodology has therefore been updated by EPRI to reflect these recently installed instruments.
The revised CHP baseline was verified by EPRI, following their requirements including the use of third-party gas
phase and emission measurements done by FORCE Technology. FORCE Technology performed comprehensive
measurements on flow rates, temperatures, and compositions on the absorber inlet, the absorber outlet (depleted flue
gas), and the stripper outlet.
This paper will present the revised baseline for the TCM DA amine plant, in accordance to the IVP developed by
EPRI.
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Nomenclature

Units

ASME
CEMs
CHP
ELPI+
EPRI
FTIR
GC
IVP
NDIR
PCC
RFCC
TCM
TVOC

barg
count/cm3
g/hr
GJ/t
kg/hr
kg/m3
m
mg/Sm3
MJ/hr
Sm3/hr
vol%
wt%
µm

American Society of Mechanical Engineers
continuous emissions monitors
combined heat and power
electrical low pressure impactor
Electrical Power Research Institute, Inc.
Fourier transform infrared
gas chromatograph
independent verification protocol
non-dispersive infrared
post-combustion CO2 capture
residual fluid catalytic cracker
Technology Centre Mongstad
total volatile organic carbon

bar gauge
count per cubic centimetre
grams per hour
giga joule per ton
kilogram per hour
kilogram per cubic meter
meter
milligram per standard cubic meter
mega joule per hour
standard cubic meter per hour
volume percentage
weight percentage
micrometre

2. Amine plant
The schematic of the TCM DA amine plant when treating the CHP flue gas is shown in Figure 1.

Figure 1. The TCM DA amine plant when treating the CHP flue gas.

198

Collection 11: MEA Solvent

Leila Faramarzi et al. / Energy Procedia 114 (2017) 1128 – 1145

1131

The nominal CHP flue gas characteristics along with the existing instrumentations are specified elsewhere [2].
The main systems in the plant are also explained in detail in a previously published paper [1].
3. IVP project overview
The roles and responsibilities of the organizations that conducted the current IVP project are as follows;
x TCM DA is the project owner and organized the field testing during the test period. The test program for the
baseline testing was developed by the owners of TCM DA. TCM DA personnel operated the plant throughout the
testing and collected lean and rich liquid samples for laboratory analysis during the test period.
x FORCE Technology was contracted by TCM DA to collect and analyse samples from the CHP flue gas supply,
depleted flue gas, and product CO2 streams. Two crews from FORCE Technology conducted the sampling
sequentially with a single set of continuous emissions monitors (CEMs). FORCE Technology also collected gas
samples for off-site analysis of particulate, SO2, SO3, amine, and degraded amine components.
x Laborelec carried out particulate concentration and size distribution measurements during the baselining period.
Laborelec characterized the size of and the number of particles formed at different points through the absorber
tower by using an electrical low-pressure impactor (ELPI+) device.
x EPRI was contracted by TCM DA to apply the IVP during the MEA baseline testing. Two EPRI engineers were
on-site during the testing to observe the conduct of the tests. EPRI also led analyzing the results from the IVP
project.
4. IVP
4.1. Approach
A detailed description of the IVP approach was previously reported [1]. A summary of the approach is provided
here.
The purpose of the IVP is to measure and report key performance indices of the PCC process (those indices
critical to up-scaling the process). Key performance indices (dependent parameters) include CO2 capture, CO2
production, emission, utility usage (steam, power and cooling), and trace constituents of the depleted flue gas and
product CO2. The key performance indices depend on a number of independent parameters including: the overall
process design, physical characteristics (and operating conditions) of process equipment, flue gas supply conditions
and flow rate, lean and rich solutions conditions and flow rate, and stripper pressure.
Many of the dependent parameters can be modeled using commonly available chemical engineering computer
process modeling tools. Field measurement of these key performance indices (along with the uncertainty in the
measurements) can be used to calibrate the computer process models. Other dependent parameters (such as trace
components in the depleted flue gas and product CO2) are difficult to model with currently available tools. Field
measurements of these parameters will serve as primary data for up-scaling process designs.
The IVP approach to field performance testing is generally consistent with the approach taken by others for
performance testing of a number of power processes [3]. The IVP specifies procedures for collecting composition,
temperature, pressure, and flow data at TCM DA sufficient to calculate and report key performance indices and the
corresponding numerical uncertainty in the values reported. Industry-accepted standard reference test methods are
specified for the collection of composition, temperature, pressure, and flow data. Procedures for reducing the data
are also specified. The IVP focuses on campaign-style testing in which days are dedicated to testing at previously
selected optimum process operating conditions, but the IVP principles can also guide parametric testing undertaken
to identify optimum process conditions.
4.2. MEA 2015 test campaign conduct
The second campaign of base-case testing of the performance of the TCM DA amine plant using a nominal 30%
MEA as the solvent was conducted the week of 7 September 2015 after approximately eight weeks of operating the
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amine plant with the 30 wt% MEA solution. The plant was operated at steady state throughout the week.
FORCE Technology was on-site to manually collect contemporaneous samples from the flue gas supply, depleted
flue gas, and product CO2. Laborelec was also on-site to manually collect samples for particulate and aerosol size
distribution analysis at different locations through the absorber tower.
During all sampling periods the following data were collected:
x CO, CO2, NOX, O2, SO2, and N2 (by difference) concentrations in volume percent (vol%)
x Flow rate, pressure, and temperature.
The sampling time periods and sampling period designators are shown in Table 1 along with additional sampling
undertaken on each day. Data logs for all sampling periods containing pertinent flows, temperatures, pressures, and
concentrations measured by permanent plant instruments were supplied by TCM DA.
Table 1. FORCE Technology and Laborelec sampling periods.
Stream sampled

Date

Depleted flue gas

9 September 2015

Depleted flue gas

10 September 2015

Product CO2

Product CO2

Flue gas supply

9 September 2015

10 September 2015

9 September 2015

Start time / Stop time

Sampling results reported

Test period

12:50 / 15:37

Flow

C3-4

13:08 / 15:44

H2SO4, SO2, HCl, HF, HCN, particulates, CEMs

C3-1

17:07 / 19:18

Acetone, aldehydes, amides, amines

C3-2

9:07 / 11:05

NH3, total N, H2S, mercaptans, TVOC*

C3-3

13:08 / 15:45

H2SO4, SO2, HCl, HF, HCN, particulates, CEMs

C3-1

13:09 / 14:59

Flow

C3-4

17:10 / 19:19

Acetone, aldehydes, amides, amines

C3-2

9:04 / 11:06

NH3, total N, H2S, mercaptans, TVOC

C3-3

11:58 – 15:01

Flow

C3-4

13:08 / 15:45

H2SO4, SO2, HCl, HF, HCN, particulates, CEMs

C3-1

17:07 / 19:19

Acetone, aldehydes, amides, amines

C3-2

Flue gas supply

10 September 2015

9:04 / 11:06

NH3, total N, H2S, mercaptans, TVOC

C3-3

Post-capture packing

10 September 2015

19:55 / 19:57

Particle size distribution

C3-5

Post-water wash

10 September 2015

18:32 / 18:34

Particle size distribution

C3-6

Post-acid wash

8 September 2015

13:57 / 15:06

Particle size distribution

C3-7

Absorber outlet

11 September 2015

10:47 / 11:32

Particle size distribution

C3-8

*

TVOC: total volatile organic carbon

5. Instrument assessment
An important component in the determination of process plant performance is the quality of the instrumentation
installed for measuring the respective compositions and flow rates. Two measures of instrumentation quality are:
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x Accuracy/bias: This represents the difference between the instrument reading (or average of a set of readings
under unchanging process conditions) being assessed and the true value of the parameter being measured.
Appropriate determination of the “true value” must be achieved by simultaneous measurement of the parameter
using a reference method or instrument with calibration that can be traced to primary standards.
x Precision: A determination of the variability of the instrument reading when stream conditions are known to be
steady state. Precision is therefore a measure of the random error associated with the measurement.
These measurement errors can be combined to assess the aggregate uncertainty in a given measurement. In the
absence of a calibration against primary standards for the entire measurement range needed, the uncertainty
published by the instrument supplier represents only the precision error.
When the process parameter being measured does not change, precision is a measure of repeatability. In real plant
situations, it is often the case that the process parameters (flow, pressure, and temperature) do vary over the
measurement period. Thus, measurements over long periods of time (greater than process time constants) will also
include an error term related to process uncertainty.
5.1. Gas phase compositions
In the first baseline MEA in 2014, the CO 2 and O2 content of the flue gas supply, depleted flue gas, and CO 2
product stream were routinely determined by a single Fourier Transform Infrared (FTIR) instrument (Applied
Instrument Technologies and Finetech, model: Anafin 2000) along with an O 2 instrument (Siemens, model: Oxymat
6). Since these instruments were shared between the sampling points, a sampling system was installed to extract
from the various single points as given by Thimsen et al. [1]. The sample was continuously drawn by a selection
system serving the analysers and was diverted to the common analysers in a 90-minute cycle; i.e., the analyser cycles
between flue gas supply for 15 minutes, depleted flue gas for 30 minutes, and CO 2 product stream for 15 minutes,
and an additional 30 minutes for purging operations.
Following the first MEA baseline campaign, TCM DA has since installed a number of additions to the gas
measurement systems to improve the speed and accuracy of the measurements and widen the breadth of
measurement techniques. To complement the original FTIR unit, two new additional Gasmet FTIR units (model:
FCX) were installed, facilitating dedicated and continuous FTIR measurements at all three locations. Additionally,
the CO2 concentration at the inlet and outlet of the absorber column was also determined by two non-dispersive
infrared (NDIR) units (Siemens, model: Ultramat 6) at each location, one set to high range (vol%) and one low range
(ppmv) on a dry-gas basis. A trace O2 instrument [Teledyne Instruments 3001] was installed to quantify O 2 content
of the product CO2. The system has been further complemented with a new Siemens Maxum Edition II gas
chromatograph (GC) unit that is capable of measuring the CO2, O2, and nitrogen content at all three locations in a
near-simultaneous fashion.
During the September 2015 operations, FORCE Technology carried out simultaneous analysis on three process
streams (flue gas supply, depleted flue gas, and CO 2 product stream). Comparison of the TCM DA values
determined by the FTIR systems (after converting to dry basis assuming saturation at the measured pressure and
temperature), NDIR analysers, and GC with the FORCE Technology data are given in Figure 2 and Figure 3. Details
include:
x Figure 2 displays the CHP flue gas supply CO2 and O2 concentration data over the test campaign. There is good
agreement between the FORCE Technology CO2 NDIR and the TCM GC CO2 measurements (<0.5% point
difference) with the two TCM NDIR units showing a similar offset of 2% of the measured value (<0.08 vol%).
The TCM FTIR CO2 average values compare well with the FORCE Technology measurements, however the
instantaneous measurements showed significant scatter from the mean value (7% spread, representing ±0.3
vol%). The TCM FTIR O2 measurements agree more closely (less than 0.5 vol% dry O2) than the GC, which is
over 1 vol% dry O2 higher in all measurement points. On the morning of 10 September 2015, the second O2
measurement period carried out by FORCE Technology has an overall similar offset as observed on 9 September
2015 following a morning calibration of the instrument.
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x Figure 3 displays the depleted flue gas CO2 and O2 concentration data over the test campaign. The data from all
of the TCM instruments closely track together, suggesting that the process CO 2 concentration had a degree of
variability (±0.2 vol%) during that operating period. The FORCE Technology measurements showed more
variability than the TCM instruments. Data from all four TCM instruments are consistently higher than the
FORCE Technology data by 10% to 25% (FTIR is the closest). The consistency in this bias, especially between
the TCM NDIR and FORCE Technology NDIR instruments suggests either a difference in the calibrations of the
respective instruments during the FORCE Technology campaign or, possibly, an anomaly in the FORCE
Technology sampling system that diluted the sample with ambient air. It is also important to note that the
FORCE Technology measurements of depleted flue gas CO2 were at or below the stated limit of detection of 0.5
vol%, although the NDIR was calibrated using “low-range” calibration gases and values down to 0.3 vol% were
reported to a single significant figure to reflect the increased uncertainty of the measurements at these low levels.
x The product CO2 composition data reported by FORCE Technology had an O 2 content of between 5-12 ppmv, far
lower than the 1-2 vol% reported by FORCE Technology during the MEA campaign in February 2014 [4], which
was thought to be contaminated by air in-leakage and subsequently disqualified. The TCM GC instrument
measured nitrogen in the product with an average of 180 ppmv. For the purposes of calculating CO 2 removal and
recovery, it is assumed here that the product CO 2 stream is saturated with water at the measured temperature and
pressure and contains the small trace quantities of O2 and N2 measured. The balance is presumed to be CO2.

Figure 2. CHP flue gas supply CO2 and O2 data for all analysers. Data collected by FORCE Technology on 9 and 10 September 2015 are also
shown.
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Figure 3. Depleted flue gas CO2 and O2 data. Data collected by FORCE Technology on 9 and 10 September 2015 are also shown.

5.2. Gas phase flow rates
Continuous measurement of the flow rates of the supply flue gas, depleted flue gas, and CO 2 product stream were
determined by TCM DA plant instrumentation. In particular, the TCM DA amine plant facility is well instrumented
for determining the flue gas supply flow rate, with several different types of flow meters positioned in series.
During the base-case operations, pitot-tube traversing of the supply flue gas, depleted flue gas, and CO 2 product
stream was carried out by FORCE Technology to determine the flow rates, the results of which are compared to
plant instrumentation measurements below:
x The CHP flue gas supply flow is measured by two independent instruments, an ultrasonic flow meter (FT-0150)
and a multi-pitot-tube flow meter (FIC-0124), which are characterized in Table 2. The data from these flow
meters are shown in Figure 4. All flow rates are at defined standard conditions of 15 °C and 101.3 kPa. The CHP
flue gas flow was very steady over the test period on 9 September 2015 when FORCE Technology made
independent measurements of flow as indicated in Figure 4. The difference between the values measured by
FORCE Technology and that measured by the plant instruments is between 2–6%, well within the reported
uncertainty in the FORCE Technology measurement of 10% The test period flow averages used for all
calculations are the data reported by the ultrasonic flow meter (FT-0150).
x The depleted flue gas flow is measured by a single multi-pitot tube flow meter (FT-2431), whose characteristics
are listed in Table 2. The measured flow had a higher degree of variability than the inlet CHP measurement
(spread of 5.9% versus 0.7% for FT-0150) and also has significant transients that are not correlated with any
process parameter. The data are, however, fairly consistent over the period during which FORCE Technology
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made independent measurements on 9 September 2015 so a comparison is possible. The individual FORCE
Technology measurements average to 55,900±10% Sm3/hr, dry (101.3 kPa, 15°C) at this location. The average
flow over the same time period reported by the plant flow meter is 54,200 Sm3/hr, well within the 10%
uncertainty in the FORCE Technology measurement. Nevertheless, the questions associated with this
measurement are sufficient to choose to calculate the depleted flue gas flow rate assuming that all O 2 and N2
entering with the flue gas supply leave in the depleted flue gas. The performance data reported here use such a
calculation of depleted flue gas flow rate.
x The product CO2 flow measured by the vortex flow meter (FT-0010) is the primary flow meter used by TCM
operators, whose characteristics are listed in Table 2. The data from this flow meter are shown in Figure 5. The
product CO2 flow was relatively steady over the test period. FORCE Technology made independent
measurements of flow on 9 September 2015 as indicated in Figure 5. The difference between the value measured
by FORCE Technology and that measured by the plant instruments is approximately 7.5%, within the
measurement uncertainty reported by FORCE Technology of 10%.
Table 2. Key flow instrumentations. Precision uncertainties are based on internal assessments by TCM DA.
Primary flow
Precision
Stream
Tag number
Instrument type
measurement
uncertainty
FIC-0124

Multi-pitot tube

Differential pressure

2.5%

FT-0150

Ultra-sonic

Flowing volume

1.3%

Absorber outlet depleted flue gas

FT-2431

Multi-pitot tube

Differential pressure

5.4%

Product CO2

FT-0010

Vortex

Flowing volume

1.0%

CHP flue gas supply

Figure 4. CHP flue gas supply flow measurements measured on 9th September 2016.

Figure 5. Product CO2 flow rate and test period averages measured on 9 September 2016.
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5.3. Steam and condensate flow rates
The TCM DA amine plant receives high-pressure (HP) superheated steam from the neighbouring refinery at a
pressure of approximately 30 bars and a temperature of between 240°C to 310°C. The HP steam is throttled near the
stripper reboiler to a pressure of approximately 5 bar before being desuperheated with condensate. Following
condensation in the stripper reboiler, the steam condensate collects in a receiving vessel before being returned to the
refinery. Steam heat tracing is facilitated using a small amount of medium-pressure (MP) steam that is reduced to a
lower pressure prior to use. The resultant low-pressure (LP) steam condensate is returned to the same receiver as the
stripper reboiler condensate. A schematic of the system supplying steam to the stripper reboiler is shown in Figure 6.
For thermal energy consumption assessment, the key parameter of interest is the steam flow to the reboiler. The
HP condensate flow returned to the refinery can be assessed as a check on this parameter. The condensate return
flow should be the sum of the reboiler steam flow and any condensate flow produced in steam heat tracing. Figure 7
shows these two parameters. As a result of higher ambient temperatures experienced in September 2015 the average
condensate flow measurement (FT-2455) was either at or slightly lower than the steam flow measurement (FT2386). (During the first MEA baseline testing in January 2014, condensate measurements exceeded the steam flow
measurement due to the contribution of trace heating).
FT-2065

CHP Stripper

Condensate
FT-2051
PT-2069
TT-2569

PT-2052
TT-2057

PT-2389
TT-2387
FT-2386

HP Steam
PT-2060
LP Steam
LP Condensate

TT-2388

Stripper reboiler
LT-2312

Condensate drum

Condensate
Return
FT-2455
Figure 6. Stripper reboiler steam supply flow schematic.
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Figure 7. Reboiler steam flow and HP condensate return flow.

6. Results and discussions
6.1. CO2 capture efficiency and recovery
The CO2 capture efficiency was calculated using the four methods (Methods 1–4) shown in Table 8 in Appendix
A. CO2 recovery is the fraction of CO2 mass flow in the flue gas supply that is accounted for by measured CO 2 mass
flows in the depleted flue gas and product CO2; it is a measure of the degree to which the CO 2 mass balance is
closed. The formula to calculate the amount of CO2 recovery from the flue gas supply is also given in Table 8 in
Appendix A.
The depleted flue gas flow measurement was not reliable and therefore it was calculated. It was assumed that the
oxygen and nitrogen entering the absorber with the flue gas leave in the depleted flue gas. The saturated water
content of the depleted flue gas was calculated using its temperature and pressure. The CO 2 flow out of the absorber
was calculated using the concentration of CO2 in the depleted flue gas. These are essentially the same assumptions as
those used for Method 4. Therefore, Method 3 and Method 4 calculations result in identical CO2 capture rates. The
CO2 recovery was then estimated using the calculated flow of depleted flue gas. The calculated CO 2 capture
efficiency and recovery are presented in Table 3. For all test periods, the calculated CO2 capture was quite steady
and the CO2 recovery was about 98–99%.
Table 3. CO2 capture results.
S= Flue gas supply
D= Depleted flue gas
Method 1
P= Product CO2

Method 2

Method 3

Method 4

OCO2 (1  I CO2 )
P
SD
P
1
(1  OCO2 ) ( I CO2 )
S
S
PD
C3-1
83.3%
83.7%
83.8%
83.8%
C3-2
83.1%
83.7%
83.8%
83.8%
C3-3
83.6%
84.5%
84.7%
84.7%
C3-4
83.4%
83.7%
83.7%
83.7%
C3-5
84.0%
85.3%
85.5%
85.5%
C3-6
84.7%
86.0%
86.3%
86.3%
C3-7
82.7%
82.9%
83.0%
83.0%
C3-8
85.0%
85.8%
85.9%
85.9%
OCO2=Depleted flue gas CO2 content, dry basis and ICO2=Flue gas supply CO2 content, dry basis

Test Period

CO2 Recovery

DP
S
99.4%
99.2%
98.7%
99.6%
98.3%
98.2%
99.7%
99.0%

The uncertainty calculations and results from each calculation method are shown in Table 4. The following
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assumptions were used:
x Flow metering uncertainties were calculated by TCM DA for the indicated flow meters based on the specification
of the instrument.
x Concentration uncertainties for the flue gas flows are those described in Section 5.2.
x Concentration uncertainty for the product CO2 is assumed to be 1% to allow for actual CO2 content as low as
99%.
x CO2 capture of 85% is representative of that measured during all test periods.
x The uncertainty in CO2 capture is almost entirely due to uncertainty in CO 2 content of the CHP flue gas supply
for the assigned total (low) flow uncertainties. The CO 2 capture uncertainty is relatively insensitive to
uncertainties both in the CO2 contents of both the product CO2 and the depleted flue gas.
Table 4. Uncertainty in CO2 capture calculations (nominal CO2 capture efficiency shown as ECO2 =85%).
CO2 capture
Uncertainty in:
CO2 capture uncertainty Equation
calculation
Stream*
Total flow
CO2 content
CO2 flow
CO2 capture
method
P
1.1%
1%
UCO2P=1.5%
1
5.4%
U CO2S 2  U CO2 P 2
S
1.3%
5%
UCO2S=5.1%
P
1.1%
1%
UCO2P=1.5%
2
0.8%
1  ECO2 U CO2 D 2  U CO2 P 2
D
1.3%
5%
UCO2D=5.2%
1  ECO2
S
1.3%
5%
UCO2S=5.2%
U CO2S 2  U CO2 D 2
3
1.3%
UCO2D=5.2%
D
1.3%
5%
ECO2
*

P= Product CO2, S= Supply flue gas, D= Depleted flue gas

6.2. Thermal energy consumption
The reboiler thermal duty was calculated as the difference between steam enthalpy at the reboiler inlet
temperature and pressure and the saturation enthalpy of water at the reboiler condensate temperature. The specific
thermal duty (SRD) was obtained by dividing the reboiler duty by the product CO 2 flow. The CO2 product flow was
either based on the measured CO2 product flow (P) or on the difference between the NDIR-measured CO2 supply
flow and the estimated CO2 depleted flow (S-D). The two corresponding values for SRD are shown in Table 5. The
results for SRD were very consistent during all test periods.
Table 5. Stripper reboiler thermal energy consumption.
Test period
C3-1
C3-2
C3-3
C3-4
C3-5
C3-6
C3-7
C3-8

Using the measured product CO2 flow
(P)*

Using CO2 removed from the flue gas
(S – D)
Reboiler steam flow rate Reboiler duty
Specific
kg/hr
MJ/hr
Product CO2 Flow Specific thermal use
Product CO2 Flow
thermal use
kg/hr
GJ/t CO2
kg/hr
GJ/t CO2
5397
11,963
3307
3.62
3326
3.60
5421
11,978
3308
3.62
3336
3.59
5508
12,185
3332
3.66
3376
3.61
5395
11,963
3305
3.62
3318
3.60
5417
12,149
3340
3.64
3398
3.58
5446
12,204
3339
3.65
3400
3.59
5414
12,050
3342
3.61
3351
3.60
5525
12,205
3353
3.64
3386
3.60
*
The wet CO2 flow, which is obtained by using the FTIR measured moisture content of the product CO2.

6.3. Gas phase contaminants
FORCE Technology measured the gas phase concentration of the compounds listed below in the three gas
streams. The data are shown in Table 9-11 in Appendix B.
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x SO2 was simultaneously measured in the three gas streams during test period C3-1. A modest amount of SO2 was
present in the flue gas supply. No SO 2 entering the absorber in the flue gas supplied left the plant in either the
depleted flue gas or product CO2 streams.
x NOX concentrations and mass flows were measured in the three gas streams during test period C3-1. NOx
concentrations were below the detectable limit during all test periods.
x Acetone, formaldehyde, and acetaldehyde concentrations and mass flow rates were measured during test period
C3-2. The aldehydes in the depleted flue gas and product CO 2 do did exist in the supplied flue gas and were,
presumably, produced in the absorption process. Acetone was not detected in any gas stream. FORCE
Technology‘s measurements for the acetaldehyde concentrations were not successful and therefore the values
measured by TCM DA is shown in Table 10 in Appendix B.
x Amines/Amides concentrations and mass rates were measured during test period C3-2. None of the compounds
were detected in the CHP flue gas supply. The only compounds detected in the depleted flue gas and product CO 2
were MEA and methylamine. Traces of ethylamine, dimethylamine, and diethylamine were detected in the
depleted flue gas only. Amides were below the detection limits.
x H2SO4 concentration was measured in the three gas streams as aggregate sulfate (reported as H2SO4 equivalent)
during test period C3-1. The concentration of H2SO4 was below the respective detection limits.
x Particulates were measured during test period C3-1. The total amount of particulates in the CHP flue gas supply
is very low. The amount of particulates in the three gas streams was below the detection limit.
x Ammonia was simultaneously measured in the three gas streams during test period C3-3. Measurable amounts of
ammonia were found in the depleted flue gas and in the product CO 2. Ammonia was not detected in the CHP flue
gas supply suggesting it resulted from MEA degradation during the process.
x TVOC was measured during test period C3-3. Measurable amounts of TVOC were detected in the product CO 2.
The CHP flue gas supply does not contain any TVOC and presumably, it resulted from MEA degradation during
the CO2 capture process.
6.4. Laborelec particle measurements
Laborelec carried out particle size testing using an Electrical Low Pressure Impactor (ELPI+). Four locations of
the absorber tower were monitored to investigate the potential formation of particles as the depleted flue gas passes
through the washing stages and demisters. The results shown in Table 6 have measurements that were near to the
detection limit of the ELPI+ when inserted in the process. The ambient air measurements undertaken during these
tests were higher than the process measurements by almost one order of magnitude. The measurements were three to
four orders of magnitude lower than similar measurements taken on flue gas from a coal thermal plant, proving the
scarcity of particles in the CHP flue gases. The small amount of particles and their small sizes remain largely
unchanged as they pass through the absorber.
Table 6. Particle counts and size distribution through absorber sections

Test period
C3-5

Parameter
Leaving capture section

Units

Total

50% oversize (μm)

90% oversize (μm)

count/cm3

6608

0.040

0.023

3

C3-6

Leaving lower water wash

count/cm

7937

0.025

0.021

C3-7

Leaving upper water wash

count/cm3

3193

0.015

0.010

3

9767

0.020

0.012

C3-8

Absorber stack

count/cm

6.5. New baseline for solvent performance testing
Table 7 presents a portion of the MEA test data obtained at the TCM DA amine plant. Based on these data which
were obtained at about test period C3-4 when flow rates were measured, a new baseline is established. As the
instrumentation of the amine plant and therefore the measurements are significantly improved since the previous
MEA baseline in 2014 [4], the 2015 MEA results will set the baseline for performance benchmarking of other
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amines at TCM DA. The 2014 baseline is therefore considered obsolete.
Table 7. Results of baseline testing in 2015
Baseline year
Packing height (m)
Flue gas flow (Sm3/h)
Flue gas supply temperature (°C)
Flue gas supply pressure (bar)
Lean amine flow (kg/h)
Lean loading
Rich loading
Stripper bottom temperature (°C)
CO2 capture (%)
SRD (MJ/kg CO2)

2015
24
59 000
30.0
0.01
57 000
0.20
0.48
121.0
83.4
3.62

Comprehensive process data for the TCM DA baseline testing in 2015 are given in Table 12, Appendix C.
7. Conclusions
The quality of the gas phase measurements at the TCM DA amine plant is significantly improved by installing
new online instruments. Using the upgraded instrumentations, a new baseline for the TCM DA amine plant is
established which has replaced the 2014 baseline. The new baseline is set up close to the plant nominal capacity and
will serve as the performance benchmark for other amines tested at the TCM DA amine plant.
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Appendix A.
Table 8. Calculation methods for CO2 capture efficiency and recovery
CO2 capture efficiency

Description

Method 1

CO2 product flow as a ratio to the CO2 flow in the flue gas supply

Method 2
Method 3

Method 4
CO2 recovery

Formula

CO2 product flow as a ratio to the sum of the CO2 product flow
and the CO2 flow in the depleted flue gas
Ratio of the difference between the CO2 flow in the flue gas supply
and the CO2 in the depleted flue gas to the CO2 flow in the flue gas
supply
100% less the ratio of the depleted flue gas CO2 per unit O2+N2 to
the flue gas supply CO2 per unit O2+N2
Ratio of the sum of the CO2 flow in depleted flue gas and the
product CO2 flow divided by the CO2 flow in the flue gas supply

209

CO 2 product
CO 2 supply

CO2 product
CO2 product  CO2 depleted
CO 2 supply  CO2 depleted
CO2 supply

1

OCOc

1  I CO2

1  OCO2
I CO2
OCO2 = Depleted flue gas CO2 content, dry
ICO2 = Flue gas supply CO2 content, dry
CO2 depleted  CO2 product
CO2 supply
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Appendix B. Gas phase contaminants measured by FORCE Technology during the 2015 baseline testing
Table 9. Concentration of the contaminants in the gas streams: Test period C3-1.

Component
NOX
SO2
H2SO4
Filterable
Particulate

Units
mg/Sm3 (dry)
kg/hr
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)
g/hr

Test period C3-1
Flue gas supply
Depleted flue gas
< 10
< 10
< 0.6
< 0.5
0.29
< 0.20
16.6
< 11.1
0.014
< 0.01
0.80
< 0.5
< 0.08
< 0.08
<5
<5

Product CO2
< 10
< 0.02
< 0.20
< 0.4
-

Table 10. Concentration of the contaminants in the gas streams: Test period C3-2.

Component
Formaldehyde

Test period C3-2
Flue gas supply
< 0.4
< 23
< 0.8
< 40
<3
< 172
< 0.04

Formamide

Units
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)

Acetamide

mg/Sm3 (dry)

< 0.04

< 0.04

< 0.03

MEA

mg/Sm3 (dry)

< 0.003

0.0059

0.076

Acetaldehyde
Acetone

3

Depleted flue gas
0.72
40
0.43*
<1
< 55
< 0.04

Product CO2
0.14
0.25
15.33*
< 0.9
<2
< 0.03

DEA

mg/Sm (dry)

< 0.0004

< 0.0004

< 0.0003

TEA

mg/Sm3 (dry)

< 0.0004

< 0.0004

< 0.0003

NDELA

mg/Sm3 (dry)

NDMA
NMOR, NMEA, NPYR,
NDEA, NPIP, NDPA,
NDBA
Methylamine

< 0.0002

< 0.0002

< 0.0001

3

< 0.0004

< 0.0004

< 0.0003

3

mg/Sm (dry)

< 0.0002

< 0.0002

< 0.0001

mg/Sm3 (dry)

< 0.0008

0.030

<0.0006
< 0.0006

mg/Sm (dry)

3

Ethylamine

mg/Sm (dry)

< 0.0008

0.0012

Propylamine

mg/Sm3 (dry)

< 0.0008

< 0.0008

< 0.0006

Dimethylamine

mg/Sm3 (dry)

< 0.0008

0.029

< 0.00065

Ethylmethylamine

mg/Sm3 (dry)

< 0.0008

< 0.0008

< 0.0006

Diethylamine

mg/Sm3 (dry)

< 0.002

0.0097

0.0029

3

Dipropylamine

mg/Sm (dry)

< 0.002

< 0.002

< 0.001

TONO

mg/Sm3 (dry)

< 0.002

< 0.002

< 0.001

mg/Sm (dry)

< 0.04

0.076

0.079

g/hr

< 0.1

4.1

0.14

< 0.08

< 0.08

< 0.06

<2

<2

< 0.05

Sum, all amines
Sum, all amides

3

3

mg/Sm (dry)
g/hr

Total N (excluding NH3,
NO3-)
test period C3-3

3

mg/Sm (dry)

-

3.6

2.6

g/hr

-

190

4.7

* FORCE Technology measurements for the acetaldehyde concentration in both depleted flue gas and product CO2 were not
successful. The values given in Table 5 for acetaldehyde were measured by the TCM DA online FTIR analysers.
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Table 11 Concentration of the contaminants in the gas streams: Test period C3-3.

Components
NH3
TVOC

Units
mg/Sm3 (dry)
g/hr
mg/Sm3 (dry)
g/hr

Test period C3-3
Flue gas supply
< 0.30
< 20
< 0.50
< 30

Depleted flue gas
13
720
< 0.50
< 30

Product CO2
14
24.9
6
10.7

Appendix C. Amine plant 2015 baseline testing results
Table 12 presents the process data for the TCM amine plant averaged for the period C3-4 of baseline testing in
2015 (when flow rates were measured). During that period the plant was running at nearly stable conditions and the
process parameters fluctuations were insignificant.
Table 12. Averaged process data for the test period C3-4 of baseline testing in September 2015.

Operating capacity

%

CHP flue gas supply rate

Sm3/h

CHP flue gas supply temperature

°C

29.8

CHP flue gas supply pressure

barg

0.01

CHP flue gas supply CO2 concentration (dry)

vol%

3.7

CHP flue gas supply O2 concentration (wet)

vol%

14.6

CHP flue gas supply water content

vol%

3.7

Depleted flue gas temperature

°C

30.4

Lean MEA concentration (CO2 free)

wt%

31

Lean MEA concentration (incl CO2)

wt%

30

Lean CO2 loading

mol CO2/mol MEA

Lean amine supply flow rate

kg/h

Lean amine supply temperature

°C

37.0

Lean amine density

kg/m3

1 073

Rich solution return temperature

°C

33.2

Temperature above upper absorber packing

°C

39.7

Wash water 1 (lower) supply flow rate

kg/h

Wash water 1 inlet temperature

°C

30.4

Wash water 1 withdrawal temperature

°C

44.9

Temperature above Wash Water 1

°C

38.0

Wash water 2 (upper) supply flow rate

kg/h

Wash water 2 inlet temperature

°C

30.4

Wash water 2 withdrawal temperature

°C

37.3

Temperature above Wash Water 2

°C

30.4

211

100

59 430

0.20
57 434

55 005

54 997
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Rich CO2 loading

mol CO2/mol MEA

0.48

Rich solution supply flow rate

kg/h

60 775

Rich solution supply temperature

°C

110.7

Lean solution return temperature

°C

121.3
3

Rich amine density

kg/m

1 125

Reboiler steam flow rate

kg/h

5 398

Reboiler steam temperature

°C

Reboiler steam pressure

barg

2.04

Reboiler condensate temperature

°C

132.8

Reboiler condensate pressure

barg

1.96

Stripper overhead pressure

barg

0.91

Stripper overhead temperature

°C

96.1

Stripper overhead reflux flow rate

kg/h

1 227

Stripper overhead reflux temperature

°C

17.64

Stripper sump temperature

°C

121.0

Reboiler solution temperature

°C

125.1

Lean vapour compressor system

-

Product CO2 flow rate

kg/h

3 325

Product CO2 discharge temperature

°C

17.9

Product CO2 discharge pressure

barg

0.017

Product CO2 water content

vol%

1.3

Active absorber packing height

m

24

Temperature, upper absorber packing – 6

°C

47.4

Temperature, upper absorber packing – 5

°C

51.7

Temperature, upper absorber packing – 4

°C

51.6

Temperature, upper absorber packing – 3

°C

50.5

Temperature, upper absorber packing – 2

°C

49.9

Temperature, upper absorber packing – 1

°C

48.9

Temperature, middle absorber packing – 6

°C

47.2

Temperature, middle absorber packing – 5

°C

46.0

Temperature, middle absorber packing – 4

°C

44.4

Temperature, middle absorber packing – 3

°C

43.1

Temperature, middle absorber packing – 2

°C

42.2

Temperature, middle absorber packing – 1

°C

40.9

Temperature, lower absorber packing – 12

°C

40.6

Temperature, lower absorber packing – 11

°C

41.6

Temperature, lower absorber packing – 10

°C

37.4

Temperature, lower absorber packing – 9

°C

37.1

212

156

off
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Temperature, lower absorber packing – 8

°C

35.9

Temperature, lower absorber packing – 7

°C

34.3

Temperature, lower absorber packing – 6

°C

34.1

Temperature, lower absorber packing – 5

°C

33.8

Temperature, lower absorber packing – 4

°C

32.9

Temperature, lower absorber packing – 3

°C

33.2

Temperature, lower absorber packing – 2

°C

32.5

Temperature, lower absorber packing – 1

°C

32.4

Stripping section packing height

m

8

Temperature, stripper packing – 7

°C

102.7

Temperature, stripper packing – 6

°C

103.1

Temperature, stripper packing – 5

°C

104.5

Temperature, stripper packing – 4

°C

107.7

Temperature, stripper packing – 3

°C

112.1

Temperature, stripper packing – 2

°C

114.7

Temperature, stripper packing – 1

°C

119.4
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,QWURGXFWLRQ
7KH&27HFKQRORJ\&HQWUH0RQJVWDG 7&0'$ LVORFDWHGQH[WWRWKH6WDWRLOUHILQHU\LQ0RQJVWDG1RUZD\
7&0'$LVDMRLQWYHQWXUHVHWXSE\*DVVQRYDUHSUHVHQWLQJWKH1RUZHJLDQVWDWH6WDWRLO6KHOODQG6DVRO7KHIDFLOLW\
UXQE\7&0'$HQWHUHGWKHRSHUDWLRQDOSKDVHLQ$XJXVWDQGLWLVRQHRIWKHODUJHVWSRVWFRPEXVWLRQ&2FDSWXUH
WHVWFHQWUHVLQWKHZRUOG$XQLTXHDVSHFWRIWKHIDFLOLW\LVWKDWHLWKHUDIOXHJDVVOLSVWUHDPIURPDQDWXUDOJDVWXUELQH
EDVHG FRPELQHG KHDW DQG SRZHU &+3  SODQW RU DQ HTXLYDOHQW YROXPHWULF IORZ IURP D UHVLGXDO IOXLGL]HG FDWDO\WLF
FUDFNHU 5)&& XQLWFDQEHXVHGIRU&2FDSWXUH7KH&+3IOXHJDVFRQWDLQVDERXW&2DQGWKH5)&&IOXHJDV
FRQWDLQVDERXW&22QHRIWKHPDLQWHVWSODQWVDW7&0'$LVDKLJKO\IOH[LEOHDQGZHOOLQVWUXPHQWHGDPLQH
SODQW7KHDPLQHSODQWZDVGHVLJQHGDQGFRQVWUXFWHGE\$NHU6ROXWLRQVDQG.Y UQHUWRDFFRPPRGDWHDYDULHW\RI
WHFKQRORJLHVZLWKFDSDELOLWLHVRIWUHDWLQJIOXHJDVVWUHDPVRIXSWRVWDQGDUGFXELFPHWHUVSHUKRXU7KHSODQW
LVEHLQJRIIHUHGWRYHQGRUVRIVROYHQWEDVHG&2FDSWXUHWHFKQRORJLHVWRDPRQJRWKHUVWHVW  WKHSHUIRUPDQFHRI
WKHLUVROYHQWWHFKQRORJ\DQG  WHFKQRORJLHVDLPHGWRUHGXFHWKHDWPRVSKHULFHPLVVLRQVDQGHQYLURQPHQWDOLPSDFW
RIDPLQHVDQGDPLQHEDVHGGHJUDGDWLRQSURGXFWVIURPVXFKVROYHQWEDVHG&2FDSWXUHSURFHVVHV7KHREMHFWLYHRI
7&0'$LVWRWHVWYHULI\DQGGHPRQVWUDWH&2FDSWXUHWHFKQRORJLHVVXLWDEOHIRUGHSOR\PHQWDWIXOOVFDOH8SWRQRZ
WKHYHQGRUV$NHU6ROXWLRQV$OVWRP&DQVROY7HFKQRORJLHV,QFDQG&DUERQ&OHDQ6ROXWLRQV/WGKDYHVXFFHVVIXOO\
XVHGWKH7&0'$IDFLOLWLHVWRYHULI\WKHLU&2FDSWXUHWHFKQRORJLHV
7KH0($FDPSDLJQ
)URP-XO\WR2FWREHUDWHVWFDPSDLJQFDSWXULQJ&2IURPIOXHJDVIURPWKH&+3SODQWDW0RQJVWDGUHILQHU\
ZDV H[HFXWHG DW 7&0 7KH IOXH JDV KDV W\SLFDOO\  &2 ZKLOH WKH VROYHQW FRPSULVHG  DTXHRXV
PRQRHWKDQRODPLQH 0($ 7KHFDPSDLJQZDVDMRLQWSURMHFWEHWZHHQ7&0'$DQGLWVRZQHUV*DVVQRYD6WDWRLO
6KHOODQG6DVRO
7KHFDPSDLJQZDVVSOLWLQILYHWHVWVHULHV

 9HULI\PDVVEDODQFHV
 5HYLVHWKHSHUIRUPDQFHEDVHOLQH
 &KDOOHQJHWKHSODQWFDSDFLW\
 0LVWLQYHVWLJDWLRQ
 6WUHWFKWDUJHWV

6HULHV7KHYHULILFDWLRQRIWKHPDVVEDODQFHVLVGHVFULEHGLQVHFWLRQ7KHIORZDQGFRPSRVLWLRQPHDVXUHPHQWV
DQGPHWKRGVIRUFDOFXODWLQJWRWDODQG&2PDVVEDODQFHVDUHH[SODLQHGLQGHWDLODQGSHUIRUPDQFHUHVXOWVDUHJLYHQ
7KLVWHVWVHULHV 6HULHV ZDVFDUULHGRXWDWDIOXHJDVIORZUDWHRIDERXW6PK'DWDFROOHFWLRQZDVGRQH
XQGHUVWDEOHRSHUDWLQJFRQGLWLRQVDQGZKHQWKHFDSWXUHUDWHZDV
6HULHV7KHSODQWSHUIRUPDQFHIRURSHUDWLQJFRQGLWLRQVYHU\VLPLODUWRWKRVHUHSRUWHGIURP7&0LQ>@ZDV
LQYHVWLJDWHGZLWKWKHQHZJDVSKDVHFRPSRVLWLRQPHDVXUHPHQWVWKDWSURYLGHGLPSURYHGFRQWURORIWKHPDVVEDODQFHV
7KLVWHVWVHULHV 6HULHV XVHGWKHVWULSSHUERWWRPWHPSHUDWXUHDVWKHFRQWUROOLQJYDULDEOHDQGWKHVROYHQWFLUFXODWLRQ
UDWHZDVXVHGWRDGMXVWFDSWXUHUDWHDVFORVHDVSRVVLEOHWREHIRUHH[SHULPHQWDOGDWDZDVFROOHFWHG7KHRSWLPXP
SHUIRUPDQFHVIRURSHUDWLRQZLWKRXWDQGZLWKWKHXVHRIDQWLIRDPZHUHLGHQWLILHGE\WKHREWDLQHGXFXUYHVVKRZLQJ
UHODWLRQEHWZHHQWKHVSHFLILFUHERLOHUGXW\DQGWKHVWULSSHUERWWRPWHPSHUDWXUHRUWKHOHDQORDGLQJ5HVXOWVDUHJLYHQ
LQVHFWLRQ
6HULHV7KHXVHRIDQWLIRDPLPSURYHGVLJQLILFDQWO\WKHSODQWSHUIRUPDQFH,WDOVREHFDPHFOHDUWKDWXVLQJDQWL
IRDPZRXOGDOORZVWDEOHSODQWRSHUDWLRQDWWKHIXOOGHVLJQIOXHJDVIORZSODQWFDSDFLW\7KHUHIRUHDWHVWVHULHV 6HULHV
 ZDVUXQZLWK6PKIOXHJDVIORZUDWH7KHSODQWSHUIRUPDQFHZDVGRFXPHQWHGDFFRUGLQJWRWKHLQGHSHQGHQW
YHULILFDWLRQSURWRFRO ,93 >@7KLVQHZEDVHOLQHLVUHSRUWHGLQ>@DQGZLOOUHSODFHWKH7&0EDVHOLQHSXEOLVKHGLQ
>@5HVXOWVIURPUHGXFLQJDEVRUEHUSDFNLQJLVKRZHYHUSUHVHQWHGLQVHFWLRQ
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6HULHV$WZRZHHNSHULRGRIWKHFDPSDLJQZDVXVHGWRLQYHVWLJDWHHIIHFWRIPLVWDHURVROSDUWLFOHVLQWKHLQFRPLQJ
IOXHJDVRQHPLVVLRQVWRDWPRVSKHUH 6HULHV 7KLVLVUHSRUWHGLQ>@
6HULHV7KHWHVWVHULHV VWUHWFKHGWDUJHWV ZDVSODQQHGWRLQFOXGHWHVWVZLWKWKHXVHRIOHDQYDSRUFRPSUHVVRU
/9&VHHERWWRPULJKWFRUQHURI)LJXUH LQFUHDVHGDPLQHFRQFHQWUDWLRQ  DQG&2FDSWXUHIURPIOXHJDVHVDW
HOHYDWHG&2FRQFHQWUDWLRQV'XHWRWLPHFRQVWUDLQWVRQO\WKHODWWHUSDUWRIWHVWVHULHVZDVLPSOHPHQWHG$OOWHVWV
ZHUHZLWKWKHXVHRIDQWLIRDPDQGVHFWLRQSUHVHQWVUHVXOWVIURPWHVWVPDGHIURPWRDQG&2LQWKHIOXHJDV
IORZLQWRWKHDEVRUEHU
7KHWRWDOFDPSDLJQLQFOXGHGFORVHWRKRXUVRISODQWRSHUDWLRQDQGUHVXOWVDUHUHSRUWHGLQVHYHUDOSDSHUVWKDW
FRYHUHPLVVLRQVDQGGHJUDGDWLRQ>@UHFODLPLQJ>@DQGFRUURVLRQ>@
7DEOH  EHORZ SUHVHQWV DQ RYHUYLHZ RI WKH WHVW VHULHV DQG PDLQ SDUDPHWHU UDQJHV XVHG GXULQJ WKH  0($
FDPSDLJQDW7&0
7DEOH2YHUDOOWHVWDFWLYLWLHVZLWKUHIHUHQFHWRWHVWVVHULHV9HULI\PDVVEDODQFHV5HYLVHWKHSHUIRUPDQFHEDVHOLQH&KDOOHQJHWKHSODQW
FDSDFLW\0LVWLQYHVWLJDWLRQDQG6WUHWFKWDUJHWV3ODQWSHUIRUPDQFHGRFXPHQWHGDFFRUGLQJWRWKHLQGHSHQGHQWYHULILFDWLRQSURWRFRO>@LVODEHOHG
 ,93 7KHWHVWVHULHVFRYHUHGYDULDWLRQLQSDFNLQJKHLJKWDQG&2LQIOXHJDVLQWRWKHDEVRUEHU$WWKHHQGRIWKHFDPSDLJQUHFODLPLQJZDV
SHUIRUPHGIROORZHGE\WZRGD\VRI&2FDSWXUH7KHWHVWVHULHVLQFOXGHVWZRZHHNVSODQWVWRSEHWZHHQWHVWVHULHVDQGDQGDWZRGD\VVWRS
EHWZHHQWHVWVHULHVDQG6WULSSHUERWWRPSUHVVXUHZDVW\SLFDOO\PDLQWDLQHGDWDURXQGEDUJ
7HVWVHULHV
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7KHDPLQHSODQW
7KHDPLQHSODQWZDVGHVLJQHGDQGFRQVWUXFWHGE\$NHU6ROXWLRQVDQG.Y UQHU,WLVDJHQHULFDQGKLJKO\IOH[LEOH
SODQWDOORZLQJWHVWLQJDWGLIIHUHQWFRQILJXUDWLRQVDQGZLWKDZLGHUDQJHRIIOXHJDVFRPSRVLWLRQVDQGIORZUDWHV7KH
SURFHVVIORZGLDJUDPLVVKRZQLQ)LJXUH7KHSODQWFDSDFLW\LVDERXWDQGWRQQHVRI&2SHUGD\IRUWKH&+3
DQG5)&&IOXHJDVRSHUDWLRQVUHVSHFWLYHO\7KHIOXHJDVEORZHURXWSXWFDSDFLW\LVXSWRDERXWPEDUDQG
6PK7KHIOXHJDVLVFRROHGE\DGLUHFWFRQWDFWFRROHUZLWKZDVKZDWHU:DWHUVDWXUDWHGIOXHJDVIORZVXSZDUGVWKH
UHFWDQJXODUFURVVVHFWLRQDEVRUEHUWRZHUZKHUHLWFRPHVLQWRFRQWDFWZLWKIDOOLQJOHDQVROYHQWVROXWLRQ7KHDEVRUEHU
KDVWKUHHEHGVRIVWUXFWXUHGSDFNLQJDQGFROXPQSDFNLQJKHLJKWVFDQEHRUP/LTXLGGLVWULEXWRUVOLTXLG
FROOHFWRUWUD\VDQGPLVWHOLPLQDWRUVDUHLQVWDOOHGDWYDULRXVORFDWLRQVLQWKHWRZHU7KHIOXHJDVGHSOHWHGLQ&2SDVVHV
WKURXJKWZRUHFLUFXODWLQJZDWHUZDVKVWDJHVEHIRUHEHLQJHPLWWHGWRWKHDWPRVSKHUH7KHSURFHVVLVRSHUDWHGZLWK
ZDWHUEDODQFH7KHZDWHUZDVKHVDUHXVHGWRFRQWUROWKHGHSOHWHGIOXHJDVWHPSHUDWXUHDQGZDWHUFRQWHQW
7KH&2ULFKVROYHQWVROXWLRQLVSUHKHDWHGE\H[FKDQJHZLWKKRWOHDQVROXWLRQDQGSXPSHGWRWKHXSSHUSDUWRID
VWULSSHUWRZHU7KHULFKVROXWLRQIDOOVGRZQWKHVWULSSHUSDFNLQJVHFWLRQDQGFRPHVLQWRFRQWDFWZLWKULVLQJVWHDPDQG
UHOHDVHG&27KHOHDQVROXWLRQLVFROOHFWHGDWWKHVWULSSHUERWWRPVHFWLRQDQGLVFLUFXODWHGWKURXJKDVWHDPKHDWHG
WKHUPRVLSKRQUHERLOHUV\VWHPZKLFKSURYLGHVWKHKHDWQHFHVVDU\WRUHOHDVHWKH&27KHOHDQVROXWLRQLVSXPSHGEDFN
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WRWKHWRSRIWKHDEVRUEHUSDFNLQJ
7KHDPLQHSODQWKDVWZRLQGHSHQGHQWVWULSSHUFROXPQVZLWKRYHUKHDGFRQGHQVHUV\VWHPV%RWKFROXPQVKDYHD
WRWDOKHLJKWRIP7KHVWUXFWXUHGSDFNLQJLQWHUQDOVDUHRIPKHLJKW2QHVWULSSHULVGHVLJQHGIRUWKH&+3IOXHJDV
DQGPHDVXUHVPLQGLDPHWHUZKLOHWKHRWKHUVWULSSHULVPLQGLDPHWHU7KHVHFRQGVWULSSHULVVXLWHGIRUKLJKHU
IORZFDSDFLWLHVDQGLVXWLOL]HGZKHQWHVWLQJIOXHJDVHVRIKLJKHU&2FRQWHQW
7KH&2SURGXFWVWUHDPOHDYHVWKHVWULSSHUDQGLVFRROHGZLWKUHFRYHU\RIFRQGHQVDWHWKDWLVUHWXUQHGWRWKHVWULSSHU
DVDUHIOX[7KHFRROHG&2VWUHDPLVYHQWHG:KHQ&+3IOXHJDVLVXVHGLWLVSRVVLEOHWRUHF\FOHDSRUWLRQRIWKH&2
WRWKH&+3IOXHJDVXSVWUHDPRIWKHGLUHFWFRQWDFWFRROHU7KLVDOORZVIRUWHVWLQJDUDQJHRI&2FRQFHQWUDWLRQVLQWKH
LQOHWIOXHJDVVWUHDP0RUHGHWDLOVRQWKHSODQWGHVLJQDQGHTXLSPHQWFDQEHIRXQGLQ>@

,, 

,,, 

,

)LJXUH7KH7&0DPLQHSODQWZLWKWZRIOXHJDVVRXUFHV&+3DQG5)&&DQGWKHFRUUHVSRQGLQJWZRVWULSSHUV)OXHJDVDQDO\]HUVDQGIORZ
PHWHUVDUHORFDWHGDWDEVRUEHULQOHW , RXWOHWGHSOHWHGIOXHJDV ,, DQG&2SURGXFW ,,, VHHDOVRVHFWLRQ7DEOHDQG7DEOH7KHVHWVRI,5
PHWHUVIRUDEVRUEHULQDQGRXW,5&2 ±YRO ,5&2 YRO DQG,5&2 ±YRO ,5&2 YRO DUHUHIHUUHGWRDV,5ORZ
DQG,5KLJKLQ7DEOH7KHGRWWHGJUHHQOLQHVKRZVWKDW&2FDQEHUHF\FOHGEDFNWRWKHDEVRUEHULQOHWIRUWHVWVDWHOHYDWHG&2FRQFHQWUDWLRQLQ
WKHIOXHJDVIORZ
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0DVVEDODQFHFORVXUH 6HULHV 
7KHDPLQHSODQWLVSODQQHGDQGHTXLSSHGIRUFRQGXFWLQJUHVHDUFKDQGGHYHORSPHQWDFWLYLWLHVDQGLQ7&0
FRPSOHWHGLPSOHPHQWDWLRQRIDPDMRUXSJUDGHRIWKHJDVSKDVHFRPSRVLWLRQPHDVXUHPHQWHTXLSPHQW7KHRULJLQDOVHW
XS ZDV ZLWK RQH FRPPRQ )7,5 DQDO\]HU WKDW LQ  PLQXWH F\FOH VKLIWHG EHWZHHQ PHDVXULQJ HDFK RI WKH WUHH JDV
VWUHDPV >@ )LJXUH  VKRZV WKH QHZ JDV FRPSRVLWLRQ PHDVXUHPHQW VHWXS WKDW LQFOXGHV PXOWLSOH JDV FRPSRVLWLRQ
DQDO\]HUV DW HDFK JDV VWUHDP SURYLGLQJ FRQWLQXRXV PHDVXUHPHQWV 7KH &2 PHDVXUHPHQWV DUH EDVHG RQ IRXULHU
WUDQVIRUPLQIUDUHGVSHFWURVFRS\ )7,5 LQIUDUHG JDV DQDO\VLV ,5 DQGJDVFKURPDWRJUDSK\ *& $EVRUEHULQDQG
RXWKDYH,5PHWHUVWKDWFRYHUERWKDQGSSPUDQJH>@
'XULQJ WKH ILUVW SDUW RI WKH 0($  WHVW FDPSDLJQ WKH WRWDO DQG &2PDVV EDODQFH RI WKH DPLQH SODQW ZDV
FKHFNHGFDUHIXOO\7KHUHDUHWZRPHWHUVIRUWKHLQOHWIOXHJDVIORZUDWHRQHPHWHUIRUWKHIOXHJDVIORZRXWRIDEVRUEHU
DQGWZRPHWHUVIRUWKH&2SURGXFWIORZVHH7DEOH7KHDEVRUEHURXWIOXHJDVIORZPHWHU)7GRHVQRWSURYLGH
UHOLDEOHPHDVXUHPHQWV>@WKXVIORZRXWRIDEVRUEHU V LVDOVRFDOFXODWHGIURPIORZLQWRWKHDEVRUEHUDVVXPLQJDOO
FRPSRQHQWVH[FHSWZDWHU CH2O DQG&2 CCO2 DUHFRQVHUYHG

Vout

Vin

in
  c HinO  cCO

out
  c HoutO  cCO








7KHPDVVEDODQFHLVFDOFXODWHGDVVXPRIDEVRUEHURXWDQGSURGXFWIORZGLYLGHGE\DEVRUEHULQIORZ7KLVEDODQFH
LVEDVHGRQPLQXWHVDYHUDJHVRIWKHPHDVXUHGJDVIORZVLQDQGRXWRIWKHSODQW1RVKLIWLQWLPHLVDSSOLHGLHLQ
RUGHUWRWDNHLQWRDFFRXQWWKHUHVLGHQFHWLPHIURPJDVSKDVHDEVRUEHUWRJDVSKDVHVWULSSHU7KXVVWDEOHRSHUDWLRQLV
DVVXPHG,Q7DEOHPDVVEDODQFHIRUIRXUFRPELQDWLRQVRIIORZLQVWUXPHQWVPHWKRG$WR'DUHVKRZQ0HWKRG$
WR&SURYLGHPDVVEDODQFHVFORVHWR0HWKRG'ZKLFKXVHVWKHDEVRUEHURXWSLWRWEDVHGPHWHU)7SURYLGHV
DPDVVEDODQFHDURXQGZKLFKVXJJHVWVWKDWWKLVPHWHUUHSRUWVWRRORZIORZ)RUUHIHUHQFHWKH&2FRQFHQWUDWLRQ
GU\ LQWRWKHDEVRUEHULVVKRZQ$URXQG-XO\WKH&+3FKDQJHGILULQJPRGHZKLFKUHVXOWHGLQDGHFUHDVHLQWKH
&2FRQWHQWLQWKHIOXHJDVDQGZDVVWDEOHIRUWKHUHVWRIWKHZHHN
$VVKRZQLQ)LJXUHDERYHWKHUHDUHIRXU&2DQDO\VHUVDWWKHDEVRUEHULQOHWDQGDWWKHRXWOHWDQGWKUHHDQDO\VHUV
DW WKH SURGXFW VWUHDP %DVHG RQ PHWKRG $ WR & LQ 7DEOH  WKH &2 PDVV EDODQFH KDV EHHQ FDOFXODWHG XVLQJ D
FRPELQDWLRQRIWKH&2DQDO\]HUV7DEOHVKRZVWKHFDVHVLQYHVWLJDWHG)RU$$%DQG&WKHJDVFRPSRVLWLRQ
RXW RI VWULSSHU LV DVVXPHG WR EH RQO\ &2 DQG ZDWHU ZHUH WKH ODWWHU LV FDOFXODWHG IURP SUHVVXUH DQG WHPSHUDWXUH
DVVXPLQJVDWXUDWHGFRQGLWLRQV I 7S )RU$DQG$&2FRQFHQWUDWLRQLVEDVHGRQ*&DQG)7,5PHDVXUHPHQWV
$OOWKUHHPHWKRGVJLYHZHW&2!YRO
7DEOH7RWKHOHIWLQVWUXPHQWDWLRQIRUDEVRUEHULQ $EVLQ DQGRXW $EVRXW DQGSURGXFWIORZ7KHDEVRUEHURXWIORZ  DQG  DUHPDUNHG
ZLWKDVWHULVNVVLQFHWKHVHIORZVDUHFDOFXODWHGIURPDEVRUEHULQIORZVE\XVHRIHTXDWLRQ0DVVEDODQFHEDVHGRQIRXUFRPELQDWLRQVRILQVWUXPHQWV
PHWKRGV$WR'DUHSUHVHQWHGIRURQHZHHNRIRSHUDWLRQLQWKHILJXUHWRWKHULJKW&2FRQFHQWUDWLRQ GU\ LQWRWKHDEVRUEHULVDOVRVKRZQ
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[



$EVRXW  

)7

0XOWLSLWRWWXEH







[


3URGXFW  


)7


9RUWH[


[





[

[

3URGXFW  

)7$

3LWRW
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5.2

MethodB

99

5.0

98

4.8

97

4.6

96

4.4

MethodD

95
94

4.2
4.0

CO2 in

93

3.8

92

3.6

91

3.4
20ͲJul

&

19ͲJul

%

18ͲJul

$

17ͲJul



16ͲJul



15ͲJul



5.4

MethodA,C

100

CO2 intoabsorber[%,dry]

101

0HWKRG

14ͲJul

,QVWUXPHQW

13ͲJul

7DJQXPEHU

MassbalancemethodAtoD[%]
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7KH&2PDVVEDODQFHFDOFXODWHGDV

m CO abs out  m CO  product
u  
m CO abs in

 m CO ballance



)LJXUHVKRZVWKDWPHWKRG$WR$DQG&UHVXOWVLQ&2PDVVEDODQFHZLWKLQ0HWKRG%ZKLFKLV
EDVHGRQWKHJDVIORZUDWHVRIPHWKRG%KDVDODUJHUVSUHDGDQGLVXQGHUHVWLPDWLQJWKH&2SURGXFWIORZUHVXOWLQJLQ
DQDYHUDJH&2PDVVEDODQFHDURXQG,QFRQFOXVLRQDOOFRPSRVLWLRQPHWHUVUHVXOWVLQDQDFFHSWDEOH&2PDVV
EDODQFHEXWIORZVKRXOGEHEDVHGRQPHWKRG$RU&.
7DEOH,QVWUXPHQWVIRU&2PHDVXUHPHQWDWDEVRUEHULQ $EVLQ DQGRXW $EVRXW DQGSURGXFWIORZ:LWKUHIHUHQFHWR7DEOHWKHPHDVXUHPHQWV
ZHUHFRPELQHGZLWKIORZPHWHUVDFFRUGLQJWRPHWKRG$IRUIRXUVHWVRILQVWUXPHQWVZKLOHPHWKRG%DQG&ZHUHSUHVHQWHGXVLQJWKH,5ORZDQG
&2SURGXFWFRQFHQWUDWLRQE\GLIIHUHQFHIURPFDOFXODWHGPRLVWXUH I 7S 
6WUHDP

7DJQXPEHU

,QVWUXPHQW

0HWKRG







$

$

$

$

%

&

$EVLQ  

$,$

,5ORZ

[







[

[

$EVLQ  

$,$

,5KLJK
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$EVLQ  

$,$

*&





[







$EVLQ  

$,$

)7,5







[






$EVRXW  


$,$


,5ORZ


[











[


[

$EVRXW  

$,$

,5KLJK
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$EVRXW  

$,$

*&





[







$EVRXW  

$,$

)7,5







[






3URGXFW  





I 7S 


[


[








[


[

3URGXFW  

$,$

*&





[







3URGXFW  

$,$

)7,5







[







102

Method:
A1ͲA4,C1

100
98
96
94

Method:B1

92
90
88
86
20ͲJul

19ͲJul

18ͲJul

17ͲJul

16ͲJul

15ͲJul

14ͲJul

84
13ͲJul

CO2 massbalanceclosure[%]

104

)LJXUH&2PDVVEDODQFHEDVHGRQPHWKRG$WR$%DQG&LQ7DEOH
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3HUIRUPDQFH 6HULHV 

123C
121C

122C

121C

120C

118C
119C

118C

116.5C

118C
118C
117.5C

119C

120C

121C

120C

118C

30,000

0.25

30000

0.20

20,000

0.20

20000

0.15

10,000

0.15

10000

0.10

0

0.10

0
03ͲSep

26ͲAug

25ͲAug

Leanamineflow[kg/h]

40000

0.25

02ͲSep

0.30

01ͲSep

40,000

31ͲAug

50000

0.30

30ͲAug

0.35

29ͲAug

50,000

28ͲAug

60000

0.35

27ͲAug

0.40

Loading[mole/mole]

60,000

Leanamineflow[kg/h]

70000

0.40

24ͲAug

0.45

23ͲAug

70,000

22ͲAug

80000

0.45

21ͲAug

0.50

20ͲAug

80,000

19ͲAug

90000

0.50

18ͲAug

100000

0.55

17ͲAug

0.60

90,000

16ͲAug

100,000

0.55

15ͲAug

0.60

14ͲAug

Loading[mole/mole]

117C

116C

2QH RI WKH REMHFWLYHV ZDV WR LQYHVWLJDWH WKH SODQW SHUIRUPDQFH XQGHU WKH LPSURYHG FRQWURO RI KHDW DQG PDVV
EDODQFHVDVH[SODLQHGDERYH$NH\TXHVWLRQIURPWKHEDVHOLQHWHVWLQJ>@ZDVZKHWKHUWKH&+3VWULSSHUZDV
RSHUDWHG XQGHU RSWLPDO FRQGLWLRQV ,QGLFDWRUVRI SRRU VWULSSHUSHUIRUPDQFH DUH IOXFWXDWLQJ WHPSHUDWXUH VHQVRUV D
UDGLDO WHPSHUDWXUH JUDGLHQW DQG D UHGXFHG WHPSHUDWXUH JUDGLHQW RYHU WKH SDFNLQJ VHFWLRQ 7KLV UHVXOWV LQ KLJKHU
WHPSHUDWXUHV DERYH WKH VWULSSHU SDFNLQJ  WR & DV ZHOODV KLJKHU SUHVVXUH GURS RYHU WKH VWULSSHU SDFNLQJ
VHFWLRQ5HDVRQVIRUWKLVEHKDYLRXUFRXOGEHPRGHUDWHIRDPLQJRUPDOGLVWULEXWLRQRYHUWKHSDFNLQJVHFWLRQRIWKH
XSFRPLQJVWHDPDQGRUWKHGRZQFRPLQJOLTXLGVROYHQW7&0KDGVRPHHDUOLHUH[SHULHQFHWKDWDGGLQJDQWLIRDPWR
WKHVROYHQWIORZFRXOGLPSURYHWKHVLWXDWLRQ
,QLQGXVWULDODPLQHXQLWVDQWLIRDPFKHPLFDOVDUHRIWHQLQMHFWHGZKHQRSHUDWRUVVXVSHFWIRDPLQJWRRFFXULQWKH
FROXPQVZKLFKFDQOHDGWRODUJHVROYHQWFDUU\RYHUWRWKHGRZQVWUHDPRYHUKHDGXQLWV7KLVFRXOGUHVXOWLQSURGXFWLRQ
WXUQGRZQRUZRUVHXQSODQQHGVKXWGRZQ7KHLQFUHDVHRUUDSLGIOXFWXDWLRQRISUHVVXUHGURSRYHUWKHDPLQHFROXPQ
DQGWKHXQH[SHFWHGOHYHOFKDQJHLQWKHDPLQHXQLW ZLWKUDSLGFKDQJHRIWKHFRQWUROYDOYH DUHJHQHUDOLQGLFDWRUVIRU
IRDPLQJ1RWHWKDWVXFKIRDPLQJHYHQWLQWKH7&0IDFLOLW\ZDVOLNHO\QRWH[SHULHQFHGGXULQJWKHFDPSDLJQDQGWKDW
WKHFROXPQVZHUHRSHUDWLQJZLWKLQWKHLUGHVLJQK\GUDXOLFRSHUDWLQJZLQGRZ LHQRIORRGLQJ 
7KLVSDUWRIWKHWHVWFDPSDLJQUHSHDWHGFRQGLWLRQVIURPWKHWHVWVDW7&0>@DQGLQFOXGHGRSHUDWLRQZLWKDQG
ZLWKRXWWKHXVHRIDQWLIRDP7KHPDLQSDUDPHWHUVXVHGIRUFUHDWLQJXFXUYHVDQGGHWHUPLQLQJWKHRSWLPXPVSHFLILF
UHERLOHUGXW\ 65' XQGHUVHULHVDUHJLYHQLQ7DEOHDERYH7KHWHVWVZHUHUXQDWVWDEOHFRQGLWLRQVZLWK&2LQOHW
FRQFHQWUDWLRQDERXWYROGU\7KHVWULSSHUERWWRPSUHVVXUHZDVKHOGFRQVWDQWDWEDUJ7KHVWULSSHUERWWRP
WHPSHUDWXUHZDVXVHGDVWKHFRQWUROOLQJYDULDEOH)RUHDFKVHOHFWHGWHPSHUDWXUHRQHSRLQWRQWKHXFXUYHZDVFUHDWHG
7KHVROYHQWIORZUDWHZDVXVHGWRWXQHLQWKHFDSWXUHUDWHDVFORVHDVSRVVLEOHWRDWHDFKWHVWWHPSHUDWXUHEHIRUH
GDWDFROOHFWLRQ
7KHGDWDIRUXFXUYHVZHUHSUHSDUHGDVVKRZQLQ)LJXUHEHORZ$WDVHWVWULSSHUERWWRPWHPSHUDWXUHWKHOHDQ
VROYHQW IORZ ZDV WXQHG LQ RUGHU WR DFKLHYH  FDSWXUH UDWH 5LFK DQG OHDQ VROYHQW ZDV VDPSOHG GXULQJ VWDEOH
RSHUDWLRQ5LFKDQGOHDQORDGLQJGDWDZHUHREWDLQHG7KHULFKORDGLQJZHUHDOZD\VFORVHWRWKHHTXLOLEULXPYDOXHRI
 PROH &2PROH DPLQH ZKLOH WKH OHDQ ORDGLQJ UHVSRQGHG FORVHO\ WR WKH VHW VWULSSHU ERWWRP WHPSHUDWXUH 7KH
VROYHQWIORZUDWHZDVUHGXFHGLQFRUUHVSRQGLQJVWHSVZLWKWKHOHDQORDGLQJ
7KHWHVWVHULHVVWDUWHGZLWKRXWWKHXVHRIDQWLIRDP7KHPDLQSHUIRUPDQFHSDUDPHWHUVDUHVKRZQLQ7DEOHEHORZ
7KH65'YDOXHLVFDOFXODWHGEDVHGRQWKHGLIIHUHQFHLQVWHDPHQWKDOS\ ǻH RYHUWKHUHERLOHUWKHVWHDPPDVVIORZ
ۦsteam DQGPDVVIORZRI&2RXWRIWKHSURGXFWOLQH ۦCO2 


)LJXUH7RWKHOHIWWHVWVZLWKRXWDQWLIRDPDQGWRWKHULJKWWHVWVZLWKWKHXVHRIDQWLIRDP/HDQDQGULFKORDGLQJDUHVKRZQDVILOOHGEOXHDQGRSHQ
UHGWULDQJOHVUHVSHFWLYHO\/HDQDPLQHIORZ EODFNSRLQWV LVDGMXVWHGWRJHWDSSUR[LPDWLYHO\&2FDSWXUHDQGWKHQNHSWFRQVWDQWDWHDFKOHYHO
RIVWULSSHUERWWRPWHPSHUDWXUH7KHODWWHULVLQGLFDWHGDVYHUWLFDOGRWWHGOLQHV
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SRD

'H m steam

m CO





7KH&2FDSWXUHUDWHLVFDOFXODWHGEDVHGRQDVLPSOLILHGH[SUHVVLRQXVLQJ&2FRQFHQWUDWLRQLQDQGRXWRIWKH
DEVRUEHU

[

§
c out
¨   CO 
in
¨
c CO

©

·
¸ u  
¸
¹





7DEOH5HVXOWVIRUWHVWFDVHVZLWKRXWWKHXVHRIDQWLIRDP7KHXVHRI³$´DQG³%´ 7HVWQR LQ7DEOHDQG7DEOHLGHQWLILHVWHVWVZLWKRXWDQG
ZLWKDQWLIRDPUHVSHFWLYHO\ /RDGLQJLVUHSRUWHGDVPROH&2PROHDPLQH
7HVWQR

/HDQVROYHQW
IORZ
>NJK@

/HDQDPLQH
ORDGLQJ
>PROHPROH@

&DSWXUHUDWH

65'



6WULSSHUERWWRP
WHPSHUDWXUH
>&@

>@

>0-NJ&2@
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7KHVWULSSHUSHUIRUPDQFHZDVREVHUYHGE\IROORZLQJWKHWHPSHUDWXUHSURILOHVRYHUWKHVWULSSHUSDFNLQJVHFWLRQWKH
SUHVVXUHGURSRYHUWKHSDFNLQJDQGWKHWHPSHUDWXUHVHQVRUSODFHGDERYHWKHVWULSSHUSDFNLQJ$OOWKHLQGLFDWRUVVKRZHG
WKDWWKHVWULSSHUZDVQRWSHUIRUPLQJRSWLPDODQGWKHUHIRUHWKHDQWLIRDPLQMHFWLRQZDVGHFLGHG$W$XJXVWIRXUOLWUH
RIDQWLIRDPZDVDGGHG$IWHUDQWLIRDPKDGEHHQLQMHFWHGDOOWKHLQGLFDWRUVVKRZHGJRRGVWULSSHUSHUIRUPDQFH7KH
WHVWVHULHVZHUHFRQWLQXHGLQRUGHUWRFUHDWHDXFXUYHDQGGHWHUPLQHRSWLPXP65'YDOXHDOVRIRURSHUDWLRQZLWKWKH
XVHRIDQWLIRDP7KHVWUDWHJ\ZDVWRLQMHFWRQHOLWUHRIDQWLIRDPLIWKHLQGLFDWRUVDJDLQVKRZHGVLJQVRIXQGHVLUHG
EHKDYLRXUWRVHFXUHRSWLPDOSHUIRUPDQFHIRUDOOWKHSRLQWVRQWKHXFXUYH)LJXUHEHORZLOOXVWUDWHVKRZWKLVRSHUDWLRQ
ZDVPDQDJHGIRUWKHZKROHWHVWVHULHV
7KHPRVWLPSRUWDQWSHUIRUPDQFHSDUDPHWHUVIRUWKHWHVWFDVHVZLWKWKHXVHRIDQWLIRDPDUHVKRZQLQ7DEOHEHORZ
'DWDIURP7DEOHDQG7DEOHZHUHXVHGWRFUHDWHWKHXFXUYHVVKRZQLQ)LJXUHEHORZ
7DEOH5HVXOWVIRUWHVWFDVHVZLWKWKHXVHRIDQWLIRDP7KHXVHRI³$´DQG³%´ 7HVWQR LQ7DEOHDQG7DEOHLGHQWLILHVWHVWVZLWKRXWDQGZLWK
DQWLIRDPUHVSHFWLYHO\/RDGLQJLVUHSRUWHGDVPROH&2PROHDPLQH
7HVWQR

/HDQVROYHQW
IORZ
>NJK@

/HDQDPLQH
ORDGLQJ
>PROHPROH@

&DSWXUHUDWH



6WULSSHUERWWRP
WHPSHUDWXUH
>&@

65'

>@

>0-NJ&2@
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120°C,50mbarg

AntiͲfoamadded

Plantoutage

Pressuredrop
Maxrange:20mbarg

Pressuredropafter
addingantiͲfoam

60°C,0mbarg

14/08/2015







26/08/2015



02/09/2015

4.5

4.5

4.3

4.3

SRD[MJ/kgCO2]

SRD[MJ/kgCO2]

)LJXUH6WULSSHUSHUIRUPDQFHDQGUHVXOWRIXVLQJDQWLIRDPLVVKRZQIRUWKHZKROHWHVWVHULHVVHH7DEOH7KHGDVKHGYHUWLFDOOLQHVKRZVWKH
ILUVWXVHRIDQWLIRDP$XJXVW7KHXSSHUEODFNDQGUHGWKLQOLQHVVKRZWHPSHUDWXUHVHQVRUVLQVLGHWKHVWULSSHUSDFNLQJ7KHEROGUHGDQG
EOXHOLQHVDUHWHPSHUDWXUHDERYHWKHVWULSSHUSDFNLQJDQGSUHVVXUHGURSRYHUWKHVWULSSHUSDFNLQJUHVSHFWLYHO\1RWHWKDWEHIRUHDGGLQJDQWLIRDP
WKHSUHVVXUHGURSH[FHHGHGPD[UDQJHRIPEDUJIRUWKHPHWHU$QWLIRDPUHVXOWHGLQLPPHGLDWHVWDELOLVLQJRIWHPSHUDWXUHVDQGUHGXFHGWKH
SUHVVXUHGURSRYHUVWULSSHU7KHIXUWKHUGURSLQWHPSHUDWXUHWRWKHULJKWRIWKLVLVGXHWRDVKRUWSODQWRXWDJH

4.1
3.9
3.7
3.5

115

116

117

118

119

120

121

4.1
3.9
3.7
3.5

122

Stripperbottomtemperature[°C]

0.1

0.15

0.2

0.25

0.3

0.35

0.4

Leanloading[moleCO2/moleamine]

)LJXUH8FXUYHVIURPVHULHVDQGRSHUDWLRQZLWKDQWLIRDPDUHVKRZQDVUHGILOOHGWULDQJOHVZKLOHUHVXOWVZLWKRXWWKHXVHRIDQWLIRDPDUHVKRZQ
DVRSHQWULDQJOHV7RWKHOHIW65'LVJLYHQDVIXQFWLRQRIVWULSSHUERWWRPWHPSHUDWXUH7RWKHULJKW65'LVJLYHQDVIXQFWLRQRIOHDQORDGLQJ7KH
DVWHULVNUHSUHVHQWVWKHEDVHOLQH>@PDGHZLWKRXWWKHXVHRIDQWLIRDP

7KHVLJQLILFDQWHIIHFWRIDQWLIRDPLVFOHDUO\VHHQIURPWKHJUDSKV7KHVWULSSHUEHKDYLRXUEHFRPHVPXFKPRUH
RSWLPDODQGWKHKHDWLVQRORQJHUORVWWKURXJKWKHVWULSSHURYHUKHDGEXWXVHGLQHIILFLHQWUHOHDVHRIWKH&2IURPWKH
VROYHQWDPLQH7KLVOHDGVWRVLJQLILFDQWO\ORZHUVSHFLILFUHERLOHUGXW\DQGWKHRSWLPXPRSHUDWLRQLVVKLIWHGWRZDUGV
PXFKOHDQHUDPLQHDQGOHVVVROYHQWFLUFXODWLRQ
'XULQJWHVWVHULHVWKHLQGHSHQGHQWYHULILFDWLRQSURWRFRO ,93 DQGWKHUGSDUW\PHDVXUHPHQWVZHUHGRFXPHQWHG
6LQFH WKH XVH RI DQWLIRDP DOORZHG VWDEOH SODQW RSHUDWLRQ DOVR DW WKH IXOO IOXH JDV GHVLJQ FDSDFLW\ WKLV RSHUDWLQJ
FRQGLWLRQZDVFKRVHQIRUWKHYHULILFDWLRQWHVWLQJVHHVHULHV ,93 LQ7DEOH7KLVWHVWVHULHVHVWDEOLVKHGDW
6PK IOXH JDV IORZ ZLOO UHSODFH WKH EDVHOLQH SXEOLVKHG LQ  >@ DQG LV UHSRUWHG LQ >@ ,Q 7DEOH  WKH PDLQ
FKDUDFWHULVWLFVIRUWKHEDVHOLQHDUHFRPSDUHGZLWKWHVWUHVXOWVIURPVHULHV7KHVHWHVWVZHUHFRQGXFWHGDWDERXW
WKHVDPHIOXHJDVIORZRI6PK&2EHORZYRODQGZLWKPHWHUVRIDEVRUEHUSDFNLQJ)RUFRPSDULVRQ
WKHWDEOHLQFOXGHVWHVW³$´WKDWKDYHVLPLODUSDUDPHWHUVDVWKHEDVHOLQH7KHFDVHV³$´DQG³%´UHSUHVHQW
RSWLPXPHQHUJ\SHUIRUPDQFHIRURSHUDWLRQZLWKRXWDQGZLWKWKHXVHRIDQWLIRDPVHHDOVR)LJXUHDERYH7KHXVH
RIDQWLIRDPJDYHDERXWUHGXFWLRQLQOHDQDPLQHIORZUDWHDQGUHGXFWLRQLQ65'FRPSDUHGWRWKH
EDVHOLQH
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7DEOH&RPSDULVRQRIWKHEDVHOLQHDQGUHVXOWVIURPRSWLPDOSHUIRUPDQFHWHVWLQJ$OOWHVWVDUHZLWKPDEVRUEHUSDFNLQJDQGDURXQG
GU\&2LQIOXHJDVIURPWKH&+3'DWDVHWV³$´DQG³$´DUHZLWKRXWWKHXVHRIDQWLIRDPDQGDUHWDNHQIURP7DEOHZKLOH³%´LVZLWK
DQWLIRDPDQGGDWDDUHWDNHQIURP7DEOH/RDGLQJLVUHSRUWHGDVPROH&2PROHDPLQH
1DPH

%DVHOLQH>@

$

$

%

'DWH









)OXHJDVIORZ>6PK@









)*WHPSHUDWXUH>&@









/HDQDPLQHIORZ>NJK@









/HDQORDGLQJ>PROHPROH@









5LFKORDGLQJ>PROHPROH@









6WULSSHUERWWRPWHPS>&@









&2FDSWXUH>@









65'>0-NJ&2@









$QWLIRDP

QR

QR

QR

\HV

3DUDPHWHUYDULDWLRQV 6HULHVDQG 
7KH WHVW VHULHV  DQG  LQFOXGHG WHVWV PDGH ZLWK  P DEVRUEHUSDFNLQJ KHLJKW DQG DOVR WHVWV DW HOHYDWHG &2
FRQFHQWUDWLRQLQWKHIOXHJDVIORZLQWRWKHDEVRUEHU7KHVHSDUDPHWHUYDULDWLRQVZLOOEHGLVFXVVHGEHORZ
:LWKDQHZEDVHOLQHHVWDEOLVKHGIRUIXOOIOXHJDVIORZFDSDFLW\ 6PK DQGXVHRIPDEVRUEHUSDFNLQJ
KHLJKW>@LWZDVVXJJHVWHGWRFKDOOHQJHWKHSODQWFDSDFLW\HYHQIXUWKHUZLWKDWHVWVHULHVDWPSDFNLQJKHLJKW7KH
IOXHJDVIORZUDWHZDVIL[HGDW6PK &2GU\ DQGDQWLIRDPZDVLQMHFWHGSULRUWRWKHWHVWVLIQHHGHG
7KHVHUHVXOWVDUHSUHVHQWHGLQ7DEOH,QFDVH³$´WKHDEVRUEHUSDFNLQJKHLJKWZDVUHGXFHGIURPWRP7KH
65' YDOXH LQFUHDVHG DQG ULFK ORDGLQJ GHFUHDVHG IURP  WR  LQGLFDWLQJ WKDW  P LV QRW VXIILFLHQW WR JLYH
HTXLOLEULXP ,Q FDVH ³$´ WKH VWULSSHU ERWWRP WHPSHUDWXUH ZDV GHFUHDVHG IURP  WR & UHVXOWLQJ LQ D
FRUUHVSRQGLQJLQFUHDVHLQOHDQORDGLQJIURPWRDQGWKHFDSWXUHUDWHGHFUHDVHGIURPWR,QFDVH³$´
WKHVWULSSHUERWWRPWHPSHUDWXUHZDVLQFUHDVHGWR&JLYLQJDOHDQORDGLQJRIDQGFDSWXUHUDWH,QFDVH
³$´WKHWDUJHWZDVWRDFKLHYHFDSWXUHUDWHDW&E\FKDQJLQJWKHOHDQVROYHQWIORZUDWH$QLQFUHDVHLQIORZ
UDWHIURPWRNJKZDVUHTXLUHG)RUDOOWKHVHSDUDPHWHUYDULDWLRQVWKH65'ZDVWR0-NJ&2
7DEOH3DUDPHWHUWHVWLQJZLWKPSDFNLQJKHLJKWFRPSDUHGWRWKHQHZEDVHOLQH DOOZLWKDQWLIRDP /RDGLQJLVJLYHDVPROH&2PROHDPLQH
1DPH

%DVHOLQH>@

$

$

$

'DWH
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3DFNLQJKHLJKW>P@











)OXHJDVIORZ>6PK@
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/HDQORDGLQJ>PROHPROH@
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3.5

105,000

3.0

70,000

2.5

35,000

2.0

0

1

2

3

4

5

6

7

8

9

10

0

0.60

122.5

0.50

122.0

0.40

121.5

0.30

121.0

0.20

120.5

0.10

0

1

2

3

4

5

6

7

8

9

10

120.0

Stripperbottomtemp.[°C]

140,000

Loading[mole/mole]

4.0

Leansolventflow[kg/h]

SRD[MJ/kgCO2]

7HVW VHULHV  DOVR LQFOXGHG WHVWV DW HOHYDWHG &2 FRQFHQWUDWLRQV 7KH WHVW VHULHV  DQG  VWDUWHG DW VWDEOH
FRQGLWLRQV ZLWK  P SDFNLQJ KHLJKW IOXH JDV IORZ  6PK DQG VWULSSHU ERWWRP WHPSHUDWXUH & 7KH
REMHFWLYH ZDV WR LQYHVWLJDWH SHUIRUPDQFH ZLWK LQFUHDVHG &2 IOXH JDV LQOHW FRQFHQWUDWLRQ $W 7&0 WKH &2 LQOHW
FRQFHQWUDWLRQFDQEHYDULHGE\UHF\FOLQJ&2IURPWKH&2SURGXFWYHQWDQGEDFNLQWRWKHLQFRPLQJIOXHJDV7KH
&2FRQFHQWUDWLRQZDVYDULHGLQFRQWUROOHGVWHSVEHWZHHQQLQHDQGWKUHHSHUFHQW ZHW 7KHFDSWXUHUDWHZDVNHSW
FORVHWRE\DGMXVWLQJWKHSDUDPHWHUVVWULSSHUERWWRPWHPSHUDWXUHDQGOHDQVROYHQWIORZUDWH7KHREVHUYHGHIIHFWV
RQ65'DQGVROYHQWORDGLQJDUHVKRZQLQ)LJXUHEHORZ



CO2 inletconsentration(%wet)

CO2 inletconsentration(%wet)

)LJXUH  7R WKH OHIW 65' GLDPRQGV  DQG OHDQ VROYHQW IORZ UDWH VTXDUHV  REVHUYHG DV IXQFWLRQ RI LQOHW &2 FRQFHQWUDWLRQ 7R WKH ULJKW OHDQ
GLDPRQGV DQGULFK VTXDUHV VROYHQWORDGLQJDQGVWULSSHUERWWRPWHPSHUDWXUH WULDQJOHV REVHUYHGDVIXQFWLRQRILQOHW&2FRQFHQWUDWLRQ$OOZLWK
PDEVRUEHUSDFNLQJKHLJKW

7KH WHVWLQJ VWDUWHG ZLWK &2 FRQFHQWUDWLRQ DERXW  ZHW DQG OHDQ VROYHQW IORZ  NJK 7KH DPRXQW RI
FDSWXUHG&2ZDVNJK:KHQWKH&2FRQFHQWUDWLRQZDVUHGXFHGWRDERXWZHWWKHOHDQVROYHQWFLUFXODWLRQ
ZDVFRUUHVSRQGLQJO\UHGXFHGWRNJKWRUHDFKFDSWXUHUDWHDQGWKHUHVXOWLQJDPRXQWRI&2FDSWXUHGZDV
NJK7KHEDVHOLQHFRQGLWLRQVZHUHWKHQWHVWHGZLWKZHW&2LQOHWFRQFHQWUDWLRQ7KH&2FDSWXUHGZDV
NJK
7KHFDSWXUHUDWHZDVZLWKLQWKHUDQJHWRIRUDOOWKHWKUHHVHOHFWHGWHVWFDVHV)URPWKHULJKWSDQHOLQ)LJXUH
LWLVVHHQWKDWWKHVWULSSHUERWWRPWHPSHUDWXUHZDVRQO\VOLJKWO\DGMXVWHGEHWZHHQDQG&JLYLQJVRPH
PLQRUFKDQJHVLQULFKDQGOHDQORDGLQJ
$VH[SHFWHGWKH65'LQFUHDVHGZLWKGHFUHDVLQJ&2LQOHWFRQFHQWUDWLRQV,WLVLQWHUHVWLQJWRIXUWKHULQYHVWLJDWHWKH
WUDGHRIIEHWZHHQ&$3(;DQG23(;SDUDPHWHUVIRURSHUDWLQJFRQGLWLRQVUHOHYDQWIRUYDULRXVJDVSRZHUWXUELQHVDQG
H[KDXVWJDVUHF\FOLQJV\VWHPVLQRUGHUWRDVVHVVKRZWRWDOFDSWXUHFRVWFDQEHPLQLPL]HG
&RQFOXVLRQ
7KH0($FDPSDLJQDW7&0KDVSURYLGHGDYHULILFDWLRQRIPDVVEDODQFHRYHUWKHSODQWDQGVKRZQWKDWWKH
&2PDVVEDODQFHEDVHGRQJDVSKDVHFDQEHPDLQWDLQHGDWDOHYHOEHWWHUWKDQ7KHSODQWSHUIRUPDQFHSUHVHQWHG
LQ>@KDVEHHQUHYLVLWHGXQGHURSHUDWLRQZLWKDQGZLWKRXWWKHXVHRIDQWLIRDP8VHRIDQWLIRDPHQDEOHGVWDEOH
RSHUDWLRQDWORZHUOHDQVROYHQWORDGLQJZKLFKUHVXOWHGLQORZHUOHDQDPLQHIORZUDWHDQGUHGXFHG65'$EVRUEHU
SDFNLQJKHLJKWKDVEHHQFKDOOHQJHGDQGWKHUHVXOWVSRLQWVWRZDUGVRSHUDWLRQDWORZHUSDFNLQJKHLJKWVEXWFXUUHQWWHVWV
DOVR LQGLFDWHG WKDW HTXLOLEULXP ZDV QRW DFKLHYHG DW UHGXFHG SDFNLQJ KHLJKW 7HVWV DW HOHYDWHG &2 FRQFHQWUDWLRQ
VKRZHGDVH[SHFWHGUHGXFHG65'ZLWKLQFUHDVLQJ&2FRQFHQWUDWLRQ7KHFDPSDLJQKDVDOVRUHVXOWHGLQUHSRUWVRQ
QHZ EDVHOLQH >@ PLVWDHURVRO LQGXFHG HPLVVLRQ WR WKH DLU >@ HPLVVLRQV DQG GHJUDGDWLRQ >@ UHFODLPLQJ >@ DQG
FRUURVLRQ>@
$FNQRZOHGJHPHQWV
7KHDXWKRUVJUDWHIXOO\DFNQRZOHGJHWKHVWDIIRI7&0'$*DVVQRYD6WDWRLO6KHOODQG6DVROIRUWKHLUFRQWULEXWLRQ
DQGZRUNDWWKH7&0'$IDFLOLW\7KHDXWKRUVDOVRJUDWHIXOO\DFNQRZOHGJH*DVVQRYD6WDWRLO6KHOODQG6DVRODVWKH
RZQHUVRI7&0'$IRUWKHLUILQDQFLDOVXSSRUWDQGFRQWULEXWLRQV
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Abstract
In 2015, the CO2 Technology Center Mongstad (TCM DA), operated a test campaign using aqueous monoethanolamine (MEA)
solvent at 30 wt%. The main objective was to demonstrate and document the performance of the TCM DA Amine Plant located
in Mongstad, Norway. During the test period TCM DA monitored several indicators for corrosion, as well as analyzed corrosion
coupons exposed to rich and lean solvent during the campaign. The results indicate unacceptable levels of corrosion for S235,
coarse general corrosion for Inconel 600, and acceptable levels of corrosion for SS304L, SS316L , 22 Cr duplex SS, Stellite 6,
Stellite 12 and EPDM. Some pitting was however observed on 316L stainless steel. No stress corrosion cracking was found on
SS304L and SS316L.
© 2017 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license
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1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) is located next to the Statoil refinery in Mongstad, Norway.
TCM DA is a joint venture set up by Gassnova representing the Norwegian state, Statoil, Shell, and Sasol. The
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facility run by TCM DA entered the operational phase in August 2012 and it is one of the largest post -combustion
CO2 capture test centres in the world. A unique aspect of the facility is that either a flue gas slipstream from a
natural gas turbine based combined heat and power (CHP) plant or an equivalent volumetric flow from a residual
fluidized catalytic cracker (RFCC) unit can be used for CO2 capture. The CHP flue gas contains about 3.5% CO2
and the RFCC flue gas contains about 13-14% CO2. One of the main test plants at TCM DA is a highly flexible and
well-instrumented amine plant. The amine plant was designed and constructed by Aker Solutions and Kværner to
accommodate a variety of technologies, with capabilities of treating flue gas streams of up to 60,000 standard cubic
meters per hour. The plant is being offered to vendors of solvent based CO2 capture technologies to, among others,
test; (1) the performance of their solvent technology, and (2) technologies aimed to reduce the atmospheric
emissions and environmental impact of amines and amine based degradation products from such solvent based CO2
capture processes. The objective of TCM DA is to test, verify, and demonstrate CO 2 capture technologies suitable
for deployment at full-scale. Up to now the vendors Aker Solutions, Alstom, Cansolv Technologies Inc. and Carbon
Clean Solutions Ltd. have successfully used the TCM DA facilities to verify their CO2 capture technologies.
From July to October 2015 TCM DA, in collaboration with partners, operated a test campaign using the nonproprietary aqueous monoethanolamine (MEA) solvent at 30 wt%. A wide range of operational conditions were
tested during this period to meet pre-set objectives and document the plant and solvent performance. Corrosion
processes was monitored during the test campaign by installing and examining a variety of corrosion coupons, as
well as measuring the metal ion and HSS content in the MEA solvent.
Corrosion is a major operational concern in amine treating plants for acid gas removal, which may lead to
structural integrity issues and fouling. Amine carbamates are known complexing agents causing metal corrosion, and
the following factors are closely associated with increased corrosion rates: operating temperature, CO 2 loading,
amine type and concentration, and amine contaminants such as amine degradation products and heat stable salts
[1,2]. Especially oxidative degradation products are known to cause corrosion of metal surfaces [3]. Oxidative
degradation products are formed in presence of oxygen and are therefore expected to be a major contributor to
corrosion in Post Combustion Capture (PCC) applications treating flue gases which generally contain higher levels
of oxygen [4]. In addition to being corrosive themselves, formation of oxidative degradation products are also
catalyzed by dissolved transition metals resulting from metal corrosion [4].
There exist several studies concerning corrosion in amine systems at laboratory scale [5]. However,
investigations in more realistic CO2 capture operating conditions with respect to variations in temperature, solvent
concentrations, CO2 loadings etc. are crucial in order to map required design specifications for PCC plants for
commercial scale. Some work also exists for pilot scale investigation, but these are often limited concerning type of
materials tested, examination methods and the length of test periods [2,4].
Kittel et al (2009) presents corrosion monitoring results for two different pilot plants, i.e. The International Test
Centre for CO2 Capture (ITC) at the University of Regina, Canada and the CASTOR pilot plant at Dong Energy in
Esbjerg, Denmark [4]. Both pilot plants operated with 30wt% aqueous MEA solvent. The ITC pilot plant treated
flue gas from a natural gas burner, while the Castor pilot plant treated flue gas from a coal power station. AISI 1018
(carbon steel) and AISI 316 or AISI 304 (stainless steel) corrosion coupons were installed at several locations in the
Castor pilot plant for total exposure periods of 500 hours. The results confirm extremely high corrosion of carbon
steel in the hot solvent exiting the stripper (4.5 – 8.5 mm/year), while good performance of carbon steel was
observed in the hot solvent entering the stripper. Stainless steel exhibited excellent resistance for all locations of the
pilot plant (corrosion rates below 0.005 mm/year). Corrosometer probes were used to monitor corrosion in the ITC
plant. The highest corrosion rates were measured in the stripper overhead (0.535-0.538 mm/year) and at the stripper
inlet (0.533-1.075 mm/year). The stripper bottom showed far less corrosion in this study (0.028-0.047 mm/year).
The cool parts of the unit also showed low corrosion rates, in agreement with the results from Castor pilot plant.
Cousins et al. (2013) investigated corrosion in the Tarong Post Combustion Capture (PCC) pilot plant in
Australia operating with 30 wt% aqueous MEA for 640 hours [6]. 4 different types of metal coupons (316L, 316L
welded, C1018 and C1018 galvanized) were installed at 8 different locations in the pilot plant. The coupons were
investigated by scanning electron microscopy (SEM), XRD analysis, and corrosion rates based on weight loss were
calculated. The 316 stainless steel coupons exhibited extremely low corrosion rates (less than 0.003 mm/year) for all
locations. The C1018 carbon steel coupons exhibited higher corrosion rates, with the highest measured in the
stripper sump (0.800-1.6 mm/year).
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The objectives of the present work are to present TCM DA’s comprehensive corrosion evaluation during the 30
wt% aqueous MEA campaign conducted in 2015. A variety of corrosion coupons were installed and exposed to
amine solution at two different locations in the plant, i.e. hot rich amine upstream the stripper column and hot lean
amine upstream the rich/lean cross heat exchanger. Carbon and stainless steel, Inconel 600 and 22% Cr duplex
materials were investigated for pitting corrosion by microscopy and the general corrosion rate was calculated based
on weight loss and exposure time. Bent coupons of carbon and stainless steel were also inspected for stress
corrosion cracking. In addition, Stellite was examined for decobaltification, and EPDM was investigated for
degradation. The work included frequently analysis of metal ions and HSS in the solvent. Metals where monitored
by ICP-OES, while total HSS by a titration procedure and IC for individual HSS anions.
Nomenclature
CHP
EPDM
HSS
MEA
PTFE
RFCC
TCM DA
HSS
ICP-OES
IC

Combined heat and power
Ethylene-propylene rubber
Heat Stable Salts
Monoethanolamine
Polytetrafluoroethylene
Residual fluidized catalytic cracker
CO2 Technology Centre Mongstad
Heat Stable Salts
Inductively coupled plasma optical emission spectronomy
Ion Chromatography

2. Plant overview and test conditions
An illustration of the TCM DA Amine plant is shown in Figure 1. Flue gas containing CO2 is contacted with the
amine solvent in the absorber, leading CO2 to react and be captured in the solvent. The rich solvent containing CO2
is pre-heated by hot lean solvent in the lean/rich cross heat exchanger before it enters the stripper section. Additional
heat is supplied by steam to the stripper reboiler in order to reverse the absorption reaction and release CO2 from the
solvent. The regenerated lean solvent leaving the stripper is cooled down in the lean/rich cross heat exchanger and
lean cooler, before it is recirculated back to the absorber in order to capture CO2 ones more. The depleted flue gas
leaves the top of the absorber, while CO2 is released to the atmosphere through the stripper section.
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Figure 1: Illustration of TCM DA Amine plant and indication of rich and lean sections.

The test campaign was conducted from 06/07/2015 to 17/10/2015. During this period the plant treated mainly
flue gas from the combined heat and power (CHP) plant. Separate testing were conducted for a period of 9 days
from 16.09.2016 to 24.09.2016, where a mix of RFCC (0-10%) and CHP gas was utilized to study the effect of
different flue gas conditions (CO2 and gas impurity concentrations) on mist formation. Typical CHP and RFCC gas
compositions to the Amine plant are presented in Table 1.
Table 1. Typical flue gas compositions to Amine plant.
Description

Units

CHP

RFCC

Flue gas flow (Sm3/h)

Sm3/h

<60.000

<45.000

Operating temperature (°C)

°C

25-50

15-50

Operating pressure (mbarg)

mbarg
mole%

Up to 250

Up to 250

N2 (mole%)

73 - 79

73 - 79

O2 (mole%)

mole%

13 - 14

CO2 (mole%)

mole%

3.5 – 4.0

H2O (mole%)
SO2 (ppmv)

mole%

Saturated

Saturated

ppmv

<0.3

<5

NOx (ppmv)

ppmv

<5

60

NH3 (ppmv)

ppmv

<5

<1

CO (ppmv)

ppmv

(1)

3-8
(2)

13.0 – 14.5

<3

(4)
Particles (mg/Nm3)
mg/Nm3
Note:
1. With steam injection.
2. Facility is provided to enable CO2 recycling, thereby allowing tests
with CO2 concentrations up to about 15 vol%.
3. Facility is provided to enable air dilution, thereby allowing tests with
CO2 concentrations down to about 2.5 vol %.
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4.

H2SO4: 10-25 mg/Sm3; Other soluble salts
(NH4)2SO4+NH 4HSO4 +NaCl: 5-10 mg/Sm3; Non water soluble salts
SiO2+Ca and other metals: 0-2 mg/Sm3

The solvent used was 30 ± 2 wt % aqueous MEA. Pure MEA was diluted to desired concentration by adding
demineralized water. An anti-foam agent was also used to reduce indication of foam in the stripper. Table 2 provides
a comparative overview of compounds present in lean and rich solvent. Typical lean CO2 loadings in the 30 wt%
aqueous MEA solution were ranging from 0.15 to 0.25 mole CO 2 per mole MEA and typical rich CO2 loadings were
ranging from 0.48 to 0.50 mole CO2 per mole MEA throughout the campaign.
Table 2. Components present in lean and rich solvent.
Compound

Lean

Rich

Molecular compounds MEA

High

Low

Ionic compounds*

Low

High

* Protonated MEA, carbamate, MEA carbonate and bicarbonate

Typical process parameters for the MEA solvent in circulation are presented in Table 3. There were marginal
changes in both temperature and pH during the campaign. The solvent flow was approximately 55 tons/hour, except
for a period of approximately 20 days where the flow was 80 – 120 tons/hour. During the test campaign there were
two shutdowns, the first for one day and the second for seven days. In addition, there were two short periods during
the campaign when the flue gas was not in contact with the circulating solvent due to planned or unplanned stops.
Total test period lasted for 123 days. Operational hours are counted as hours with both flue gas and solvent
circulation. The campaign gave a total of 1960 hours of operation.
Table 3. Process parameters Amine circulation.
Process parameters

Unite

Hot lean

Hot Rich

Cold lean

Cold rich

Temperature

°C

120

110

35

35

Flow rate

Tons/hour

55-120

55-120

55-120

55-120

10.2

9

10.2

9

pH
Pipe size

Inches

8

6

8

6

Velocity

m/s

0.45-0.97

0.74-1.62

0.45-0.97

0.74-1.62

The main plant equipment and piping system in contact with amine consist of 22% Cr duplex. Gaskets used are
mainly EPDM and PTFE. A few internal parts in valves are produced in Stellite and Inconel, while the absorber has
packing and structure manufactured in SS 316L. The absorber is manufactured in concrete, but is internally lined
with polypropylene material. These materials form the basis for the corrosion coupons chosen. Carbon steel
nevertheless is included in the test program, although carbon steel is not used in the section in contact with amine.
As a part of the internal TCM DA maintenance program, pipe spools in hot rich and lean section are inspected
between each change of solvent inventory. Penetrant testing or x-ray is performed on pipe welding to check for any
changes.
For corrosion several factors are important to monitor in the amine system; pH, temperature, velocity and heat stable
salts[1].
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3. Corrosion coupons and solvent analysis
3.1. Corrosion coupons
Table 4 presents the type of materials tested. The purpose and the locations in the plant are also listed.
Table 4. Corrosion coupons installed in the amine plant.
Coupon no.

Exposure
location

Material

2,5

Hot lean

SS 304

9,10

Hot rich

1.4301 Type
304 1.437

4,6

Hot lean

SS 316L

7,8

Hot rich

1.4404 1.4401
Type 316L

12,1

Hot lean

11,3

Hot rich

13

Hot lean

Inconel 600

14

Hot rich

ASTM B168
UNS N06600
(2011)

17

Hot lean

18

Hot rich

22% Cr
duplex

S235

UNS
32205/31803
DIN 4.4462
Type 2205

19

Hot lean

20

Hot rich

22% Cr
duplex with
Stellite 6

21

Hot lean

22

Hot rich

23

Hot lean

SS 316L

24

Hot rich

1.4404 1.4401
Type 316L
(bent coupon)

25

Hot lean

SS 304

26

Hot rich

1.4301 Type
304 1.437
(bent coupon)

27

Hot lean

28

Hot rich

S235 (bent
coupon)

29

Hot lean

30

Hot rich

Material type

Outokumpu

Austenitic
stainless steel

Smith Stål

Carbon steel

Yakin

Nickel based
alloy

Aperam

Ferritic austenitic
stainless steel

Castoline
Eutentic
(stellite
material)

22% Cr
duplex with
Stellite 12

22% Cr
duplex with
EPDM

Manufacturer

Ferritic austenitic
stainless steel
with Stellite
welding

Outokumpu

Austenitic
stainless steel

Smith Stål

Carbon steel

NA (EPDM
material)

235

Ferritic austenitic
stainless steel
with synthetic
rubber

Purpose

Corrosion rate and
pitting corrosion

Corrosion of Stellite
and decobaltification

Stress corrosion
cracking

Degradation of EPDM.

Collection 11: MEA Solvent

1172

Silje Hjelmaas et al. / Energy Procedia 114 (2017) 1166 – 1178

The stainless steel, carbon steel and Inconel materials were cut out from larger plates using high pressure water.
Stellite 6 and Stellite 12 were welded on duplex corrosion coupon surface according to supplier and welder
recommendations. Purpose was to examine the corrosion resistance of the Stellite materials on duplex. Stellite is a
cobalt-chromium alloy used as hard facing on machine parts. The EPDM material tested during the campaign was a
gasket from equipment installed in the amine plant. A specific data sheet for the material is therefore not available.
Coupons of SS 316, SS 304 and carbon steel where installed as both plain and bent coupons. The bent coupons were
meant to simulate stress corrosion cracking [7]. Figure 2 and 3 presents the specimens mounted in the test rack
exposed to the solvent.

Figure 2: Illustration of coupons installed in the rack. Flow direction from right to left.

Figure 3: Illustration of bent coupons installed in the rack. Flow direction from right to left.

The corrosion racks are of alloy 316L and are placed longitudinally in the pipe. This means that some specimens
are placed at the top side of the piping, while others are located at the bottom of the pipe. Bent coupons are placed at
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the side of the rack. To ensure that there is no contact between each coupon and the rack, PTFE insulators are
mounted between the two materials. Table 5 and Table 6 illustrates where in the rack each coupon is installed.
Table 5. Indicate coupon position in the lean rack, with number labelling. Flow direction from right to left.
Location

Materials

Top side

EPDM (29)

Stellite 12 (21)

Stellite 6 (19)

SS304L (5)

empty

SS304L (2)

Bottom side

CS S235 (12)

Inconel 600 (13)

CS S235 (1)

SS316L (6)

Duplex (17)

SS316L (4)

Side of rack

SS304L (25)

SS316L (23)

CS S235 (27)

Table 6. Indicate coupon position in the rich rack, with number labelling. Flow direction from right to left.
Location

Materials

Top side

EPDM (30)

Stellite 6 (20)

Stellite 12 (22)

SS304L (9)

empty

SS304L (10)

Bottom side

CS S235 (11)

Duplex (18)

CS S235 (3)

SS316L (18)

Inconel 600 (14)

SS316L (7)

Side of rack

SS316L (24)

CS S235 (28)

SS304L (26)

Before installation, all coupons were carefully prepared. Smergel 80-600 were used to polish the surface.
Coupons were thoroughly water washed and dried with absolute alcohol. After 24 hours in exicator, weight
measurements were performed. For each sample type, one additional coupon was stored in a clean and dry
environment as an unexposed reference. After exposure, each coupon was washed and weight determid by the same
procedure as before exposure.
3.2. Corrosion coupon analysis
The weight losses were used to calculate the general corrosion rate in mm/year. All corrosion coupons had the
same dimensions before exposure. Equation 1 was used to calculate the corrosion rate in mm/year.

݉݉Ȁ ݎܽ݁ݕൌ

ೌೞ

ௐ௧௦௦ ሺሻ௫ଷହೌೝ ௫ଵȀ

ౝ
ୈୣ୬ୱ୧୲୷ቀ
ቁ௫ ሺଶሻ௫ா௫௦௨௧ሺௗ௬௦ሻ
ౙౣయ

(1)

The corrosion coupons were examined for local corrosion by microscopy at a magnification of 25X. The depth of
the local corrosion was measured by use of Alicona scanning microscope.
The alloys Stellite 6 and Stellite 12 were examined by SEM (scanning electron microscopy) connected to EDS
(Energy dispersive spectrometer) in order to identify “decobaltification”. The examination was performed at a
magnification of 2000x.
The coupons prepared for stress corrosion cracking were examined for cracks by microscopy at a magnification
of 40X and by use of dye penetrant fluid according to ASME B31.3.
Shore hardness, tensile testing (modulus and stress at break) and visual examination of fracture surfaces after
tensile testing were performed on the EPDM material. Unexposed EPDM was examined as reference.

237

Collection 11: MEA Solvent

1174

Silje Hjelmaas et al. / Energy Procedia 114 (2017) 1166 – 1178

3.3. Evaluation criteria corrosion coupons
x

General and pitting corrosion : The acceptance criterion for stainless steels for general corrosion based on
weight losses is set to ≤ 0.1 mm/year and no pitting visible at a magnification of 25x. For carbon steel
acceptance criterion is set to ≤ 0.1 mm/year and < 20 µm in local corrosion depths.

x

Stress corrosion cracking: No visible cracking after dye penetrant testing is set as acceptable.

x

EPDM: No significant difference in the results from the hardness and tensile testing of the unexposed and
exposed EPDM.

x

Stellite 6 and 12: No decobaltification shall be visible at a magnification of 2000x.

3.4. Solvent analysis
Previous experiences at TCM DA have shown an increase in iron, chrome and nickel ions measured in the
circulating solvent. Monitoring the increase of metal ions in the solvent can therefore aid to discover possible
corrosion attacks within the plant. Metal concentration was analyzed by ICP-OES frequently throughout the
campaign. The solvent samples for analysis were taken from the cold lean amine.
The amount of HSS in the solvent is an important factor for corrosion evaluation in amine systems. Generally,
low HSS concentration is recommended to keep amine CO2-capture capacity high and corrosion rate low, 0.5-0.8
wt% for long term and reclamation at a certain wt% of total HSS [8,9,10]. The HSS concentrations were determined
as described elsewhere. [11]
4. Results and discussion
4.1. Corrosion coupons and solvent analysis
Table 7 shows the general corrosion rates and depth of pitting corrosion found on the coupons. The green and red
colour in the cells is explained below the table.
As shown in the table, the corrosion rate was far below 0.1 mm/year and no pitting observed on the corrosion
coupons in alloy 304L and duplex stainless steel exposed to both lean and rich solvent.
All the coupons in alloy 316L had corrosion rate below 0.1 mm/year. No pitting was observed on 316L coupons
exposed in lean solvent, while three pits were found on each of the 316L coupons exposed to the rich solvent. Figure
4 shows pictures of two pits found on these coupons. The maximum pitting depth was 51 µm, c orresponding to 0.15
mm/year.
The Inconel 600 coupon exposed in lean solvent was attacked by coarse general corrosion with a corrosion rate
of 0.84 mm/year. No pitting was observed. In rich solvent the same alloy showed corrosion rate far below 0.1
mm/year and no pitting. To verify that both coupons were Inconel 600, analysis with “Niton alloy analyser” was
performed on these coupons. The analysis performed showed that both coupons were of the same alloy.
The carbon steel coupons in S235 disappeared during the exposure time due to total corrosion. The corrosion rate
for carbon steel, S235, is calculated to be above or equal to 1.4 mm/year based on the total weight prior to exposure.
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Table 7. General corrosion and pitting results.
Coupon no.

Materials

Exposure place

General corrosion
mm/year

2

SS304L

Hot lean

<<0.1

5

SS304L

Hot lean

<<0.1

9

SS304L

Hot rich

<<0.1

10

SS304L

Hot rich

<<0.1

4

SS316L

Hot lean

<<0.1

6

SS316L

Hot lean

<<0.1

7

SS316L

Hot rich

<<0.1

3

36

8

SS316L

Hot rich

<<0.1

3

51

1

S235

Hot lean

>1.4

12

S235

Hot lean

>1.4

3

S235

Hot rich

>1.4

11

S235

Hot rich

>1.4

13

Inconel

Hot lean

0.84

14

Inconel

Hot rich

<<0.1

17

Duplex

Hot lean

<<0.1

18

Duplex

Hot rich

<<0.1

Acceptable

No. of pits

Max depth [µm]

No pitting found

Not examined, coupon totally
corroded.

Coarse general corrosion, not
pitting
No pitting found
Not acceptable

Figure 4. Pictures of pitting found on SS 316L coupon. Left picture illustrates pitting depth 51 µm at magnification 400x(coupon no. 8), while
right illustrates depth 36 µm at magnification 160x(coupon no. 7). No similar pitting was found on the unexposed reference coupon..

No corrosion or degradation of the Stellite 6 and 12 material was observed in the SEM/EDS examination. There
were no differences between the unexposed reference and the exposed coupons.
No stress corrosion cracking was observed on the 304L or 316L coupons after visual examination at a
magnification of 40x nor after dye penetrant fluid examination.
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There were insignificant differences between the unexposed reference and the exposed EPDM material based on
the results from shore hardness and tensile testing. There was no visual difference in the fracture surfaces between
the unexposed and exposed EPDM.
Figure 5 illustrates the ion concentration of metals in lean amine solvent. The aim of monitoring the metals in the
solvent is to follow the increase of the metal ions. If a rapid increase would occur, inspection and evaluation of the
cause(s) would have to be performed. In an amine plant some increase of metal ions is acceptable. Rennie (2006)
informs that corrosion is typically worse at locations where the acid gases are flashed off, for example the
regenerator reboiler [12]. In the reboiler and stripper section of the amine plant at TCM DA, fouling in the
equipment and piping system is observed. This may be related to the boiling off of the solvent and the temperature
at this location. The increase of metal ions might come from this hot section of the plant. However, internals within
the absorber are manufactured in SS 316L, and might be affected by the process environment in the absorber. The
flue gas from the CHP plant does not consist of considerable amount of metals. RFCC gas do contain a higher level
of metals, but even with the mixed RFCC and CHP gas the metal ion concentration do not seem to have rapidly
increased during the mixing period. This excludes that most of the metal ions measured in the solvent could
originate from the flue gas during this MEA campaign.

15
10

Fe

5

Ni
Cr

1852

1732

1601

1420

1314

1150

982

825

657

498

334

180

0

48

Concentration [mg/Kg]

20

Hours of operations

Figure 5: Metal ion concentration in lean solution. X-axis provides time of solvent analysis.

HSS are reported as the wt% of the equivalent amount of amine. This means if HSS concentration were 1
mole/kg (eq/Kg) of solution, it will be 6.1 wt% as MEA. Figure 6 illustrates the HSS wt% measured by titration
during the campaign. Approximately 1.25 wt% HSS where measured at the end of the campaign, and the increase
was close to linear.
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Figure 6. Heat stable salts measured by titration. X-axis provides time of solvent analysis.

The Inconel 600 coupon exposed in lean solvent was attacked by coarse general corrosion while in rich solvent
the same alloy showed corrosion rate far below 0.1 mm/year. The reason for the high corrosion in lean solvent may
be related to changes in chemical composition, pH or temperature. This campaign shows that Inconel 600 is not
compatible with lean 30 wt% MEA at high temperatures ( ̴ 120°C), but that the critical temperature for corrosion
may be lower, somewhere between 50-120°C. No corrosion was observed in the hot rich section in the same
operational period.
There were some mechanical damages on the coupons which made it difficult to analyze pitting corrosion. A few
pits were found on the 316L coupons while no pitting was found on SS304L. SS316L is placed against the bottom
while SS304L is placed against the top of the pipe coil. In periods without solvent circulation it may have been
some deposits that have covered the surface of SS316L which can increase the corrosion attacks. However, the lean
coupons have not been affected by the shutdown periods.
Erosion and the velocity of the fluid is a factor influencing the corrosion rate. As listed earlier in Table 3, the
velocity during the campaign is highest in the rich section. Rennie (2006) informs that the velocity limit for carbon
steel is maximum 1.5 m/s, and that for stainless steel it is often one upper and lower limit [12]. Based on the
relatively low average velocity in the piping where the coupons have been installed, erosion is not the main reason
for the corrosion results. However, the corrosion racks are designed such that turbulent flow will occur around the
coupons, and it can affect the corrosion rate.
The location for the corrosion coupons is mainly chosen due to the high temperature at that section within the
plant. For future work TCM DA will try to install corrosion coupons in the cold rich and lean section, as well as in
the hot section. This can evaluate if there are larger differences between the corrosion rate in the hot and cold
section. Inspections of equipment and piping system are also future work that can help understanding and conclude
on the corrosion and corrosion mechanisms that occurs in amine plants.
5. Conclusions
After execution of 30 wt% aqueous MEA campaign at TCM DA amine plant from July to October 2015, the
following conclusions can be made according to the work conducted:
x
x

The coupons in alloy S235, carbon steel, was totally corroded during the test period. The corrosion rate for
carbon steel, S235, is calculated to be above or equal to 1.4 mm/year.
The corrosion rate was far below 0.1 mm/year for all the coupons in alloy 304L, 316L and 22 Cr duplex
stainless steel.

241

Collection 11: MEA Solvent

1178

Silje Hjelmaas et al. / Energy Procedia 114 (2017) 1166 – 1178

x
x
x
x
x
x
x

The Inconel 600 coupon exposed in lean solvent was attacked by coarse general corrosion with a corrosion
rate of 0.84 mm/year. In rich solvent the same alloy showed corrosion rate far be low 0.1 mm/year.
Pitting was not observed on coupons in 304L, Inconel 600 and 22 Cr Duplex.
A few pits were observed on the 316L coupons exposed to rich solvent with a maximum pitting depth of
0.15 mm/year. No pitting was found on the same alloy exposed to lean solvent.
No corrosion or degradation of alloy Stellite 6 and Stellite 12 was o bserved.
No stress corrosion cracking was found on the 304L or 316L coupons.
No degradation of EPDM (Ethylene propylene elastomer) was observed.
HSS and metal ions are similar to previous MEA campaigns, and are concluded to be within acceptable
limits.
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Abstract
This work discusses the relation between flue gas particle content, mainly related to sulfuric acid aerosols and dust, and
corresponding MEA emissions. The work lays grounds for future necessary pre-treatment options for various flue gases with
high aerosol content in order to operate post-combustion amine plants with minimum emissions.
In 2015, the CO2 Technology Center Mongstad (TCM DA), operated a test campaign using aqueous monoethanolamine (MEA)
solvent at 30 wt%. The main objective was to demonstrate and document the performance of the TCM DA Amine Plant located
in Mongstad, Norway. Two weeks were dedicated to the aerosol measurement testing.
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1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) is located next to the Statoil refinery in Mongstad, Norway.
TCM DA is a joint venture set up by Gassnova representing the Norwegian state, Statoil, Shell, and Sasol. The
facility run by TCM DA entered the operational phase in August 2012 and it is one of the largest post-combustion
CO2 capture test centres in the world. A unique aspect of the facility is that either a flue gas slipstream from a
natural gas turbine based combined heat and power (CHP) plant or an equivalent volumetric flow from a residual
fluidized catalytic cracker (RFCC) unit can be used for CO2 capture. The CHP flue gas contains about 3.5% CO2
and the RFCC flue gas contains about 13-14% CO2. One of the main test plants at TCM DA is a highly flexible and
well-instrumented amine plant. The amine plant was designed and constructed by Aker Solutions and Kværner to
accommodate a variety of technologies, with capabilities of treating flue gas streams of up to 60,000 standard cubic
meters per hour. The plant is being offered to vendors of solvent based CO 2 capture technologies to, among others,
test; (1) the performance of their solvent technology, and (2) technologies aimed to reduce the atmospheric
emissions and environmental impact of amines and amine based degradation products from such solvent based CO 2
capture processes. The objective of TCM DA is to test, verify, and demonstrate CO2 capture technologies suitable
for deployment at full-scale. Up to now the vendors Aker Solutions, Alstom, Cansolv Technologies Inc. and Carbon
Clean Solutions Ltd. have successfully used the TCM DA facilities to verify their CO2 capture technologies.
TCM has so far not been able to operate the amine plant with the RFCC flue gas, due to amine emissions above
the TCM emission permit. The high emissions are caused by sulfuric acid aerosols and dust particles present in the
flue gas, which is a general phenomenon also observed in other amine plants [9]. To provide for testing with RFCC
gas in the amine plant, TCM will install a Brownian Diffusion Filter (BD) to control the particle concentration in the
RFCC flue gas and allow for testing at varying particle concentrations. In order to reduce risk, different types of BD
filters have been tested in a pilot unit at TCM. Initial testing to evaluate the maximum aerosol number concentration
acceptable for operation with a solvent based on MEA was also performed. Results from initial testing are reported
in this paper. The relation between flue gas particle concentration and emissions of amine and amine degradation
products will be further investigated by TCM.
From July to October 2015 TCM DA, in collaboration with partners, operated a test campaign with CHP flue gas
using the non-proprietary aqueous monoethanolamine (MEA) solvent at 30 wt%. Two weeks of the campaign was
dedicated to MEA aerosol testing with RFCC flue gas mixed with CHP flue gas.

Nomenclature
BD
Brownian Diffusion filter
FGD
Flue gas Desulfurisation
CHP
Combined heat and power plant
RFCC Residue Fluidized Catalytic Cracker
TCM CO2 Technology Centre Mongstad
FTIR Fourier Transform Infrared Spectroscope
PTR-TOF-MS Proton Transfer Reaction -Time of Flight-Mass Spectroscope
ELPI+ Electrical Low pressure Impactor
WESP Wet Electrostatic Precipitator
MEA Monoethanolamine
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2. Amine plant overview
2.1. Flow diagram of the tests.
The amine plant test is performed with mixing of a controlled fraction of RFCC gas into the CHP (Combined
Heat and Power) flue gas, while doing measurement of particle concentration in the gas upstream the absorber and
continuous MEA emission measurement at the absorber outlet. The CO2 concentration in the CHP flue gas is
adjusted between 3.7% and 12.8% by a recycle of captured CO 2.
The flue gas bypass between RFCC and CHP flue gas is equipped with a flow measurement. The aerosol number
concentration and particle size distribution is measured at the absorber inlet with an electrical low pressure impactor
(ELPI+, Dekati Ltd.)
The amine and other emissions out of the absorber stack were monitored by the following online analyzers:
x Fourier Transform Infrared Spectroscopy (FTIR), Model: Gasmet FCX
x FTIR, Model: Finetec Anafm 2000
x Proton Transfer Reaction – Time of Flight - Mass Spectrometry (PTR-TOF-MS), Model: PTR-TOF 8000
The analyzer at TCM are described in publication [22]
A Pilot Brownian filter is operated on a side stream of the RFCC flue gas (Figure 1) while doing measurement of
particle concentration upstream and downstream the pilot filter with an electrical low pressure impactor (ELPI+,
DekatiLtd.).

Figure 1. Simplified flow diagram for TCM amine plant prepared for aerosol tests.
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2.2. Challenges related to aerosol emission measurements.
Aerosol measurements are more complex than gas composition measurements and require the comparison of
multiple technologies in order to validate the results. The limitation and benefits of various systems tested at TCM
are discussed:
x Online ELPI+
x Online FTIR
x Online PTR-TOF-MS
x Isokinetic sampling [14]
For aerosols, the variable reliability of the various systems is documented [21].
2.2.1. Online ELPI+
An Electrical Low pressure Impactor (ELPI +) [6, 7, 21] measures the particle size distribution and total number
concentration of the particles. As most of the particles above a critical size will grow in the absorber, the
measurement of the particles upstream the absorber is a valuable data that may be correlated to the amine emissions
at the top of the absorber at various process parameters and various solvents. As the flue gas is at saturation with a
relative low water concentration and a relative high concentration in sulfuric acid in the aerosols, the measurement
of the ELPI+ is reliable and the influence of the dilution during the measurements is acceptable [7].
In the absorber beds, the water concentration of the flue gas is high and variable with possible supersaturation
due to the absorber temperature bulge usually observed during CO 2 absorption. As a dilution of the sample is
necessary for ELPI+ measurement, the effect of the sample dilution may be substantial for high water concentrations
in the flue gas. The results may be assessed at various dilution factors, but the measurement incertitude’s remain
significant at high water concentration in the flue gas.
The weight distribution of the particles and the concentration of amines in the droplets are necessary for an
estimation of the aerosol growth in the absorber. As the concentration of amines in the aerosols is not available, an
ELPI+ is not suitable to estimate the weight of amines in the aerosols based on the calculated weight distribution of
the particles.
At the stack of the absorber, ELPI+ size distribution measurements are more reliable due to the lower water
concentration in the flue gas. Based on the emission results from the FTIR or isokinetic sampling, the masse of
amines in the aerosols may be calculated and compared to the weight distribution from the ELPI +. From this
comparison, an average concentration of the amine in the aerosols may be estimated.
In case of high emissions due to amines in aerosols, the measurement period is limited due to the accumulation of
aerosols on the filters of the ELPI+.
2.2.2. Online FTIR
A Fourier Transform Infrared Spectroscope (FTIR) does not directly measure aerosols but only gaseous
compounds. The vaporization of the aerosols is therefore necessary for the quantification of amine emissions via
aerosols.
At TCM the FTIR sample line is 101meter long. The line temperature is controlled and may be adjusted from
120ºC to 160ºC. The sample pump ensures under pressure (-0.4barg) in the sample line. This arrangement secures an
adjustable vaporization of the aerosols in accordance to the amine properties.
General limitations of FTIR’s:
x If a specific amine is present in both the aerosols and as a gaseous compound in the flue gas, the FTIR cannot
distinguish if the emissions are cause by the aerosols or by the gaseous compound. The FTIR results will be
limited to the total concentration of the vaporized amine in aerosols and gaseous compound in the flue gas.
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x The vaporization of the amine in the aerosols may be highly variable with temperature, amine properties (surface
tension), salts and other components that cannot be vaporized from the aerosols. A complete vaporization of the
aerosols is usually not feasible.
x If a high temperature is required to vaporize most of the amines in the aerosols, amine decomposition products
may be generated in the sample line to the FTIR.
x In case of high emissions, coalescence of aerosols on the sample line walls/bends and accumulation of liquid may
occurs. Emissions are underestimated and may be detected after the end of the actual test.
2.2.3. Online PTR-TOF-MS
As a FTIR, the Proton Transfer Reaction Spectroscope does not directly measure aerosols but only gases. The
same limitations as FTIR above apply.
2.2.4. Isokinetic sampling
Several procedures are applicable:
x Anderson Cascade Impactor (ACI): tests at TCM are described in a publication [13]. The procedure is complex
and comprehensive and requires specific experience by trained operators. Emissions are quantified as mass of
aerosols for a particle size distribution. Amine emissions via aerosols are usually not measured.
x Impingers with absorption in liquid: this procedure is described in publication [14]. Tests at TCM confirm that
the results for aerosols are not reliable.
General limitations of isokinetic sampling’s:
x The results are only known after the test period and as an average of a sampling period during stable operation.
The consequences of the adjustment of operation parameters cannot be directly evaluated. The interpretation of
the tests results is delayed and a prolonged test period is required.
x As the isokinetic sampling requires a sequence of several manual operations, the accuracy and repeatability may
be limited. Several measurements are usually necessary to confirm an average value.
x
x
x
x
x

The following operations may affect the accuracy for aerosol measurements:
Control of isokinetic sampling and sample flow measurement at low and variable velocity in the absorber
Condensation/vaporization in sampling line/changing atmospheric conditions
Control of the velocity in the impinger. Aerosols not captured in the impingers
Transport of samples to laboratory and chemical reactions in transport period
Analysis of the samples at the laboratory and calculation of the aerosols based on flow measurements and
concentrations.

Isokinetic samplings are compulsory for the validation of the online instrumentation at the beginning of each
campaign with a new amine solvent, new equipment or unproved process parameters. This validation is critical for
the reliability and guarantee of the campaign results and compliance to the emission permit.
3. Purpose of the tests
3.1. Test 1: amine plant emissions
The purpose of the test is to evaluate the maximum aerosol number concentration acceptable for operation with a
solvent based on MEA.
The emissions from the absorber with aqueous MEA solvent have been investigated by utilizing the high
flexibility of the amine plant at TCM by variation of the following main parameters:
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x Sulfuric acid aerosol in the inlet flue gas: number concentration and particle size distribution by mixing small
fractions of the RFCC flue gas into the gas turbine flue gas
x CO2 inlet flue gas concentration by CO2 product stream recycling
x Lean MEA inlet temperature to the absorber and hence absorber temperature profile
x Water wash cooling temperature
3.2. Test 2: Pilot Brownian filter efficiency
A pilot Brownian filter was previously tested at TCM in collaboration with Aker Solutions [17].
Several types of pilot Brownian filters of 1000Sm3/h of flue gas are now tested at TCM in order to assess the
installation of a future Brownian filter unit capable of treating 35000 Sm3/h of RFCC flue gas. The purpose of the
future unit is to reduce and control the concentration of aerosols in the RFCC flue gas inlet to the amine absorber.
This installation will allow TCM to remove almost all aerosols or adjust the aerosol concentration and particle size
distribution at various CO2 concentrations for future tests in order to investigate aspects such as:
x Sensitivity of a specific solvent to the aerosols
x Aerosol emissions due to degradation products
x Understanding of aerosol mechanism for various advanced solvents
x Recommendations for future flue gas treatment, amine absorber equipment and operation parameters.
x Assessment of the required flue gas treatment required for a specific coal power plant with a known range of
aerosols, oxygen and CO2 concentration.
The pilot is installed in order to check the efficiency of a Brownian filter based on the number particles and
particle size distribution. The Brownian filter efficiency is usually reported by the mass of aerosols captured in the
filter. This method is relevant for reporting sulfuric acid emissions, but is not sufficient to evaluate low
concentration of aerosols downstream the filter and the consequences of aerosol growth in the absorber.
A Brownian filter is suitable for test purposes of the amine absorber at TCM for the RFCC flue gas:
x A high discharge pressure is available with the existing fan
x The concentration of particles/fly ashes is limited at TCM
x High concentrations of aerosols can be controlled by bypass of the Brownian filter
4. Results of the tests and parameters
4.1. Results of the amine emission tests
In this section, main results from MEA aerosol testing are summarized. The operating conditions for each
sequence of test are described in the following paragraphs. The conditions are chosen close to the optimum
operation conditions for an amine absorber with MEA as described in TCM DA publications [15, 16].
TCM DA received a temporary emission permit from the Norwegian Environmental Agency in order to conduct
the given tests. The temporary permit allowed an increase of the MEA emissions from the current 6 ppmv to 500
ppmv for maximum 4 days of testing with RFCC flue gas. The limit of amine emission was not exceeded during the
tests.
4.1.1. Properties of the CHP flue gas mixed with a fraction of RFCC flue gas
The particle size distribution of the aerosols is quite similar when different fractions of RFCC gas are mixed into
the CHP as seen on Figure 2. The total number concentration is roughly proportional to the mixing ratio, but at
lower RFCC flue gas flow, the number concentration of larger particles decreases due to the piping arrangement at
the connection between the main RFCC duct and the bypass line to the CHP flue gas. At high velocity in the main
RFCC duct and lower velocity in the bypass pipe, large particles remain in the main RFCC duct.
Typical Flue gas composition is given in Table 1.
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Table 1. Typical Composition of the CHP flue gas with CO2 recycle mixed with a fraction of RFCC flue gas.
Main components

Units

CHP +380m3/h RFCC

CHP + 1100m3/h RFCC

CO2

mol%

3.6 to 13.6

3.6 to 13.6

O2

mol%

13 to 13.8

13 to 13.8

H2O (saturation at 30ºC)

mol%

4.2

4.2

N2 & Argon

mol%

>65

>65

SO2

ppmv

0.4

1.2

NOx

ppmv

<3

<9

3

<0.02

<0.05

3

Fly Ashes

mg/Sm

H2SO4 aerosols and
ammonium sulfate salts

mg/Sm

<0.3

<0.9

Particle number
concentration

Part./cm3

0.25 million

0.9 million

Mass of aerosols
guesstimate calculated with
size distribution and
spherical particles at water
density.

mg/Sm3

0.5

2.1

Figure 2. ELPI+ measurements. Size distribution of the aerosols in the mixed RFCC flue gas flow ratios into 30 000 Sm3/ of CHP

4.1.2. Correlation between particle concentration and MEA emissions
The correlation between particle concentration and MEA emissions was studied at three different CO2
concentrations (3.7 %, 8% and 12.7% CO2). At each concentration the effect of different particle concentrations was
investigated by varying the mixing fraction of RFCC gas into the CHP gas. The lean amine temperature into the
absorber was adjusted to keep the temperature difference between the maximum absorber bulge and the lean amine
entering the absorber almost the same independent of CO 2 concentration. All test runs were performed at an
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absorber packing height of 18m. The upper 6 m of packing was not loaded with solvent. The parameter settings for
each test are included in Table 2. Results of the correlation between particle concentration and MEA emissions are
plotted in Figure 3.
At 3.7% CO2 (no CO2-recycling) and the process conditions given in Table 2, there is a linear correlation
between particle concentration in the absorber inlet gas and MEA emissions as seen in Figure 3a (upper left). At
particle concentrations <100 000 particles/cm3, no MEA emissions was measured. The emission of MEA is below 3
ppmv at 150 000 particles/cm3. When the concentration increases above 250 000 particles/cm3, the regular discharge
permit of 6 ppmv is exceeded.
The next test was conducted with CO2-recycling to around 8 vol % CO2 in the gas upstream the absorber. Results
are plotted in Figure 3b (upper right). The MEA emissions correlates to the particle concentration and it is still linear
up to around 500 000 particles/cm3, then a nonlinear correlation is observed with higher emissions. However, at
these process conditions the emission of MEA was still below 3 ppmv at around 500 000 particles/cm3, indicating a
higher tolerance to aerosols in the gas at 8% CO 2 compared to 3.7% CO2. At close to 1 mill particles/cm3 emission
above 6 ppmv was observed.
Table 2. Parameter settings for testing effect of particle concentration in flue gas on MEA emissions.

Main components

Units

Test Conditions

3

a) 3.7% CO2

b) 8.0% CO2

c) 12.7% CO2

Flue gas flow

Sm /h

30 000

30 000

30 000

Flue gas temperature

°C

27

27

27

CO2 concentration, absorber inlet

mol%

3.7

8.0

12.7

CO2 concentration, absorber outlet

mol%

0.6

1.3

2.3

CO2 capture

%

79

74

76

Lean amine flow

kg/h

30 300

61 800

91 000

Lean amine temperature

°C

37

55

62

Max absorber bulge temperature

°C

52

66

75

'T(max absorber bulge-lean amine)

°C

Lean loading

mole CO2/mole amine

Lower water wash temperature
Temperature of gas out of absorber

15

11

13

0.21

0.21

0.22

°C

43

45

50

°C

30

42

52
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Figure 3. Correlation between particle concentration and MEA emissions at three different CO2 concentrations. a) Upper left: Normal CHP
absorber conditions with 3.7% CO2. b) Upper right: CHP with CO2-recycle to 8.0% CO2. c) Lower left: CHP with maximum CO2 recycle to
12.7% CO2.

The CO2-recycling was then increased to 12.7% CO2, resulting in higher temperatures in the absorber due to
more reactions taking place. Testing of the effect of particle concentrations in the flue gas on MEA emissions was
conducted. Results are plotted in the Figure 3c lower left. As can be seen from the figure, there are more scattering
in the data during this test. This is probably caused by analytical challenges due to the high temperature and water
content of the gas leaving the absorber (refer to section 2.2). The effect of particle concentration on emission is
comparable to what was observed at 8%, but again much less than at lower CO 2 concentration. At these conditions,
the emission of MEA is below the 6 ppm limit at 600 000 particles/cm3, and above 6 ppm at 1 mill particles/cm3 in
the absorber inlet gas, if the PTR-TOF-MS instrument is most trusted.
4.1.3. Effect of cooling the gas at the top of the absorber on MEA emissions
For each CO2 concentration, the effect of increased cooling of the gas at the top of the absorber on the MEA
emissions was investigated at a constant particle concentration in the gas. Cooling was done either by reducing the
temperature of the lean solvent entering the absorber or by reducing the temperature in the lower water wash
section. The effect of the lean amine temperature is shown in Figure 4. The effect of moving the cooling up to the
lower water wash section was tested for the 8% CO2 case only. Results are shown in Figure 5.
The particle concentration in the gas was kept constant at 540 000 particles/cm3 for testing at 3.7% CO2 and at
950 000 particles/sm3 for testing at 8.0 and 12.7% CO2. In each case, the lean amine temperature was changed step-

252

Collection 11: MEA Solvent

Gerard Lombardo et al. / Energy Procedia 114 (2017) 1210 – 1230

1219

vise to investigate impact on MEA emissions. The lower water wash temperature was kept constant at 30°C for the
3.7% CO2 case and at 45°C for the cases with higher CO2 concentrations. The other parameters were kept at the
same levels as given in Table 2 above. However, the difference between the maximum absorber bulge temperature
and the lean amine temperature increased as the lean amine temperature was step-vise reduced.
As can be seen in Figure 4, the MEA emissions increases when the temperature of the lean amine is reduced for
tests with 3.7% CO2 and 8% CO2. For the 12.7% CO2 case, there are more scattering in the data but no significant
effect of reducing the lean amine temperature on MEA emissions was seen in the temperature window explored.
However, at the end of the test when the lean amine temperature was further decreased to 30°C, a significant plume
was observed and the on-line analyzers indicated MEA emissions above 20-30 ppmv.

Figure 4 Effect of lean amine temperature on MEA emissions. a) Upper left: At 3.7% CO2 and 540 000 particles/cm3. b) Upper right: At 8.0%
CO2 and 950 000 particles/cm3. c) Lower left: At 12.7% CO2 and 950 000 particles/cm3.

The effect of decreasing the temperature in the lower water wash on MEA emissions was then examined for the
8% CO2 case at the same concentration of 950 000 particles/cm3 in the gas. The lean amine temperature was set to
55°C, which is 11°C below the maximum absorber bulge temperature, resulting in a temperature of the gas into the
lower water wash section of 60°C. The water wash section was operated at 45° and 35°C, respectively and MEA
emissions were measured. Results are shown in Figure 5. There is a tendency of increased MEA emissions when the
temperature of the water was reduced, however the effect is not as pronounced as when reducing the lean amine
temperature (Figure 4b).
The effects of particle concentration, CO2 concentration and temperatures in the absorber and water wash system
on MEA emissions will be further investigated by TCM.
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Figure 5 Effect of the temperature in the lower water wash on MEA emissions for case with 8% CO2 and 950 000 particles/cm3.

4.2. Results of the filter tests
4.2.1. Brownian diffusion filter description
In a fiber filter, particles may be captured by three collection mechanisms:
x Brownian diffusion: the smaller particles get random motion by collision with surrounding gas molecules. Higher
random motion and longer residence time facilitates the capture of the particle to a fiber. Velocities between 5
and 10cm/s are necessary for high efficiency. Maximum velocity is 25cm/s.
x Interception: particles with higher momentum do not follow the gas stream around a fiber and are captured to the
fiber by interception. Efficiency increases with the gas and particle velocity. Once a particle touches the surface
of the collecting target, it adheres by weak Van Der Waals forces. Velocities between 0.2 and 1m/s are necessary
for high efficiency.
x Direct impaction: The particle is intercepted from the gas stream if there is not enough space between two fibers
or if the particle touches a fiber as it passes closed enough. Efficiency increases with the particle diameter and is
constant for a velocity above 1m/s.
In a Brownian diffusion filter the main particle capture is achieved by the first collection mechanism.
A typical candle filter is illustrated in Figure 6. Small droplets will coalesce together in larger droplets until the
collected liquid trends to flow in the same direction as the gas and fibers and drains out of the fiber bed by gravity to
the bottom of the candle filter. A typical industrial candle is 600mm diameter and 3.6m height with a candle
thickness between 50mm and 100mm. For practical application, the number of candle is increased until the required
area and gas velocity are achieved.
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Figure 6. Typical Candle Filter

4.2.2. Flue gas Composition and aerosols upstream and downstream the Brownian filter
The efficiency of any flue gas treatment upstream an amine absorber cannot be evaluated by a single parameter,
as for example, the “equivalent SO3” concentration in the flue gas. The total number concentration, the size
distribution of the aerosols and the composition of aerosols are the main critical parameters. For similar gas
composition from various coal power plants, the aerosol properties may be highly variable from plant to plant and
during the life time of each power plant.
Aerosols in the RFCC flue gas are mainly aqueous particles with some sulfuric acid, salts, catalyst particles and
fly ashes. Scanning electron microscope analyses (SEM) performed at TCM confirms that fly ash concentration is
low and has a similar composition as a typical flue gas from a coal power plant. At TCM, fly ashes are mainly found
in aerosols in the range of 1µm diameter. The typical composition of the RFCC flue gas is defined in Table 3.
Table 3. Typical Composition of the RFCC flue gas upstream and downstream the BD filter.
Main components

Units

RFCC upstream BD filter

RFCC downstream BD filter
at 7cm/s velocity

CO2

mol%

14

14

O2

mol%

3.2

3.2

H2O (saturation at 30ºC)

mol%

4.2

4.2

N2 & Argon

mol%

>78

>78

SO2

ppmv

5

5

NOx

ppmv

60

60

3

Fly Ashes

mg/Sm

0.5 to 2

0

H2SO4 as aerosols

mg/Sm3

10 to 25

<0.3

Ammonium sulfate & soluble salts

mg/Sm3

5 to 15

<0.2

15 to 25 million

0.35 million

180

4

3

Particle number concentration

Part./cm

Mass of aerosols guesstimate
calculated with size distribution and
spherical particles at water density.

mg/Sm3

As shown in Figure 7 the particle size distribution of the RFCC flue gas at TCM is close to coal power plant flue
gases [19, 20].
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Figure 7. Comparison of RFCC flue gas and flue gas from a coal power plant

4.2.3. Overall efficiency
The overall efficiency of the Brownian diffusion filters tested at TCM is higher than 98% based on the particle
number concentration. This efficiency is checked at TCM for several types of Brownian filters. The efficiency of a
Brownian diffusion filter is variable with the particle size. Figure 8 illustrates that a lower velocity increases
efficiency for smaller particle size. Higher velocity increases efficiency for larger particle size. This is in accordance
with the three collection mechanisms of the filter candles:
x Brownian diffusion: requires high residence time/low velocities; high efficiencies for smaller particles (<0.1µm)
x Interception: requires higher velocities
x Impaction: high efficiency for larger particles (>0.5µm)

Figure 8. Size distribution upstream and downstream the BD filter and comparison with CHP mixed with RFCC flue gas
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As illustrated in Figure 8 , the particle size distribution of the following flue gases is similar:
x CHP flue gas mixed with a fraction of RFCC flue gas
x RFCC flue gas after a Brownian diffusion filter
Above 0.5µm, the number of particles is negligible (<100particles/cm 3)
As illustrated in Figure 9, the efficiency of the various filters is variable. Some Brownian filters may reduce the
number particles to less than the detection limit of the ELPI + (approximately 10 000 particles/cm3). The main
differences between the types of Brownian diffusion filter are the filter density, fiber diameter and fibers weave.
Generally, more fibers and higher pressure drop will result in higher efficiency. Specific fibers weave and layers
reduce pressure drop.
At the first start up the filter bed is dry and requires to be saturated with liquid from the aerosols. The pressure
drop increases slightly during this period. After saturation, the pressure drop of Brownian diffusion filters is
essentially proportional to the flue gas flow rate and velocity to the candle filters, due to the laminar flow inside the
filter bed.
During 3 months of operation, the pressure drop of the test pilots at TCM was constant and no increase due to fly
ashes or accumulation of solid particles in the filter bed was noticed.
The typical pressure drop is around 25mbar at an average velocity of 7cm/s based on the average of the inlet and
outlet surface of the candle filters. The optimized velocity is specific to each type of candle filter/vendor and
required efficiency.
As an example, for the candle filter from the Figure 9:
x Up from 3.5 to 7cm/s the efficiency decreases slightly, but the filter area required at 3,5cm/s is the double than at
7cm/s. The cost of the filter is almost proportional to the area required.
x From 7 to 10cm/s, the captured particles and efficiency are constant but pressure drop increases with the velocity.

Figure 9. Typical particle total Number Concentration downstream the pilot BD Filter

The Brownian filter tests at TCM confirm that a suitable efficiency is achieved for the RFCC flue gas and testing
with RFCC flue gas may be performed at TCM within the present emission permit.
The installation of Brownian filters may be applicable to specific refinery flue gases if the fly ash concentration is
limited.
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5. Aerosol emissions: discussions and interpretation of the results
5.1. Kelvin effect and literature
When an interface gas/liquid is flat, the condensation of gas to the liquid is generally given by the equilibrium
concentration of vapor pressure at given temperature and pressure. The kelvin effect expresses that the vapor
pressure over a curved interface is always higher for the same component than over a flat interface. The kelvin
equation gives the critical particle size or minimum particle diameter of a liquid [2, 4, 18]:
d* is a function of the particles, gas composition and properties.

d*

4VM
URT ln p / po

(1)

Where:
d* = Particle diameter [m]
σ = Surface tension of liquid drop [N/m]
M = Average molecular weight of the condensable liquid [kg/Kmol.]
ρ = Liquid density [kg/m3]
T = Temperature [ºK]
R = Universal gas constant [J/Kmol./ºK]
p = Sum of the partial pressures of all condensable components in the mixture [Pa]
p0 = Corresponding sum of partial pressure when saturated (equilibrium conditions) [Pa]
The saturation of the gas mixture is S = p/p0. The gas phase is supersaturated if S > 1
The kelvin equation indicates that:
x Very small droplets (for example < 0.1µm) are stable, and a large supersaturation is necessary for formation of
new droplets or growth of existing droplets.
x Between 0.1µm and 1µm, aerosol growth may occur with supersaturation of water or amine vapor.
x Above 1µm, supersaturation is not necessary. These relatively large droplets may be considered as a flat surface.
Aerosol growth may occur at once saturation is achieved.
5.2. Assumed aerosol mechanism
The challenge for amine absorbers is the evaluation of the chemical processes in the critical section where the
flue gas that has been heated by chemical reactions, is cooled by the incoming lean amine (section 2 in Figure 11).
The chemistry of the amine in the aerosols is similar to the lean solvent film of the packing, but the consequences of
the variable aerosol diameter are new parameters. The experience acquired at TCM with MEA and various advanced
solvents suggests that the chemical process in the aerosols is a major parameter. Similar aerosol mechanisms are
described in multiple recent publications [1, 2, 3].
Figure 10 illustrates the assumed mechanisms for aerosols chemistry:
x Phase 1: Aerosol growth by water and eventual homogeneous nucleation in case of high supersaturation. The
aerosol growth by water from gas phase is dependent of the supersaturation. The diameter of the aerosol
increases in a short time, likely lower than 0.5second [18].
x Phase 2: Aerosol growth by amine. Due to the kelvin effect, the aerosol growth by amine from gas phase is
dependent of the supersaturation and begins at once for large particles or as soon as a critical diameter is achieved
(probably from 0.2µm to 1µm for MEA). The aerosol growth by amine may be continuous until equilibrium and
saturation of amine in the aerosols.
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x Phase 3: Large aerosols are considered as flat surfaces. Free amine with high activity like MEA captures CO 2 in
the aerosols. Reaction kinetics is critical due to the short residence time.
x Phase 4: Due to the formation of salts, additional free amine is absorbed in the larger aerosols

Figure 10. Description of assumed aerosol mechanisms

The major parameters for aerosol mechanisms are:
x The initial size of the aerosol and the growth rate with water is a major parameter. For example, a flue gas with
large number of aerosols between 0.3µm and 1µm may cause high emissions.
x The difference of temperature between the lean and the flue gas is the main cause of the supersaturation of the
components in the gas phase. The supersaturation of a component is not necessary related to the concentration of
the component in gas phase. Without supersaturation, even with high concentration of amines (>1000ppmv)
aerosols may not cause emissions. With supersaturation, even at low concentrations (<5ppmv), special amines
may produce emissions. For advanced amines, decomposition products can typically be the cause of substantial
aerosol emissions.
x The effect of lean solvent loading is probably significant but is not yet evaluated at TCM.
x Additional components in the aerosols may modify the chemistry and reaction kinetics: H 2SO4, salts, fly
ashes/catalyzer particles [10]
5.3. Amine absorber profile and main mechanism with MEA
As many parameters with opposite effects will modify the supersaturation in the amine absorber, the behavior of
aerosols is complex. In order to illustrate the mechanisms in an amine absorber, the typical temperature profile of
the amine absorber at TCM is described in Figure 11 and the main operation parameters are listed in Table 4.
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Table 4. Operation condition of the absorber.
Main components

Units

CHP +1000m3/h RFCC

Inlet flue gas CO2

Mol %

12.8

Inlet flue gas flow

3

Sm /h

30 000

Particle number concentration

Part./cm3

0.95 million

Lean solvent to the absorber

kg/h

91 000

Lean loading

mole CO2/mole MEA

0.22

Lean solvent inlet temperature

ºC

50

CO2 concentration in the flue gas outlet of the
absorber

Mol %

2.3

CO2 capture

%

80

Emissions due to MEA in aerosols

ppmv

3

The absorber upper packing for CO2 absorption is not operated and the lean solvent feed is located above the
middle packing of 6m height. The lower packing height is 12m. Temperature measurements are located every meter
of the packing at four horizontal locations. This arrangement allows a suitable validation of the simulation models.
The aerosol mechanisms are specific in each of the following sections of the absorber:
x Section 1: In the packing under the bulge, 5000kg/h of CO2 is absorbed and temperature increases in the lean
solvent. The lean solvent heats the flue gas. Flue gas temperature is lower than the liquid solvent (7ºC to 1ºC). Up
to 7000kg/h of water and 30kg/h of MEA are vaporized from the liquid. The larger aerosol droplets may also
vaporize some water. Some limited mass of MEA may be absorbed in large aerosols (>1 µm) if saturation is
achieved locally (cold walls, flue gas distribution, defective solvent distribution in the packing). It is expected
that most of the aerosol composition remains unchanged.
x Section 2: starts from just below the maximum temperature in the absorber (bulge temperature) and finished at
the elevation corresponding to a stable flue gas temperature. Below the lean solvent distributor, the relative cold
solvent cools down the flue gas. Up to 2500kg/h of water and some solvent previously vaporized are condensed
again in the liquid solvent. Due to sudden cooling, the concentration of condensable components in the gas phase
exceeds the corresponding concentration in vapor–liquid equilibrium (VLE). The gas phase is supersaturated
with high MEA concentration in gas phase. This section is critical, in a short residence time; the water particles
diameter will increase with water and become saturated with amines. The chemistry in the droplets will be
critical for the growth of the aerosols with amines. Above the lean feed, the temperature decreases until
equilibrium conditions are achieved. The effect of the equilibrium condition is not yet evaluated in the tests, but
may be critical for emissions.
x Section 3: Most of the remaining amines in vapor phase are absorbed in the lower water wash. Some water
previously vaporized is condensed. Sudden cooling shall be avoided otherwise, the same mechanism as Section 2
occurs.
x Section 4: The last traces of amines in vapor phase are absorbed in the upper water wash. The remaining water
previously vaporized is condensed. Sudden cooling is applied in order to keep the water balance of the plant. The
aerosol diameter will increase with water but without additional amine capture.
x Stack: Most of the amine captured by aerosols in section 2 and eventually in section 3 will be emitted at the stack
of the absorber. The typical efficiency of demisters and packing is poor or insignificant for such aerosols.

260

Collection 11: MEA Solvent

Gerard Lombardo et al. / Energy Procedia 114 (2017) 1210 – 1230

1227

Figure 11. Temperature profile of the absorber at 12.8% CO2 inlet

The results from testing show that the emissions of MEA increases as the particle concentration in the flue gas
increases. This indicates that the extent of aerosol based emissions depends strongly on the number concentration of
particles in the flue gas.
With the same particle concentration, the aerosol mechanisms are likely different for the cases at 3.7% CO2 and
12.7% CO2, see Table 2, test conditions a) and c):
x At 3.7% CO2 the typical MEA concentration in the gas phase in the bulge area is 20 to 30 ppmv. The emissions
due to aerosols are also 20 to 30 ppmv. It is likely that most of the MEA in gas phase is condensed in aerosols in
section 2. Both homogeneous nucleation of MEA and a substantial condensation on aerosols may be considered.
x At 12.7% CO2 the typical MEA concentration in the gas phase in the bulge area is 300 to 500 ppmv. The
emissions due to aerosols are limited to less than 5 ppmv. The particle growth by water and MEA condensation
are likely limited by the gradual temperature decrease above the bulge temperature.
Minor variations in dominant process parameters may increase or decrease aerosol emissions as several
competitive mechanisms are involved. As illustrated in Figure 3, MEA emissions are lower at 8% CO2 and 12% in
the flue gas than compared to the test at 3.7% CO2 concentration. This trend is dissimilar to published results
obtained at slightly different process parameters [1, 2, 5, 12]. The higher emissions at low CO2 concentration were
thus not expected. The following hypotheses are possible, but are not yet confirmed since advanced simulations are
not available:
x The chemistry in the lean solvent solution may contribute to less amine condensed on the aerosols: at higher CO2
concentration, kinetics and driving forces in the top of the absorber increases. Amine condensing from the vapor
phase to the liquid lean reacts faster with CO2, supersaturation decreases.
x The chemistry in the aerosol may also generate a decrease of emissions: at higher CO2 concentrations, the
solubility of CO2 decreases with the higher flue gas temperature and less CO2 is absorbed in the aerosols. The
droplets are saturated in free amine and no more amines are absorbed.
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6. Conclusions and recommendations
6.1. Conclusion of the tests at TCM
As described in this work, an appropriate description and composition of the flue gas is necessary to assess the
risks of emissions associated to aerosols. The description should include gas components, aerosol size distribution
and number concentration, and composition of the trace components in the aerosols, measured at the expected
pressure and temperature of the flue gas at the inlet of the absorber.
Testing was conducted in the TCM amine plant to evaluate the maximum aerosol number concentration in the
flue gas, acceptable for operation with MEA within TCM DA’s emission permit. When operating the plant with flue
gas from the natural gas fired power plant, no aerosol emission occurs. As a fraction of the flue gas from the residual
fluidized catalytic cracker (RFCC) was added, the MEA emissions increased significantly. A strong correlation
between particle concentration in the flue gas and MEA emission was found. The effect was more pronounced when
the CO2 concentration in the gas was reduced. The control of the lean amine temperature and the water wash
temperature are effective measures to reduce the emissions. With the particle size distribution tested at TCM, a
concentration of 500 000 particles/cm3 is acceptable for operation of the RFCC flue gas. A Brownian Diffusion
(BD) filter will be installed to reduce the particle concentration below this level and by-pass possibilities will enable
for future testing at a large range of particle concentrations. Pilot testing at TCM has demonstrated high efficiency
for BD filters with the RFCC flue gas.
6.2. Recommendation for future CO2 capture plant based on MEA or advanced solvents
6.2.1. Operation parameters of CO2 capture plants
As demonstrated in the test at TCM, in case of aerosols in the flue gas, the lean temperature and the water wash
temperature requires to be optimized. The eventual energy penalty and mitigation design will be assessed in future
works at TCM.
The effect of other operation parameters as CO2 concentration, CO2 capture rate or lean loading cannot be
predicted by simple assessments. The validation of a simulation tool for aerosols specific to each solvent is essential
for the extrapolation of the tests results from a pilot to a full-scale plant.
Tests results at TCM may be a basis for future works in order to validate simulations tools and confirm the major
mechanisms of aerosol growth.
6.2.2. Process equipment for aerosol mitigation upstream the amine absorber
As illustrated for MEA in this work, the sensitivity of a specific solvent at various aerosol concentrations may be
assessed. Based on sensitivity studies for a specific solvent, the works at TCM may contribute to specify the
requirements downstream the flue gas treatments in order to minimize the risk of emissions. Typical flue gas
treatments are as for example:
x Wet Electrostatic Precipitator (WESP) [8, 11]
x Flue gas desulfurization (FGD) [11]
x Bag house filter [19, 20]
6.2.3. Process equipment for aerosol mitigation in the amine absorber
The test results from the Brownian diffusion filters confirm a large variability of pressure drop an efficiency of
the various fibers and the opportunity to improve the technology is confirmed. Future works are recommended in
order to evaluate the pressure drop and efficiency of impaction candles and high efficiency demisters with coalescer
materials and flushing systems. As these equipment’s are specifically designed to remove particles between 1 and
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5µm, they may reduce a large fraction of the aerosol emissions at a relatively low price. Such equipment’s are
currently not demonstrated in amine absorbers.
Future works at TCM will include specific high efficiency demisters.
6.2.4. Process equipment for aerosol measurements in the amine absorber
The works at TCM confirm the need for reliable measurements of emission due to aerosols. Based on the
experience of the tests, the combination of the following measurements is recommended:
x Isokinetic sampling for the validation of the online instrumentation for aerosols.
x Sampling line to online instrumentation with temperature control suitable for an acceptable vaporization of the
aerosols.
x FTIR for online measurements of amine from vaporized aerosols
An isokinetic sampling procedure based on a train of impinger jet was recently developed at TCM based on the
experiences of the MEA campaign and further tests with advanced amines. This specific system is able to quantify
both the vapor and aerosol emissions with reliable accuracy. Future test shall confirm the advantages of the specific
procedure.
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Abstract

In 2015, the CO2 Technology Centre Mongstad (TCM DA), operated a test campaign using aqueous
monoethanolamine (MEA) solvent at 30 wt%. The main objective was to demonstrate and document the
performance of the TCM DA Amine Plant located in Mongstad, Norway. This paper will present several aspects
concerning degradation of the solvent and atmospheric emissions from amine based CO2 removal processes. The
work aims to; (1) quantify the amounts and compositions of the degraded solvent (2) report results from atmospheric
emissions measurements of amines and amine based degradation products; and (3) present Ambient Air
measurement done during a 2 month campaign.
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1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) is located next to the Statoil refinery in Mongstad, Norway.
TCM DA is a joint venture set up by Gassnova representing the Norwegian state, Statoil, Shell, and Sasol. The
facility run by TCM DA entered the operational phase in August 2012 and it is one of the largest post-combustion
CO2 capture test centres in the world. A unique aspect of the facility is that either a flue gas slipstream from a
natural gas turbine based combined heat and power (CHP) plant or an equivalent volumetric flow from a residual
fluidized catalytic cracker (RFCC) unit can be used for CO2 capture. The CHP flue gas contains about 3.5% CO2
and the RFCC flue gas contains about 13-14% CO2. One of the main test plants at TCM DA is a highly flexible and
well-instrumented amine plant. The amine plant was designed and constructed by Aker Solutions and Kværner to
accommodate a variety of technologies, with capabilities of treating flue gas streams of up to 60,000 standard cubic
meters per hour. The plant is being offered to vendors of solvent based CO 2 capture technologies to, among others,
test; (1) the performance of their solvent technology, and (2) technologies aimed to reduce the atmospheric
emissions and environmental impact of amines and amine based degradation products from such solvent based CO 2
capture processes. The objective of TCM DA is to test, verify, and demonstrate CO 2 capture technologies suitable
for deployment at full-scale. Up to now the vendors Aker Solutions, Alstom, Cansolv Technologies Inc. and Carbon
Clean Solutions Ltd. have successfully used the TCM DA facilities to verify their CO2 capture technologies.
From July to October 2015 TCM DA, in collaboration with partners, operated a test campaign using the nonproprietary aqueous monoethanolamine (MEA) solvent at 30 wt%.
2. The amine plant and operating conditions
The MEA campaign was started 6th of July 2015 with flue gas introduction to the amine plant. The campaign
lasted to 17th of October 2015. Operational hours are counted as hours with both flue gas and solvent circulation.
The entire campaign gave a total of 1960 hours of operation (figure 1).
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Figure 1. Overall MEA campaign operational hours, from 6th of July to 18th of October 2016.

A process flow diagram including sample points for the amine plant is given in figure 2. A more detailed
description of the TCM DA amine plant and the TCM sample handling system can be found elsewhere [1,2,3].
Liquid and gas sampling, target component groups and analytical measurement techniques are described in sections
2.3 to 2.5 below.
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Figure 2. Process flow diagram for TCM, including online equipment’s and manual sampling locations

Several operating conditions are important with respect to the solvent degradation and emission rates of amines
and degradation products. Detailed information about the operating conditions and all the test activities and
performance results from the MEA campaign, can be found in Gjernes et al [12].
The flue gas composition downstream the Direct Contact Cooler (DCC) from the CHP and the RFCC are
providing a range of test conditions and the solvent will be exposed to a corresponding range in CO2 and O2
concentrations, as well as NOx, SOx and particles. Solvent amines react with the flue gas components and give rise
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to the degradation products as illustrated in figure 3. Degradation reactions of MEA and specific degradation
products that where monitored during this campaign is given in section 3 below.

Figure 3. Typical flue gas composition influence of reaction with amines

When the solvent is exposed to higher temperatures in combination with the flue gas components, the
degradation reactions are accelerated. Also the accumulation in the solvent of transition metal elements due to
corrosion may contribute to degradation [11]. Process units with high temperature exposure are the stripper and
reboiler system and the hot part of the solvent circulation loop. For more process details see Table 1. The inventory
and the residence time of solvent in the hot areas are decisive for degradation, for more details regarding the
inventory see Flø et al [13].
Table 1. Process parameters in the solvent circulation loop

Process parameters

Unit

Hot Lean
Solvent

Hot Rich
Solvent

Cold Lean
Solvent

Cold Rich
Solvent

Temperature

°C

120

110

35 - 37

30 - 40

Flow rate

Tons/hour

55 - 120

55 - 120

55 - 120

55 - 120

pH

-

10.4

9

10.4

9

Pipe size

Inches

8

6

8

6

Velocity

m/s

0.45-0.97

0.74-1.62

0.45-0.97

0.74-1.62

2.1. Liquid samples
The solvent amine, ammonia, and some degradation products were analyzed by TCM DA and Statoil Crude Oil
and Products laboratories (CP Lab). Alkyl amines, aldehydes, ketone, generic nitrosamines, solvent specific
nitrosamines and nitramines were analyzed by SINTEF laboratories. Total Nitrogen (Kjeldahl) was analyzed by
LabNett Stjørdal, table 2 gives an overview of the different techniques used.
Organic acids and anions were measured by Ion Chromatograph (IC) and Total Heat Stable Salts (HSS) by ion
exchange and following titration.
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Table 2. Analytical measurements techniques
Component groups

Analysis methods

Supplier

Analysed by

Amines (solvent)

LC MS QQQ

Agilent

Statoil CP lab

Amines (alkyl)

LC MS QQQ

Agilent

Sintef

Ammonia

Cation chromatography, IC-ECD

Dionex

TCM Lab

Aldehydes

LS MS QQQ

Agilent

Sintef

Nitrosamines (TONO)

See *

-

Sintef

Agilent

Sintef

Nitrosamines
(specific and generic)

LC MS QQQ

Nitramines

LC MS QQQ

Agilent

Sintef

Organic acids, anion

Anion chromatography, IC-ECD

Dionex

TCM Lab

Total Heat Stable Salts

Ion exchange and titration

Metrohm

TCM Lab

Total Nitrogen

-

-

LabNett Stjørdal

*TONO; Quench of solved nitrite followed by break of N-NO bond in a reaction chamber. Total NO released from the N-nitroso
groups detected by chemiluminscence analyser.

2.2. Emission samples
TCM DA applies different measurement techniques to monitor and quantify the amounts and concentrations of
emitted compounds. There are three different flue gas streams, flue gas inlet to the absorber (downstream DCC),
absorber outlet and CO2-stripper outlet. Online instruments are connected via heated sampling lines to sampling
probes. The amine and other emissions were monitored and confirmed by isokinetic sampling and the following
online analyzers in Table 3. A full description of emission monitoring at TCM is given in Morken et al [1]. For a
more detailed description of the general online equipment see Lombardo and Gjernes [6,12].
Table 3. Online instrumentation for emission monitoring at TCM
Instrument

Gasmet FTIR FCX

FTIR Anafin2000

PTR-TOF-MS

PTR-QMS

Supplier

Gasmet Technologies Oy

Analect

Ionicon

Ionicon

Temp
Cell path length
Resolution
Flow rate
Range
LOD
SD

Cell 180ºC
5m
8 cm-1
120 – 600 L/h
900 – 4200 cm-1
0.5 - 1 ppmv *
*

Cell 85ºC
7m
2 cm-1
100 L/h
500 – 7000 cm-1
0.5 -1 ppmv *
*

Drift tube 100ºC
(' (m/z))/((m/z)) > 3000
30 L/h
10-200
0.0001 ppmv
± 20 %

Drift tube 100ºC
' (m/z) = 1
30 L/h
20-200
0.001 ppmv
± 20 %

Inlet Flue Gas

x

CO2-stack

x

Absorber

x

x**
x**

x

x

*Limit of detection (LOD) value depends on compound, level of compound, the way of calculation and measurement time.
**Occasionally measurements on these streams for QA/QC and comparing different instruments.
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2.3. Ambient Air measurements, instrumentation and locations
The ultra-sensitive proton-transfer-reaction quadrupole ion guide time-of-flight mass spectrometer (PTR-QiToFMS) from IONICON was used for detecting trace gases at low pptv levels in ambient air in the vicinity of
Technology Centre Mongstad. These novel ambient air measurements were performed in August and September
2015 by University of Oslo. Measurements were carried out in three different geographic locations, Sundsbø
(60º46’10.1’’N, 5º09’08.6’’E), Sande (60º50’56.6’’N, 5º00’21.0’’E) and Mongstad West (60º48’45.7’’N,
5º00’43.4’’E). These sites were chosen from earlier measurement done by Norwegian Institute for Air Research
(NILU) and dispersion models done by NILU [5]. For more technical details and results regarding this surveillance
see Mikoviny et al [10].
3. MEA solvent and degradation theory
3.1. Oxidative and Thermal degradation
The degradation mechanisms for MEA have been extensively studied in the literature [4,5,8,11,14]. The main
degradation reaction pathways with most important degradation products are indicated and proposed in figure 7
below. Oxidative degradation is induced by O2 and produces oxidized fragments of the solvent. Organic acids,
ammonia and aldehydes are the main products from this degradation route. Ammonia and aldehydes are observed in
the emission samples. The organic acids react with MEA and various degradation products are formed in subsequent
reactions. These products are identified in the solvent samples.
The carbamate degradation route requires CO2 and fairly high temperatures. The thermal degradation of MEA
occurs predominantly in the reboiler and stripper packing due to exposure to high temperature. While the initial
products of thermal degradation have been identified, the kinetics of the thermal degradation pathways has not been
clearly defined. Davis and Rochelle [14] indicate that thermal degradation is minor when reboiler temperature is
held below 110°C but it accelerates above 130 °C. Carbamate polymerization due to high temperature is the main
cause of thermal degradation of MEA. This degradation is also compounded when the CO2 loading of the solution is
increased. MEA concentrations can be kept at 30 wt % to minimize thermal degradation and prevent corrosion in
industrial applications.
3.2. HSS components
Heat Stable Salts (HSS) are salts in the amine solution that is not affected by heat. The heat stable salt does not
regenerate in the regenerator and remains in the circulating amine system. Total HSS are measured by a titration
procedure which prepares the sample with a strong cation exchange resin. Individual HSS anions are measured by
Ion Chromatography (IC). The different anions measured by IC are summarized in table 4.
Table 4. Heat stable salts anions analyzed by TCM laboratory using Ion Chromatography
Component

Abb

CAS No

Mw

Acetate
Glycolate
Formate
Oxalate
Nitrate
Nitrite
Sulphate
Propionate

(AA-)
(GA-)
(FA-)
(OA--)
(NO3-)
(NO2-)
SO42-)
(C2H5COO-)

71-50-1
79-14-1
71-47-6
144-62-7
14797-55-8
14797-65-0
14808-79-8
72-03-7

59
75
45
125
62
46
96
73
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The identified anions are summed to provide a total HSS. In general, Total HSS by titration should be the same
or larger than the sum of anions by IC, figure 6 (h). Total HSS are reported as the wt% of the equivalent amount of
amine. This means if HSS concentration were 1 mole/kg (eq/kg) of solution, it will be 6.1 wt% as MEA (1).
MEA + RCOOH o MEAH+ + RCOO-

(1)

3.3. Degradation components in solvent, from emission and in Ambient Air
The degradation components measured during the MEA campaign were based on information found from
literature [4]. All components from solvent and emission samples in Table 5 were analyzed by Sintef. The analyzing
measuring technique was primarily LC-MS-QQQ. The mixture of the different degradation components are
hereafter called D-mix. Analysis of Ambient Air components were done by University of Oslo [10].
Table 5. Degradation products and measurements in solvent, emission from amine plant absorber stack and in Ambient Air.
Component
Monoethanolamine
Ammonia
Formaldehyde
Acetaldehyde
N-Nitroso-diethanol-amine
N-(2-hydroxyethyl) acetamide
1-hydroxyethane 1,1-diphosphonic acid
N-(2-hydroxyethyl)ethylenediamine
N-(2-hydroxyethyl)formamide
N-(2-hydroxyethyl)glycine
N-(2-hydroxyethyl)-2-(2hydroxyethylamino)acetamide
Pyrazine
N-(2-hydroxyethyl)imidazole
N-(2-hydroxyethyl)imidazolidinone
4-(2-hydroxyethyl)piperazin-2-one
Dimetylamine
Methylamine (Monometylamine)
Ethylamine
Diethylamine
Morpholine
Trimethylamine
4,4-dimethyl-2-oxazolidinone
N-Nitroso(2-hydroxyethyl)glycine
2-(Nitroamino)ethanol
N-methyl,N-nitroso-methanamine
N-nitro-N-methyl-methanamine
N-Nitrosomethylethylamine
N-Nitrosodiethylamine
N-Nitrosodi-n-propylamine
N-Nitrosodi-n-butylamine
N-Nitrosopyrrolidine
N-Nitrosopiperidine
N-nitrosodiethanolamine
2-Oxazolidone
Alkylpyrazine
NN'-Bis(2-hydroxyethyl)oxamide
Diethanolamine

Abb

CAS No

Mw

Solvent

MEA
NH3
FA
AA
NDELA
HEA
HEDP
HEEDA
HEF
HeGly

141-43-5
7664-41-7
50-00-0
75-07-0
1116-54-7
142-26-7
2809-21-4
111-41-1
693-06-1
5835-28-9

61
17
30
44
134
103
206
104
89
119

x
x
x
x
x
x
x
x
x
x

HEHEAA

144236-39-5

162

x

HEI
HEIA
HEPO
DMA
MA (MMA)
EA
DiEA
Mor
TMA
4.4-DMO
NO-HeGly
NO2-MEA
NDMA
DMNA
NMEA
NDEA
NDPA
NDBA
NPYR
NPIP
NDELA
OZD
BHEOX
DEA

290-37-9
1615-14-1
3699-54-5
23936-04-1
124-40-3
74-89-5
75-04-7
109-89-7
110-91-8
75-50-3
26654-39-7
80556-89-4
74386-82-6
62-75-9
4164-28-7
10595-95-6
55-18-5
621-64-7
924-16-3
930-55-2
100-75-4
1116-54-7
497-25-6

80
112
130
144
45
31
45
73
87
59
115
148
106
74
90
88
102
130
158
100
114
134
87

x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x

1871-89-2
111-42-2

176
105

x
x

272

Emission
to Air
x
x
x
x
x

Ambient
Air
x
x

x

x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x
x

x
x
x
x
x
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4. Results and discussions
The first observable sign of degradation was color change of the solvent. The color of the solvent changed rapidly
after the first contact with the flue gas. Samples taken before introduction of flue gas show a colorless solvent. Only
hours after start up, the color started to change from colorless to yellow, and more and more orange and dark brown
as seen in figure 4. After reclaiming 12th of October, the color is more like the color that appeared in the start of the
campaign when the solvent was fresh.

Figure 4. Pictures of samples taken during the campaign. The color change gives an indication on how degraded the solvent is.
The samples are from left to right after: 0, 1300, 1830, 1870 and 1920 hours of operation.

4.1. Heat stable salts in the solvent
Figure 5 and 6 shows how the levels of organic acids and anions developed during the entire campaign. Figure 5
shows overall heat stable salts development where 5a) are Total Heat Stable salts reported as wt% MEA, and 5b)
results from individually IC results from each component. Figure 6 (a-g) shows more detailed development of all the
individual components. The main anion formed is formate and the level of this component reach 3000 mg/L before
reclaiming. Glyoxylic acid is assumed to be one of the formed organic acids during the degradation process [7]. It
was not possible to analyze for this component as there were no available method at the time. An unknown
component of significant response on the IC chromatogram was found. The area of the unknown component in the
chromatogram was significant, and the component was calibrated with a mix of the other components. The result
from this unknown component is rather uncertain, see figure 6 g). All other IC results have a repeatability
uncertainty of ± 20%.

a)
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0,5

4000
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Figure 5. (a) Total Heat stable salt concentration; (b) Results from Anion IC analysis
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Reclaiming after 1852 hr
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Figure 6. (a) Formate concentration, mg/L; (b) Glycolate concentration, mg/L; (c) Acetate concentration, mg/L;
(d) Nitrate concentration, mg/L; (e) Oxalate concentration, mg/L; (f) Sulphate concentration, mg/L (g) unknown component, mg/L; (h) Total HSS
and sum anions presented as mole/kg

Propionate (C2H5COO-) and nitrite (NO2-) were not detected above 10 mg/L which is the limit of detection on the
Ion Chromatograph.
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4.2. Degradation products in the solvent
A simplified scheme for MEA degradation is proposed in figure 7. Oxidation reactions lead to formation of the
organic acids and the emission products ammonia and aldehydes. This is indicated in the left blue square of the
figure. Reactions between MEA and the organic acids, CO2 and additional free MEA lead to formation of the
degradation products identified in the lean solvent samples. This is indicated in the large red square of the figure. A
nitrogen mass balance based on solvent analysis are presented and compared to literature data in section 4.5 below.
NH3, Acetaldehyde, Formaldehyde

Figure 7. Proposed overall degradation scheme for monoethanolamine.
Scheme is simplified and intermediate amine compounds may form.

Measured

Not Measured

Nitrosamine

Solvent
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The rate of formation of the degradation products is a function of temperature (faster kinetics), CO2 loading
(more carbamate present), and MEA concentration. The identified degradation products in the solvent samples and
the accumulation of these as function of operational hours are shown in figure 8.TCM performed a MIST test after
1314 hours of operation and also did a CO2 recycling test with higher CO2 content in the CHP flue gas [12]. The
results shown after 1314 hours are not consistent with the other samples and cannot be explained. Results from the
reclaiming part of the 2015 MEA campaign is given in [13].
HEHEAA

HEEDA

OZD

HEPO

HEI

HEGly

HEF

HEA

60000
Reclaiming

[mg/L]

50000
40000
30000
20000
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1601

1420

1314

1150

982

825

657

498

334

180

0

0

Hours of Operation
Figure 8. Main degradation products during the entire campaign. The component names and abbreviation is given in table 5 above.

It is seen that the dominant degradation products in the solvent are N-(2-hydroxyethyl)glycine (HeGly) and 4-(2hydroxyethyl)piperazine-2-one (HEPO). This corresponds to the oxidation pathway via glyoxylate and subsequent
reaction with MEA given in figure 7. The identification of the nitroso-compound nitroso-Hegly (No-HeGly) in the
solvent further confirms this degradation route.
4.3. Nitroso- and Nitramines in solvent
Two solvent specific nitrosamines, N-nitrosodiethanolamine (NDELA) and N-nitroso-2-hydroxyethyl-glycine
(Nitroso-HeGly), were detected in the solvent as the degradation process progressed. The total concentrations of
nitrosamines (TONO) were measured to be 2351 µmol/L after 1850 hours of operation, see figure 9. Since MEA is a
primary amine it is not expected to form a stable nitrosamine. The identified compounds are thus formed from
secondary amines occurring as impurities in the solvent or being formed during the degradation reactions. As is
shown in Figure 9 a), there are still some unidentified nitrosamines in the degraded solvent sample. These
nitrosamines are formed from high molecular weight amines and have low volatility. Figure 9 b) shows a decrease
in the level of total nitrosamines after reclaiming of the solvent.
Nitrosamines are formed after reaction with NOx in the flue gas [8]. During the MIST test, RFCC flue gas was
used, and as this flue gas contains more NOx than flue gas from the Combined Heat and Power Plant, this could
explain the higher amount of nitrosamines in this MEA2 campaign compared with the first MEA1 campaign from
TCM [1].
The solvent specific nitramine (MEA-NO2) was detected at a concentration of approximately 4 mg/L after 1850
hours of operation. Methylnitramine (MA-NO2) and Dimethylnitramine (DMA-NO2) were also analyzed, but the
responses on the LC MS QQQ were below the limit of detection (< 0.1 mg/L).
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Figure 9. a) Nitrosamines in Lean MEA after 1850 operational hours. Results from the first MEA campaign (MEA 1)
and this campaign (MEA 2) b) TONO measurements through the entire campaign

4.4. Nitrogen mass balance of the solvent
A nitrogen balance of the solvent was done after 1850 hours of operation, just before reclaiming, see table 6.
Table 6. A nitrogen mass balance of the solvent was done after 1850 operational hours
Component
MEA
BHEOX
HEA
HEF
HEGly
HEI
HEPO
OZD
HEIA
HEEDA
HEHEAA
4.4-DMO
Morpholine
Bicine
Pyrazine
DEA
DMA
DiEA
MA
EA
Formamid
Acetamid
NDELA*
No-HEGly*
TONO
MEA-NO2
NO3Sum Identified
components

mg/L

mg/Kg

326473
274
4963
5062
18922
1826
18788
82
181
1.0
1870
<1
<1
62
8.0
152
7.1
0.3
5.7
0.2
11
12
4.9
235
306
4.0
1173

tot Kg

mole N

11263
9.4
171
175
653
63
648
2.8
6.3
0.03
65
<0.1
<0.1
2.1
0.3
5.3
0.2
0.01
0.2
0.005
0.4
0.4
0.2
8.1
11
0.1
40

184403
107
1660
1960
5480
1124
8997
32
96
0.7
795
<1
<1
13
3.4
50
5.5
0.14
6.3
0.12
8.2
7.0
2.5
110
162
2.6
653

13116

205567

92.2

17397

7.80

222964

100

Unidentified
Tot N

83000

Pmole/L

2351

%
82.7
0.048
0.74
0.88
2.46
0.50
4.04
0.015
0.043
0.00031
0.36
<0.0004
<0.0004
0.0059
0.0015
0.022
0.0024
0.00006
0.0028
0.00005
0.0037
0.0031
0.0011
0.049
0.073
0.0012
0.29

*NDELA and No-HeGly are included in the TONO results, and hence not summarized
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Total Nitrogen in lean amine was measured to be 8.3 wt%, which give a total of 222964 mole N. The sum of the
different degradation products found gives a total of 205567 moles. This gives 7.8 mole% of nitrogen that is not
found by analysis, these components are hereafter called unidentified components. Some of the unidentified
components are assumed to be long chain molecules. Dissolved ammonium and ammonia in the solvent were not
measured; this means that they will presumably have some contribution to the amount of the unidentified
components. Table 6 shows an overview of all the components that were analyzed, and the contributions of each
component to the total amount of nitrogen.
4.5. Solvent loss
Excluding plant leakage, MEA loss can occur in the following ways:
•
•
•
•
•
•
•

MEA emitted via Absorber (after water wash section)
MEA emitted via stripper upper product after the condenser
MEA degraded product via NH3 formation, which is detected after the wash section and from the CO2product stream
Liquid sampling, which was taken for analysis
Unexpected loss due to leakage through joints and pumps
Wash water (absorber, stripper)
Reclaimer waste

Lab samples and reclaimer waste are a part of the total inventory calculation. MEA was charged into the amine
makeup tank from trucks. From the amine make up tank, MEA can either be charged into the storage tank or directly
to the process loop. A total of 30088 Kg of pure MEA was filled into the makeup tank, while a total of 23208 Kg of
MEA was discharged from the plant after the end of campaign. This gave a total loss of 7622 Kg pure MEA. Total
CO2 capture in the campaign was 4941 ton, and this give a loss of 1.5 kg MEA/ton CO2 captured.
A nitrogen mass balance of the total solvent system was also done. The accumulated NH3 emission from the
absorber and stripper corresponds to approximately 67% of the total MEA loss, while the nitrogen detected
identified degradation compounds (D-mix) constitutes approximately 16% of the MEA loss. Table 7 gives a short
summary of the degraded product produced per mole amine lost. These results are similar to the results reported by
IEAGHG [11]. Total Nitrogen analysis was performed, and it is reasonable to assume that long-chain degradation
compounds constitute some amount of the unidentified loss.
The nitrogen mass balance for the entire campaign gives a loss of MEA that corresponds to 1.6 kg MEA/ton CO2
captured. There is a small gap between the two different methods of calculation, and average value is used. From
this MEA 2 campaign it is concluded that the loss of solvent was 1.6 ± 0.1 kg/ton CO2 captured.
Table 7. Stoichiometry of Products Produced per Mole of Degraded Amine

a)
b)

Product

Mole produced/mole amine lost

Mole produced/mole amine lost a)

Ammonia
Total formate + HEF
Oxalate + oxylamide
Nitrate
HEI
HeGly
HEHEAA + HeGly + HEPO

0.67
0.03
0.003 b)
0.005
0.01
0.04
0.12

0.67
0.12
0.01
0.01
0.06
0.05
-

Reported values from IEAGHG “Evaluation of reclaimer sludge disposal from post-combustion CO2 capture”, 2015/02, March 2014 [11]
Oxylamide was not analyzed
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5. Emissions of amines and amine based degradation products
5.1. Analysis of emission from depleted flue gas
Emission to Air from TCM DA amine plant has two sources, the amine absorber and the CO2-stack. At TCM the
CO2 product stream is sent into the atmosphere, which will not be the case for a full-scale CO2 capture plant. As the
contribution from this stream is small considered to the absorber (1-3%), data from this stream is not given in this
paper.
TCM DA applies different measurement techniques to monitor and quantify the amounts and concentrations of
emitted compounds. A description of the TCM DA overall system for emission control and monitoring is given
elsewhere [1]. The emission was followed up by FTIR, PTR-TOF-MS, PTR-QMS, isokinetic sampling and by 3rd
party (FORCE Technology) [9].
MEA emissions are highly related to aerosols in the flue gas [6]. Even at low mass concentrations of aerosols,
increased MEA emissions have been measured and reported. In September 2015 TCM investigated the relation
between flue gas particle content, mainly related to sulphuric acid mist particles and dust, and corresponding MEA
amine emissions. This “MIST test” was based on aerosol number concentration and size distribution, to evaluate the
maximum aerosol number concentration acceptable for operation with a solvent based on MEA [6]. TCM received a
temporary emission permit given for this campaign from the Norwegian environmental agency (NEA). The
temporary permit gave allowance to increase MEA emission from 6 ppmV to 500 ppmV for maximum 4 days of
testing.
The Mist test was a planned temporary campaign lasting for only two weeks. The rest of the MEA campaign
were performed without issues regarding mist, impurities and aerosols, as flue gas from the combined heat and
power plant does not contain particles and impurities. Detailed information about all the test activities and
performance from the MEA campaign can be found in Gjernes et al [12].
Figures 10 - 13 provide the daily average ammonia, MEA, acetaldehyde and formaldehyde emissions and
operational hours throughout the campaign. Some daily averages of ammonia emissions indicate higher emissions
than allowed in the TCM DA emission permit. Any such emission peaks were communicated to the NEA. These
incidents were administratively handled by NEA, and the campaign continued as planned. These higher levels were
due to amine plant start-up activities, where molecular ammonia (or other amine compounds), i.e. ammonia (or other
amine compounds) are unreacted with CO2, are by convection transferred by the flue gas through the absorber and
eventually emitted to atmosphere. The emissions follow a Gaussian like trend, i.e. an emission peak is observed
until the emission levels settles at a lower steady state level. Test activities with increased CO2-content in the flue
gas combined with high temperatures in the solvent, water washes and flue gas, gave high ammonia emissions.
A start-up procedure conducted in the following order will reduce such start-up emission peaks;
x

MEA solvent circulation starts at ambient temperatures

x

Flue gas is introduced and the CO2 loading process of the entire MEA solvent inventory occurs at
ambient temperatures, until CO2 in the MEA solvent are in equilibrium with CO 2 in the incoming flue
gas (D = close to 0.5 mole CO2 / mole MEA in the case of the CHP flue gas)

x

Heat is applied to the stripper section in order start the continuous CO2 removal process

By following the aforementioned start-up order, the amount of emitted molecular ammonia and amine
compounds are decreased as the presence of these compounds in the gas phase inside the absorber is reduced, and
hence less gaseous ammonia and amine compounds are transferred through the absorber by convection. 19th of May
2016, TCM received a new permanent emission permit from NEA allowing 100 ppmV ammonia emissions as a
daily average.
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Figure 10. Daily average Ammonia (NH3) ppmV emission from absorber measured by online FTIR, PTR-TOF-MS and isokinetic sampling,
(isokinetic sampling is for a 2 hour period)
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Figure 12. Daily average Acetaldehyde ppmV emission from absorber measured by online FTIR and PTR-TOF-MS
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Figure 11. Daily average Monoethanolamine (MEA) ppmV emission from absorber measured by online FTIR,
PTR-TOF-MS and isokinetic sampling, (isokinetic sampling is for a 2 hour period)
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Figure 13. Daily average Formaldehyde ppmV emission from absorber measured by online FTIR and PTR-TOF-MS

For achieving the TCM objectives, it is important that variables are measured with high degree of accuracy. This
will ensure that high quality data are obtained and thus a high quality of test results can be provided. This is
significant not only for technology test reports but also for emissions reporting to the Norwegian Environmental
Agency (NEA). A failure to estimate the inaccuracies of measurements will complicate the test planning, reporting
to NEA and operation and maintenance of the test facility. Apart from accuracies of different variables, repeatability
or precision of measurements for each of the variables on different streams also needs to be estimated. One quality
assurance (QA) test is to compare different monitoring techniques. This was done during the MIST test, and
depleted flue gas out of the absorber was measured by four different independent measurements; two FTIR’s, PTRTOF-MS and PTR-QMS. All the different measurement techniques showed very similar results. The result of this
QA is shown in figure 14 and 15. TCM is a demo-plant where many types of online emission measurement
equipment are tested, providing useful information for commercial projects.
Seven emission isokinetic sampling campaigns have been carried out in order to follow up on emissions form the
absorber. Results from these measurements can be found in table 8. Overall the results are similar to the results
reported by Morken et al [1].
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Figure 14. Simultaneously online measurement of MEA emission from amine absorber 16th of September 2015.
The online equipment’s are two independent FTIR’s, PTR-TOF-MS and PTR-QMS.
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Figure 15. Simultaneously online measurement of ammonia (NH3) emission from amine absorber 16th of September 2015.
The online equipment’s are two independent FTIR’s and PTR-TOF-MS.

TCM has shown earlier that the absorber wash water sections are found to effectively reduce possible
atmospheric emissions from amine based solvent system [1]. Atmospheric emissions of monoethanolamine (MEA)
were very low throughout the entire campaign, and determined to be in the parts per billion (ppb) ranges.
Atmospheric emissions of MEA amine based degradation products such as nitrosamines and nitramines were
below detectable levels. Atmospheric emissions of alkyl amines in the low ppb range. Results from isokinetic
measurements can be seen in table 8. These results confirm the emission results from earlier MEA campaign at
TCM [1].
Table 8. Result from isokinetic gas emission measurements from the entire MEA campaign
Date

17.07.2015

10.08.2015

MEA, µg/m3

19.0

11.1

MEA, ppmv

0.007

0.004

19.08.2015

01.09.2015

09.09.2015*

18.09.2015

12.10.2015

24.9

18.6

5.9

4281

18.5

0.010

0.007

-

1.66

0.007

DMA, µg/m3

56.4

35.4

42.2

35.4

37

228

494

DMA, ppmv

0.030

0.019

0.023

0.019

-

0.120

0.255

EA, µg/m3

0.42

0.76

1.1

1.4

1.2

19.1

4.6

EA, ppmv

0.0024

0.0002

0.0004

0.0006

0.0007

-

0.010

MA, µg/m3

29

11.2

17.8

33

30

238

166

MA, ppmv

0.022

0.008

0.014

0.025

-

0.181

0.124

DiEA, µg/m3

0.025

0.065

0.062

0.032

9.7

0.428

<0.007

DiEA, ppmv

0.00001

0.00002

0.00002

0.00001

-

0.00014

<0.000002

EMA, µg/m3

0.39

0.37

0.34

0.24

<0.8

2.2

3.0

EMA, ppmv

0.0002

0.0001

0.0001

0.0001

-

0.0009

0.0012

PA, µg/m3

0.34

0.22

0.17

0.11

<0.8

1.3

1.1

PA, ppmv

0.00013

0.00009

0.00007

0.00004

-

0.00053

0.00041

NH3, µg/m3

9335

11667

11467

11370

13000

96329

16571

NH3, ppmv

12.3

15.3

15.4

14.9

16

126.5

21.4

*Third party measurements done by FORCE Technology [9]. All other sampling and measurements are done by TCM.
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Conclusions
During the MEA 2015 campaign at TCM the degradation products being formed in the solvent and released to
the atmosphere were closely monitored. Based on an overall nitrogen mass balance it was concluded that less than
8% of total nitrogen introduced into the plant was not identified. The solvent loss calculated as pure MEA was 1.6 ±
0.1 kg/ton CO2 captured. The major contributors to the loss were ammonia emission (67% of loss) and identified
degradation products in the solvent (16% of loss). Emissions to air from the absorber stack were monitored by five
different independent on-line measurement instruments and by regular manual sampling. The four on-line methods
provided very similar results. The manual sampling results confirmed results from earlier MEA campaign at TCM.
The MEA and alkyl amines emissions are in the parts per billion ranges and nitrosamines and nitramines were below
detectable levels.
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Abstract
In 2015, the CO2 Technology Center Mongstad (TCM DA), operated a test campaign using aqueous monoethanolamine (MEA)
solvent at 30 wt%. The main objective was to demonstrate and document the performance of the TCM DA Amine Plant located
in Mongstad, Norway. As part of the test campaign, thermal reclaiming was performed in order to eliminate accumulated
degradation products and improve the solvent performance. This paper presents results and discussions concerning formation and
monitoring of amine degradation products along with experiences related to the thermal reclaiming process and its operational
procedure. Evaluations of the efficiency of thermal reclaiming and the solvent improvement after reclaiming are also presented.
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1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) is located next to the Statoil refinery in Mongstad, Norway.
TCM DA is a joint venture set up by Gassnova representing the Norwegian state, Statoil, Shell, and Sasol. The
facility run by TCM DA entered the operational phase in August 2012 and it is one of the largest post-combustion
CO2 capture test centres in the world. A unique aspect of the facility is that either a flue gas slipstream from a
natural gas turbine based combined heat and power (CHP) plant or an equivalent volumetric flow from a residual
fluidized catalytic cracker (RFCC) unit can be used for CO2 capture. The CHP flue gas contains about 3.5% CO2
and the RFCC flue gas contains about 13-14% CO2. One of the main test plants at TCM DA is a highly flexible and
well-instrumented amine plant. The amine plant was designed and constructed by Aker Solutions and Kværner to
accommodate a variety of technologies, with capabilities of treating flue gas streams of up to 60,000 standard cubic
meters per hour. The plant is being offered to vendors of solvent based CO 2 capture technologies to, among others,
test; (1) the performance of their solvent technology, and (2) technologies aimed to reduce the atmospheric
emissions and environmental impact of amines and amine based degradation products from such solvent based CO 2
capture processes. The objective of TCM DA is to test, verify, and demonstrate CO 2 capture technologies suitable
for deployment at full-scale. Up to now the vendors Aker Solutions, Alstom, Shell Cansolv Technologies Inc. and
Carbon Clean Solutions Ltd. have successfully used the TCM DA facilities to verify their CO2 capture technologies.
From July to October 2015 TCM DA, in collaboration with partners, operated a test campaign using the nonproprietary aqueous monoethanolamine (MEA) solvent at 30 wt%. After testing a variety of process conditions for a
total of 1843 hours, clear evidence of solvent degradation was observed. The test campaign proceeded with thermal
reclaiming of the solvent in order to eliminate accumulated degradation products and demonstrate improvement of
solvent performance. This work presents results concerning MEA degradation monitoring and reclaiming operation
at TCM DA. Various design and operational factors that affect degradation rates are discussed, the efficiency of
thermal reclaiming is estimated and experiences related to the reclaiming process and its operational procedure is
shared.
1.1. Solvent degradation mechanisms
Amine solvents degrade due to exposure to heat (thermal degradation), presence of oxygen (oxidative
degradation) and reactions of the amine with flue gas contaminants such as SOx, NOx, halogenated compounds,
hydrocarbons and other impurities. Thermal degradation occurs mainly in the stripper section and is strongly
dependent on the stripper operating temperature. The main thermal degradation products in MEA are Oxazolidin-2one (OZD), MEA urea, HEIA, HEEDA [1]. The rate of formation of these products depend on the operating
temperature (faster kinetics), CO2 loading (more carbamate present) and MEA concentration. Oxidative degradation
is mainly an issue for post-combustion CO2 capture where the solvent is exposed to oxygen present in the flue gas.
This occurs mainly in the absorber, where the level of oxygen is significant. Amine oxidation is also shown to be
catalyzed by transition metal ions and will typically results in formation of ammonia and different organic acids [2].
In a second step, the organic acids will form heat stable salts (HSS) which are difficult to regenerate under normal
regeneration conditions (atmospheric pressure and temperature around 120°C) [1]. These salts will therefore remain
and accumulate in the circulated solvent. Amine degradation may also be induced by flue gas contaminants such as
sulfur, polysulfide and CO. This issue has become especially evident for oil refinery flue gases such as gas
originating from RFCC units [2]. Nonvolatile contaminants causing amine degradation can also arise from other
sources such as make-up water, anti-foam agents, lubricants and corrosion inhibitors [2].
Several degradation processes often occur simultaneously to produce a wide range of degradation products.
Accumulation of amine degradation products affects the solvent properties. They are known to increase the solvent
viscosity and surface tension which again affects heat transfer coefficients, diffusion coefficients, and mass transfer
rates [3]. This will again lead to loss of solvent capacity and increased energy numbers. Further, degradation
products might lead to corrosion, fouling and foaming [2], which again increases operational and maintenance costs
and might cause long-term technical integrity issues. Dissolved metal elements originating from corrosion are also
as mentioned above expected to contribute as catalysts for oxidative degradation [1].
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1.2. Solvent refreshing options
In order to reduce the impact of unwanted impurities and minimize the operational and maintenance issues listed
above, a number of techniques have been suggested. Wang et al. (2015) have published an extensive review of
amine reclaiming technologies and other techniques to handle this issue, including purging (bleed and feed),
neutralization, ion exchange, adsorption, electrodialysis, and different thermal reclamation techniques [4]. Dumée et
al. (2012) also presents a thorough comparison of the most promising techniques [1]. A summary is provided below.
x Bleed and feed
Bleed and feed is a simple operational procedure where a portion of the degraded solvent is continuously or
periodically purged and replaced with fresh solvent. However, amine replacement and disposal might make this
technique rather costly, particularly for specialized and expensive solvents. Further, a certain level of degradation
products needs to build up before effecting bleed and feed in order to minimize replacement and disposal costs.
x Neutralization
Neutralization converts amine HSS to sodium or potassium HSS by addition of NaOH or KOH, according to the
following reaction using NaOH as an example:
+
+
(1)
NaOH + [AmineH RCOO ] o Amine + H20 + [Na RCOO ]
Neutralization maintains the amine capacity; however, there is no reduction in salt content of the solvent. The amine
becomes more and more contaminated by salts that contribute to higher solvent density and viscosity, reduced
surface tension, and possibly foaming and fouling. Eventually, the solvent needs to be discarded.
x Ion exchange
Ion exchange is a technology where the amine HSS ion is replaced with a friendlier ion. For example, an anion
exchange removes HSS anions, replacing them with hydroxide ions, which frees the amine and let it return together
with water to the process. The HSS anions are later removed from the resin by regeneration with NaOH. The
practice of removing HSS from amine systems by ion exchange has presented many technical and operational
challenges, and several researchers report doubt in the practical efficiency for amine applications. High consumption
of chemical and water for resin regeneration together with generation of large amounts of waste are mentioned as
other disadvantages. Further, ion exchangers are not capable of removing uncharged contaminants, i.e. degradation
products originating from thermal degradation. It is still regarded a relatively economical method, especially for low
levels of contaminants. However, if poorly designed and/or operated it can cause significant solvent losses and
sodium slippage into the main amine process.
x Adsorption
Adsorption on activated carbon is a widely used method to remove high-boiling or surface active organic
compounds [5]. However, activated carbon it is not able to remove significant amount of degradation products [2].
x Electrodialysis
Electrodialysis has also been suggested as a method to purify amine solutions. It uses a stack of alternating anionic
and cationic ion-exchange membranes to selectively remove charged contaminants from the solvent [1]. The main
disadvantage also for this method is inability to remove uncharged amine degradation products originating from
thermal degradation and hydrocarbons [2].
x Thermal reclaiming
Thermal reclaiming is usually conducted on a small slipstream extracted from the stripper reboiler on a semicontinuous basis [2, 5]. The amine solution is vaporized in the reclaimer vessel and returned as vapour to the main
process, while the less volatile degradation products and other contaminants accumulate in the reclaimer vessel
bottoms. Stoichiometric addition of NaOH during thermal reclaiming allows recovery of the amine from the amine
heat stable salts by conversion to sodium salts, according to Reaction (1). Thermal reclaiming has long been a
recognized reclamation method for MEA. Compared with secondary and tertiary amines, MEA has a low normal
boiling point allowing it to vaporize without degrading significantly. For other amines with higher boiling points
vacuum might be required in order to prevent thermal degradation during reclaiming. The fact that MEA reclaiming
units can be operated at the stripper pressure eliminates the need for a separate condenser for the reclaiming system
and reduces the overall energy demand. In this approach the reclaimer product vapour which contains MEA is
directly sent to the stripper [1, 5]. A major disadvantage of thermal reclaiming is the formation of an aqueous slurry
waste whose disposal poses a challenge for the CO2 capture process. The amount of waste depends on various
parameters such as the flow rate of the slip stream fed to the reclaimer, the amount of basic solution used to liberate

288

1309

Collection 11: MEA Solvent

1310

Nina Enaasen Flø et al. / Energy Procedia 114 (2017) 1307 – 1324

MEA from heat stable salts, solvent conditions and overall operating conditions of the plant. According to the
International Energy Agency (IEA) about 3.2 kg of amine reclaimer waste is generated per ton of CO 2 captured
from coal fired flue gases using MEA [3]. However, depending on gas pre-treatment, combustion fuel, the type of
amine used and the capture process itself, the reclaimer waste generation can vary in the range of 0.1-14.9 kg waste/
ton CO2 [3]. Collecting representative samples of reclaimer waste is complicated and so far there is limited
information in the public domain that fully represents amine reclaiming waste for CO 2 capture processes. Using the
Flour Econamine FGSM system as a reference, Nurrokhmah et al. (2013) have investigated methods to characterize
MEA reclaiming waste along with possible waste treatment and reuse options. Thermal reclaiming is also mentioned
to be energy extensive. However, alternative reclaiming technologies such as ion exchange and electrodialysis are
not able to remove metals and non-ionic products and the potential efficiency of HSS removal is not as high as for
thermal reclaiming [1].
Nomenclature
CHP
DCC
HSS
IBC
IEA
MEA
MP
RFCC
SRD
TCM

Combined Heat and Power
Direct Contact Cooler
Heat Stable Salts
Intermediate Bulk Container
International Energy Agency
Monoethanolamine
Medium Pressure
Residue Fluidized Catalytic Cracker
Specific Reboiler Duty
CO2 Technology Centre Mongstad

2. The TCM DA amine plant
An illustration of the TCM DA amine test unit is presented in Figure 1, and a short description is given in the
following. Flue gas is cooled down and saturated with water in a direct contact cooler (DCC) before it enters the
absorber. At TCM DA there are two possible sources of flue gas, i.e. exhaust gas originating from the natural gas
fired combined heat and power plant and industry gas originating from the residue fluidized catalytic cracker. Both
flue gas sources have their individual flue gas fans and DCCs as illustrated in Figure 1. Product CO2 can also be
recirculated back to the CHP gas absorber inlet to adjust the CO2 content. For RFCC gas there is an option of mixing
in air to adjust the CO2 content. The conditioned flue gas is contacted counter-currently with the amine solvent in
the absorber tower. CO2 from the flue gas is absorbed yielding a solvent rich in CO2 and a depleted flue gas with
low CO2 content. The depleted flue gas is released to the atmosphere after passing two sections of water wash.
Typical absorber conditions are close to ambient pressure and temperatures of 40 - 80 °C, depending on the CO2
content in the incoming flue gas. The CO2 rich solvent is pre-heated in the lean/rich cross heat exchanger before it
enters the stripper column where the chemical reactions are reversed to desorb CO 2 and regenerate the solvent. Heat
is provided through steam in a thermosiphon reboiler to maintain regeneration conditions, i.e. 100 - 120 °C and
pressure around 1 barg. The product CO 2 is released to the atmosphere, while the regenerated lean solvent is
pumped back to the absorber via the lean/rich cross heat exchanger and the lean cooler.
The TCM DA amine test unit is also equipped with a thermal reclaimer which treats a slip stream of the lean
solvent coming from the stripper. The thermal reclaimer uses additional heat provided by steam to separate the
useful solvent from the degradation products which are accumulated in the solvent over time. The reclaimer vapour
contains useful solvent which is recycled back to the main process, while the waste remains in the reclaimer and is
periodically discharged. Water and NaOH can be added to the reclaimer unit on demand. The operating pressure
corresponds to the stripper pressure.
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The reclaiming system consists of a flash vessel and a steam heater, as illustrated in Figure 1. The dimensions of
the reclaimer vessel is 2.3m x 3.0 m (IDxTT) and it is designed for an operating volume of 1 – 7 m3, which
corresponds to approximately 2 – 14 % of the total solvent inventory of the plant.

Figure 1: Schematic illustration of the TCM DA amine plant

2.1. MEA campaign overview
The MEA test campaign was conducted from 06/07/2015 to 17/10/2015. During the total 1960 hours of operation
a wide range of operational process conditions were executed and a total of 4941 tons of CO 2 was captured. The
variation of gas and solvent flow rates and stripper bottom temperatures are presented in Figure 2, while further
details on typical operating process conditions are presented in Table 1 of Gjernes et al. (2017) [7]. The test
campaign was operating on 30 ± 2 wt% MEA and the ranges of the lean and rich CO 2 loadings during the campaign
was 0.19 - 0.29 and 0.46 - 0.53 mol CO2/mol MEA, respectively. The majority of the campaign was operated with
CHP flue gas; however, for a shorter period of 9 days from 16/09/2015 to 24/09/2015 it was operated on a mixture
of CHP and RFCC gas, as indicated in Figure 2. Thermal reclaiming was performed towards the end of the
campaign, after 1838 hours of operation. Reclaiming was performed for 92 hours, and the plant was run for an
additional 28 hours after the reclaiming period before the campaign was concluded 17/10/2015.
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Figure 2: Overview of the daily gas and solvent flow rates and stripper temperatures during the MEA test campaign

3. Solvent degradation during the test campaign
3.1. Process conditions that influenced solvent degradation
The MEA test campaign was conducted by executing a wide range of process conditions with frequent
operational set-point changes. Such a shifting operating environment might accelerate solvent degradation. The
average stripper bottom temperature was 120 °C, with a maximum of 122.5 °C. Superheated MP steam in the
temperature range of 130 - 150 °C was used as heat source in the stripper reboiler. The reboiler skin temperature for
which the solvent is exposed to, can therefore be assumed to be around 130°C. The solvent will undergo thermal
degradation when exposed to temperatures at this level.
The majority of the campaign was operated with CHP flue gas. However, as part of specific mist testing where
the aim was to induce formation of aerosols and study its effect on emissions, the plant was operated on a mixture of
CHP and RFCC gas [8]. The mist testing where more specifically conducted by;
1.
2.

Increasing the concentration of CO2 in the feed flue gas up to 12 vol% by recycling parts of the captured
CO2 to the absorber flue gas inlet.
Mixing portions of the RFCC flue gas with the CHP flue gas.

Up to 10 % mixing of RFCC gas in CHP gas was tested. Typical CHP and RFCC gas concentrations downstream
the DCCs are presented in Table 1. As seen in the table, the CHP flue gas contains significant amounts of oxygen
which causes oxidative degradation. Exposure to higher concentrations of CO 2 and RFCC gas impurities during the
mist testing accelerated the rate of solvent degradation. Further, metal particulate material present in the RFCC gas
might have contributed as catalysts for oxidative degradation.
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Table 1: Typical CHP and RFCC flue gas conditions downstream DCC conditioning at TCM DA.
Description

Unit

Conditioned CHP gas

Conditioned RFCC gas

Temperature

°C

25 - 50

15 - 50 (1)

Pressure

mbar g

Up to 250

Up to 250

Nitrogen

mol %

73 - 79

73 - 79

Oxygen

mol %

13 - 14

3-8

CO2

mol %

3.5 - 4.0 (2)

13.0 - 14.5 (3)

H2O

mol %

Saturated

Saturated

SO2

ppmv

<0.3

<5

NOx

ppmv

<5

60

NH3

ppmv

<5

<1

CO

ppmv

<3

Particulates

mg/Nm3

(4)

Note:

1.
2.
3.
4.

With steam injection.
Facility is provided to enable CO2 recycling, thereby allowing tests with CO2 concentrations up to about
15 vol%.
Facility is provided to enable air dilution, thereby allowing tests with CO 2 concentrations down to about
2.5 vol %.
H2SO4: 10-25 mg/Sm3; Other soluble salts (NH4)2SO4+NH4HSO4+NaCl: 5-10 mg/Sm3; Non water
soluble salts SiO2+Ca and other metals: 0-2 mg/Sm3

3.2. The impact of process design on solvent degradation
As mentioned above, the main factors causing solvent degradation was elevated operating temperature in the
stripper section and exposure to oxygen and contaminants in the flue gas. The effect of thermal and oxidative
degradation will not only depend on these factors themselves, but also on the solvent residence times in the sections
of the plant where these factors are significant, i.e. the part of the plant where the solvent is exposed to higher
temperatures and oxygen and gas contaminants.
The hot solvent inventory (desorber packing, desorber sump, reboiler, hot part of the lean/rich cross heat
exchanger and the hot lean and rich solvent piping) calculated for CHP baseline operating conditions are presented
in Table 2. For details about the CHP baseline operating conditions it is referred to Faramarzi et al. (2017) [9]. The
total of 13.4 m3 hot solvent inventory is quite significant and corresponds to about 35% of the total solvent
inventory. The corresponding solvent residence time is about 20 minutes for CHP baseline operating conditions. The
main contributor to the hot solvent inventory is clearly the rather long hot lean solvent pipe, which contributes to
60% of the total hot solvent inventory. The reboiler itself has a rather low solvent residence time; however, the
beforementioned reboiler skin temperature of about 130 °C might also contribute to significant thermal degradation
as degradation increases exponentially with the temperature.
The solvent inventory exposed to oxygen and the corresponding oxygen exposure time is also presented in Table
2. It is expected that the largest effect of oxygen exposure is seen in the absorber packing, where the actual
inventory and exposure time is estimated to about 8 m3 and 12 minutes, respectively, considering CHP baseline
operating conditions. This abovementioned exposure time is also relevant for flue gas contaminants when operating
on CHP/RFCC gas mixture.
In order to minimize solvent degradation it is clearly of interest to perform plant design such that the exposure
times to oxygen and elevated temperatures are limited. For scale-up purposes it is therefore of specific importance to
minimize solvent hold-up in hot parts of the plant.
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Table 2: Estimated solvent inventory and residence times for solvent exposed to oxygen and elevated temperatures based on CHP baseline
operating conditions (for details about the CHP baseline conditions it is referred to Faramarzi et al (2017) [9].
Solvent inventory [m3]

Section of the plant

Exposed to oxygen

Absorber packing

7.8

Absorber sump

9.0

Exposure/residence time [min]

Exposed to temperature > 100°C

Oxygen

Temperature > 100°C

11.5
13.3

Desorber packing

0.9

1.3

Desorber sump

2.3

3.4

Reboiler

0.4

0.6

Lean/rich cross heat exchanger

0.5

0.7

Hot rich solvent piping

1.1

1.6

Hot lean solvent piping

8.2

12.1

Total

16.8

13.4

24.8

19.8

3.3. Monitoring of solvent degradation
Solvent degradation was observed and monitored by a number of parameters during the test campaign. Lean and
rich solvent samples were frequently withdrawn for solvent analysis. The analytical methods are described by
Morken et al (2017) [10]. Firstly the physical properties of the solvent changed during the campaign as shown by the
increase of solvent viscosity in Figure 3. The viscosity was measured in TCM DA lab and reported at two different
temperatures (30°C and 60°C) and a clear increase of about 50% is observed from the test campaign start until
reclaiming started on 12/10/2015.
Start reclaiming

5
4
30 °C

3

60 °C

2

Date
Figure 3: Change in solvent viscosity during the MEA test campaign

293

23.10.2015

13.10.2015

03.10.2015

23.09.2015

13.09.2015

03.09.2015

24.08.2015

14.08.2015

04.08.2015

25.07.2015

0

15.07.2015

1

05.07.2015

Lean solvent viscosity [mPa s]

6

Collection 11: MEA Solvent

Nina Enaasen Flø et al. / Energy Procedia 114 (2017) 1307 – 1324

A clear observation of solvent degradation was also the change of solvent color during the test campaign. The
fresh 30 wt% MEA solvent started out as a clear liquid, which changed color quite fast after contact with flue gas.
The solvent became gradually darker during the campaign, until it reached the dark brown color illustrated by the
third sample glass from 11/10/2015 in Figure 4.

Figure 4: Picture of solvent samples taken during the campaign. The color change indicates solvent degradation.

Further, the level of volatile degradation products in the gas phase increased significantly during the period of
Mist testing. Morken et al (2017) presents detailed results regarding ammonia emissions, which is associated with
presence of ammonia in the solvent originating from solvent degradation [10]. Emission of ammonia is also highly
dependent on operating conditions; however the observed build-up of ammonia in the solvent is regarded as a clear
sign of solvent degradation.
Heat stable salts started building up in the solvent as shown in Table 3 before it reached a maximum of 0.203
mol/kg just before reclaiming started on 12/10/15. More detailed results concerning HSS analysis are presented by
Morken et al (2017) [10]. The concentration of main degradation products was also monitored continuously and
shows a significant increase as the test campaign progressed. It is referred to Morken et al (2017) for details [10].
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Table 3: Total concentration of heat stable salts (HSS) during the campaign.

Date

Concentration of heat
stable salts (HSS)
[mol/kg]

13.07.2015
20.07.2015

0.011
0.038

10.08.2015

0.052

17.08.2015

0.069

24.08.2015

0.083

31.08.2015

0.120

07.09.2015

0.108

14.09.2015

0.141

21.09.2015

0.149

28.09.2015

0.138

12.10.2015

0.203

Additional parameters which are important to monitor during operation of the amine plant are solvent foaming
tendency and metal ion concentration. The latter gives indications of plant corrosion and was also monitored during
the test campaign. The results are presented by Hjelmaas et al. (2017) [11].
4. Reclaiming procedure and operational experience.
The reclaimer was operated in a semi-continuous operation mode, meaning that solvent was continuously fed to
the reclaimer vessel, while the reclaimer waste was allowed to accumulate and was only disposed at the end of the
test campaign. The process was operated continuously for 3 days with exception of one unexpected plant stoppage
for about 3 hours on the 13/10/2015.
The reclaimer vessel was initially filled with water. Water circulation and steam heating was started before the
solvent feed to the reclaimer vessel. The rather large volume of initial water evaporated during the reclaiming
operation and resulted in dilution of the solvent as shown in Figure 5.
The reclaimer liquid was circulated in the reclaiming system loop through the steam heat exchanger at a
circulation rate of approximately 165 m3/h. No boiling occurs in the steam heater, but the liquid flashes when it
enters the evaporator vessel. The evaporating level was controlled by adjusting the steam rate supply. As the liquid
became more concentrated, its boiling temperature increased and the rate of evaporation was reduced. The
percentage of degradation products in the reclaimer, and the resulting temperature were slowly increasing. Upon
reaching high temperature, high viscosities and high amounts of precipitates, the reclaimer feed was stopped.
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Figure 5: MEA concentration in the lean solvent during reclaiming

4.1. Solvent and water feed rate.
The reclamation unit was fed with a continuous slip stream of the lean amine solvent from downstream the
stripper. The reclaimer was also fed simultaneously with water in order to control the boiling temperature of the
reclaimer fluid below 160 °C. Figure 6 presents the solvent and water flow rates along with the reclaimer liquid
temperature.
The solvent slip stream corresponded to 4 - 5 % of the lean solvent circulation and was up to a maximum of
about 3 000 kg/h as illustrated in Figure 6. A total accumulated amount of 46 000 kg solvent was fed to the
reclaimer during the whole period of 3 days. This corresponds to about 110 % of the total solvent inventory.
4.2. Steam consumption
The reclaimer heat duty variations were according to the changing amount of the lean solvent slip stream directed
to the reclaimer vessel. As shown in Figure 7, in order to vaporize MEA in the reclaimer a significant amount of
heat was required. At times, the amount of heat used for reclaiming was almost equal to the heat used to regenerate
the solvent in the stripper. As reclamation of MEA is energy intensive, it is important to optimize the amount of lean
amine slip stream sent to the reclamation unit. However, as shown in Figure 6 the flow of slip stream varied due to
the fluctuations in the process conditions and it was not possible to achieve a constant flow during the reclaiming
procedure.
The reboiler heat duty increased significantly when the reclaimer was brought on stream and then plateaued at
about 2 500 kW. This was due to the large amount of water that was initially added to reclaimer unit, which
evaporated from the reclaiming vessel and caused dilution of the solvent. The concentration of MEA was
consequently reduced to about 21 wt% as shown in Figure 5. Thus the amount of water to be boiled off in the
stripper was much larger, causing higher energy numbers.
The reclaimer liquid circulation and steam heating continued for 2 days after the solvent feed was stopped in
order to evaporate as much as possible of the useful MEA solvent and concentrate the waste.
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Figure 6: Reclaimer solvent slip stream, water feed rate and reclaimer liquid temperature.
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Figure 7: Steam consumption during reclaiming.
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4.3. Dosage of NaOH
Aqueous solution of 50 wt% NaOH was added to the reclaimer vessel via the reclaimer liquid circulation loop in
order to stabilize anions of amine heat stable salts by converting them to sodium salts and liberating the amine
according to Reaction (1). The recovered amine and water vapor was returned to the stripper sump.
A dosage rate of 3 L NaOH/m3 solvent was applied during reclaiming based on previous experience at TCM DA.
In total 227 liters 50% NaOH was added, which corresponds to 4299 mol Na+.
According to Reaction (1), the stoichiometric ratio of NaOH to HSS should ideally be 1:1. This is a very rough
estimate since the actual ratio depends on the electrical charge of the anions. The concentration of HSS components
was 0.203 mol MEA-eq/kg solvent at the point of reclaiming start 12.10.15 (see Table 3). With a total solvent
inventory of 40 800 kg in the plant at the time, this corresponds to 8282 mol HSS. A stoichiometric check shows
excess HSS compared to NaOH, which might cause additional MEA loss in the reclaimer waste.
4.4. Reclaimer waste
After the reclaiming operation was concluded the majority of the concentrated waste was drawn off to the
flushing line and passed through the sea water cooler to the IBC (Intermediate Bulk Container) drainage system. The
reclaimer fluid was quite concentrated and viscous at the time, thus some water was added in order to dilute the
waste and enable unloading of the vessel. The total concentrated waste was collected in IBCs and added up to a total
of about 6 m3. This corresponds to about 1.3 kg reclaimer waste/ton CO 2 captured during the overall campaign,
which is well below reported numbers in the literature. Further, the reclaiming process was initiated when HSS
concentration reached 0.203 mol/kg, as beforementioned. The actual necessity of reclaiming at this level of HSS
must be considered based on the actual solvent condition and potential plant corrosion issues, i.e. at this moment the
reclaiming campaign was not necessary but rather conducted for demonstration purposes in the test campaign. The
waste/ton CO2 capture would thus be even lower in an actual necessary reclaimer case. The reclaimer vessel and
piping was afterwards flushed with water.
5. Efficiency of thermal reclaiming
In order to investigate the reclaiming efficiency and demonstrate how the solvent quality is recovered and
maintained by the reclaiming process, samples were frequently taken from the lean amine solvent, the reclaimer
liquid and reclaimer vapor. The samples were analyzed for MEA, degradation products, HSS and metals, and the
results are summarized in Table 4.
The concentration of degradation products in lean amine was analyzed throughout the test campaign and the
results are presented by Morken et al (2017) [10]. Figure 8 below shows the concentration of degradation products
in the lean amine solvent during the reclaiming operation. It is seen that the degradation products is efficiently
cleaned from the lean amine and about 95% percent of the degradation products was removed. A small increase in
concentration from day three indicates that degradation is significant during reclaiming, likely due to thermal
degradation due to operation at elevated temperatures inside the reclaimer vessel.
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Figure 8: Concentration of degradation products (D-mix) in lean amine during reclaiming

A very similar trend is seen for the concentration of metal elements iron (Fe), Nickel (Ni) and Chromium (Cr) in
Figure 9 below. The concentration is reduced by more than 95% after reclaiming.
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Figure 9: Concentration of metal elements in lean amine during reclaiming

The trends for heat stable salts in the lean solvent, reclaimer liquid and the reclaimer vapor are shown in Figure
10. Again, the concentration of HSS in lean amine is rapidly reduced to less than 5% of the start concentration, as
shown by the blue columns in the graph. The accumulation of HSS in the reclaimer liquid is also clearly seen by the
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red columns. HSS could not be detected in the reclaimer vapor return to stripper, as expected. Figure 11 presents the
concentration of MEA, NaOH and HSS in the reclaimer liquid during the reclaiming process. Most of the MEA is
evaporated during the period as seen in the figure. HSS and Na + is accumulated, however MEA seems to be in
excess, also at the end of the reclaiming.

Figure 10: Concentration of HSS in lean amine and the reclaimer liquid
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Figure 11: Concentration of MEA, NaOH and HSS in the reclaimer liquid

The color of the solvent changed back to a lighter color after reclaiming as illustrated by the fifth sample glass
from 15/10/2015 in Figure 4. Based on analysis of the reclaimer waste and assessment of the total MEA inventory in
the plant before and after reclaiming, it is estimated that about 500-550 kg MEA was lost to waste during
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reclaiming. This corresponds to 4% of the total inventory (according to Table 4) and 0.11 kg MEA/ton CO2
captured.
Table 4: Amount of HSS, degradation products and metals removed from the solvent and MEA lost in reclaimer waste

Total solvent inventory
MEA
HSS
Degradation products
Metals

[kg]
[kmol]
[mol]
[kg]
[g]

12.10.2015
Before reclaiming

17.10.2015
After reclaiming

40800
199
8280
1837
1133

37600
191
413
129
56

Removal
4%
95 %
93 %
95 %

6. Solvent performance after reclaiming
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After the reclaiming operation had been concluded the plant was operated for another 28 hours at a flue gas flow
rate of 47,000 Sm3/h. Two test cases were conducted during this period, and these are used for comparison to other
similar tests conducted previously in the campaign with a fresh solvent. The two test cases after reclaiming is
designated “T4” and “T5”, while the optimum energy case with the use of anti-foam (case 2B6) from previously in
the campaign is used for comparison. The total operating hours at the point in time when case 2B6 was conducted
was approximately 950 hours. The overall 2015 MEA campaign and the entire specific test series carried out to
investigate the capture plant performance is described by Gjernes et al. (2017) [7].
Figure 12 summarizes the operation before and after reclaiming. T4 and T5 were operated with 24 and 18 m
absorber packing height, respectively. During T4 the amine plant was a bit unstable while there were stable
conditions during T5. Case 2B6 was operated with 24 meters of packing height. The plant performance after
reclaiming was comparable to the optimum performance achieved earlier in the campaign and there were no
significant indications of reduced solvent quality.

40 000

Figure 12: Results for test cases 2B6, T4 and T5: To the left rich- (squares) and lean-loading (diamonds) and stripper bottom temperature
(triangles) and to the right SRD (diamonds) and lean amine flow (squares).
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7. Discussion and future work
Monitoring the amine concentration and CO2 loading is very important for optimal operation. At TCM DA the
solvent concentrations are mainly followed on a daily basis with manual samples and analysis. Further, a number of
analyzers are available for real-time online monitoring, i.e. conductivity, density and pH analyzers. These online
results can be correlated to enable a closer follow-up of the solvent condition.
As an effect of reclaiming start-up, the solvent in the main process was diluted by water evaporating from the
reclaimer vessel. In future campaigns, extra care will be taken not to disrupt the main process during reclaiming.
The deviation in solvent concentration could have been corrected at an earlier stage with an online estimate of
solvent concentration.
The reclaiming environment is very harsh to the solvent due to high temperatures (up to 160 °C). The elevated
temperatures represent a risk of additional thermal degradation. Care must therefore be taken in order to limit the
residence time of the reclaimer solvent and thereby unnecessary degradation. Thus frequent manual solvent
sampling or online analyses are required in order to monitor the progress of reclaiming and terminate the reclaiming
process when the target is reached. In this test campaign it was very successfully demonstrated a 95 % cleaning
efficiency when circulation a 4-5 % slip stream through the reclaimer for three days, which added up to an
accumulated reclaimed volume of about 110% of the total solvent inventory.
The total HSS analysis indicates that the amount of NaOH added during reclaiming was on the stoichiometric
low side to limit the MEA loss in the reclaimer waste. It is therefore reason to believe that additional MEA was lost
in HSS to the waste. Thus, the total MEA loss of 4% could be reduced even further by optimizing the NaOH dosage.
However, the actual effect of NaOH addition on MEA release from HSS should be investigated more in detail.
There is little information available in the literature that addresses how the build-up of impurities impacts the
energy demand for regenerating MEA in the stripper i.e. reboiler heat duty. However, the density and viscosity of
the solvent increased with the increasing level of contaminants as discussed in Section 3. This will cause reduction
of the solvent heat transfer coefficient and consequently the heat transfer efficiency in the reboiler. The impact of
accumulation of the contaminants on the specific heat capacity of amines is also very little addressed in the
literature. However, it is expected that degraded MEA has higher specific heat capacity than MEA which in turn
could increase the sensible heat needed to regenerate the solvent in the stripper. It is recommended to investigate
these effects in the future.
As the amine plant was only operated for 28 hours after solvent reclaiming, a very limited investigation of the
effect of removing the aqueous phase contaminants on the energy requirement of the stripper reboiler was
performed. In future tests, sufficient time should be allowed to investigate in detail and compare the solvent
performance at the beginning of the test campaign to the performance just before reclaiming and just after
reclaiming.
In order to further optimize the process and reduce disposal problems both the reclaiming procedure itself and the
collection and drainage of the reclaimer waste can be improved. The rapid cleaning of the lean solvent suggests
running the reclaimer more frequently for shorter time periods (for example 12 hours a week) as one option to avoid
degraded solvent to accumulate in lean amine. In this way the acceleration of degradation reactions could also be
minimized. The draining and flushing operation can be improved by using less water or even small amounts of
steam for keeping the reclaimer vessel fit for purpose. This will reduce the amounts of waste.

8. Conclusions
A test campaign with 30 wt% MEA has been conducted for a total of 1960 hours at the CO2 Technology Centre
Mongstad. The present paper discusses main causes of solvent degradation and various parameters for monitoring
degradation products. Further, the effect of process design and operating conditions on solvent degradation is
discussed, and thermal reclaiming is evaluated as a technique for removal of degradation products and other
contaminants in the MEA solution.
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The solvent condition was closely monitored during the test campaign and several observations such as
increasing solvent viscosity and darker solvent color indicated solvent degradation. Solvent exposure to oxygen and
flue gas contaminants in the absorber and operation at elevated temperatures (above 100 °C) in the stripper section
are highlighted as main causes for degradation. When performing scale-up to commercial CO2 capture units it is
recommended to minimize the hot solvent residence time in the plant, in order to minimize solvent degradation.
Thermal reclaiming has demonstrated an efficient clean-up of the MEA solvent. The cleaning efficiency was
about 95% with respect to degradation products, HSS and metal elements. The solvent viscosity returned to normal
values and the solvent color was normalized to a clearer and more yellow appearance. The quality recovery of the
solvent was further assessed by an evaluation of the capture process after the reclaiming was concluded by
comparing the solvent performance to results obtained at earlier stages of the test campaign and there were no
significant indications of reduced solvent quality.
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Abstract
This work focuses on the development and validation of a dynamic process model of the post-combustion CO2 chemical absorption
process with temperature swing absorption (TSA) using aqueous monoethanolamine (MEA) as solvent. A new set of steady-state
and transient cases were generated during an MEA test campaign at the amine pilot plant at CO2 Technology Center Mongstad
(TCM DA). Nine steady-state cases comprising a wide range of operating conditions of the plant and two transient tests consisting
of flue gas volumetric flow rate step-changes were utilized for the purpose of dynamic process model validation of the overall pilot
plant process model. It is concluded that the dynamic process model is capable of estimating the absorber and stripper columns
temperature profiles with good accuracy after tuning of model parameters. An over-prediction of the model for lean and rich CO2
loadings has been reported, being mean percentage errors <1.5% for lean loading and <6.7% for rich loading. In addition, an under
prediction of CO2 product flow rate has been observed (<5%). The process model is capable of predicting the variability of lean
and rich loadings for the range of steady-state operating conditions. The main process dynamics of the pilot plant under flue gas
volumetric flow rate set-point step changes is captured by the process model.
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1. Introduction
Post-combustion CO2 capture (PCC) with amines is considered one of the more mature technologies that can
contribute to reduce anthropogenic CO2 emissions to the atmosphere from fossil-fueled thermal power plants. It is
considered that thermal power plants with CO2 capture and storage (CCS) might be operated as load-following units
in future energy systems with higher integration of variable renewable energy sources [1]. The Carbon Capture and
Storage update 2014 concludes that the financial case for CCS requires that it operates in a flexible manner, and
considers load-following ability as extremely important to the long-term economics [2]. Therefore, interest has grown
in the field of operational flexibility of thermal power plants with CCS. A key aspect of operational flexibility of power
plants with post-combustion CO2 capture using amines is the transient behavior of the capture process, i.e. the time
dependent behavior of the PCC plant when varying operating conditions. Pilot plant testing allows analyzing flexible
operation of the process [3-5]. Nevertheless, pilot plant testing requires expensive resources and normally a limited
amount of transient testing can be conducted during test campaigns.
The scarcity of published transient performance data from pilot plants together with the limited operational
experience from commercial-scale post-combustion capture plants, claims for an interest within the research
community for the development of dynamic process simulation models. Dynamic process models are considered as
invaluable tools that can help studying different aspects of the transient behavior of PCC plants. The models allow
studying various transient events, as well as developing and implementing optimal control strategies. In addition,
computational tools and process models can contribute to identify process bottlenecks and develop useful knowledge
that will contribute to technology development and ease process scale-up. However, the reliability of results from
dynamic simulations might be questioned if the dynamic process models have not been validated against experiments
or pilot plant transient data. Thus, validation of dynamic process models is necessary [6-9]. According to
Bui et al. [10], further research must focus on producing transient pilot plant data for increasing knowledge on real
plant transient performance and for dynamic process model validation in order to ensure reliability of simulation
results.
The objectives of this work were:
x
x

Generate a set of steady-state and transient plant data that can be used for dynamic process model validation.
Develop and validate a dynamic process model of the amine-based TSA plant at CO2 Technology Center
Mongstad for flue gas from a natural gas fueled power plant.

Steady-state and dynamic experiments were conducted by TCM DA during an MEA test campaign at the postcombustion amine pilot plant at TCM DA treating flue gas from a natural gas fueled power plant. The steady-state
data sets reflect a wide range of operating conditions while the dynamic experiments consist of set-point changes in
exhaust gas volumetric flow rate fed to the absorber. In this work, a dynamic process model of the amine-based plant
at TCM DA was built with the open physical modeling language Modelica [11], by means of the commercial tool
Dymola [12]. After processing the pilot plant data, validation of the overall process model has been conducted with
the steady-state and transient data by comparing the prediction of the overall process model of the PCC plant with the
pilot plant data. In this paper, the validation with nine steady-state cases and two transient events is presented.
Nomenclature
TSA
MEA
TCM DA
PCC
CCS
CHP
FMI
FMU

Temperature swing absorption
Monoethanolamine
CO2 Technology Center Mongstad
Post combustion CO2 capture
CO2 Capture and Storage
Combined heat and power
Functional Mock-up Interface
Functional Mock-up Unit
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2. TCM DA amine pilot plant configured for CHP flue gas treatment
CO2 Technology Centre Mongstad has an installed pilot-scale amine-based temperature swing absorption (TSA)
process plant next to the Statoil refinery in Mongstad, Norway. TCM DA has recently conducted a test campaign with
30% aqueous monoethanolamine (MEA), operated from 6 July until 17 October 2015. The work is part of the
continuous effort of TCM DA on generating better understanding of the performance of the non-proprietary aqueous
MEA solvent system. From TCM DA’s perspective, one of the objectives of MEA test campaigns is to provide
understanding of the transient operations of the amine plant [13]. A detailed description of the flexible and fully
instrumented TCM DA plant can be found in Hamborg et al. [14]. In the following it is presented a brief description
of the TCM DA PCC pilot plant configured for flue gas cleaning from natural gas fueled power plant.
The exhaust gas, with a CO2 content of about 3.5 vol%, comes from the natural gas combined heat and power plant
(CHP) placed next to the TCM DA facility. The amine pilot plant treats a fraction of about 3% of the total exhaust gas
originating from the two GE 9001E gas turbines operating at design load at the CHP plant. The total capacity of the
pilot plant for CHP flue gas is 60000 Sm3/hr and it is capable of capturing around 80 ton CO 2/day. Figure 1 shows a
simplified process flowsheet for TCM DA amine plant operated with CHP flue gas. An induced draft blower is present
at the plant to overcome pressure drops and blow the flue gas flow. It has variable speed drives that allow manipulating
the flue gas volumetric flow rate fed to the absorber. The flue gas flows through a direct contact cooler that cools
down and saturates the flue gas by a counter-current water flow.
The absorber column consists of a rectangular polypropylene-lined concrete column with a cross-section of
3.55 x 2 m and a total height of 62 m. It has three absorber packed sections consisting of Koch Glitsch Flexipac 2X
structured stainless-steel packing of 12 m, 6 m and 6 m. Two water-wash systems are operated in the upper part of the
absorption tower, consisting of two sections of Koch Glitsch Flexipac 2Y HC structured stainless-steel packing. The
absorber in TCM DA has the flexibility option to use different packing heights (12, 18 or 24 m). During the tests
presented in this paper, 24 m of absorber packing were utilized (12 bottom + 6 middle + 6 top). There are 4 temperature
sensors radially distributed in the absorber column per meter of absorber packing in the axial direction. This makes a
total of 96 temperature sensors within packed segments.
The CHP stripper with overhead condenser system consists of a 1.3 m diameter column of Koch Glitsch Flexipac
2X structured stainless-steel packing of 8 m, and a rectifying water-wash region with Koch Glitsch Flexipac 2Y HC
structured stainless-steel packing of 1.6 m of height. There are 4 temperature sensors radially distributed in the
Product CO2
Depleted CHP flue gas

Water Washes
Stripper
Lean
Amine
Cooler
Direct Contact Cooler

Reboiler Steam

Absorber

Lean/Rich
Heat
Exchanger

CHP Flue
gas supply

Stripper Reboiler
Condenste Return

Rich solvent pump

Blower

Figure 1. Simplified flowsheet of the TCM amine plant for CHP flue gas.
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absorber column per meter of absorber packing in the axial direction. The total number of temperature sensors within
packed segments is therefore 28. The stripper reboiler consists of a thermosiphon steam-driven system that provides
the required heat for the stripping process. A plate and frame heat exchanger allows heat integration between the
absorber and stripper columns, where the hot lean amine solution coming from the stripper heats up the rich amine
solution. In addition, a lean amine cooler is utilized to control the lean solution temperature introduced at the top of
the absorber packing sections.
3. Steady-state and transient operating cases from the MEA test campaign
With the purpose of dynamic model validation under steady-state operating conditions, a set of nine steady-state
plant operation cases from the MEA test campaign were utilized. The tests were conducted with 30 wt% aqueous
MEA, and comprise a wide range of operating conditions with various combinations of rich solvent flow rate and
reboiler duty. Table 1 shows the steady-state cases generated during the test campaign that are used in this work. Cases
1 to 5 were obtained by varying rich solvent mass flow rate when operating the absorber at 80% volumetric flue gas
flow rate capacity with a CO2 capture target of 85%. The mass based L/G ratios on the absorber range from 1.34 to
0.75 for cases 1 to 5. Cases 6 to 9 were obtained from the steady-state operation of the plant achieved in between the
four transient tests (refer to Table 2).
A transient event happens when the plant is brought from one operating point to another. During transient testing
key manipulated variables (inputs) of the plant are changed to observe how the process variables evolve over time
from one steady-state operating point until a new steady-state operating point is reached. The purposes of these
experiments are to increase knowledge of the process under transient conditions and to generate a set of data for
assessing the validity of dynamic process models at the plant scale. It is desirable that the transient data represents the
main dynamics of the plant. Table 2 includes the test matrix for the set-point change experiments conducted during
the autumn 2015 MEA test campaign at TCM DA. The experiments consist of set-point changes in main inputs to the
pilot plant, i.e., rich solvent flow rate, flue gas volumetric flow rate into the absorber and steam flow rate to reboiler.
In this paper, tests 2 and 3 are presented for the purpose of dynamic process model validation. These two tests represent
set point step-changes in flue gas volumetric flow rate fed to the absorber.
The responses and performance of the pilot plant was logged. The data was extracted every 30 seconds in order to
reduce the data load. Logged data includes:
x
x
x
x
x
x
x

Gas analyzers at the inlet of the absorber, outlet of the absorber, and CO 2 rich to stack.
Main liquid and gas flow rates.
Main process temperatures, including absorber and stripper temperatures.
Pressures and pressure drops at different components of the plant.
Online solvent analysis measurements include pH, density and conductivity, at the inlet and outlet of the absorber
(lean and rich solvent).
Liquid hold-ups distribution at different components of the plant.
Main active controller set-points and tuning parameters.

Solvent samples were taken during steady-state conditions at the inlet and outlet of the absorber for posterior
analysis in the lab, in order to obtain the CO2 lean and rich solvent loadings. Actual reboiler duty was estimated based
on logged measurement data of steam temperatures, pressures and mass flow rate as indicated in Thimsen et al. [15].
In order to assess the validity of the process model, temperature profiles of the absorber and stripper columns were
utilized. Each of the measured temperature points included in the steady-state absorber temperature profiles is the
average over time during steady-state conditions, of the averaged 4 temperature measurements of the sensors radially
distributed within the absorber column, at the given axial position of the column.
The tests were run with a total inventory of aqueous MEA of about 38.2 m 3. For process simulations, it is of
importance to understand how the solvent inventory is distributed within the different components of the plant.
Therefore, liquid hold-ups at different parts of the plant were registered for the steady-state operating cases.
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Table 1. Steady-state data for the nine operating cases selected from the MEA test campaign. The plant was operated with 30 wt% aqueous MEA
and 24 meters of absorber packing. Note that standard conditions are 15 ºC and 1 atm. The tag IDs for the instrumentation utilized are included.
Case

1

2

3

4

5

6

7

8

9

3

Gas flow rate [Sm /hr] (8610-FT-0150)

47000

47000

47000

47000

47000

47000

47000

40000

47000

Rich solvent [kg/s] (8611-FIC-2004)

20.56

17.50

16.11

12.74

11.46

13.04

14.16

14.17

13.06

Reboiler duty [kW] (estimated [15])

2156.2

2093.3

2104.4

2102.8

2137.3

3901.3

3698.7

3549.7

2929.2

Absorber inlet CO2 [%](8610-ai-2036a)

3.60

3.62

3.62

3.62

3.62

3.47

3.48

3.48

3.46

Absorber inlet O2 [%](8610-ai-2036b)

15.30

15.48

15.49

15.51

15.52

14.70

14.74

14.84

14.77

Absorber inlet H2O [%](8610-ai-2036c)

3.80

3.36

3.46

3.52

3.43

4.19

4.11

3.66

4.23

Absorber inlet N2 [%](8610-ai-2036d)

78.18

78.88

78.94

79.06

78.96

75.51

75.53

75.87

75.40

Loading rich [mol/mol] (lab samples)

0.47

0.49

0.49

0.49

0.49

0.43

0.42

0.37

0.43

Loading lean [mol/mol] (lab samples)

0.34

0.33

0.31

0.26

0.23

0.21

0.19

0.18

0.17

CO2 Product [kg/s] (C-8615-FT-0010)

0.74

0.74

0.75

0.77

0.76

0.80

0.80

0.70

0.82

Table 2. Test matrix for the set-point change experiments conducted during the Autumn 2015 MEA test campaign at TCM DA. The tag IDs for
the instrumentation used is included.
Input

Test 1

Test 2

Test 3

Test 4

Rich amine mass flow rate [kg/hr]

47000

51000

51000

47000

(8611-FIC-2004)

51000

Flue gas volumetric flow rate [Sm3/hr]

47000

47000

40000

47000

40000

47000

5300

5300

(8610-FT-0150)
Steam flow rate [kg/hr]

5300

(8655-FI-2368B)

5300
4615

4. Dynamic process models of the CO 2 chemical absorption process with aqueous MEA
A dynamic process model of the amine-based TSA plant at TCM DA was built with the open physical modeling
language Modelica [11], by means of the commercial modeling and simulation tool Dymola [12]. Modelica allows
for component-based modeling, and the component models consist of systems of differential and algebraic equations.
The overall plant model consists of models for the absorber and stripper columns, sumps, internal heat exchanger,
reboiler, condensers, flow resistances, pumps, valves, measurements and controllers. The process models were
obtained from a Modelica library from Modelon AB [16] and have been presented elsewhere [17, 18]. In this work,
the component models were configured, parameterized and modified in order to obtain a dynamic process model of
the TSA plant at TCM DA considering the main process equipment, size, geometry, material and solvent inventory
during the experiments. In addition, the regulatory control layer of the plant was implemented in the process model,
considering the control structure at the PCC pilot plant.
Absorption and desorption columns are modeled considering the two-film theory approach, thus thermodynamic
equilibrium is assumed at the liquid and gas interface. Packed sections consider rate-based approach for modeling
interface mass transfer, with mass transfer coefficients for CO2 and H2O by Onda et al. [19], and enhanced mass
transfer due to chemical reactions is implemented via a pseudo-first order enhancement factor [7]. Chemical
equilibrium is considered in all model parts, both at interface and liquid bulk, with chemical equilibrium constants
obtained empirically from Bötinger [20].
Heats of reaction are inferred from the equilibrium constant via the van’t Hoff equation. Sensible heat transfer
between phases is correlated to gas-phase mass transfer coefficient (Cohilton-Colburn analogy), while heat of solution
and evaporation is calculated as a function of temperature but is constant with solvent loading. Ideal gas law applies

310

Collection 11: MEA Solvent

1543

Rubén M. Montañés et al. / Energy Procedia 114 (2017) 1538 – 1550

to the gas phase, which is only composed of CO2, O2, H2O and N2. The pressure of the system p is determined by gas
phase pressure drop from a known operating point and a quadratic correlation with gas velocity.
A simplified washer component is included in the head of the column. It is modelled as a simple volume with phase
separation. Its purpose is to cool down the gas flow to a temperature given as an input signal and condense as much
vapor as required to reach saturation in the gas phase. Water balance is ensured by a make-up water source in the
absorber sump that controls the H2O mass balance of the plant. Note that in this model MEA is considered nonvolatile, which means that it is only present in the liquid phase. This implies that MEA make-up source is not required
in the overall dynamic process model. This is not the case for the real plant, where MEA make-up is required for
operation.
The numerical solver DASSL was selected in Dymola for solution of the resulting system of differential and
algebraic equations. The process model was exported as a co-simulation Functional Mock-up Unit (FMU) via FMI
technology (Functional Mockup Interface) [21]. Simulations and validation were carried out in Microsoft Excel®
environment via a FMI-add-in for Excel® [22].
5. Dynamic model validation results
5.1. Dynamic model validation using steady-state operational data.

60
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55

55

50

50

Temperatubre [°C]

Temperatubre [°C]

The approach to overall PCC plant model development and validation followed in this work was to initially separate
the plant in three main parts: absorber, lean/rich cross heat exchanger and stripper with reboiler. Proper boundary
conditions were specified for each part of the process. Steady-state data measured at the pilot plant were used as inputs
to the boundary conditions of each section of the process, and the main outputs from the model were compared with
the plant data. This involves checking absorption and desorption rates, temperature profiles in the absorber and
stripper, and lean and rich CO2 loadings. The task required tuning of uncertain model parameters (tuners) in order to
obtain a better agreement between measured plant performance and behavior predicted by the model. Uncertain
parameters include enhancement factors and pre-multiplying factors for adjustment of effective interface area
correlations. Then, the overall PCC plant process model was closed by connecting the different sections of the process
and implementing the suitable regulatory control layer. The main model outputs were compared with measured plant
data in steady-state for the overall plant. In the following, the results from the overall plant process model validation
are presented.

45

40

45

Pilot

40

Pilot
Model

Model

35

30

35

0

2

4

6

8

10

12

14

16

18

20

22

30

24

Distance from bottom bed [m]

0

2

4

6

8

10

12

14

16

18

20

22

24

Distance from bottom bed [m]

Figure 2. Examples of temperature profiles in absorber and stripper columns during steady-state operating conditions. Left: Case 8. Right: Case 9.
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Figure 3. Examples of stripper temperature profiles for two steady-state operating conditions of the PCC pilot plant. Left: Case 8. Right: Case 9
(refer to Table 1).

Loading model [mol/mol]

Examples of temperature profiles within the absorber are shown in Figure 2. Figure 2 (left) shows the absorber
temperature profile for the case 8, whereas Figure 2 (right) shows the absorber temperature profile for case 9.
Figure 3 (left) shows temperature profiles in the stripper for case 8, whereas Figure 3 (right) shows temperature
profiles for stripper in case 9. Note that for cases 8 and 9 the PCC plant is operated with 67 and 80 % flue gas
volumetric flow rate capacity in the absorber respectively. Absorber temperature profiles predicted by the model show
a good agreement with plant data, especially for case 8. The model is capable to predict properly the trends in
temperature along the column. An over prediction is observed in case 9, at the bottom packing below the temperature
bulge, while an under prediction is observed from the temperature bulge, within the middle and upper packing. The
stripper temperature profile predicted by the process model shows also good agreement with plant data, as illustrated
with steady-state cases in Figure 3.
0.55
Figure 4 shows the parity plot for lean and rich
solvent loadings for the nine steady-state operating
R² = 0.8999
0.50
cases. It can be observed that the model over predicts
the lean and rich loading when compared with the
0.45
experimental data. The mean percentage error for lean
loading is 1.4% and for rich loading 6.7%. There are
0.40
two steady-state cases where the model shows an under
prediction of lean solvent loading. This could be
0.35
explained by the fact that these two steady-state cases
R² = 0.9363
0.30
are obtained prior to the injection of anti-foam solution
in the plant (cases 6 and 7). Anti-foam is periodically
Loading rich [mol/mol]
0.25
used during MEA test campaigns at TCM to tackle the
Loading lean [mol/mol]
unideal phenomena in the stripper, and has a direct
0.20
impact in the performance of the stripper [13]. From the
results shown in Figure 4 it can be concluded that the
0.15
dynamic process model is capable to predict the
0.15
0.2
0.25
0.3
0.35
0.4
0.45
0.5
0.55
Loading experimental [mol/mol]
variability in solvent loading for the steady-state
operating cases. The CO2 product flow is under Figure 4. Lean and rich amine CO2 loading parity plots. Model results from
predicted with an average percentage error of 5% for overall pilot plant model for nine steady-state operating cases. The mean
percentage error for lean loading is 1.4% and for rich loading is 6.7%.
the simulated cases.
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5.2. Dynamic model validation using transient operational data.
Once the steady-state estimation performance of the dynamic process model is validated for the full plant model,
the dynamic process model is validated with transient plant data. Transient performance of this process is characterized
by long dead times and large lag times in main process variables, resulting in relatively large total stabilization times.
This means that this process is considered slow, when it is compared with a change in load in the steam cycle of a
power plant. During the test campaign four transient tests were conducted, here two of them involving flue gas
volumetric flow rate ramp-down and ramp-up will be presented.
5.2.1. Flue gas volumetric flow rate reduction
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Figure 5. Main inputs to the plant for test with flue gas volumetric flow rate set-point reduction from 47000 [Sm3/hr] to 40000 [Sm3/hr]
(8610-FT-0150). Rich solvent flow rate from absorber [kg/hr] (8611-FIC-2004) and steam flow to reboiler [kg/hr] (8655-FI-2368).

313

0

Steam [kg/hr]

Flue gas [Sm3/hr], Rich solvent [kg/hr]

The test consisted of set-point reduction of the exhaust gas volumetric flow rate fed to the absorber, from 80% to
67% of the plant capacity, i.e. 47000 Sm3/hr to 40000 Sm3/hr. The purpose was to change the flue gas volumetric flow
rate while keeping the rest of the plant process variables constant. Figure 5 shows the three main inputs of the plant
for this test. The main controlled drifting variables of the plant during the test were kept constant by the action of the
controllers of the regulatory control layer of the plant.
The plant was disturbed by manipulating the speed of the induced draft blower located upstream the direct contact
cooler. The blower speed was changed in order to set the flue gas volumetric flow rate at the inlet of the absorber.
Step set-point reduction in flue gas volumetric flow rate was applied. As shown in Figure 5, this has resulted in an
oscillatory flue gas volumetric flow rate as disturbance to the plant, due to the fact that the blower speed/volumetric
flue gas flow rate controller is a PI controller. Steam mass flow rate was maintained constant, while the solvent mass
flow rate had small amplitude oscillations around the set-point. In order to compare the transient plant data with the
actual plant data, the measured flue gas volumetric flow rate was introduced as an input trajectory to the dynamic
process model. This means that the same disturbance applied to the plant during the test campaign, was applied to the
dynamic process model for simulation. In addition, averaged value of the time series of the measured rich solvent
mass flow rate and the estimated reboiler duty was applied as input to the dynamic process model.
Figure 6 shows the response on CO2 product flow rate to the plant input. It was observed an input/output dead time
of 40 minutes between flue gas volumetric flow rate and CO 2 product mass flow rate. This means that for a change in
the flue gas flow rate input to the plant, no changes are observed in the product CO 2 flow until around 40 minutes
later. Therefore, the system acts as a buffer to load change driven by flue gas volumetric flow rate change at absorber
inlet. In addition, it takes around 4 hours to reach the new steady-state operating point. In addition, a significant lag
time was found in stabilization of temperature profiles in the absorber (1 hour) and stripper columns (3-4 hours), not
shown. It can be observed in Figures 6 and 7 that the process model is capable of predicting the main process dynamics
for CO2 product mass flow rate and rich and lean solvent CO2 loadings.
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Figure 6. CO2 Product flow rate [kg/s] (C-8615-FT-0010).
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Figure 7. CO2 lean and rich solvent loadings during test 2 (refer to table 2). Lean and rich pilot curves are based on a correlation for total alkalinity,
density and temperature of the solvent, measured online at the plant. Lab samples were taken before and after the test.

5.2.2. Flue gas volumetric flow rate increase.
This test consist of set-point increase of the flue gas volumetric flow rate fed to the absorber, from 67% to 80% of
the plant capacity, i.e. 40000 Sm3/hr to 47000 Sm3/hr. Figure 8 shows the three main inputs of the plant during the
test. As in the previous test, an oscillatory behavior of the flue gas volumetric flow rate around the new set point is
observed. The same approach with the measured input to the plant as input trajectory to the dynamic process model
was applied. The plant acts as a buffer for flue gas volumetric flow rate changes as shown in Figure 9. Around 20
minutes dead time input/output from flue gas volumetric flow rate to CO 2 product mass flow rate was observed.
Figure 9 shows the CO2 product flow for the model and the pilot plant data and Figure 10 shows the plant and model
response for this disturbance in terms of CO2 lean and rich solvent loadings. A mismatch of 15 min for CO2 product
flow rate predicted by the process model is observed. A similar offset as in the previous test is observed, with a steadystate under prediction of CO2 product flow rate. Despite of the steady-state offset shown on solvent CO2 loadings
prediction, it is observed a good prediction of the main dynamics, refer to Figure 10. It can be concluded that the
process dynamics are well captured by the process model.
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Figure 8. Main inputs to the plant. Flue gas volumetric flow rate set-point change from 47000 [Sm3/hr] to 40000 [Sm3/hr] (8610-FT-0150). Rich
solvent flow rate from absorber [kg/hr] (8611-FIC-2004) and steam flow to reboiler [kg/hr] (8655-FI-2368).
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Figure 9. CO2 product [kg/hr] (C-8615-FT-0010). Results from test 3 on flue gas volumetric flow rate set-point increase (refer to Table 2).
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Figure 10. CO2 lean and rich solvent loadings during test 3 (refer to Table 2). Loading pilot curves are based on a correlation for total
alkalinity, density and temperature of the solvent, measured at the plant. Lab samples were taken before and after the test.
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6. Discussion
The task of dynamic process model validation of the post-combustion CO2 absorption with aqueous MEA requires
the generation of suitable data sets including both steady-state and transient data. Ideally, the steady-state data should
reflect a wide range of operating conditions of the PCC plant. The steady-state data utilized in this work consists of a
wide range of operating conditions achieved by changing rich solvent mass flow rate and reboiler heat duty. As shown
in Table 1, nine steady-state cases were gathered from the MEA test campaign. The cases include operation of the
PCC plant with mass based L/G ratios on the absorber ranging from 1.34 to 0.75, when operating the absorber at 80%
capacity and with a capture rate of 85% (cases 1 to 5).
During campaigns at TCM with 30% aqueous MEA, unideal behaviour occurs in the stripper bed and it is handled
by addition of anti-foam solution. As shown in literature [13], the addition of anti-foam solution has a significant
effect on stripper temperature profile at TCM DA pilot plant for CHP, and especially on specific reboiler duty at low
lean amine loadings. Cases 6 and 7 were run before the addition of the anti-foam solution and it has been shown in
Figure 4 that the model prediction under estimates lean loading only for these two specific cases. It is advised to check
if anti-foam solution was used during the tests, if the data is to be used for process model validation. Anti-foam was
introduced in the plant between the transient tests presented in this paper. If required, sufficient time between the tests
should be allowed so that steady-state conditions are reached before and after adding anti-foam solution.
The post-combustion TSA process design with solvent recirculation from the stripper to the absorber in a closedloop makes modeling and validation of the full plant challenging. Modeling errors and inaccuracies in one component
of the plant will easily propagate towards other parts of the process. Therefore, a systematic approach is recommended
beginning with validation of the separate models of absorber, stripper with reboiler, and heat exchanger sections. In
this work, the overall process model is finally developed by joining the different sections and validated with the steadystate and transient pilot data. The intended application of the process model is for transient estimation and plantwide
control studies.
Column temperature profiles accurate prediction is of importance since temperature affects phase equilibrium
calculation at the gas-liquid interface and liquid phase. In addition, several model parameters and thermophysical
properties depend on temperature. These include heat capacity, CO2 solubility, water heat of condensation, heats of
reaction and equilibrium constants. The pilot plant absorber and stripper columns temperature profiles are calculated
as an averaged value of the temperature measurements from the sensors distributed in the radial plane at the given
axial position of the column. The individual temperature measurements are considered reliable, and the resulting
temperature profiles are clear and reasonable. Nevertheless, it should be mentioned that some sensors are closer to the
wall while some are closer to the center of the packing, thus a small maximum variation (<6 ºC) is observed between
the measurements at a given radial position. The variation is different for different operating conditions of the columns
and radial planes. The aggregated effect of above-mentioned aspects makes validation of the absorber temperature
profiles challenging. Based on the results presented in Figures 2 and 3, it is considered that the dynamic process model
is capable of predicting temperature profiles of both absorber and stripper columns with good accuracy for the purpose
considered in this work. Tuning of the pre-multiplying factor of the mass transfer enhancement factor has been
required (0.2 in absorber and 0.09 in stripper).
Lean and rich CO2 loadings are over-predicted by the dynamic process model. Lean and rich loadings are dependent
of each other, and modeling errors will easily propagate. In addition, actual reboiler heat duty has been estimated from
steam measurements in the plant as suggested by Thimsen et al. [15]. Nevertheless, that value is not truly
representative of regeneration energy due to external factors such as changes in ambient conditions and heat loses
through non-insulated pipes and equipment [5]. An under-prediction of lean loading is found on cases 6 and 7. It is
believed that this is because the plant was operated before addition of anti-foam solution during these cases as well as
due to small deviations on MEA concentration from 30 wt% during that period. The mean percentage error for lean
loading is 1.4 % and for rich loading 6.7%. It can be concluded that the process model is capable of predicting the
variability in lean and rich loading for the range of operating conditions of the PCC plant. The process model underpredicts CO2 product mass flow rate within <5% for all steady-state cases, being the precision uncertainty of the
product CO2 flow measurement 1% (Vortex FT-0010) [13]. This under prediction is illustrated in the transient cases
(Figures 6 and 9).
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Dynamic process validation with the two tests involving volumetric flue gas flow rate reduction and increase has
been presented in this paper. The experiment shows that the system acts as a buffer to load change driven by flue gas
volumetric flow rate change at absorber inlet, and long dead times input/output in terms of CO2 product flow are
observed (around 20-40 minutes). The results from the model show that the model development has been successful
to predict the main process dynamics. This includes CO 2 lean and rich loadings and CO2 product flow response to the
disturbances.
7. Conclusions
A dynamic process model of the overall amine-based TSA plant at TCM DA was built for the purpose of model
validation with a new set of steady-state and transient plant data. It is concluded that the dynamic process model is
capable of estimating the temperature profiles of absorber and stripper columns with good accuracy for the purpose
of application. Tuning of the pre-multiplying factor for calibration of the enhancement factor has been required. An
over prediction of the model for lean and rich CO2 loadings has been reported, being mean percentage errors <1.5%
and <6.7%. The process model is capable of predicting the variability of lean and rich loadings for a wide range of
steady-state operating conditions. In addition, an under prediction of CO2 product flow rate has been observed (<5%).
The main process dynamics of the pilot plant under flue gas volumetric flow changes is captured by the process model.
The validated process model developed in this work will be used to analyze the TCM plant transient performance
and expanded to a full-scale plant model to predict transient performance of a natural gas combined cycle power plant
integrated with post-combustion CO2 capture.
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Abstract
There are two main routes for amine emission. The first one is connected to volatile amine emission. The second route is amine
emission via aerosols. Recently, it has been observed that under certain conditions and at specific test locations significant
aerosol formation and emission can occur. To distinguish between the two routes for amine emission, a novel methodology has
been developed. This methodology is based on the separation of the aerosols from the vapour phase in a controlled isothermal
modus. To be able to do this, the design of the probe and the sampling procedure should fit to the operational circumstances and
is of crucial importance to guarantee isokinetic sampling. The separation of the aerosols is done via an impactor. Using an
impactor, not only the total mass of aerosols can be determined, but also the size distribution.
At the end of 2013 and at the beginning of 2014, two aerosol measurement campaigns were performed at CO 2 Technology Centre
Mongstad, Norway. The measurements indicate that small amounts of aqueous aerosols with a broad aerosol size distribution are
present in the flue gas stream from gas turbine operations. The presence of aqueous aerosols does not necessarily imply
significant amine emission from the amine process. Analysis of the aqueous aerosols indicates low amine content present in the
aerosol fractions, and it seems evident that amines present in the gaseous phase inside the absorber column have not been
transferred to the aqueous aerosols and by such the total amine emissions are very low.
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1. Introduction
CO2 Technology Centre Mongstad (TCM DA), located next to the Statoil refinery near Mongstad, Norway, is
one of the largest post-combustion capture test facilities in the world. TCM DA is a joint venture between Gassnova,
Statoil, Shell, and Sasol. The purpose of this facility, which started operation in August 2012, is to allow vendors of
suitable amine formulations and other carbon capture processes to test their technology and collect performance data
to support full-scale design and anticipate the associated performance and operating costs. A unique aspect of the
facility is that either a slipstream from a natural gas-fired combined heat and power (CHP) plant or an equivalent
volumetric flow from a refinery residue fluid catalytic cracker (RFCC), whose higher CO 2 content (about 12.9%
compared with about 3.5% for the natural gas-based flue gas) is closer to that seen in coal flue gas, can be used for
CO2 capture. In the CHP plant, the natural gas is combusted in a gas turbine and the flue gas content and
characteristics are similar to those of a combined cycle gas turbine (CCGT) power plant.
One of the testing facilities in place at TCM DA is a highly flexible and well-instrumented generic amine plant,
designed and constructed by Aker Solutions and Kværner, aimed to accommodate a variety of technologies with
capabilities of treating flue gas streams of up to 60,000 Sm 3/hr. This plant is being offered to vendors of solventbased CO2 capture technologies to primarily test: (1) the performance of their solvent technology; and (2)
technologies aimed to reduce the atmospheric emissions of amines and amine-based degradation products from such
solvent-based CO2 capture processes.
Between December 2013 and February 2014, a monoethanolamine (MEA) solvent campaign was performed as
part of Aker Solutions’ test campaigns at TCM DA treating CHP flue gases. During this period, two aerosol
measurement campaigns were performed as a collaboration between TNO and TCM DA in order to investigate
amine emissions via the mechanisms of aerosols and the effectiveness of commercially available knitted wire mesh
demisters.
This work is part of a continuous effort of gaining better understanding of the performance potential of the nonproprietary aqueous MEA solvent system, conducted by TCM DA and its affiliates and owners, in order to test,
verify, and demonstrate CO2 capture technologies.
2. Aerosol Emission: mechanism and impact
Volatile amine emission can be considered as well understood, and is usually related to the volatility of the amine
compound(s), gas to liquid flow ratios in the absorber column, etc. Countermeasures such as water wash and acid
wash sections can be properly designed in order to mitigate such volatile amine emissions [1]. However, recently it
has been seen that under certain conditions significant amine emission can occur via aerosols. Although the detailed
mechanism is not yet fully understood, it is generally accepted that a gas phase mass transfer mechanism of amines
into aerosols present in the flue gas results in increased amine emissions. The size, number, and types of particles
present in the flue gas before the absorber are important parameters [2-4]. Condensation or adsorption of amines and
water on particle surfaces or (physical) absorption of amines into aqueous particles may contribute to the increased
emissions [5]. Typically, this would lead to sub-micron sized aerosols containing amines [6]. Traditional
countermeasures like demisters and water or acid washes are not suitable to remove such aerosols. Amongst others,
options such as electrostatic precipitator (ESP) and Brownian demister units have been studied, but these options
would lead to significant additional cost [7,8]. To be able to design more cost effective countermeasures, it is needed
to improve the understanding of the mechanism of aerosol formation. TNO has been working on a new methodology
for the isolation of the aerosols from flue gas, given in details below. By creating more knowledge on the size and
composition of these aerosols, steps can be made for developing detailed models. This methodology has been
demonstrated at the TCM DA amine plant.
The flow schematics for the TCM DA amine plant treating CHP flue gas is shown in Fig. 1 and a picture of the
amine plant is shown in Fig. 2.
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Fig. 1. Simplified flow schematic for TCM DA amine plant treating CHP flue gas.

Fig. 2. TCM DA amine plant. The direct-contact cooler is situated to the right, the concrete absorber tower in the middle, the two stripper
columns to the left, and the lean vapor compressor system to the far left. The platforms towards the upper part of the absorber towers indicate the
access location for the sample ports for the aerosol measurements.

The nominal characteristics of flue gas from the CHP source both before and after the direct-contact cooler
(DCC) treatment are shown in Table 1. The primary purpose of the DCC is to temperature control and water saturate
the flue gas, in addition to scrub the flue gas with process water. The CHP flue gas is typical of high excess air
combustion turbine exhaust.
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Table 1. Nominal characteristics of CHP flue gas supplied to TCM DA CO2 capture plant.
Flue gas before DCC
Temperature

°C

Flue gas after DCC
20–50

3

Flow rate

Sm /hr

N2 + Ar

mol%, dry

0–60.000
81-83

O2

mol%, dry

14–15

CO2

mol%, dry

3.5–4

H2O

saturated

SO2

ppmv, dry

not detected

SO3

ppmv, dry

not detected

NOX

ppmv, dry

<5

CO

ppmv, dry

unknown

NH3

ppmv, dry

<5

Particulates

mg/Nm

3

unknown

The direct-contact cooler (DCC) system initially quench and lower the temperature and saturate the incoming
flue gas by a counter-current flow water in order to improve the efficiency of the absorption process and provide
pre-scrubbing on the flue gas. The DCC column designed for CHP flue gas operations has a 3-m diameter and a
total height of 16 m. The section where water counter currently contacts the flue gas is of 3.1 m height with
Flexipack 3X structured stainless-steel packing of Koch Glitsch. Above the contact section is a 0.2 m Meshpad
demister type 412 of FMC Technologies with an overhead water sparging system.
The purpose of the absorber is to remove CO2 from the flue gas using solvent. The absorber has a rectangular
polypropylene-lined concrete column with a cross-section measuring 3.55 x 2 m of a total of 62 m of height. The
lower regions of the tower, where the amine solution contacts the flue gas, consist of three sections of Koch Glitsch
Flexipac 2X structured stainless-steel packing of 12 m, 6 m, and 6 m of height, respectively. Water-wash systems
are located in the upper region of the tower to scrub and clean the flue gas particularly of any solvent carry over, and
consist of two sections of Koch Glitsch Flexipac 2Y HC structured stainless-steel packing of both 3 m of height. The
process is operated to be water neutral in order to maintain water balance, i.e. the recirculating water washes at the
top of the absorber are used to temperature control the depleted flue gas for water content control. If water
accumulates in the absorber-stripper loop, the flue gas temperature leaving the absorber is allowed to increase,
increasing the water vapor content of the depleted flue gas, and vice versa.
The absorber tower includes two demisters located above the absorption section: one is installed below the lower
water wash section to reduce the amount of amine entrained with the flue gas exiting the absorption section, and the
other one is installed above the upper water wash section to reduce amine contaminated water entrainment released
to air with the flue gas. Both demisters are 0.3 m knitted wire mesh demisters type 172 of Koch Glitsch.
The CO2 depleted flue gas exits the absorber column to the atmosphere through a 1 m diameter nozzle stack
located at the top of the absorber column in order to increase the flue gas velocity and lift.
The TCM amine plant is described in further details elsewhere [9-12].
3. Design and Construction of Aerosol Emission Detector
The design of the aerosol sampling equipment was made specific for the conditions at TCM DA. A superficial
velocity of 2 m/s was taken as the reference, with an anticipated variation of this velocity in the range of 1.5 m/s to
2.5 m/s during the measurement campaign. The aerosols were to be sampled at a typical distance of 0.6-1.0 meter
from the inside of the absorber wall, and equipment had to fit to a standard ASME B16.5 size flange on site. The
pressure at the top of the demister was atmospheric, and within the absorber of typically 10-40 mbar excess
pressure. These data were used to set design requirements for the aerosol sampling equipment. Construction of the
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equipment and settings of flow and temperature during experiments were then as close as reasonably practical to the
design requirements derived from the above conditions.
The basic design of the sampling system consisted of 1) a probe with nozzle inserted into the absorber tower, 2) a
piece of glassware that splits the incoming flow, and 3) an Anderson Cascade Impactor (ACI) that separates the
aerosol in different particle size ranges. Some of the sampling system is shown in Fig. 3. The flow exiting the
glassware (in Fig. 3) downwards is towards the ACI and should be 28.3 l/min, whereas the flow exiting to the right
is to adjust the flow profile near the nozzle of the probe in order to operate close to iso-kinetic conditions. The
nozzle of the probe and the tube inside the flow splitting section, are tapered in order not to disturb the flow profile.

Fig. 3. Glassware that directs part of the incoming flow towards the impactor and an additional flow to match the sampling system to the probed
conditions and operate under near-isokinetic sampling conditions (left). Demounted Anderson Cascade Impactor with 8 stages each containing a
nozzle plate and a tray for aerosol collection (right).

The ACI is a standard measurement device to determine aerosol particle size distributions. The challenges of this
application are 1) the transfer of the aerosol from within the absorber towards the ACI positioned outside the
absorber and without deposition of aerosols in this flow path or a change in particle size distribution, 2) collection of
liquid instead of solid aerosol particles from a (nearly) saturated vapor, and 3) handling the ACI with associated
equipment and shielding those against the influence of weather and temperature conditions on experimental results.
The ACI requires a precise flow of 28.3 l/min, and collects the aerosol particles on 8 different trays (stages).
Meeting the flow requirement means that particles sizes are collected in the following ranges: > 9 Pm in stage 1,
5.8-9.0 Pm, 4.7-5.8 Pm, 3.3-4.7 Pm, 2.1-3.3 Pm, 1.1-2.1 Pm, 0.65-1.1 Pm and 0.43-0.65 Pm in stage 8. As the
Stokes number, the particle stopping distance divided by the nozzle radius, is a constant for each tray, one can derive
from the impactor design equations in [13] that with an increase of the actual flow particles of smaller diameter are
caught on each tray. Abovementioned particle ranges change with actual flow Qactual according to
ଶ
ଶ
ൌ ܳ௧௨ ݀௧௨௧௦௭
.
ʹͺǤ͵݈Ȁ  ݀௧ூ௦௧

(1)

The additional flow to create horizontal streamlines within the flow splitting section of Fig. 3. can be calculated
from the dimensions of the inner tube (int=13 mm, ext=13 mm) and the outer tube (int=26 mm). The additional
flow is 58.9 l/min, yielding a total flow of (28.3 + 58.9) l/min = 87.2 l/min.
With an internal diameter of the probe of 12.4 mm, it follows that 87.2 l/min will lead to a flow velocity in the
probe of 12.0 m/s. The probe has a nozzle with 25.4 mm internal diameter and was chosen to be close to the isokinetic sampling condition as demonstrated in Tab. 2, by comparison of the upward flow through a 25.4 mm
diameter area and the 87.2 l/min total flow drawn in through the nozzle.
The condition of horizontal streamlines in the flow splitting section is preferred over iso-kinetic sampling,
because of the sampling over a large particle size interval. The upward flow is somewhat smaller than the flow
through the probe, indicating that the flow near the probe nozzle must be slightly convergent.
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Table 2. Comparison of upward flow in tower with flow of 87.2 l/min towards the aerosol sampling equipment, and based on dimensioning of
probe and nozzle, and based on superficial velocity in the tower.
nozzle

Vtower

Upward flow

probe

Vprobe

Ftotal

mm

m/s

l/min

mm

m/s

l/min

25.4

1.5

45.6

12.4

12.0

87.2

25.4

2.0

60.8

12.4

12.0

87.2

25.4

2.5

76.0

12.4

12.0

87.2

The transport efficiencies due to settling in the tubes are calculated, as well as the concentration variation across
the nozzle due to non-isokinetic sampling. Transport efficiencies should be close to 1 (i.e. 100% of aerosol particle
transfer along the probe length), and concentration variation across the nozzle should be negligible. Both transport
efficiency and concentration variations can be evaluated as function of aerosol particle size by using the equations
provided in [14]. The transport efficiency Kprobe,grav for aerosol transport along the probe which accounts for
gravitational deposition, is calculated using
మ

భ

మ

భ
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In eq. (1) Lprobe is the length of the probe, d probe the inside diameter of the probe, Vts the terminal settling velocity of
particles, Vgas the velocity of the gas in the probe, and T the inclination of the probe. The terminal settling velocity is
a function of the aerosol particle density U, the particle diameter dparticle, the Cunningham slip correction factor Cc,
gravitational acceleration g, and the flue gas viscosity P.
The aspiration efficiency accounting for concentration change at the inlet nozzle is calculated using


బ
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In eq. (2) C is the particle size dependent concentration in the inlet of the probe, C 0 is the particle size dependent
concentration of the aerosol in the absorber, V absorber is the superficial velocity of the flue gas in the absorber tower,
Vinlet probe is the velocity of the gas in the nozzle at the inlet probe and which has a diameter d inlet probe. and Stk the
Stokes number.
The product of eqs. (1) and (2) gives the expected ratio of the concentration at the inlet of the impactor and the
aerosol concentration in the absorber.
ೌೝ
బ

ൌ ߟǡ௩ ή



బ

.

(4)

Calculations results are shown here for superficial velocities of 1.5, 2.0 or 2.5 m/s, a nozzle internal diameter of
25.4 mm, a probe diameter of 12.4 mm and probe length of 1.0 or 2.0 m and a velocity in the probe of 12.0 m/s.
Calculations were performed for an aerosol in air, a temperature of 40 qC, and a pressure of 101.2 kPa. The
Reynolds number in the probe is 9850 and is just in the turbulent regime. The calculated transport efficiencies
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according to laminar flow or to turbulent flow, are approximately the same. Note that the ACI measures in the range
0.43 – 11 Pm.
The length of the probe has a relatively large influence on the transport efficiency. For a 1 m probe more than
97% of 10 Pm particles will be transported (i.e. less than 3% will settle in the tube), while for a 2 m probe still 95%
of 10 Pm particles will be transported, see Fig. 4.
With a flow velocity of 1.5, 2.0 and 2.5 m/s, respectively, more than 97%, 98% and 99% of the 10 Pm particle
concentration in the absorber, will be present inside the inlet of the probe, see Fig. 5.
The overall effect (concentration change at the inlet, and transport efficiency through the tube) indicates that for
10 Pm particles between 92% (1.5 m/s, 2.0 m) and 97% (2.5 m/s, 1.0 m) will reach the ACI, see Fig. 6. For smaller
aerosol particles the figures will be better. For 3 Pm particles, one calculates that more than 99% will reach the ACI.

Aerosol transport efficiency in 1 or 2 m probe of 12.4 mm
diameter, flow velocity 12.0 m/s
1.00

0.95

1m
2m

0.90
0.85
0.80

1.00E-07

1.00E-06
particle size / m

1.00E-05

Fig. 4. Aerosol transport efficiency as function of particle diameter, for two different probe lengths.

Concentration change at inlet with 25.4 mm nozzle, superficial
velocity of 1.5, 2.0 or 2.5 m/s, and flow velocity of 12.0 m/s in 12.4
mm probe
1.00
0.98

1.5 m/s
2.0 m/s

0.96

2.5 m/s

0.94
0.92
0.90

1.00E-07

1.00E-06
particle size / m

1.00E-05

Fig. 5. Concentration change at nozzle inlet as function of particle diameter, due to non-isokinetic sampling conditions.
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Concentration change X transport efficiency aerosol
1.00
1.5 m/s 1 m

0.95

1.5 m/s 2 m
2.0 m/s 1 m

0.90

2.0 m/s 2 m
2.5 m/s 1 m

0.85

2.5 m/s 2 m

0.80
1.00E-07

1.00E-06
particle size / m

1.00E-05

Fig. 6. Ratio of measured aerosol particle size distribution and true aerosol particle size distribution, as function of particle diameter. The ratio
depends on probe length as well as near-isokinetic sampling conditions.

Even though it is clear one should minimize the probe length for a better aerosol capture, a minimum length is
needed to bridge distance in practice. The minimum probe length is 191 cm, based upon a measurement 60 cm into
the absorber, a 50 cm absorber concrete wall thickness, 71 cm from wall to spool tee, and 10 cm external to spool
tee. The data in Fig. 4 and Fig. 6 corresponding to a 2 meter probe length are therefore relevant to the experiments.
The glass probe was mounted with thermocouple for measurement of the local absorber temperature, and with
heat tracing into a metal tube. The metal tube can be inserted at the various measurement locations available at the
absorber tower. The flow split section with ACI was located in an isolated box with temperature control, which was
connected to the nozzle, see Fig. 7. In the experimental campaign the logged temperature in the aerosol box was
maintained 2 to 4.4 qC above the temperature at the sample point, because of the finding under laboratory conditions
that aerosol collection from a saturated vapor will lead to condensation on the impactor surface starting at the lowest
nozzle plates with the smallest holes. This condensation should not spill over to the collection trays inside the
impactor and thus limits the duration of a vapor collection experiment.

Fig. 7. Aerosol box with impactor, mass flow controllers, temperature control and desiccant, during laboratory testing phase (left). Condensation
of a vapor from a saturated vapor flow with aerosol particles onto one of the impactor nozzle plates (right).
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4. Results at Technology Centre Mongstad
There is a demister above the absorption section and a demister above the water wash section in the absorber
tower. A total of four sampling locations were available for aerosol sampling, upstream and downstream the two
demisters. Sampling location 1 and 2 are respectively upstream and downstream the lower demister, i.e. located
above the absorption section, and sampling location 3 and 4 are respectively upstream and downstream the upper
demister, i.e. located above the upper water wash section.
Measurements were performed in two campaigns, in December 2013 and in February 2014. The sampling
locations, temperatures in the absorber and measurement durations are indicated in Tab. 3. In the four experiments
in December it was noticed that liquid was collected in the flow splitting section in the aerosol box. It seems that the
cold environment and the long external tube lowered the temperature of the probe, even though the flue gas may
circulate around the probe and despite the short contact time of the sampled gas in the probe. An external heating
band was added to the 2 meter long probe for the last two experiments, with trace heating controlled by the
temperatures measured at the tip of the probe and halfway the probe.
An important aspect is the collection of filter papers from the ACI. In contrast to a laboratory environment the
experiment is carried out in the open and at high elevation. It was decided to transfer the ACI from the absorption
tower to a remote location and there disassemble the ACI, weigh, and store the filter papers.
Table 3. Location of aerosol sampling, temperature in the absorber tower, and measurement duration for each of 6 experiments.
Date

Exp nr

Location

Temperature in absorber

Measurement duration

11/12/2013

1

3

25 qC

1 hr

11/12/2013

2

3

45 qC

1 hr

12/12/2013

3

2

25 qC

1 hr

12/12/2013

4

2

25 qC

12 min

18/2/2014

5

4

25 qC

1 hr

18/2/2014

6

3

25 qC

1 hr

The total mass of aerosols collected by the ACI and the calculated aerosol concentration are given in Tab. 4, for
the experiments with trace heating of the probe. Further to the intended aerosol sampling, 5 mL/min of the flow
leaving the ACI and thus free from aerosols, was passed through a series of three aqueous sulfuric acid filled
impingers. The vapor concentration calculated from the measured weight increase of the flasks with aqueous
sulphuric acid is presented in Tab. 4, as well as the amine content of the vapor determined by LC-MS. The vapor
concentration in experiment 5 is below 21103 mg/Nm3; the latter value corresponding to the maximum amount of
condensable water vapor at the process temperature. The MEA emissions in the vapor phase as found by chemical
analysis by LC-MS in the current work, are similar to the reported MEA emissions in the order of 10 -2 mg/Nm3 by
Morken et al. [12]. This reference reports absorber stack emission results from the MEA campaign applying isokinetic gas measurements.
Table 4. Total mass of aerosol (water and amine) collected by the ACI and the calculated aerosol concentration, as well as the total vapour
concentration (water and amine) calculated from weight increase impinger, during 1 hour experiment.
Exp
nr

Location

Total mass on

Total aerosol

Total vapor

Amine concentration in

Calculated amine

impactor

concentration

concentration

liquid of first impinger

concentration in vapour

g

mg/Nm3
74

mg/Nm3
6.0103

mg/L

mg/Nm3

0.1

0.03

<0.05

<0.02

5

4

0.13*

6

3

0.30

177

* On stage 8 a wet spot is observed on the filter paper. This stage is discarded in the result as the spot is due from vapor condensed at the
impactor structure and has dropped onto the tray with the filter paper.
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The particle size distributions are given in Fig. 8. Series 6 is a measurement of the aerosol particle distribution
directly above the wash section and before the demister. Aerosols have a size in the range of 0.43 to 4.7 Pm. The
measurement on stage 7 seems too high; and one should note that in the laboratory condensation was noticed
starting at the lower nozzle plates, with the risk of droplets falling down on the tray below, see Fig. 7.
Series 5 is a measurement of the aerosol as in series 6 only after passing the demister. Broadly the same particle
size range is observed, from 0.65 to 4.7 Pm, with a maximum near 3 Pm. This is expected as a demister would be
effective typically at particle sizes of 10 Pm and above.

Aerosol concentration / mg/Nm3

120
100
80
60

series 5
40

series 6

20
0

stage 1

stage 2

stage 3

stage 4

stage 5

stage 6

series 6
series 5

stage 7

stage 8

Fig. 8. Particle size distributions in series 5 and 6, with particle size decreasing towards higher stage number.

5. Conclusions and recommendations
The following conclusions can be drawn from the aerosol measurement campaign.
x One can design and optimize aerosol transfer and aerosol collection devices from aerosol kinetics
theory. Effective transfer of aerosols with particle sizes up to 10 Pm and over a 2 meter distance should
result in a loss of aerosol particles of at most 8 % (i.e. for the largest particles size) for the designed
equipment and under flow conditions.
x Aerosol collection from a nearly saturated vapor stream requires strict control over impactor
temperature, and limits the duration of aerosol collection. Also the probe requires temperature tracing to
avoid preliminary conditions during aerosol transfer.
x Small amounts of aerosols are present with particles up to 4.7 Pm. The total concentration on mass basis
is around 100 mg/Nm3.
x The aerosols contain for the largest part water. Total amine emissions, emissions based on volatility and
aerosol formations, are very low.
A recommendation for future experiments is to analyze the amine concentration of the aerosol samples by
directly transferring the filter papers put on individual stages of the impactor into vials with a known quantity of an
aqueous sulfuric acid solution. The extent of evaporation is thus minimized, and samples can safely be analyzed at a
later moment for example with LC-MS, providing an amine concentration per particle size range. This, however,
would be at the expense of determining the total mass of water and amine per particle size range.
The measurements presented here are in the absorber tower. In a risk assessment of amine plants for CO2 capture,
the relation between discharge rates from the absorber at TCM Mongstad and downstream concentrations in air and
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drinking water were compared to NIPH guidelines values [15]. Nitrosamine and amine discharge values were
considered acceptable.
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Abstract
This paper lays out a generic CO2 capture testing methodology that has been applied at multiple sites providing details on the
procedure, its key performance indices and their associated specifications, as well as the required pre-test work. Specific
application of the methodology for the CO2 Technology Centre Mongstad site, a CO2 capture testing facility located in Norway
that performed CO2 capture tests using MEA, is shown as an illustrative example.
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1. Introduction
At the beginning of the 21st century, increasing political and technological focus is being given to minimizing
carbon dioxide (CO2) emissions to the atmosphere. As the combustion of fossil fuels at large industrial facilities is a
significant source of CO2 entering the atmosphere, reducing CO2 emissions from existing and new fossil-fired plants
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will be critical. A principal method proposed for accomplishing this reduction is to capture the CO 2 produced by
separating it from the flue gas into a relatively pure stream and then injecting the purified CO 2 into acceptable
underground geological reservoirs for long-term storage.
Currently the only CO2 capture technologies sufficiently mature to apply at full scale are temperature swing
absorption (TSA) processes that remove the relatively dilute CO 2 from flue gas (common in processes that use air
for combustion and produce significant nitrogen that dilutes the flue gas) by chemical absorption into an alkaline
solvent at low temperature. The solvent is then heated to release the CO 2 in a relatively pure stream for subsequent
geological storage. Aqueous amine solutions at high concentration are leading near-term solvent candidates.
The use of amines to remove CO2 from various industrial and fuel gas streams is a relatively mature technology.
There is less experience using amines to remove CO2 from flue gases, which contain significant levels of oxygen. In
addition, the full-scale application of amine post-combustion capture (PCC) processes for removing CO 2 from flue
gas would be conducted at a scale approximately an order of magnitude larger than industrial amine-based TSA
processes currently deployed.
Supply of the utilities required by a TSA process (thermal, electrical, and cooling) will have a significant impact
on the operations of the host plant producing the flue gas being treated. Perhaps the greatest focus of PCC
development is identifying processes that minimize the use of these utilities, particularly the thermal utility.
The Electric Power Research Institute (EPRI) has developed a generic independent verification protocol (IVP) to
assess the performance of amine-based TSA processes. This IVP has already been tailored to and applied during
EPRI-led CO2 capture testing at the following facilities:
x AEP’s Mountaineer Plant – 20-MWe demonstration of Alstom’s chilled ammonia process during 2011–2012
x Alabama Power’s Plant Barry – 500 tonnes/day demonstration of MHI’s KM-CDR advanced amine process;
testing began in 2012 and is still ongoing
x EDF’s Le Havre – 2.0-MWe demonstration of Alstom/Dow’s Advanced Amine Process (AAP) during 2014
x We Energies’ Pleasant Prairie Power Plant – 1.7-MWe demonstration of Alstom’s chilled ammonia process
during 2008.
CO2 Technology Centre Mongstad (TCM DA) has installed pilot-scale amine-based TSA process equipment next
to the Statoil refinery in Mongstad, Norway. The purpose of this facility is to allow vendors of suitable amine
formulations and other PCC processes to test their process and collect performance data to support full-scale design
and anticipate the associated performance and costs.
This work is part of a continuous effort of gaining better understanding of the performance potential of the nonproprietary aqueous MEA solvent system, conducted by TCM DA and its affiliates and owners, in order to test,
verify, and demonstrate CO2 capture technologies [1, 2, 3]. As part of an overall program of CO 2 capture testing,
EPRI worked with TCM DA, which operates the TCM DA facility and led the testing effort, and Aker Solutions to
customize the IVP for TCM DA. Details on that customization are provided within this paper.
2. Independent verification protocol purpose and scope
2.1. Amine process description
Flue gas can be supplied to the TCM DA PCC amine plant from either the on-site natural gas-fired combined
heat and power (CHP) plant or from the Statoil refinery residue fluid catalytic cracker (RFCC). As the testing work
that this report discusses pertains to using the CHP flue gas, details on the RFCC will not be provided here. In the
CHP plant, the natural gas is combusted in a gas turbine and the flue gas content and characteristics are similar to
those of a combined cycle gas turbine (CCGT) power plant.
The flow schematic for the TCM DA pilot plant when treating CHP flue gas is shown in Fig. 1 and a photo of the
amine plant is shown in Fig. 2.
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Fig. 1. Simplified flow schematic for TCM DA CO2 capture of CHP flue gas

Fig. 2. TCM DA amine plant. The direct-contact cooler is situated to the right, the concrete absorber tower in the middle, the two stripper
columns to the left, and the lean vapour compressor system to the far left.
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The nominal characteristics of flue gas from the CHP source both before and after the direct-contact cooler
(DCC) are shown in Table 1. The CHP flue gas is typical of high excess air combustion turbine exhaust.
Table 1. Nominal characteristics of CHP flue gas supplied to TCM DA CO2 capture plant
Flue gas before DCC

Flue gas after DCC

Temperature

°C

Flow rate

Sm3/hr

20–50

N2 + Ar

mol%, dry

81-83

O2

mol%, dry

14–15

CO2

mol%, dry

3.5–4

0–60.000

H2O

saturated

SO2

ppmv, dry

not detected

SO3

ppmv, dry

not detected

NOX

ppmv, dry

<5

CO

ppmv, dry

unknown

NH3

ppmv, dry

Particulates

mg/Nm3

<5

@ 15% O2
Nm3 at 101.3 kPa and 0°C

unknown

The raw flue gas may be cooled by direct contact with wash water. By these means, plant operators have the
capability of controlling the temperature of the flue gas (saturated with water) delivered to the absorber.
The saturated flue gas rises in the rectangular cross-section absorber tower and comes into contact with falling
lean solution in one of up to three beds of structured packing. The flue gas, depleted in CO 2, then passes through up
to 2 recirculating water wash stages to remove solvent vapors before being emitted to the atmosphere in a 1-meter
diameter duct. The solution flow through the absorber tower is “once-through”; there is no recirculation of rich
solution from the tower sump back to the top of the absorber section.
The solution rich in CO2 is pumped to the top of a stripper tower. Rich solution entering the stripper is pre-heated
by exchange with hot lean solution being returned to the absorber. The falling rich solution comes into contact with
rising steam/CO2. The lean solution at the bottom of the stripper is circulated through a steam-heated reboiler to
provide the heat necessary to drive the endothermic CO2-releasing reactions.
The raw product CO2 leaving the stripper is cooled with recovery of condensate that is returned to the stripper as
a reflux. The cooled product CO2 is vented. During CHP flue gas operations, a portion of the product CO 2 can be
recycled to the CHP flue gas upstream of the DCC to increase the CO2 content of the CHP flue gas for test purposes.
The process is operated to be water neutral. The recirculating water washes at the top of the absorber are used to
control the depleted flue gas temperature/water vapor content. If water accumulates in the absorber-stripper loop, the
flue gas temperature leaving the absorber is allowed to increase, increasing the water vapor content of the depleted
flue gas, and vice versa.
2.2. Testing to support process characterization
The key performance indices are those features of the PCC process that are of interest when designing and
planning for a full-scale implementation of the technology. Some of these indices can be modeled using
chemical/thermodynamic/physical design data. A primary function of pilot-plant operations is to provide measured
data such that uncertainties in the model can be reduced by comparison of model results with measured results.
The key performance indices are dependent parameters that can be expected to vary with changes in the process
independent parameters. Performance data collected when changing the independent parameters during pilot-plant
operations can be used to calibrate the process model, which can then be used to identify a set of independent
parameters that “optimize” the key performance indices.
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Pilot-plant operations can also be used to quantify those key performance indices that are not readily amenable to
modeling including the effects of trace constituents of the flue gas supply. There are also intermittent and long-term
performance indices that cannot be effectively modeled and must be assessed from many hours of pilot-plant
operations (typically 1000s of hours) including: heat exchanger fouling, mass transfer packing fouling, foaming,
material corrosion, solvent quality control measures, solvent loss/replacement, etc.
2.3. Pertinent independent parameters
The independent parameters are those temperatures, pressures, flows, compositions, and physical design
parameters readily subject to control by the plant operators. Changing these parameters can be expected to affect the
key performance indices (dependent parameters). The most important independent parameters for the purposes of
modeling the process installed at TCM DA are listed below.
x Inlet flue gas characteristics
○ CO2 content
○ Flow rate
○ Temperature
○ With/without flue gas pre-treatment for SOX and particulates (future).
x Solution characteristics
○ Amine concentration
○ Circulation rate
○ Lean solution CO2 loading.
x Equipment design characteristics
○ Absorber height
○ Lean solution flash/compression use
○ Number of water washes
○ Rich/lean heat exchanger effectiveness.
x Operating options
○ Stripper pressure.
2.4. Modeled key performance indices (dependent parameters)
The set of key performance indices that can be modeled and quantified by pilot-plant operations at TCM DA are
listed below.
x CO2 capture performance
○ % CO2 captured / produced / emitted.
x Utility use
○ Cooling duty
○ Electrical power
○ Steam thermal.
x Depleted flue gas amine/degradation product content.
2.5. Key performance indices not modeled (dependent parameters)
While it is fairly straightforward to model the heat and mass transfer associated with the PCC process, there are
key performance indices that are less straightforward to model. It is more expedient to quantify these indices, which
are listed below, by measurements during pilot-plant operations.
x Depleted flue gas trace constituents
○ Mercury and air toxics
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○ Particulates
○ SO2–SO3–NOX
○ Total hydrocarbons (HC) – Amine/degradation products not modeled.

x Product CO2 trace constituents
○ O2
○ SO2–SO3–NOX
○ Total HC–Amine/degradation products not modeled.
x Continuous waste streams
○ DCC blowdown.
2.6. Long-term process/plant monitoring

There are also key performance indices that can only be assessed over many hours of operation. These include
chronic effects as well as intermittent operations as shown below.
x Material uses
○ Amine make-up
○ Water make-up/blowdown.
x Intermittent waste streams
○ Amine reclaim waste
○ Lean-solution filter cake
○ Spent activated carbon.
x Heat exchanger fouling/corrosion
x Gas-liquid contactor fouling/corrosion/foaming
x Accumulation/emission of degradation/corrosion products.
2.7. Key outcomes
Key outcomes of pilot-plant operations are:
1. A stand-alone model that predicts key performance indices within the uncertainty in actual measurements made
during pilot-plant operations (or other clearly stated uncertainty) when only the independent parameters listed
above are the variable inputs to the model
2. One or more sets of formal performance test results collected during “base-case” operations that include, in
addition to the modeled key performance indices, empirical measurement of the key performance indices not
modeled. These “base-case” operations can be expected to be conducted under a set of independent parameters
that have been determined to “optimize” the key pre-defined performance indices.
3. Performance testing principles
3.1. General performance testing guidelines
There is no accepted procedure for assessing PCC plant performance. There are, however, reference-testing
procedures that are similar in scope and provide guidance for specifying the protocols under which the performance
of PCC plants can be verified. These include:
x Overall power plant performance – Steam-boiler operations are comparable in complexity to PCC plant
operations. Flow, temperature, and pressure, and composition data must be collected over the test period and are
used to calculate a number of key performance indices such as steam temperature, pressure, and flow, fuel
quality, flue gas flow rate and composition, sensible and latent heat losses in the flue gas, auxiliary power use,
gross generation, net generation, etc. The overall power plant performance test code will also make extensive
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reference to companion test codes for measuring temperature, pressure, flow, gas composition, electrical and
other power flows, and sub-component performance (boilers, air heaters, turbines, etc.). The American Society of
Mechanical Engineers (ASME) publishes and maintains performance test codes for a wide range of equipment
that have a long history of successful use [4].
x Quantifying flue gas emissions – The U.S. Environmental Protection Agency (EPA) has published reference
methods for quantifying emissions from stacks for the purpose of demonstration conformance with the site air
emission permit. These reference methods have a long history of use in the U.S. and have achieved wide
acceptance. Appendix A lists the pertinent U.S. EPA reference methods. The European Commission has
published similar reference methods.
The performance testing protocols presented here draw heavily on these two sources.
3.2. Base-case performance testing/process verification
Results from the base-case testing will be used to assess the steady-state performance of the process for the
purposes of designing the full-scale plant and estimating capital and operating costs. For this reason, base-case
performance testing should be conducted with measurement uncertainty as low as can be reasonably achieved.
Therefore, test protocols consistent with well-developed reference methods should be incorporated as much as
possible.
3.3. Parametric performance testing
The primary objective of parametric performance testing is to observe the effects on the key performance indices
of incremental changes in the various independent variables. While accuracy in measurement is always desired,
some bias error in measurements can be tolerated in parametric testing as long as the measurements achieve
adequate precision; i.e., the measurement instruments give repeatable values. This condition can usually be met
without strict adherence to reference methods that can be very costly to use as frequently as is required for a
parametric performance testing program.
4. Test conduct and data collection procedures
4.1. Instruments and methods of measurement
4.1.1. Temperature
Process temperatures are generally not key performance parameters for a PCC plant. Nonetheless, temperature
measurements are process condition indicators and care should be taken in their measurement.
No review of process temperature instrumentation was conducted in support of this study. In general,
thermocouple or resistance temperature detectors are commonly deployed for process monitoring. These are usually
precise enough to give acceptable repeatability without re-calibration. However, care should be exercised in
ensuring that electrical temperature measurement signals are correctly wired, correct calibration algorithms are
employed, and the resulting temperature is correctly logged and displayed to the operators.
4.1.2. Pressure
Process pressures are generally not key performance parameters for a PCC plant without a pipeline gas
compressor. (Pipeline compressor discharge pressure would be a key performance parameter.) Nonetheless, several
pressure measurements are process condition indicators and care should be made in their measurement. These
include absolute and differential pressures at flow metering installations, absorber flue gas pressure drop, liquid
distribution spray pressures, and stripper operating pressure.
No review of process pressure instrumentation was conducted in support of this study. In general pressure
transmitters are commonly deployed for process monitoring. The key pressure transmitters, at a minimum, should be
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recalibrated according to manufacturer’s specifications prior to the onset of parametric testing. Pressure transmitters
supporting primary flow measurement calculations should be recalibrated during base-case testing.
4.1.3. Flow
The standard used for flow metering is ASME PTC 19.5 Flow Measurement. Note that high accuracy may not be
required for parametric testing where the incremental effect on key performance indices with incremental changes in
process conditions is measured. In this case high precision (repeatability) may be an adequate substitute for high
accuracy.
The flow meters installed in the PCC plant at TCM DA supporting CHP flue gas are listed in Table 2,
respectively. The flow metering locations were indicated in Fig. 1. TORBAR pitot tube-style flue gas flow meters
are the predominant choice implemented with single installation of an ultrasonic flow meter (after the DCC). Vortex
flow meters are used to measure steam flows to the reboiler. A vortex flow meter is used to meter final CO 2 product
flow, which is redundant to the TORBAR flow meter.
The flow metering installations have been internally analyzed in detail at TCM DA, identifying the sources of
uncertainty in each flow metering location.
Table 2. Gas and steam flow metering for CHP flue gas applications at TCM DA
Stream

Flow meter tag

Flow meter type

Duct dimension

Raw CHP after blower

8610-FT-0104

TORBAR pitot tube

991 mm

CHP after DCC

8610-FT-0150

Ultrasonic

991 mm

CHP after DCC

8610-FT-0124

TORBAR pitot tube

991 mm

Inlet

8610-FT-2039

TORBAR pitot tube

991 mm

Outlet

8610-FT-2431

TORBAR pitot tube

991 mm

Cooled product CO2

8610-FT-2203

TORBAR pitot tube

311 mm

Cooled product CO2

8615-FT-0010

Vortex

254.5 mm

CO2 recycled to CHP

8615-FT-2206

TORBAR pitot tube

Flue gas supply

Absorber flue gas flows

Product CO2 flows

Stripper reboiler steam flow
Reboiler

8655-FT-2386

Vortex

4.1.3.1. TORBAR pitot tube flow meters
The uncertainty in the flow measurements using the TORBAR flow meters was estimated to be slightly greater
than 2.5%. Of this, 2% was associated with installation of the TORBAR flow meters, by far the largest uncertainty
component. This uncertainty component is a measure of the sensitivity of bias error introduced into the differential
pressure indication by misalignment of the flow element in radial dimension and rotational orientation to the flow.
The uncertainty associated with installation cannot be effectively estimated short of performing an in-situ flow
calibration against a primary standard, and the assignment of 2% uncertainty to this component is somewhat
arbitrary; misalignment could result in higher bias errors. Thus, while the flow reading calculated from the
TORBAR measured pressure differential, absolute pressure, and temperature may have a precision of approximately
1.8% (precision excludes installation uncertainty), the uncertainty in accuracy may be significantly more than the
estimate. The uncertainty associated with installing this class of flow meters generally disqualifies them for use in
applications requiring predictable accuracy unless a relative accuracy test audit (RATA) has been performed for the
field installation.
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4.1.3.2. Vortex flow meter
A vortex meter is installed to meter product CO2. The vortex meter is redundant to a TORBAR meter located
nearby. Vortex flow meters are shipped with a flow factor which, when multiplied by the vortex shedding frequency
(an internal meter measurement) and fluid density, gives mass flow. The density must be derived from temperature,
pressure, and composition measurements. These meters cannot be recalibrated short of performing an in-situ flow
calibration against a primary standard.
A vortex flow meter is also used to meter steam flow to the reboiler. It is a linear device that indicates mass flow;
thus the calibration range is based on mass flow. This meter is suitable for high accuracy mass flow measurements if
it is calibrated under the following conditions:
x Steam flow over the full range expected during operations
x Calibration temperatures and pressures close to the operating temperature/pressure
x Calibration against standards traceable to the National Institute of Standards & Technology (NIST) or equivalent.
4.1.4. Composition
The standard recommended here for high-accuracy gas composition measurements is the use of reference
standards commonly employed to monitor compliance with air emissions regulations. Where possible, the use of
continuous emissions monitoring (CEM) methods is recommended.
It is recognized that the Fourier Transform Infrared (FTIR)-based systems installed at TCM DA will continue to
be used. The relative locations for the sampling points are indicated in Fig. 1. The gas compositions reported by
these instruments may be sufficiently accurate and precise to meet the requirements of the standards indicated, but
this should be demonstrated against the instruments and procedures in the respective reference methods. The
reference methods indicated below should be employed during all base-case testing unless there is clear evidence
that the FTIR system gives results that duplicate the reference methods.
4.1.4.1. Flue gas supply and depleted flue gas
Table 3 lists the several flue gas components and the recommended reference methods for quantifying the
components. CEMs are available for all non-condensable, non-soluble flue gas components. The
condensable/soluble flue gas components and particulate matter require extractive sampling reference methods.
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Table 3. Flue gas composition sampling and analysis reference methods
Component

Reference method

O2

EPA method 3a

Notes

CO2

EPA method 3a

SO2

EPA method 6c

NOX

EPA method 7e

Total HC

EPA method 8a

Particulates

EPA method 5

Particulate metals

EPA methods 5 and 29

SO3

NCASI method 8a

NH3

EPA conditional test method 027

Gaseous organics (amines and amine
degradation products)

See Appendix B

See Appendix B

Aldehydes

SW846-0011: Sampling
Method 8315: Analysis

This is essentially the same as that practiced by TCM
DA at present

CEMs, dried sample from common sampling point

CEMs, wet sample from common sampling point

Extractive traverse

4.1.4.2. Product CO2
Table 4 lists the several product CO2 components and recommended reference methods for quantifying the
components. CEMs are available for all components except NH 3.
Table 4. Product CO2 composition sampling and analysis reference methods
Component

Reference method

Notes

O2

EPA method 3A

Dried sample from common sampling point. Analyze with polarographic trace O2 analyzer.

CO2

EPA method 3A

SO2

EPA method 6C

NOX

EPA method 7E

Total HC

EPA method 8A

CEMs, wet sample from common sampling point

NH3

EPA conditional test method 027

Extractive single point

CEMs, dried sample from common sampling point

The most critical parameters for delivery of the product CO 2 to receiving pipelines are likely to be O2 content and
moisture content. Measurement of trace O2 in any gas stream is challenging. In-situ O2 analyzers commonly used for
measurement of flue-gas O2 at levels, which are typically above a few % (vol), are not sufficiently sensitive to
accurately quantify trace levels of O2. Trace O2 levels may be quantified by polarographic (fuel cell) analyzers.
Paramagnetic analyzers or gas chromatography may also be used but these are likely to add complexity and/or
expense without significantly increasing accuracy. All of these techniques require extraction of a gas sample to the
analyzer. Care must be exercised to exclude sampling system and instrument air in-leaks and to completely purge
the sampling system of air on start-up and after calibrations; even small residues of air (containing 210,000 ppmv
O2) will result in erroneously high analyses. Certified trace O 2 calibration gases are also required. Moisture control
will be part of a pipeline compression package that is not a part of the pilot plant at TCM DA.
Note that CO2 monitoring in the product CO2 stream is for reference only. Instrument readings near 100% cannot
be relied on for accuracy at the 99.99% (vol) readings expected. Nitrogen is a likely diluent that can only be
quantified by gas chromatography. An N2/O2 ratio cannot be assumed in the product CO2 equal to that in air.
Dissolution of O2 in the aqueous amine solution or transfer of flue gas micro-bubbles with release in the stripper
cannot be ruled out.
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4.2. Instrumentation recommendations
4.2.1. Temperature measurements
x No pre-test calibrations required
x Loop checks should be made on temperature instruments supporting flue gas flow meters and product CO 2 flow
meters during parametric testing.
4.2.2. Pressure measurements
x Loop checks should be made on pressure instruments during parametric testing
x Pressure transmitters supporting flow meters and product CO2 flow meters should be recalibrated prior to or
during all base-case test campaigns.
4.2.3. Flow measurements
x A RATA (see Appendix C) should be conducted, calibrating the three (3) flow metering installations for the CHP
flue gas flow between the DCC and the absorber during each base-case test campaign. During this test, data may
also be collected at the absorber outlet to calibrate the TORBAR flow metering installation at this location.
x Reboiler steam condensate orifice flow elements should be used to quantify reboiler steam use
x One of the following should be accomplished during base-case testing:
○ A RATA (see Appendix C) to calibrate within 2% accuracy the TORBAR flow meter installed to meter the
product CO2 flow
○ A differential flow element consistent with ASME PTC 19.5 should be at an applicable location to achieve
CO2 flow measurement within 2% uncertainty.
4.2.4. Composition measurements
x The FTIR analyzer system should be calibrated against primary calibration standards weekly or on a frequency
that results in instrument drift of no more than 2% on calibration gases
x Gas stream sampling and analysis consistent with reference methods indicated in Table 3 and Table 4 should be
employed during all base-case test campaigns
x Flue gas sampling ports should be used to sample from the duct near the existing flue gas flow meters
x The depleted flue gas sample should be taken from a probe extending at least 50 cm in from the absorber wall.
5. Calculation and reporting of key performance indices
Performance data collected during operations at TCM DA pilot plant fall generally into two broad classes: 1) data
collected during parametric testing to support process model development and identify optimal operating conditions,
and, 2) base-case data collected during operation under optimized conditions to verify the performance of the
process, modeled parameters, and those key performance indices that are not modeled.
A complete test results report includes:
x List of independent parameters; those parameters under the more or less direct control of the operators that
describe the process conditions imposed for the test
x Several key performance indices; dependent parameters that are uniquely determined by the process design and
the independent parameters established by the operators.
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5.1. Independent parameters
Table 5 lists the measured independent parameters that are likely to influence the key performance indices and
should be included as test conditions in any report of process performance.
Table 5. Measured independent parameters
Parameter

Instrument/Comment
x

Calibrated meter flow, composition at the absorber inlet or recommended
sample ports near flue gas flow meters

x

Wet-basis (flowing) composition to include CO2, O2, N2/Ar by difference.
Wet-basis water content saturated at the measured temperature.

C. Flue gas temperature inlet to the absorber

x

Plant instrumentation

D. Amine composition or identification

x

Vendor supplied

E. Lean-amine concentration

x

Lab analyses

F. Lean-amine CO2 loading

x

Lab analysis

G. Lean-amine flow rate

x

Plant instrumentation

A. Flue gas source and flow rate
B. Flue gas supply bulk composition

H. Lean-amine temperature

x

Plant instrumentation

I. Water-wash flow rate

x

Plant instrumentation

J. Water-wash operation

x

Number in service

Note: Water-wash temperature is a dependent variable that maintains the water
balance in the lean/rich solution loop.
K. Rich-amine temperature inlet to the stripper (achieved by
bypassing rich/lean cross-over heat exchanger)

x

Plant instrumentation

L. Active absorber height

x

Packed beds in service / aggregate height in service

M. Stripper outlet pressure

x

Plant instrumentation

x

Parametric testing: Condensate flow meters or existing vortex flow meters

x

Base-case testing: Condensate flow meters

O. Lean vapor compression system operation

x

On/off

P. Trace flue gas supply/depleted flue gas composition

x

Base-case testing: NOX, SO2, SO3, total HC, amines/aldehydes/NH3

N. Stripper reboiler steam (enthalpy) flow

Table 6 lists pertinent independent parameters derived from the measured independent parameters that are likely
to be more instructive than the parameters from which they are calculated.
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Table 6. Derived independent parameters
Parameter

Calculation

A. Operating capacity

x

Inlet flue gas flow rate as a % of design inlet flue gas flow rate

B. Absorber liquid-to-gas ratio

x

Lean-amine flow divided by flue gas flow rate

C. Stripper liquid-to-gas ratio

x

Rich-amine flow divided by stripper overhead CO2 flow

Calculated from:
D. Cross-over heat exchanger effectiveness

x

Lean amine TCM DA instrumentation: FT2045, TT2114, TT2110

x

Rich amine TCM DA instrumentation: TT2003, TT2111

5.2. Test period data results
Test period data include dependent variables that are directly measured parameters as well as key performance
indices that are pertinent to calculations of measured values and independent parameters. Table 7 lists the important
measured dependent parameters.
Table 7. Measured dependent parameters
Parameter

Instrument/Comment

A. Depleted flue gas temperature

x

Plant instrumentation

B. Depleted flue gas bulk composition

x

CO2, O2, N2/Ar (by difference), H2O (saturated). Parametric testing:
Plant instrumentation; Base-case testing: CEMs data.

x

During tests varying water wash operations and base-case tests

x

Plant instrumentation or calculated from composition

E. Absorber pressure drop

x

Plant instrumentation

F. Product CO2 flow rate

x

TORBAR or recommended differential flow meter during parametric
testing; recommended differential flow meter during base-case
testing.

x

O2, SO2, NOX, H2O (saturated), and CO2 (by difference). Amines /
aldehydes / NH3 during base-case testing.

C. Depleted flue gas amines / aldehydes / NH3 / SO3
D. Depleted flue gas flow

G. Product CO2 trace composition
H. Reboiler steam flow

x

Parametric testing only: Vortex meter

I. Reboiler steam temperature

x

Plant instrumentation

J. Reboiler steam pressure

x

Plant instrumentation

K. Reboiler condensate flow

x

Base-case testing: Condensate orifice flow meter(s)

Base-case testing:
L. Rich solution CO2 content and inventory at the beginning and
end of the test

x

Laboratory analyses and sump levels

M. Lean solution CO2 content and inventory at the beginning and
end of the test period

x

Laboratory analyses and sump levels

N. Pumping power use

x

Plant instrumentation

x

Base-case testing: SO2, SO3, NOX, total HC, NH3, particulates, and
HAPs

O. Depleted flue gas trace components
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Table 8 lists the key performance indices. Each test period report should include these data.
Table 8. Calculated key performance indices
Performance index

Calculation/Definition

A. CO2 stored in solution

x

Difference between solution CO2 inventory at the end and the beginning of the test period (solution
CO2 inventory = CO2 content times liquid inventory)

B. CO2 capture

x

Sum of CO2 produced (product flow meter) and CO2 stored in solution, all divided by the product of
flue gas supply flow rate and flue gas supply CO2 mass fraction

C. CO2 recovery

x

Sum of product CO2 flow and CO2 stored in solution divided by the difference between CO2 entering in
flue gas (mass flow times mass fraction) and the CO2 leaving in the depleted flue gas (mass flow times
mass faction). CO2 recovery measures the degree to which CO2 flows balance. This factor should be
within 95% to 105%.

D. SO2 and NOX removal

x

The difference between mass flows in the flue gas supply and the depleted flue gas divided by the mass
flow in the flue gas supply

x

Base-case testing: Msteam from condensate flow meter(s) or vortex meters. Enthalpies from steam tables
at measured stream temperature and pressure. Product CO2 flow rate from recommended differential
flow meter.

x

Parametric testing: Base-case procedure or Msteam from vortex meter. Product CO2 flow rate from the
vortex or TORBAR flow meter.

x

See Section 5.5

x

Plant instrumentation for aggregate sea water flow and temperature differential and heat capacity

x

Alternative – Sum similar calculations around pertinent sea water-cooled heat exchangers

E. Specific thermal use

F. Specific power use
G. Specific cooling duty

5.3. CO2 capture performance
Fig. 3 lays out the general CO2 flows. Note that CO2 leakage to atmosphere is included as a flow. As leakage
flows cannot be measured directly, it does not enter into the calculations. Its inclusion here is simply to acknowledge
that leakage flow is a possibility. CO2 accumulation is the amount of CO2 stored within the amine pilot-plant
boundaries over the course of a test; CO2 may accumulate in (or be released from) the rich/lean solution over the
course of a test period.

•
•
•
•
•

FGCO2in
FGCO2out
PCO2
ACO2
LCO2

= CO2 mass flow entering in the flue gas
= CO2 mass flow leaving in depleted flue gas
= CO2 exported as product
= Net CO2 accumulation in the CO2 capture system
= CO2 leakage to atmosphere from the CO2 capture system
Fig. 3. CO2 capture flow diagram
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Three general methods of calculating CO2 capture efficiency are:
1. The ratio of measured high-purity product CO2 flow to the CO2 entering the absorber in the flue gas is given by:
PCO2
FGCO2 in

2. The ratio of measured high-purity product CO2 flow to the sum of the high-purity product CO2 flow and the CO2
flow leaving the absorber in the depleted flue gas is given by:
PCO2
FGCO2 out  PCO2

3. The ratio of the difference between the CO2 entering the absorber in the flue gas and the CO2 leaving the
absorber in the depleted flue gas to the CO2 entering the absorber in the flue gas is given by:

FGCO2 in  FGCO2 out
FGCO2 in
The relative uncertainties in CO2 capture by these three methods, using various combinations of flow meter data,
were assessed. The conclusion is that uncertainty in CO2 capture is minimized in Method 2 above, assuming that the
CO2 entering the capture plant is the sum of the two measured CO 2 flows out of the plant: 1) PCO2 – High-Purity
Product CO2 and 2) FGCO2out – CO2 Emitted in the Depleted Flue Gas Leaving the Absorber.
As the specific thermal use and specific cooling duty will be calculated using the measured product CO 2 flow, the
CO2 capture should also make use of the measured CO2 product flow. This recommends against Method 3, which
uses only flue gas CO2 flows.
Key independent parameters that characterize CO2 capture plant performance include inlet flue gas flow rate as a
% of design and absorber liquid/gas ratio, both of which use measured inlet flue gas flow rate. To the extent that
absorber operation details are to be assessed and reported as key performance indices, corresponding reported CO 2
capture should also be based on the measured inlet flue gas CO 2 flow. This recommends against Method 2 despite
its identification as the least uncertain method. In any event, sufficient data will be collected during operations to
calculate and report CO2 capture by all methods.
Note that a 4th method might be considered using only dry-basis CO2 concentrations for the absorber inlet and
depleted flue gas streams and assuming all dry components other than CO2 pass through the absorber unchanged.
This 4th method requires no flow measurements and is given by:
ECO2

1

O 1 I
I 1 O

where: ECO2
O
I

= CO2 capture efficiency fraction
= CO2 concentration at absorber inlet dry mol fraction
= CO2 concentration at the absorber outlet dry mol fraction.

For all test periods, CO2 recovery should be reported. This parameter is an indicator for the overall uncertainty in
test results:
CO2 Recovery

PCO2  FGCO2 out  ACO2
FGCO2 in

CO2 emissions are not included in the key performance indices listed in Table 8. Measuring CO2 emissions for
the purposes of meeting air emissions regulations will likely require traverse sampling for composition and velocity
from the stack.
CO2 emissions may be estimated by subtracting the sum of the (direct-measured) product CO2 flow (PCO2) and
the CO2 stored in solution (ACO2, calculated) from the flue gas supply CO 2 flow (FGCO2in). Note that this method
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of calculating CO2 emissions is a comparatively small difference in two large numbers and carries considerable
uncertainty.
5.4. Specific thermal use
Specific thermal use is the heat supplied by imported steam, primarily to the stripper reboiler, divided by the
product CO2 flow. The calculation for this parameter:

Qreboiler

M steam hgi Tg , Pg  h fo T f , Pf
M CO2

Details on each term in this equation are given in Table 9.
Table 9. Specific thermal use calculation details
Item

Units

Qreboiler

kWth

Msteam

kg/s

CHP operation

Notes
Calculation result

Option 1: FT-2386

Medium-pressure (MP) steam flow to reboiler

Option 2: FT 2051

High-pressure (HP) steam flow to plant
Condensate return flow from regenerator reboiler.

Option 3: new
Tg

o

C

TT2387

Pg

bar

PT-2389

Tf

o

C

TT-2388

Pf

bar

PT-2392

hgi

kJ/kg

Steam enthalpy from steam tables

hfo

kJ/kg

Condensate enthalpy from steam tables

MCO2

kg/s

From calibrated flow meter

5.5. Electrical utility use
The primary auxiliary power uses for PCC are the induced draft (ID) fan (to overcome flue gas pressure drops in
the plant), the aggregate of solution and water pumping inside the plant, and the CO2 compressor (to deliver at
pipeline pressure; the TCM DA pilot plant does not have a CO2 pipeline compressor). The ID fan use will correlate
most closely to flue gas flow rate. The internal pumping power loads will correlate loosely with CO 2 production.
Thus, it is unlikely that any single parameter will be useful in describing process auxiliary power use. In practice,
pumping power differences from varying the independent parameters during parametric testing are likely to be
insignificant. ID fan load will change with flue gas supply flow rate and, possibly, liquid flows in the absorber
tower. Both of these factors are included in the ID fan pressure rise and flue gas flow rate. Auxiliary power use for a
full-scale process can be estimated by:
x Summing the full-scale pumping loads
x Modeled ID fan power use from design flow rate and required pressure rise measured at pilot scale
x Modeled compressor power used to compress the product CO 2 from stripper column overhead pressure and
specified compressor discharge pressure to deliver to the receiving pipeline.
These can be developed from parameters included in Table 7 and a specified receiving pipeline pressure.
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6. Conclusions
A generic CO2 capture testing methodology that has been applied at multiple sites providing details on the
procedure, its key performance indices and their associated specifications, as well as the required pre-test work has
been presented. Specific application of the methodology for the CO2 Technology Centre Mongstad site, a CO2
capture testing facility located in Norway that performed CO2 capture tests using MEA, is shown as an illustrative
example.
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Appendix A. Pertinent flue gas monitoring reference methods
Table 10 lists reference methods used, their associated title, what is measured, and its units.
Table 10. Reference methods
Reference method

Title

EPA method 1

Sample and velocity traverses for stationary
sources

Sampling/Analysis result

Units

EPA method 2

Determination of stack gas velocity and
volumetric flow rate (Type S pitot tube)

Stack velocity profile and aggregate
volumetric flow rate

volume flow rate

EPA method 3A

Determination of oxygen and carbon dioxide
concentrations in emission from stationary
sources (instrumental analyzer procedure)

O2, CO2

% vol, dry

EPA method 5

Determination of particulate matter emissions
form stationary sources

Total particulate matter

Mass per unit
volume flue gas

EPA method 6C

Determination of sulfur dioxide emissions from
stationary sources (instrumental analyzer
procedure)

SO2

ppmv, dry

EPA method 7E

Determination of nitrogen oxides emissions from
stationary sources (instrumental analyzer
procedure)

NOX

ppmv, dry as NO2

EPA method 25A

Determination of total gaseous organic
concentration using a flame ionization analyzer

Total gaseous organic concentration

ppmv propane
equivalent

EPA CTM-027

Procedure for collection and analysis of
ammonia in stationary sources

NH3

ppmv, dry

EPA method 29

Determination of metals emissions from
stationary sources

Sb, As, Ba, Be, Cd, Cr, Co, Cu, Pb,
Mn, Mg, Ni, P, Se, Ag, Hg

Mass per unit
volume flue gas

NACSI method 8A

Determination of sulfuric acid vapor or mist and
sulfur dioxide emissions from Kraft recovery
furnaces

H2SO4 and SO3

ppmv, dry

Appendix B. Flue gas amine / amine degradation product sampling
Background
TCM DA is planning to operate the PCC test unit at the facility with MEA solvent and no additives or amine
blending. The solvent will be continuously cycling through the system for 1440 hours (60 days). Testing will be
performed for a variety of operational parameters, including chemical characterization of the air and liquid waste
streams. In particular, air emissions testing of the solvent and potential degradation products (amines, nitrosamines,
and aldehydes) will be performed. This will be done during selected operational periods, including base-case testing.
Recommendations
Although other PCC tests have been performed with longer solvent cycling times, published studies suggest the
presence of complex mixes of solvent degradation products that are emitted into the flue gas streams, even after
shorter operational times. At least several days’ worth of ‘later’ samples should be taken near the end of the 2-month
period, during normal operations, in addition to the samples planned during the parametric and base-case testing.
Any testing undertaken for these solvent and degradation products should be performed isokinetically. A variety
of sample collection processes can be of use, including impingers that are empty or charged with acidic solution.
NH3 should be measured regularly as a frequently-observed high emission rate product. This is often done with
FTIR, especially in situations where operations are expected to change quite substantially over time. Thus it can be a
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proxy for operational tracking as well as for the purposes of emission rate quantification. During stable operations,
other methods which can have lower detection limits (such as an EPA Method 5 / Method 17 approach, collection
with impinger, and analysis by ion chromatography) can be used on samples collected from various impinger
approaches.
Due to its relevance and high abundance in the mist observed in several PCC test facilities, SO 3 should also be
measured at the absorber outlet. Submicron mist and aerosols may form in the absorber as a result of heterogeneous
condensation followed by dissolution and enrichment with the highly soluble amines in the mist. Several studies
have shown that high quantities of mist composed partly of SO 3 can be observed. The mist may be a large sink of
nitrogenous compounds of interest (primarily the amines as opposed to degradation products) due to their alkalinity.
A recent EPRI report contains details, features, and difficulties with multiple options for sampling and analysis of
each compound class [6]. It should be noted that it is likely that only a subset of chemicals with a given compound
class can be analyzed with any particular technique. Knowledge of the specific target compounds of interest, or a
desire to measure as much of the total mass of the compounds class, is needed to recommend any particular suite of
methods. Specific issues of importance include the need for very stable elevated temperatures of the entire sampling
train (no unheated tubing gaps) and appropriate elimination or addressing of sampling and analytical interferences
from water.
Amine sampling could be attempted with FTIR but it is possible to likely that any emissions would fall below
detection limits due to chemical interferences. Thus manual sampling is recommended, with approaches similar to
EPA Method 5 [6].
Nitrosamine sampling must be done manually; sufficient testing and use of continuous methods is not available
to justify its use for this purpose. The most reasonable approaches at this time center on cartridges loaded with
Thernosorb/N, with later extraction and analysis by HP liquid chromatography or gas chromatography following, or
slightly modified from, the OSHA 27 method. It is likely that multi-stage sampling trains will be required to obtain
the suite of desired nitrosamines. Both aqueous and vapor phases should be collected. If water removal methods are
used, condensed phase must also be collected and analyzed.
Whatever methods are chosen to be applied must include multiple field blanks collected under conditions as close
to those used for sampling full operations as possible. Serious consideration should be given to the feasibility of
undertaking method validation tests at the stack (such as spike tests at the sample train inlets in order to estimate
potential sample losses through the sampling train, as they can be quite high for the types of compounds of interest).
Appendix C. Relative accuracy test audits
The CHP flue gas supply and product CO2 flow meters installed do not conform to ASME PTC 19.5, Standard
for Flow Measurement [7]. It is recommended here that these flow meters be subjected to a RATA prior to or during
base-case testing. Three options for conducting such an audit are described below.
Note that use of one of these RATA calibration methods for CHP flue gas flow could provide calibrations for the
flow meters described in Table 11.
Table 11. RATA methods for CHP flow meters
Meter location

RATA method

Meter type

CHP after DCC

8610-FT-0150

Ultrasonic

CHP after DCC

8610-FT-0124

TORBAR pitot tube

Absorber inlet

8610-FT-2039

TORBAR pitot tube

Absorber outlet

8610-FT-2431

TORBAR pitot tube

Use of these RATA/calibration methods for product CO2 flow could provide simultaneous calibrations for the
product CO2 flow meters given in Table 12.
.
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Table 12. RATA methods for product CO2 flow meters
Meter location

RATA method

Meter type

Product CO2

8615-FT-0010

Vortex

Product CO2

8615-FT-2203

TORBAR pitot tube

Pitot tube traverse method
The unobstructed CHP flue gas duct lengths allow pitot tube traverses to be used to calibrate the CHP flow
meters. ASME PTC19.5 describes how such a pitot tube traverse for flow is to be conducted. The practice in the US
is to conduct a minimum of nine (9) separate flow traverses during which the challenged flow meter data is also
collected. A maximum of three (3) of the flow traverse data sets may be discarded as outliers. The calibration flow
and uncertainty are then calculated from remaining flow traverse data sets. The procedure is summarized in Section
2 of EPRI publication TR-104527 [8]. Duct nozzles allowing the use of traversing pitot tubes would need to be
installed in the CHP flow duct to accomplish the flow traverses.
Dilution method
The flow meters may be calibrated by a dilution procedure. This is not a reference method, but it can be
acceptable if the injection flow and concentrations are measured with sufficient accuracy. The general approach is to
inject a tag gas far upstream of the flow meter (to allow for good mixing) and measure the concentration of the tag
gas at the flow meter. The calibrated flow is then calculated by:
q meter

where:

q tag

C tag
C tag,meter

qmeter
qtag
Ctag
Ctag, meter

= mass flow rate at the metering location
= measured mass flow rate of the tag gas injected
= measured concentration of tag gas injected
= measured concentration of tag gas at the flow meter.

A suitable tag commonly used is helium in air. The tag gas is supplied in high pressure gas bottles. A certified
concentration of helium is required from the supplier. The tag gas is metered through a critical orifice (upstream
pressure greater than ~2.5 bar). The flow through the orifice is directly proportional to the upstream (absolute)
pressure. The concentration of helium can be measured at the flow meter using a thermal conductivity detector. A
second cylinder of helium in air at the anticipated span concentration is required to calibrate the detector as is a
helium-free air zero gas. Thermal conductivity detectors for helium are available from a number of manufacturers
(and rental companies). These are normally used to detect helium leaks in lab equipment but are suitable also for
sampling. Typical detection limit is 25 ppmv. In order to achieve ~1% uncertainty in the measured concentration, a
measured concentration at the flow meter would be 2500 ppmv (0.25%).
Using this procedure to calibrate the flow meter at the absorber outlet would require a separate Ctag, concentration
measurement at the absorber outlet flow meter location.
Radioactive tracer method
The flow meters may also be calibrated by a procedure to measure transit time of a radioactive tracer. The
method is described in a British Standard [9]. By this method, a radioactive tracer is pulse-injected upstream and
radiation detectors are located a measured distance apart downstream. The method reports average velocity by
measuring the transit time of the radiation pulse between the injection and detector locations. Mass flow is then
calculated by multiplying the measured velocity, the pipe cross section and the gas density:
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q meter

where:

dUSD 2
4t

qmeter
d

U

D
t

= mass flow rate
= distance between radiation detectors
= gas density
= duct diameter
= time of radiation pulse transit.

Particular care must be taken in locating the injection point, and the radiation detectors. All three locations should
be located on a long straight pipe run with minimal obstructions and no side taps. Conduct of this calibration
procedure requires careful attention to a number of design and operating factors and should be undertaken only by
personnel experienced in conduct of the procedure.
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Abstract
Independent verification protocol (IVP) work has been conducted at the CO2 Technology Centre Mongstad (TCM DA) during
treatment of flue gas from a natural gas-fired combined heat and power (CHP) plant. The testing applied an aqueous 30 wt%
monoethanolamine (MEA) solvent system treating flue gases with a flow rate of about 47.000 Sm3/hr and a CO2 content of about
3.5%. The CO2 capture rate was about 90% and the thermal steam consumption was about 4.1 GJ/t CO2. Emissions of MEA were
very low and MEA-related degradation products were all below detection levels, and all within the emission limits set by the
Norwegian environmental authorities. The current work may be considered an independently verified baseline for a nonproprietary post-combustion amine based solvent system carried out at an industrial-scale plant facility.
Long-term performance indices, such as material corrosion, MEA solvent degradation, etc., have not been considered in the
current IVP work. Additional minor process adaption to the aqueous MEA solvent system, such as increased MEA
concentrations, the use of anti-foam solutions, etc., may lead to lower thermal steam consumptions than aforementioned.
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1. Introduction
CO2 Technology Centre Mongstad (TCM DA), located next to the Statoil refinery near Mongstad, Norway, is one
of the largest post-combustion capture (PCC) test facilities in the world. TCM DA is a joint venture between
Gassnova, Statoil, Shell, and Sasol. The purpose of this facility, which started operation in August 2012, is to allow
vendors of suitable amine formulations and other PCC processes to test their technology and collect performance
data to support full-scale design and anticipate the associated performance and operating costs. A unique aspect of
the facility is that either a slipstream from a natural gas-fired combined heat and power (CHP) plant or an equivalent
volumetric flow from a refinery residue fluid catalytic cracker (RFCC), whose higher CO2 content (about 12.9%
compared with about 3.5% for the natural gas-based flue gas) is closer to that seen in coal flue gas, can be used for
CO2 capture. In the CHP plant, the natural gas is combusted in a gas turbine and the flue gas content and
characteristics are similar to those of a combined cycle gas turbine (CCGT) power plant. One of the testing facilities
in place at TCM DA is a highly flexible and well-instrumented generic amine plant, designed and constructed by
Aker Solutions and Kværner, aimed to accommodate a variety of technologies with capabilities of treating flue gas
streams of up to 60,000 Sm3/hr. This plant is being offered to vendors of solvent-based CO2 capture technologies to
primarily test: (1) the performance of their solvent technology; and (2) technologies aimed to reduce the atmospheric
emissions of amines and amine-based degradation products from such solvent-based CO2 capture processes.
An independent verification protocol (IVP) has been developed by the Electric Power Research Institute (EPRI)
to be used as part of the overall performance assessment of amine-based TSA processes, as described in details
elsewhere [1]. The IVP is designed to provide a structured testing procedure for assessing thermal and environmental
performance of PCC processes under normal operating conditions.
The IVP has been applied during base-case testing done 6–10 January 2014 on the TCM amine plant using
aqueous 30 wt% monoethanolamine (MEA) as the solvent while treating flue gas at a flow rate of about 47.000
Sm3/hr from the CHP plant. The IVP project was performed jointly between TCM DA, Aker Solutions, FORCE
Technology, and the Electric Power Research Institute (EPRI), and the base-case testing is part of Aker Solutions’
test campaigns at TCM DA.
This work is part of a continuous effort of gaining better understanding of the performance potential of the nonproprietary aqueous MEA solvent system, conducted by TCM DA and its affiliates and owners, in order to test,
verify, and demonstrate CO2 capture technologies [1, 2, 3]. The purpose of the current work is to provide the results
of the IVP done for aqueous 30 wt% MEA, which provides a baseline that can be commensurately compared against
other (solvent-based) PCC processes. This work may thus be considered the baseline for a non-proprietary PCC
amine-based solvent system treating low CO2 partial pressure flue gases at a significant flow rate from the
combustion of natural gas in a gas turbine.
2. Project overview
The TCM pilot-scale amine plant was designed and constructed by Aker Solutions and Kværner. The amine plant
was designed to be flexible to allow testing of different configurations, and has respective capacities of about 80 and
275 tonnes-CO2/day for CHP and RFCC flue gas operations. The TCM DA amine plant process flow diagram
showing high-level equipment contained within the plant along with key extant instrumentation and the nominal
CHP flue gas characteristics is given elsewhere [1]. The major systems include:
x An induced draft (ID) blower to overcome pressure drops and blow the flue gas through the plant with a blower
output capacity of up to about 270 mbar and 70,000 Sm3/hr.
x A direct-contact cooler (DCC) system to initially quench and lower the temperature and saturate the incoming
flue gas by a counter-current flow water in order to improve the efficiency of the absorption process and provide
pre-scrubbing on the flue gas. The DCC system has two individually operated packed columns for operations
with respectively the CHP flue gas and the flue gas from the refinery cracking unit. The DCC column designed

355

Collection 11: MEA Solvent

5996

x

x

x
x

Espen S. Hamborg et al. / Energy Procedia 63 (2014) 5994 – 6011

for CHP flue gas operations has of a 3-m diameter and a total of 16 m of height. The section where water counter
currently contacts the flue gas is of 3.1 m of height with Flexipack 3X structured stainless-steel packing of Koch
Glitsch. The DCC column designed for the flue gas from the refinery cracking unit has a diameter of 2.7 m and a
total height of 16 m. The section where water counter currently contacts the flue gas is of 3 m of height with
Intalox Snowflake random polypropylene packing of Koch Glitsch.
An absorber to remove CO2 from the flue gas using solvent. The absorber has rectangular polypropylene-lined
concrete column with a cross-section measuring 3.55 x 2 m of a total of 62 m of height. The lower regions of the
tower, where the amine solution contacts the flue gas, consist of three sections of Koch Glitsch Flexipac 2X
structured stainless-steel packing of 12 m, 6 m, and 6 m of height, respectively. Water-wash systems are located
in the upper region of the tower to scrub and clean the flue gas particularly of any solvent carry over, and consist
of two sections of Koch Glitsch Flexipac 2Y HC structured stainless-steel packing of both 3 m of height. The
water wash system is also used to maintain the water balance of the solvent system by adjusting the temperature
of the circulating water of the upper water-wash section. Liquid (re-)distributors, liquid collector trays, and mesh
mist eliminators by Koch Glitsch are located at various locations in the tower. The CO2 depleted flue gas exits
the absorber column to the atmosphere through a stack located at the top of the absorber column.
Stripper columns to recover the captured CO2 and return CO2-lean solvent to the absorber. The amine plant
consist of two independent stripper columns with overhead condenser systems; one measuring 1.3 m in diameter
and a total of 30 m of height, the second measuring 2.2 m in diameter and also a total of 30 m of height. The
lower regions of both stripper column, where the amine solutions is stripped, consist of Koch Glitsch Flexipac
2X structured stainless-steel packing of 8 m of height, and in the upper regions of the strippers consist of a
rectifying water-wash section of Koch Glitsch Flexipac 2Y HC structured stainless-steel packing of 1.6 m of
height. Liquid (re-)distributors, liquid collector trays, and mesh mist eliminators by Koch Glitsch are located at
various locations in the strippers. Each stripper column is connected to its respective stream-driven thermosiphon
reboiler system, providing the necessary heat required for the stripping process. The two stripper columns are
operated independently considering the CO2 content in the flue gas, due to column design and hydraulics and gas
velocities effects, i.e., the smaller diameter stripper column is utilized when treating CHP flue gas, whereas the
large diameter column is utilized when treating flue gases of higher CO2 content.
A set of pumps used to move the CO2-lean and CO2-rich solvent streams between the absorber and stripper and
through a cross-flow heat exchanger to recover heat from the lean stream.
A reflux drum, condenser, and pumps to dry the product CO 2 that exits from the stripper. A portion of the
product CO2 can also be recycled back to the inlet of the DCC to increase the concentration of the CO2 in the
inlet flue gas stream.
The roles and responsibilities of the organizations that conducted the current IVP project are as follows:

x TCM DA is the prime on the project and its personnel organized the field testing including contracting to do gas
sampling during the test period. Personnel from TCM DA and TCM DA owner organizations were responsible
for planning and setting the test program for the base-case testing, and also operating the plant throughout. TCM
DA personnel collected samples during the base-case testing for quantification of trace species in the depleted
flue gas stream.
x Aker Solutions is the technology vendor testing its solvent-based PCC technologies at TCM DA. A part of Aker
Solutions’ test period was to conduct a campaign based on the non-proprietary MEA solvent system, which was
intended to be used as a reference for future testing. The base-case testing done 6–10 January 2014 was
consequently a part of Aker Solutions’ test campaigns at the TCM DA amine plant.
x FORCE Technology brought a single sampling crew on-site during the base-case testing to extract and analyse
samples from the CHP flue gas supply, depleted flue gas, and product CO2 streams. This sampling was conducted
sequentially with a single set of continuous emissions monitors (CEMs). FORCE Technology also collected gas
samples for off-site analysis of particulate, SO2/SO3, and amine-related compounds.
x EPRI was contracted to develop the IVP and help apply it during the base-case MEA testing. Two EPRI
engineers were on-site during the testing to observe the conduct of the tests. EPRI is also the lead on the current
IVC work.
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3. Independent verification protocol approach
Base-case testing of the performance of the TCM amine plant using a nominal 30% MEA as the solvent was
conducted the week of 6 January 2014 after approximately 6 weeks of operating the amine plant with the 30% MEA
solution. The plant was operated at steady state through the entire week. (Note: The MEA solution concentration did
drift down approximately 1 percentage point during the week of base-case testing.) The only operational abnormality
was a short loss of flue gas flow for about 15 minutes at 15:00 hrs on 8 January 2014 from which operations were
quickly restarted.
FORCE Technology was on-site to manually collect samples sequentially from the flue gas supply, depleted fuel
gas, and product CO2. During all sampling periods the following sample data were collected:
x CO, CO2, NOX, O2, SO2, and N2 (by difference) concentrations in vol%
x Flow rate, pressure, and temperature.
The sampling time periods and sampling period designator are shown in Table 1 along with additional sampling
undertaken on each day. Data logs for all sampling periods containing pertinent flows, temperatures, pressures, and
concentrations measured by permanent plant instruments were supplied by TCM DA.
Table 1. FORCE Technology sampling periods
Stream sampled

Date

Depleted flue
gas

6 January
2014

Depleted flue
gas

7 January
2014

Product CO2

8 January
2014

Flue gas supply

9 January
2014

Start time / Stop
time

Sampling results reported

Test
designator

14:13 / 17:43

Major gases, flow

C1-1a

10:28 / 13:50

Acetone, aldehydes amine degradation
products, NH3

C1-1b

7:58 / 11:23

Cl-, H2SO4, NH4+, particulate, salts, SO2,
SO42-

C1-2

11:50 / 15:07

Major gases, flow

C1-3a

17:02 / 20:10

Acetone, aldehydes amine degradation
products, NH3

C1-3b

9:12 / 12:55

Cl-, H2SO4, NH4+, SO42-, salts

C1-4a

13:05 / 16:14

NH3

C1-4b

4. Instrument assessment
This section assesses the quality of the instrumentation installed for measuring the respective compositions and
flow rates. There are two measures of instrumentation quality:
x Accuracy / bias – Measure of the difference between the instrument reading (or average of a set of readings under
unchanging process conditions) and the true value of the parameter. The “true value” must be determined by
means other than the measurement in question. This is usually accomplished by simultaneous measurement of the
parameter by the plant instrument and a reference method or instrument with calibration that can be traced to
primary standards.
x Precision – Variability of the instrument reading when stream conditions do not change. Precision is a measure of
the random error associated with the measurement.
The aggregate uncertainty in a measurement includes both precision error and bias error. Absent a calibration
against primary standards, the uncertainty published by the instrument supplier is only the precision error.
Note also that precision is a measure of repeatability when the process parameter being measured does not
change. It is often the case that the process parameter (flow, pressure, and temperature) does change over the

357

Collection 11: MEA Solvent

5998

Espen S. Hamborg et al. / Energy Procedia 63 (2014) 5994 – 6011

measurement period. Thus, measurements over long periods of time (greater than process time constants) will also
include an error term related to process uncertainty.
4.1. Gas phase compositions
The CO2 and O2 content of the flue gas supply, depleted flue gas, and CO2 product stream is routinely determined
by the respective plant Fourier Transform Infrared (FTIR) (Applied Instrument Technologies and Finetech, model:
Anafin 2000) and O2 (Siemens, model: Oxymat 6) sampling and analysis system. The sampling system admits the
gas stream, sampled from various single points as given by Thimsen et al [1]. The sample is continuously drawn by a
selection system serving the analyzer. The gas supply samples are diverted to the common analyzers in a 90-minute
cycle, i.e., the analyzer cycles between flue gas supply for 15 minutes, depleted flue gas for 30 minutes, and CO2
product stream for 15 minutes. In each sampling, the analyzer sampling lines and cells are sufficient flushed with the
gas to be measured and, after a certain time, wet-gas concentration for every 1½ minutes for a total of 10
concentrations are reported. The plant control system displays to the operators the most recent concentration report.
Thus, the last report of the 10 is displayed for approximately 75 minutes until the next sampling cycle for the flue
gas supply and CO2 product stream and approximately 60 minutes for the depleted flue gas.
The flue gas supply, depleted flue gas, and CO2 product stream compositions were analyzed by FORCE
Technology during the base-case operations. The measurements reported by FORCE Technology were on a dry
basis. (The sample is dried before analysis.) These dry-basis data were converted to wet basis by assuming that the
flue gas supply is saturated with water at the temperature and pressure measured by the plant data acquisition
system. The recalculated FORCE Technology data are given in Fig. 1 and Fig. 2, and compared to the values
determined by the FTIR system. Details include:
x Fig. 1 displays the CHP flue gas supply CO2 and O2 concentration data over the test campaign. The agreement
between FORCE Technology O2 measurements and those measured by TCM DA O2 analyzer on 9 January are as
good as the agreement in respective CO2 measurements. These data show that for the last 2½ days of the
campaign, CHP flue gas supplied to the pilot plant was of relatively uniform composition. This is probably not
the case for the first 1½ days of the campaign. The variability in CO 2 and O2 concentrations are significantly
greater than the precision uncertainty in the measurements indicating that the changes in measured concentration
represent real changes in CHP flue gas composition.
x Fig. 2 displays the depleted flue gas CO2 and O2 concentration data over the test campaign. The FORCE
Technology O2 data collected on 6 January differ significantly from the TCM DA O2 data for the first half of the
sampling period, but are in general agreement over the last half of the sampling period. The relative uniformity of
the FORCE Technology data on 6 January suggests that the TCM DA O2 data above 15% O2 may be spurious
and not a result of process changes. There was significant variation in the depleted flue gas FORCE Technology
CO2 and TCM DA FTIR concentration data for the sampling period. The precision error for this measurement is
in excess of 20%. In addition, there was a significant positive bias in the FTIR data compared to FORCE
Technology data taken simultaneously on 6 January. The bias could be corrected by multiplying the FTIR data by
0.7 over this time period. Although the bias is significant, the error was about 0.1% points.
x The product CO2 composition data reported by FORCE Technology include O2 content between 1–2%. It is
difficult to imagine a mechanism by which the product CO 2 stream (stripper overhead) can contain this much
oxygen, and it is therefore presumed that this oxygen is due to air in-leakage into the sampling system, thereby
disqualifying the data. For the purposes of calculating CO 2 removal and recovery, it is assumed here that the
product CO2 stream consists only of CO2 saturated with water at the measured temperature and pressure.
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Fig. 1. CHP flue gas supply CO2 and O2 data. FTIR and O2 analyzer data are averaged over analysis circles. Data collected by FORCE
Technology on 9 January are also shown.
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Fig. 2. Depleted flue gas CO2 and O2 data. FTIR and O2 analyzer data are averaged over analysis cycles. Data collected by FORCE Technology
on 6 January are also shown.

4.2. Gas phase flow rates
The flow rates of the flue gas, depleted flue gas, and CO2 product stream are continuously determined by plant
instrumentation. The TCM DA amine plant facility is particularly well instrumented for determining the flue gas
supply flow rate, with several different types of flow meters in series.
The flue gas, depleted flue gas, and CO2 product stream flow rates were determined by pitot-tube traversing
during the base-case operations by FORCE Technology and the results compared to plant instrumentation are
discussed below:
x The CHP flue gas supply flow is measured by two instruments, an ultra-sonic flow meter (FT-0150) and a multipitot-tube flow meter (FIC-0124), which are characterized in Table 2. The data from these flow meters are shown
in Fig. 3. The flow rates are defined standard conditions of 15 °C and 1 atmosphere. The CHP flue gas flow was
very steady over the test week with the exception of a 15-minute period on 8 January when the flow went to zero
due to a trip of the ID blower. FORCE Technology made an independent measurement of flow on 9 January as
indicated in Fig. 3. The difference between the value measured by FORCE Technology and that measured by the
plant instruments is less than 1%. This result must be tempered by the reported uncertainty in the FORCE
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Technology measurement of 10%. The test period flow averages used for all calculations are the data reported by
the ultrasonic flow meter (FT-0150).
x The depleted flue gas flow is measured by a single multi-pitot tube flow meter whose characteristics are listed in
Table 2. The depleted flue gas flow rate of this instrument varies in a fashion that is uncorrelated with any known
operational parameter rendering this data of little use for the purposes of the base-case testing. Investigation of
this has indicated variation of the measured flue gas flow rate with the ambient air pressure. This may be related
to the physical installation position of the instrument; however, exact cause for this flow rate variation is not yet
understood. FORCE Technology measured a flow of 47.000 Sm3/hr (±10%) at this location on 7 January 2014.
x The key product CO2 flow meters are listed in Table 2. The product CO2 flow measured by the vortex flow meter
(FT-0100) is the primary flow meter used by TCM operators. The data from this flow meter are shown in Fig. 4.
The product CO2 flow was relatively steady over the test week with the exception of the 15-minute period on 8
January 2014 when the flow went to zero due to an ID blower trip. FORCE Technology made an independent
measurement of flow on 8 January as indicated in Fig. 4. The difference between the value measured by FORCE
Technology and that measured by the plant instruments is approximately 6%, within the uncertainty reported by
FORCE Technology measurement of 10%.
Table 2. Key flow instrumentation. Precision uncertainties are based internal instrument assessment by TCM DA.
Stream
CHP flue gas supply

Tag number

Instrument type

Primary flow
measurement

Precision
uncertainty

FIC-0124

Multi-pitot tube

Differential pressure

2.5%

FT-0150

Ultra-sonic

Flowing volume

1.3%

Absorber outlet depleted flue gas

FT-2431

Multi-pitot tube

Differential pressure

5.4%

Product CO2

FT-0010

Vortex

Flowing volume

1.0%

Fig. 3. CHP flue gas supply flow measurements
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Fig. 4. Product flue gas flow rate and test period averages

4.3. Steam and condensate flow rates
A schematic of the system supplying steam to the stripper reboiler is shown in Fig. 5. High-pressure (HP) steam
is delivered from the refinery to the TCM amine plant at a pressure of approximately 30 bars, superheated to
approximately 240°C to 310°C. The HP steam is throttled to a pressure near the stripper reboiler steam pressure at
approximately 5 bars and then desuperheated with condensate. The stripper reboiler condensate collects in a receiver
from which it is returned to the refinery. A small amount of medium-pressure (MP) steam is reduced to a lower
pressure for use in steam heat tracing. The low-pressure (LP) steam condensate is returned to the same receiver as
the stripper reboiler condensate.
The parameter of interest is the steam flow to the reboiler. A check on this parameter is the HP condensate flow
returned to the refinery. The condensate return flow should be the sum of the reboiler steam flow and any condensate
flow produced in steam heat tracing. Fig. 5 shows these two parameters. The condensate return flow indicated (FT2455) is consistently higher than the reboiler steam flow (FT-2386) by typically 2% to 8%. This difference is in the
correct direction when heat tracing condensate (not measured by the reboiler steam flow meter) is entering the
condensate receiver.
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FT-2065

CHP Stripper

Condensate
FT-2051
PT-2069
TT-2569

PT-2052
TT-2057

PT-2389
TT-2387
FT-2386

HP Steam
PT-2060
LP Steam
LP Condensate

TT-2388

Stripper reboiler
LT-2312

Condensate drum

Condensate
Return
FT-2455
Fig. 5. Stripper reboiler steam supply flow schematic

Fig. 6. Reboiler steam flow and HP condensate return flow
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5. Results and discussions
5.1. CO2 capture efficiency and recovery
CO2 capture efficiency can be quantified in four ways as described by Thimsen et al. [1] and indicated in Table 3.
In addition, the CO2 recovery calculation is given in Table 3. The CO2 recovery is a measure of the CO2 mass
balance.
Table 3. CO2 capture efficiency and recovery calculations
Term

Description

CO2 capture efficiency: Method 1

CO2 product flow as a ratio to the CO2 flow in the flue gas
supply

CO2 capture efficiency: Method 2

CO2 product flow as a ratio to the sum of the CO2 product
flow and the CO2 flow in the depleted flue gas

CO2 capture efficiency: Method 3

Ratio of the difference between the CO2 flow in the flue
gas supply and the CO2 in the depleted flue gas to the CO2
flow in the flue gas supply

CO2 capture efficiency: Method 4

Formula

Ratio of the depleted flue gas CO2 per unit O2+N2 to the
flue gas supply CO2 per unit O2+N2

ൌ
ൌ
ൌ

ܱܥଶ ሺݐܿݑ݀ݎሻ
ܱܥଶ ሺݕ݈ݑݏሻ

ܱܥଶ ሺݐܿݑ݀ݎሻ
ܱܥଶ ሺݐܿݑ݀ݎሻ  ܱܥଶ ሺ݀݁݀݁ݐ݈݁ሻ
ܱܥଶ ሺݕ݈ݑݏሻ െ ܱܥଶ ሺ݀݁݀݁ݐ݈݁ሻ
ܱܥଶ ሺݕ݈ݑݏሻ

ܱைమ
൫ͳ െ ܫைమ ൯
൫ͳ െ ܱைమ ൯ ܫைమ
OCO2 = Depleted flue gas CO2 content, dry
basis
ൌͳെ

ICO2 = Flue gas supply CO2 content, dry
basis
CO2 recovery

Ratio of the sum of the CO2 flow in depleted flue gas and
the product CO2 flow divided by the CO2 flow in the flue
gas supply

ൌ

ܱܥଶ ሺ݀݁݀݁ݐ݈݁ሻ  ܱܥଶ ሺݐܿݑ݀ݎሻ
ܱܥଶ ሺݕ݈ݑݏሻ

The depleted flue gas flow measurement is not yet a reliable measurement. A value can be calculated for the
depleted flue gas flow by assuming that the oxygen and nitrogen entering the absorber with the flue gas supply
leaves in the depleted flue gas. The depleted flue gas temperature may be used to calculate saturated water content.
The depleted flue gas CO2 concentration may be used to calculate CO2 flow. Note that these are essentially the same
assumptions as those used for Method 4, hence the Method 3 and Method 4 calculations result in essentially identical
CO2 capture rates. Using the calculated flow of depleted flue gas allows an estimate of the CO 2 recovery to be
calculated.
Table 4 shows the four calculations of CO2 capture and recovery for the base-case test periods (using the
calculated value for depleted flue gas flow). The first thing to note is that all calculated CO2 captures were fairly
steady for the first three days of operation (test periods C1-1a to C1-3b). The CO2 capture on the last day (C1-4a,
C1-4b) was significantly higher by approximately 3–4 percentage points. The CO2 recovery (mass balance) was
neither greater than 95.5% nor as low as 91.3%. Note also that the CO2 capture calculated by Method 1 is always
less than the CO2 capture calculated by Methods 2, 3, and 4. These two facts suggest that either quantification of
CO2 flow in the CHP flue gas supply is biased high or that calculation of CO 2 flow in the product is biased low.
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Table 4. CO2 capture and CO2 recovery results
Test period
S-Supply
D-Depleted
P-Product
C1-1a

Method 1
ൌ

ܲ
ܵ

83.5%

Method 2
ൌ

ܲ
ܲܦ

Method 3

90.8%

ൌ

ܵെܦ
ܵ

Method 4
ൌͳെ

91.5%

91.5%

CO2 recovery
ܱைమ

൫ͳ െ ܱைమ ൯

൫ͳ െ ܫைమ ൯
ܫைమ

ൌ

ܦܲ
ܵ

91.3%

C1-1b

85.8%

90.8%

91.3%

91.3%

94.0%

C1-2

86.5%

90.8%

91.3%

91.3%

94.8%

C1-3a

84.8%

90.8%

91.5%

91.5%

92.8%

C1-3b

83.7%

90.1%

90.8%

90.8%

92.2%

C1-4a

88.7%

93.8%

94.1%

94.1%

94.2%

C1-4b

90.8%

94.8%

95.0%

95.0%

95.5%

The uncertainty in measurement of flow and composition propagate into uncertainty in the CO 2 capture. The
uncertainty calculations and representative results from the each of the calculation methods are shown in Table 5.
The following assumptions are used:
x Flow metering uncertainties are those theoretically estimated and calculated by internal work at TCM DA for the
indicated flow meters [1]
x Concentration uncertainties for the flue gas flows are those aforementioned
x Concentration uncertainty for the product CO2 is arbitrarily assigned to be 2%, which allows for actual CO2
content as low as 98%
x CO2 capture percentage of 90% is representative of that measured during base-case testing. (The calculation is
not particularly sensitive to this parameter between 85 and 95%.)
A few notes on the CO2 capture uncertainty results:
x The uncertainty in CO2 capture is almost all due to uncertainty in CO2 content of the CHP flue gas supply for the
assigned total flow uncertainties. The CO2 capture uncertainty is relatively insensitive to both the product CO 2
content uncertainty and the depleted flue gas CO2 content uncertainty.
x The fact that CO2 recovery is less than 100% suggests that one or more of the flows has a significant bias error
than calculated from instrument specifications. Hence the need for a relative accuracy test audit of the pertinent
flow meters to assign more realistic uncertainties. These are likely to be higher than the calculated values, which
will increase overall CO2 capture uncertainty above that indicated in Table 5.

Table 5. Uncertainty in CO2 capture as a function of flow/composition measurement uncertainty (Nominal CO2 capture of ECO2 = 90%)
CO2 capture calc.
method
1
2
3

Stream

Uncertain in:
Total flow

CO2 content
2%

CO2 flow
UCO2P=2.3%

5%
2%

UCO2S=5.2%
UCO2P=2.3%
UCO2D=25%
UCO2S=5.2%
UCO2D=25%

Product

1.1%

Supply

1.3%

Product

1.1%

Depleted

1.3%

Supply

1.3%

25%
5%

Depleted

1.3%

25%
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CO2 capture
5.6%
2.5%
2.8%

CO2 capture uncertainty equation
ඥሺܷைଶௌ ሻଶ  ሺܷைௌ ሻଶ

ሺͳ െ ܧைଶ ሻඥሺܷைଶ ሻଶ  ሺܷைௌ ሻଶ

ሺͳ െ ܧைଶ ሻ
ඥሺܷைଶௌ ሻଶ  ሺܷைௌ ሻଶ
ܧைଶ
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5.2. Thermal energy use
The heat released in the reboiler is calculated as the difference between steam enthalpy at the measured reboiler
inlet temperature (T) and pressure (P) and saturated water enthalpy at the reboiler condensate temperature. The
pertinent data are given in Table 6.
Table 6. Stripper reboiler thermal use calculation
Reboiler steam

Reboiler condensate

Flow

T

P

Steam enthalpy

T

Enthalpy

Reboiler
heat duty

CO2 flow

Specific
thermal use

Test Period

kg/hr

°C

bara

kJ/kg

°C

kJ/kg

MJ/hr

kg/hr

GJ/t CO2

C1-1a
C1-1b
C1-2
C1-3a
C1-3b
C1-4a
C1-4b

4793
4803
4802
4801
4802
4802
4801

168.1
169.0
168.8
170.0
170.2
169.8
170.1

5.43
5.43
5.43
5.43
5.43
5.43
5.43

2782.8
2784.8
2784.4
2787.2
2787.7
2786.6
2787.3

118.9
118.9
118.8
119.0
119.1
119.2
119.2

498.9
498.9
498.7
499.7
500.2
500.3
500.5

10,946
10,980
10,976
10,983
10,985
10,978
10,978

2629
2631
2639
2635
2633
2696
2702

4.16
4.17
4.16
4.17
4.17
4.07
4.06

The thermal steam consumption data give in Table 6 are based on aqueous 30 wt% MEA solvent system without
the addition of any anti-foam solution. Upon addition of anti-foam solution and increase of the MEA solvent
concentration during the MEA test campaign at TCM DA, the steam consumption was further reduced during CHP
flue gas treatment, as described by Brigman et al [2]. Those tests were not a part of the current IVP work.
Additionally, TCM DA has a LVC system installed; however, this system was not operated during Base-Case test
and is consequently also not a part of the current IVP work. LVC systems have previously been showed by Knudsen
et al. [4] to substantially decrease the thermal steam consumptions during amine plant operations with the aqueous
MEA solvent systems.
5.3. Process contaminants
FORCE Technology measured gas-phase concentrations of the compounds listed below and the results are
provided in Table 7. During the base-case testing time period, the CHP plant received refinery gas from the
Mongstad refinery, which was, to some extent, co-fired with the natural gas.
x SO2 concentrations were measured on different days. The CHP flue gas supply SO2 concentrations are very low
as are concentrations in the other streams.
x H2SO4 concentrations were measured in the two flue gas streams on different days. The flue gas H2SO4
concentrations are very low as are concentrations in the other streams. The H2SO4 concentrations were
determined by extracting aqueous H2SO4 containing droplets, referred to as SO3 mist droplets, on a heated filter.
x NOx concentrations were below detectable limits for all streams
x Total particulates concentrations were measured on different days. The CHP flue gas supply total particulate
concentrations are very low and were below detection limit in the depleted flue gas.
x Acetone, acetaldehyde, and formaldehyde were measured in the depleted flue gas and the product CO2 stream on
separate days. The emissions concentrations of acetone and the aldehydes are higher in the product CO 2 than the
depleted flue gas, likely due to the low temperature boiling point nature of these compounds.
x NH3 concentrations were measured for both depleted flue gas and product CO 2. The results indicated emissions
of NH3, likely arising from MEA degradation process occurring in the solvent system.
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x MEA concentrations were determined by iso-kinetic sampling conducted by TCM DA personnel and further
sample analysis by the TCM DA laboratories. The MEA concentrations in the depleted flue gas are very low, and
were below the emission limits set by the Norwegian environmental authorities (Miljødirektoratet). [3]
x MEA degradation products were determined by iso-kinetic sampling from the depleted flue gas and product CO 2
by FORCE Technology and further laboratory analysis. The concentrations of any nitrosamines and nitramines
were all below detection limits for both the depleted flue gas and the CO2 product. [3] The emissions of MEA
degradation products were below the emission limits set by the Norwegian environmental authorities.
Table 7. Gas-phase concentrations
Test period ID
Item / S-Supply / D-Depleted / P-Product

C1-1a

C1-1b

C1-2

SO2

S
D
P

ppmv

H2SO4

S
D
P

mg/Sm3
(dry)

0.0036

mg/Sm3
(dry)

< 10

NOX

S
D
P

C1-3a

C1-3b

C1-4a

C1-4b

0.043
0.042
0.093
0.0088

< 10
< 10

Particulate

S
D
P

mg/Sm
(dry)

Acetone

D
P

mg/Sm3
(dry)

< 0.07

Formaldehyde

D
P

mg/Sm3
(dry)

< 0.07

Acetaldehyde

D
P

mg/Sm3
(dry)

0.30

NH3

D
P

mg/Sm3
(dry)

7.7

MEA*

D
P

μg/Sm3
(dry)

Total nitrosamines

D
P

μg/Sm3
(dry)

< 0.80

Total N-nitrosdimethylamine

D
P

μg/Sm3
(dry)

< 0.08

Total nitramines

D
P

μg/Sm3
(dry)

< 0.20

0.060

3

< 0.053

0.91
0.19
13.0
16
22.5

< 0.07
< 0.07
< 0.10

* FORCE Technology measurements of MEA gas phase concentrations for both depleted flue gas and product CO2 were unsuccessful. The
value given in Table 7 for the depleted flue gas was iso-kinetically sampled and analyzed by TCM DA. The MEA gas-phase concentration
for the product CO2 was not measured by TCM DA.

5.4. Process stream information
Additional amine plant process information for the base-case test is given in Appendix A. This information is not
covered by the current IVP work, but is given for the convenience of the reader.
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6. Conclusions
IVP work has been conducted at CO2 Technology Centre Mongstad during treatment of flue gas from a natural
gas-fired combined heat and power (CHP) plant. The testing is referred to as the base-case testing, applying an
aqueous 30 wt% MEA solvent system treating flue gases with a flow rate of about 47.000 Sm3/hr and a CO2 content
of about 3.5%. For the base-case considered, the CO2 capture was about 90% and the thermal steam consumption
was about 4.1 GJ/t-CO2. Emissions of MEA were very low and MEA related degradation products were all below
detection levels, and all within the emission limits set by the Norwegian environmental authorities. The current work
may be considered an independently verified baseline for a non-proprietary PCC amine-based solvent system.
The following process aspects were not considered in the current IVP work:
x Long-term performance indices such as heat exchanger fouling, mass transfer packing fouling, foaming, material
corrosion, solvent quality control measures, solvent loss/replacement, etc.
x Use of anti-foam solution, which has proven to reduce the thermal steam consumptions at TCM DA
x Use of the installed lean vapor compressor system at TCM DA.
These aspects warrant further (IVC) work and studies in order to gain better understanding of the performance
potential of the aqueous MEA solvent system as a non-proprietary PCC system.
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Appendix A. Amine plant process information
Table 8 provides the amine plant main process information averaged over the base-case test time period. Process
fluctuations, generally attributed to fluctuations in the CO2 content of the CHP flue gas, cannot be derived from the
given values.
Table 8. Typical amine plant process information during Base-Case testing
Process parameter

Units

Value

Operating capacity

%

80

CHP flue gas supply rate
CHP flue gas supply temperature
CHP flue gas supply pressure
CHP flue gas supply CO2 concentration (wet)
CHP flue gas supply O2 concentration (wet)

Sm3/hr
°C
barg
vol%
vol%

46970
25.0
0.063
3.7
13.6

Depleted flue gas temperature

°C

24.7

Lean MEA concentration
Lean CO2 loading
Lean amine supply flow rate
Lean amine supply temperature
Lean amine density

wt%
mol CO2 / mol MEA
kg/hr
°C
kg/m3

30
0.23
54900
36.5
1067

Active absorber packing height
Temperature, upper absorber packing – 6
Temperature, upper absorber packing – 5
Temperature, upper absorber packing – 4
Temperature, upper absorber packing – 3
Temperature, upper absorber packing – 2
Temperature, upper absorber packing – 1
Temperature, middle absorber packing – 6
Temperature, middle absorber packing – 5
Temperature, middle absorber packing – 4
Temperature, middle absorber packing – 3
Temperature, middle absorber packing – 2
Temperature, middle absorber packing – 1
Temperature, lower absorber packing – 12
Temperature, lower absorber packing – 11
Temperature, lower absorber packing – 10
Temperature, lower absorber packing – 9
Temperature, lower absorber packing – 8
Temperature, lower absorber packing – 7
Temperature, lower absorber packing – 6
Temperature, lower absorber packing – 5
Temperature, lower absorber packing – 4
Temperature, lower absorber packing – 3
Temperature, lower absorber packing – 2
Temperature, lower absorber packing – 1

m
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C
°C

24
45.4
51.1
51.2
50.3
49.6
48.5
46.7
45.2
43.5
41.7
40.6
39.0
38.4
39.1
35.0
33.7
32.2
30.4
29.8
29.3
28.1
28.4
27.6
27.2

°C
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Rich solution return temperature

°C

27.7

Temperature above upper absorber packing
Wash water 1 supply flow rate
Wash water 1 inlet temperature
Wash water 1 withdrawal temperature

°C
kg/hr
°C
°C

38.1
55000
28.4
43.9

Temperature above Wash Water 1
Wash water 2 supply flow rate
Wash water 2 inlet temperature
Wash water 2 withdrawal temperature
Temperature above Wash Water 2

°C
kg/hr
°C
°C
°C

36.2
62000
23.5
35.0
24.7

Rich CO2 loading
Rich solution supply flow rate
Rich solution supply temperature
Lean solution return temperature
Rich amine density

mol CO2 / mol MEA
kg/hr
°C
°C
kg/m3

0.48
57200
108.6
119.1
1114

Reboiler steam flow rate
Reboiler steam temperature
Reboiler steam pressure
Reboiler condensate temperature
Reboiler condensate pressure

kg/hr
°C
barg
°C
barg

4800
169
4.42
118.8
4.11

Stripper overhead pressure
Stripper overhead temperature

barg
°C

0.90
99.8

Stripper overhead reflux flow rate
Stripper overhead reflux temperature

kg/hr
°C

1370
23.3

Stripper sump temperature
Reboiler solution temperature

°C
°C

119.3
122.3

Lean vapour compressor system

-

off

Product CO2 flow rate
Product CO2 discharge temperature
Product CO2 discharge pressure

kg/hr
°C
barg

2670
17.7
0.023
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Abstract
An amine plant campaign has been performed at the CO2 Technology Centre Mongstad applying the aqueous 30 wt% and 40
wt% monoethanolamine (MEA) solvent systems for treatment of flue gas from a combined heat and power (CHP) plant. CHP
flue gas flow rates were ranging from about 40.000 Sm3/h to 60.000 Sm3/h and the CO2 content was about 3.5 vol%.
Minimum specific reboiler duties (SRD) of respectively 4.0 MJ/kg CO2 and 3.7 MJ/kg CO2 were obtained for the aqueous 30
wt% MEA solvent system without and with the addition of anti-foam solution. A minimum SRD of 3.4 MJ/kg CO2 was obtained
for the aqueous 40 wt% MEA solvent system. Lower SRD and absorber liquid to gas (L/G) ratios were obtained with higher
concentration MEA solvents.
Increased absorber packing heights resulted in lower SRD. Variation in flue gas supply flow rates and corresponding
variations in solvent flow rates, i.e. constant L/G ratios, did not yield any significant variations in SRD. Decreased flue gas
supply temperatures resulted in lower SRD.
For any future large scale post-combustion capture (PCC) amine plant, engineering aspects such as the flue gas supply
temperature and instrumentation monitoring CO2 content in the flue gas must be evaluated to avoid the chemical equilibrium
pinch behavior. Engineering and environmental aspects related to the use of anti-foam solutions for future large scale PCC amine
plants must also be considered.
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1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) is the one of the world’s largest and most advanced facilities
for testing and improving CO2 capture technology. The facility enables vendors of suitable amine formulations and
other post-combustion capture processes to test their process, collecting performance data to support full-scale
design. The vendors can then anticipate the associated performance and operating costs of their amine formulations
and capture processes. As a result, one of the main objectives of TCM DA is to investigate and demonstrate the
flexibility of post-combustion amine based solvent systems with respect to load changes, variations in flue gas
composition, variations in amine plant operations and solvent system compositions in order to achieve optimal and
environmentally safe operating conditions. The flue gas utility system allows for flue gas supplies with varying
temperatures, flow rates, and CO2 content and also different types of flue gases with various trace components from
either a combined heat and power (CHP) plant or a refinery catalytic cracker. In the CHP plant, the natural gas is
combusted in a gas turbine and the flue gas content and characteristics are similar to those of a combined cycle gas
turbine (CCGT) power plant. The amine plant at TCM DA is a highly flexible and well instrumented generic amine
plant, designed and constructed by Aker Solutions, aimed to accommodate a variety of technologies with capabilities
of treating flue gas streams of up to 60.000 Sm3 per hour. The flexibility of the amine plant allows for handling of a
wide range of flue gas flow rates, temperatures, and CO 2 content in the flue gas, and also a wide range of various
operational parameters, i.e. solvent flow rates, absorber packing heights, stripper pressures, reboiler heat duties, lean
amine and cross heat exchanger duties, absorber water wash temperatures and flow rates with or without acid
injections, anti-foam solution injections, etc. [1, 2]
The campaign described in the current paper was conducted at TCM DA in the period December 2013 to
February 2014 as a part of Aker Solutions’ test period. In general, during the campaign the aqueous 30 wt%
monoethanolamine (MEA) solvent system was applied treating the flue gas from the CHP plant. The primary
purposes and goals of the campaign were:
x
x
x
x
x
x
x
x

Generate results from CHP plant operations with CO2 capture
Generate an independently verified TCM DA amine plant base case while treating CHP plant flue gas with
the aqueous 30 wt% MEA solvent system [3, 4]
Investigate the performance potential of higher MEA concentration solvents
Verify design capacities and flexibilities of the TCM DA amine plant and specific functionalities
Gain better understanding of scale-up, performance, and emission aspects and transient operations of the
TCM DA amine plant
Verify and improve process simulation models
Test and improve various online analyser for emission monitoring [5]
Scientific dissemination of some results

These purposes and goals are aimed for gaining experience and knowledge for future large scale carbon capture and
storage (CCS) projects.
This work is part of a continuous effort of gaining better understanding of the performance potential of the nonproprietary aqueous MEA solvent system, conducted by TCM DA and its affiliates and owners, in order to test,
verify, and demonstrate CO2 capture technologies. [3, 4, 5] The purpose of the current work is to provide results of
various operational conditions of the TCM DA amine plant, and hence demonstrating some capacities, flexibilities,
and performances of the plant while treating CHP flue gases.
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2. Testing Philosophy
An overview of the TCM DA amine plant has been given elsewhere. [3, 4, 5]
The test philosophy during the current campaign was to adjust one operational parameter at a time, e.g. the
solvent flow rate, the gas flow rate, etc., whilst subsequently allowing the amine plant to reach steady-state
operations and simultaneously manually controlling the CO2 capture rate to a specific value. The CO2 capture rate
was controlled to about 85% for most of the campaign by manually adjusting the reboiler steam flow rate. The
response time of the amine plant was up to about 3 hours, depending on the varied operational parameter. The plant
was operated for at least an additional 3 hours of steady-state operations after an operational parameter change
before the plant was considered to provide representative process values. Any solvent sampling for laboratory
analysis was conducted once representative process values were obtained. Certain transient operations were
conducted during the campaign, and the aforementioned test philosophy was adapted in order to accommodate such
operations. During Base-Case testing, as described elsewhere [3, 4], the amine plant was operated at steady-state
operations for about 1 week.
Table 1 provides the main operational parameters and ranges adjusted during the campaign. Approximately 150
different operating conditions were conducted during the campaign, and the results of some of these are presented in
the current work.
Table 1: MEA campaign overview
Adjusted operational parameter

Range
3

Flue gas flow rate

Sm /h

30.000 - 60.000

Flue gas temperature

°C

20 – 50

Flue gas CO2 concentration

vol%

3.2 – 11.0

3

Lean solvent flow rate

m /h

30 – 150

Lean solvent temperature

°C

20 – 45

L/G ratio

kg liquid / kg gas

0.5 – 2.5

CO2 capture rate

%

60 – 95

MEA concentration

wt%

25 – 45

Absorber packing height

m

12 – 24

Stripper pressure

bara

1.9 – 2.5

Stripper reboiler duties

MW

2.5 – 6

The calculations procedures for the various performance indices presented in the current work are as described by
Thimsen et al. [3] and Hamborg et al. [4].
3. Chemicals
MEA [CAS: 141-43-5] was supplied by AkzoNobel, and was diluted to a desired solvent concentration by
addition of demineralized water. Anti-foam solution was supplied from KCC Basildon.
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4. Results and Discussion
4.1. Mass recovery and MEA solvent concentrations
The total mass and CO2 mass recovery also referred to as the total mass and CO2 mass balances, for the complete
campaign, were determined as described by Thimsen et al. [3] and displayed in Figure 1. The total mass recovery is,
as expected, close to 100% during the complete campaign. The CO 2 mass recovery is however scattered, and this
may be attributed to inadequate instrumentation for monitoring of the CO2 gas phase concentrations in the flue gas
supply and depleted flue gas. The gas phase concentrations of CO2 in the flue gas streams were monitored by the
installed Fourier transform infrared spectroscopy (FTIR) analyzer, and accuracy and precision challenges with
respect to this FTIR analyzer setup has been described by elsewhere. [4] The scattering of the CO2 mass recovery
displayed in Figure 1 leads to uncertainties in the CO2 capture rates, whereas the specific thermal use, as derived in
the current work, is independent of the FTIR analyzer system. [4]
The MEA solvent concentrations, based on sampling and laboratory analysis of the lean amine, are displayed in
Figure 2. The MEA solvent concentration was maintained at about 30 wt% during most of the campaign, and was
increased to above 40 wt% towards the end. The MEA solvent water balance was maintained by adjusting the
depleted flue gas temperature to the flue gas supply temperature, and, if necessary, addition of demineralized water
to the MEA solvent. Due to the rapid change of operational parameters and conditions and additional time
consuming sampling and laboratory analysis, the MEA solvent concentration could not be maintained at constant
values throughout the campaign.
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Figure 1: Total and CO2 mass recovery at various operating conditions

377

Collection 11: MEA Solvent

6016

Natasha Brigman et al. / Energy Procedia 63 (2014) 6012 – 6022

50

MEA concentration [wt%]

45

40

35

30

25

20
0

20

40

60

80

100

120

140

160

Operating condition no.

Figure 2: MEA concentrations at various operating conditions

4.2. Overall energy performances
Figure 3 displays the specific reboiler duties (SRD) for the aqueous 30 wt% MEA solvent system with and
without the use of anti-foam solutions. The plant was operated with 24 meters of absorber packing heights, 1.9 bara
stripper pressure, and a flue gas flow rate of about 47.000 Sm 3/h at 25 °C. The CO2 capture rate was kept at about 85
%. The results in Figure 3 show a clear minimum in the SRD of about 4.0 MJ/kg CO2 at a lean amine loading of
about 0.25 for operations without anti-foam solutions added. Results refer to Base-Case testing as presented
elsewhere [4] provided a SRD of 4.1 MJ/kg CO2 and is displayed in Figure 3. For operations with addition of antifoam solutions, the minimum SRD is shifted towards lower lean CO2 loadings, and the cause for this behavior is
described later. The minimum SRD for these operations with anti-foam addition may have not been achieved. The
lean amine CO2 loading can be assumed closely proportional to the MEA solvent circulation rate, assuming steadystate plant operations, and in these specific cases solvent circulation rates approached the minimum achievable due
to solvent pump limitations. Lower solvent flow rates could have been achieved with the use of the solvent filtration
system however this was not tested during operations with addition of anti-foam solutions. The minimum SRD
obtained for operations with anti-foam solutions added was approximately 3.7 MJ/kg CO2.
Figure 4 displays the SRD for the aqueous 40 wt% MEA solvent system. The plant was operated with 24 meters
of absorber packing heights, 1.9 bara stripper pressure, and a flue gas flow rate of about 59.000 Sm3/h at 25 °C. The
CO2 capture rate was kept at about 85 %. The results in Figure 4 show a minimum in the SRD of about 3.4 MJ/kg
CO2 at lean amine loadings ranging between 0.2 and 0.25. A batch of anti-foam solutions were added several days
prior to these tests, and the effect of the anti-foam solution was likely present during these operating conditions.
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Figure 3: SRD for the 30 wt% aqueous MEA solvent system as a function of the lean amine CO2 loading. AF indicates operations with anti-foam
solutions injected into the aqueous MEA solvent system. BC indicates the Base-Case operation as in described by Hamborg et al. [4]
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Figure 4: SRD for the 40 wt% aqueous MEA solvent system as a function of the lean amine CO2 loading.

Figure 5 displays a comparison of the results presented in Figure 3 and Figure 4 as a function of the ratio of
solvent flow rate to the flue gas supply rate on mass basis (L/G ratio). Operations with the 40 wt% aqueous MEA
solvent system clearly provide lower values of the SRD and L/G ratios. The use of 40 wt% or higher MEA
concentrations must however be considered with respect to higher solvent degradation rates, as described by Morken
et al. [5], and possible material corrosion rates. The latter is however irrelevant for the TCM DA amine plant as it is
constructed primarily of high grade stainless steel and polypropylene plastic material for absorber lining. The metal
ion concentrations were monitored during the MEA campaign, and no significant increase in ion concentration was
observed for 40 wt% operations.
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Figure 5: SRD for the 30 wt% and 40 wt% aqueous MEA solvent system as a function of L/G ratios

4.3. Effects of absorber packing heights
Figure 6 displays the effects of absorber packing heights. The SRD obtained with 24 meters of absorber packing
heights of about 4.0 MJ/kg CO2 are lower than those of 18 meters of about 4.5 MJ/kg CO2. The plant was operated
at 1.9 bara stripper pressure and a flue gas flow rate of about 47.000 Sm3/h at 25 °C. The CO2 capture rate was kept
at about 85 %.
It is well known that MEA is considered an amine with a relatively high kinetic reaction rate towards CO2, and
equilibrium conditions could be expected in the absorber bottom section. Solvent sampling and laboratory analysis
resulted in rich solvent CO2 loadings of about 0.44 and 0.48 for respective 18 meters and 24 meters of absorber
packing heights, whereas the expected CO2 equilibrium loading for the aqueous MEA system was approximately
0.50. Preliminary simulation work has indicated that it is most likely the kinetic rate which limits the approach to
equilibrium in the test runs.
Similar trends, as displayed in Figure 6, were observed with the 40 wt% aqueous MEA solvent system at
different absorber packing heights.
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Figure 6: SRD for the 30 wt% aqueous MEA solvent system as a function of the lean amine CO 2 loading and absorber packing heights

4.4. Effect of flue gas supply flow rates
Figure 7 displays the effects of flue gas supply flow rates. The flue gas supply rate shows no significant effect on
the SRD at specific lean amine loadings. The plant was operated with 24 meters of absorber packing heights, 1.9
bara stripper pressure, and a flue gas supply temperature of 25 °C. The CO2 capture rate was kept at about 85 %. At
specific lean amine loadings it can be assumed that the amine plant was operated at close to identical conditions for
the various flue gas supply flow rates, except the correlated adjustment of the solvent flow rate. This would ideally
create a constant L/G ratio for the various flue gas supply flow rates at a certain lean amine loading. The minor
differences in the SRD between the various flue gas supply flow rates at a certain lean amine loading must therefore
be attributed to normal operational variations of the various amine plant unit operations.
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Figure 7: SRD for the 30wt% aqueous MEA solvent system as a function of the lean amine CO2 loading and flue gas supply flow rates
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4.5. Effect of flue gas supply temperatures
Increased SRD were observed when increasing the flue gas supply temperatures from 25 °C to about 50 °C. The
SRD was determined to be about 4 MJ/kg CO2 for the 30 wt% aqueous MEA solvent system at 25 °C flue gas
supply temperatures, whereas the SRD was determined to be about 5.0 MJ/kg CO 2 for 50 °C flue gas supply
temperatures. Some increase is expected due to the temperature dependent CO2 vapor liquid equilibria behavior in
the absorber bottom, leading to a lower rich amine loading at increased absorber bottom temperature, and the fact
that the partial pressure of CO2 is slightly lower in the flue gas supply stream of 50 °C than 20 °C leading to
decreased mass transfer driving forces. However, the more important aspect encountered during these test conditions
at elevated flue gas supply temperatures was chemical equilibrium pinching of the upper section of the absorber.
This was encountered when the lean amine loading was not sufficiently low, i.e. the CO2 equilibrium pressure in the
lean amine solvent entering the absorber is close to or identical to the actual CO2 partial pressure in the gas phase of
the upper section of the absorber. At such conditions little mass transfer will occur in the upper section of the
absorber, as mass transfer driving forces are low. In order to avoid such chemical equilibrium pinching, the lean
amine loading would need to be lowered by e.g. increasing the stripper bottom temperature. Aspects around this are
described further below.
The chemical equilibrium pinch behavior, as aforementioned, was encountered primarily as a result of the very
low targeted depleted flue gas CO2 partial pressure, as is a consequence of CO2 capture from low partial CO2
pressure CHP flue gases. Assuming flue gas supply CO2 content of about 3.5 vol% and a corresponding partial
pressure of about 35 mbara by assumption of ideal gas law behavior, the depleted flue gas CO2 partial pressure
would be about 5 mbara at 85 % CO2 capture rate. In order to avoid and control such chemical equilibrium pinching
behavior for any future large scale PCC amine plants in the upper section of the absorber, engineering
considerations such as e.g. flue gas supply temperatures and sufficient instrumentation for monitoring of the CO 2
content in the depleted flue gas should be taken into account.
4.6. Effect of stripper behavior
Figure 8 and Figure 9 displays the effect of addition of anti-foam solution to the solvent. The effect of anti-foam
solution addition on the SRD is more pronounced at lower lean amine loadings. The plant was operated at 1.9 bara
stripper pressure and a flue gas flow rate of about 47.000 Sm3/h at 25 °C. The CO2 capture rate was kept at
approximately 85 %.
Addition of anti-foam solutions showed no impact on the absorber temperature profile as displayed by Figure 8,
but showed a considerable impact on the stripper temperature profile as displayed by Figure 9. The temperature
values displayed in the Figure 8 and Figure 9 are the average value of four temperature sensors in the radial plane at
each axial column position. For operations without anti-foam solutions, the stripper temperature profile shows
relatively high temperatures in the upper section of the stripper of about 115 °C. It is well known that such will lead
to excessive amounts of water vapor leaving the stripper and being further directed to the overhead condenser,
which will lead to an unnecessarily high SRD. Upon analysis of the stripper temperature profiles in the radial plane
and axial direction, it was concluded that transient channeling in the stripper bed occurred during operations without
addition of anti-foam solution. This resulted in poor gas liquid distribution and contact, and condensation of the
stripping gas and water vapor occurred in the overhead condenser rather than inside the stripper bed. Addition of
anti-foam solution reduced the channeling behavior in the stripper, and well defined as expected stripper
temperature profiles were obtained in the axial direction, as displayed by Figure 9, and minor temperature
differences were observed in the radial plane. At these stripper operating conditions, only moderate amounts of
water vapor, as defined by chemical phase equilibria, will leave the stripper and be further directed to the overhead
condenser. This is defined as optimal stripper behavior. The exact cause of the observed transient steam channeling
is not yet clearly understood, however it may be caused by the solvent foaming. Engineering aspects related to this
and the use of anti-foam solutions for future large scale PCC amine plants must be considered. Environmental
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aspects of the use of anti-foam in such amine plants where the depleted flue gas may be emitted to air must also be
considered.
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Figure 8: Absorber temperature profile with and without antifoam

Figure 9: Stripper temperature profile with and without antifoam
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5. Conclusion
A campaign has been performed in the amine plant at the CO 2 Technology Centre Mongstad applying the
aqueous 30 wt% and 40 wt% MEA solvent systems for treatment of flue gas from a combined heat and power
(CHP) plant. CHP flue gas flow rates were ranging from about 40.000 Sm3/h to 60.000 Sm3/h and the CO2 content
was about 3.5 vol%.
Minimum steam reboiler duties (SRD) of respectively 4.0 MJ/kg CO2 and 3.7 MJ/kg CO2 were obtained for the
aqueous 30 wt% MEA solvent system without and with addition of anti-foam solution. Minimum SRD of 3.4 MJ/kg
CO2 was obtained for the aqueous 40 wt% MEA solvent system. Lower SRD and absorber liquid to gas (L/G) ratios
could be obtained with the higher concentration MEA solvents.
Increased absorber packing heights resulted in lower SRD. Variation in flue gas supply flow rates and
corresponding variations in solvent flow rates did not yield any significant variations in SRD. Decreased flue gas
supply temperatures resulted in lower SRD, as rich amine loadings increased and chemical equilibrium pinch
behavior in the upper section of the absorber was limited.
Engineering aspects such as flue gas supply temperatures and instrumentation for gas phase monitoring of the
CO2 flue gas contents must be considered for any future large scale PCC amine plant in order to avoid chemical
equilibrium pinch behavior during treatment of CHP flue gases. Engineering and environmental aspects related to
the use of anti-foam solutions for future large scale PCC amine plants must also be considered.

Acknowledgements
The authors gratefully acknowledge the staff of TCM DA, Gassnova, Statoil, Shell, Sasol, and Aker Solutions for
their contribution and work at the TCM DA facility.
The authors also gratefully acknowledge Gassnova, Statoil, Shell, and Sasol as the owners of TCM DA and Aker
Solutions for their financial support and contributions.

References
[1] Andersson V, Wittmeyer K. Operational Experience and Initial Results from the First Test Period at CO2 Technology Centre Mongstad.
Energy Procedia; 2013; 37:6348-6356
[2] de Koeijer G, Enge Y. CO2 Technology Centre Mongstad – Design, functionality and emissions of the amine plant. Energy Procedia; 2011;
4:1207-1213
[3] Thimsen D, Maxson A, Smith V, Cents T, Falk-Pedersen O, Gorset O, Hamborg E S. Results from MEA testing at the CO2 Technology
Centre Mongstad. Part I: Post-Combustion CO2 capture testing methodology. Energy Procedia; 2014
[4] Hamborg E S, Smith V, Cents T, Brigman N, Falk-Pedersen O, De Cazenove T, Chhaganlal M, Feste J K, Ullestad Ø, Ulvatn H, Gorset O,
Askestad I, Gram L K, Fostås B F, Shah M I, Maxson A, Thimsen D. Results from MEA testing at the CO2 Technology Centre Mongstad.
Part II: Verification of baseline results. Energy Procedia; 2014
[5] Morken A K, Nenseter B, Pedersen S, Chhaganlal M, Feste J K, Tyborgnes R B, Ullestad Ø, Ulvatn H, Zhu L, Mikoviny T, Wisthaler A,
Cents T, Bade O M, Knudsen J, De Koeijer G, Falk-Pedersen O, Hamborg E S. Emission results of amine plant operations from MEA testing
at the CO2 Technology Centre Mongstad. Energy Procedia; 2014.

384

CATCHING OUR FUTURE

Emission results of amine
plant operations from MEA
testing at the CO2 Technology
Centre Mongstad
(2014)

Collection 11: MEA Solvent

Available online at www.sciencedirect.com

ScienceDirect
Energy Procedia 63 (2014) 6023 – 6038

GHGT-12

Emission results of amine plant operations from MEA testing at the
CO2 Technology Centre Mongstad
Anne K. Morkena,b, Bjarne Nenseterb, Steinar Pedersenb, Milan Chhaganlala,b, Jane K.
Festea,b, Rita Bøe Tyborgnesa,b, Øyvind Ullestada,b, Helge Ulvatna,b, Liang Zhuc, Tomas
Mikovinyc, Armin Wisthalerc, Toine Centsa,d, Otto M. Badee, Jacob Knudsene, Gelein de
Koeijerb, Olav Falk-Pedersena,f, Espen S. Hamborga,b,*
a

CO2 Technology Centre Mongstad (TCM DA), 5954 Mongstad, Norway
b
Statoil ASA, P.O. Box 8500, 4035 Stavanger, Norway
c
University of Oslo, Department of Chemistry, P.O. Box 1033 Blindern, 0315 Oslo, Norway
d
Sasol Technology, PO Box 5486, Johannesburg 2000, South Africa
e
Aker Solutions, P. O. Box 222, 1326 Lysaker, Norway
f
Gassnova SF, Dokkvegen 10, 3920 Porsgrunn, Norway

Abstract
Extensive atmospheric emission monitoring has been conducted at the CO2 Technology Centre Mongstad (TCM DA) during
amine based post-combustion CO2 capture. The TCM DA amine plant was operated with an aqueous monoethanolamine (MEA)
solvent system, treating flue gas from a combined heat and power (CHP) plant. Emission monitoring was conducted by a Fourier
Transform Infrared (FTIR) Spectroscopy analyzer, a Proton Transfer Reaction Time-of-Flight Mass Spectrometry (PTR-TOFMS) analyzer, and manual isokinetic sampling followed by off-line analysis in the laboratory.
Atmospheric emissions of MEA were very low throughout the entire campaign, ranging from a few to a few hundred parts per
billion (ppb, 1 ppb = 10-9 v/v). Atmospheric emissions of MEA amine based degradation products such as nitrosamines and
nitramines were below detectable levels. Atmospheric emissions of ammonia (NH3) were in the low ppm range. Methylamine
was emitted at low ppb range.
Absorber wash water sections were found to effectively reduce atmospheric emissions from amine based solvent system.

* Corresponding author. Tel.: +47 56 34 52 20.
E-mail address: eham@tcmda.com

1876-6102 © 2014 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license
(http://creativecommons.org/licenses/by-nc-nd/3.0/).
Peer-review under responsibility of the Organizing Committee of GHGT-12
doi:10.1016/j.egypro.2014.11.636

386

Collection 11: MEA Solvent

6024

Anne K. Morken et al. / Energy Procedia 63 (2014) 6023 – 6038

© 2014
Published
by Elsevier
Ltd. Ltd.
This is an open access article under the CC BY-NC-ND license
©
2013The
TheAuthors.
Authors.
Published
by Elsevier
(http://creativecommons.org/licenses/by-nc-nd/3.0/).
Selection
and peer-review under responsibility of GHGT.
Peer-review under responsibility of the Organizing Committee of GHGT-12

Keywords: MEA, monoethanolamine, atmospheric emission, nitrosamine, nitramine, amine degradation products

1. Introduction
The CO2 Technology Centre Mongstad (TCM DA) has in collaboration with partners undertaken several months
test using the non-proprietary aqueous monoethanolamine (2-aminoethanol, MEA) solvent system at 30 wt% and 40
wt% in an attempt to characterize the performance and atmospheric emissions from such operations [1,2,3]. The
operations were carried out at a considerably large scale of about 50.000 Sm3/h of flue gas supply flow rates from a
combined heat and power (CHP) plant, as described elsewhere [1,2,3]. In the CHP plant, the natural gas is
combusted in a gas turbine and the flue gas content and characteristics are similar to those of a combined cycle gas
turbine (CCGT) power plant. TCM DA has made significant investment in equipment and instrumentation for
monitoring of stack emissions. Continuous efforts are being done to improve sampling methods, sampling lines and
the instrumental analysis.
Quantitative emission data from a representative CO2 capture plant is one remaining knowledge gap in the
assessment of health and environmental risks posed by the amine-based post combustion capture (PCC) technology
[4]. A health risk analysis for the emissions to air from the amine plant TCM DA was recently published [5]. The
emission permit granted to TCM DA by the Norwegian Environmental Agency (Miljødirektoratet) in November
2011 regulates the emission levels for solvent amines, alkylamines, aldehydes and ammonia [6]. It also sets
requirements for online monitoring and how to calculate the nitrosamine and nitramine environmental concentrations
by a dispersion calculation method. The air and drinking water concentrations of 0.3 ng/m3 and 4 ng/L respectively
were associated with negligible excess risk level for cancer (10-6) after lifelong exposure to nitrosodimethylamine
(NDMA). Since all amines that are emitted to air from the absorber stack may undergo photo-oxidation in the
atmosphere and be converted to nitramines or nitrosamines they will contribute to the environmental concentrations
as calculated by the dispersion simulation method. In the granted permit the total sum of nitrosamines and nitramines
must be below the given limits. Therefore both amine emissions and direct emissions of nitrosamines and nitramines
will contribute to the total environmental budget of the harmful compounds.
Although sampling and analysis of flue gases in general are well known, the wet flue gas containing solvent
amine, amine degradation products and other trace components give many sampling and analytical challenges. Very
limited standard methods are established for such a task. Several studies were undertaken by international experts for
the, now terminated, Carbon Capture Plant Mongstad (CCM) project, and much of the work is available for the
public [7]. The CCM project developed a toolbox for qualifying amine based solvent technologies, consisting of the
steps liquid sampling, isokinetic gas sampling, sample preservation and sample logistics, sample work-up and
analytical procedures, atmospheric chemistry including dry and wet deposition, dispersion modelling including local
Mongstad weather conditions, toxicology assessment of major degradation products as nitramines and nitrosamines,
solvent degradation rig and test protocol for solvent stress testing as well as process emission reducing technologies.
The analytical measurement chain was essential in the toolbox and it is also the basis for the current work.
This work is part of a continuous effort of gaining better understanding of the performance potential of the nonproprietary aqueous MEA solvent system, conducted by TCM DA and its affiliates and owners, in order to test,
verify, and demonstrate CO2 capture technologies [1, 2, 3]. The purpose of the current work is to provide results
which quantify the amounts and the compositions of atmospheric emissions sampled and analyzed during amine
plant operations treating CHP flue gases. A thorough overview and discussion of available equipment and
instrumentation for monitoring of stack emissions will be given. The results are believed to provide realistic
emission figures for emission monitoring and control for any future large scale carbon capture and storage (CCS)
project due to the considerable size of the TCM DA amine plant.
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2. Instrument and analysis
A description of the TCM DA amine plant is given elsewhere [1,2,3].
2.1 Overall system description and instrument position
Removing CO2 from flue gas by using post-combustion amine based CO2 capture reduces the emission of
greenhouse gases to the atmosphere, but inevitably causes some emissions of amines and amine related degradation
products to the atmosphere. Thus, qualitative and quantitative analysis of the emitted components is very important,
but this task is far from trivial. For practical purposes, analytical instruments are preferably placed at ground level,
but in that case a long sampling line (often >50 m) is required to direct the treated flue gas from the top of the
absorber into the apparatus at ground level. This sample line has to be heated to well above the dew point of the gas
to avoid condensation and possibly unwanted adsorption and/or reaction of emitted components.
TCM DA applies different measurement techniques to monitor and quantify the amounts and concentrations of
emitted compounds. Some of the analyzer techniques currently applied on a permanent basis are;
•
•
•

Fourier Transform Infrared (FTIR) Spectroscopy
Proton Transfer Reaction Time of Flight Mass Spectrometry (PTR-TOF-MS)
Manual isokinetic sampling technique with impingers and subsequent off-line laboratory analysis (carried
out by TCM DA, Statoil CP Laboratory, SINTEF and Ramboll)

Online gas phase concentration measurements are also performed at ground level (via a sample line) using a
Fourier Transform Infra-Red (FTIR) Spectroscopy instrument and a Proton Transfer Reaction – Time of Flight –
Mass Spectrometry (PTR-TOF-MS) device. This online equipment is placed in an analyzer house at ground level. At
the absorber top, isokinetic sampling is performed on a regular basis. There is an analyzer house and a shelter on the
top of the amine absorber where all the equipment is located, as seen in Figure 1.

Figure 1: Emission sampling set-up on the top of the amine absorber. Stack configuration (left) and sampling control from analyzer house
(right)

Extracted gas is sampled from the stack through an impinger train containing absorption liquids. By onsite
measurement of the gas flow and laboratory analysis of the impinger liquids, the gas phase concentration of different
components can be determined. The measurement system is shown schematically in Figure 2 and the techniques are
further explained in the sections below.
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Figure 2: Schematic drawing of the emission monitoring set-up at the TCM DA amine plant
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2.2 Sampling lines
The sampling line bundle installed at TCM DA is 101 meters long. It consists of 3 separate lines made from the
following materials, respectively:
x
x
x

PFA Teflon®
Electro-polished stainless steel
Sulfinert®-treated passivated stainless steel

All lines can be heated to 140 °C. Sample transfer via a heated sampling line has several benefits over placing the
equipment at the top of the absorber:
x
x
x

Easy access to the analyzer for maintenance and calibration and to utilities such as power, gas supplies, etc.
Increased physical space for the analyzer
Safer operations

Some negative aspects are however:
x
x

Delayed analyzer response
Potential degradation reactions and adsorption effects in the sampling line

Potential sample line effects are rarely reported in open literature. It is generally accepted is that the sample path
should be kept as short as possible, and that the line temperature should be well above the dew point. However,
increasing the temperature too much may lead to unwanted decomposition, to potential formation of nitrosamines,
and to other sampling artefacts. Switch between different sample lines should be avoided due to memory effects.
The effects of different sample lines were investigated by Cents et al [8].
2.3 FTIR analyzer
The FTIR model Anafin 2000 is employed at TCM DA to measure standard gas phase components (CO 2, water,
NOx, SOx) as well as amines, aldehydes and ammonia. The analyzer operates at wave numbers between 500 and
7000 cm-1, with a resolution of 2 cm-1. The path length is 7 meters. The detection limit for amines, aldehydes and
ammonia is on the order of 1 ppmv. According to the discharge permit from the Norwegian Environmental Agency
(Miljødirektoratet), TCM DA is allowed to emit 6 ppmv of total amines as a daily average [6]. For this purpose, the
detection limit of the FTIR instrument is satisfactory.
The FTIR is connected via heated sampling lines to sampling probes at the absorber inlet (downstream DCC),
absorber outlet and desorber overhead condenser outlet. An automatic stream selector makes it possible to program
the plant’s control system to alternate between the different measuring locations as desired. The FTIR is calibrated
for a list of standard flue gas pollutants, including CO2, SO2, NH3, etc., as well as solvent amines and some volatile
degradation products e.g. aldehydes. The instrument is not set up for measuring alkyl amines, nitrosamines and
nitramines.
The FTIR technique has the advantage that the sample is measured without any preconditioning, hence reducing
the risk for analytical artefacts. To avoid water condensation, the FTIR gas cell is heated to 85°C and the sampling
lines are heated to 120°C. Target compounds contained in mist or droplets are likely to be evaporated at these
temperatures. The FTIR monitor thus measures the total content of analytes in the flue gas. A draw-back of the
FTIR technique is the interference from water vapor which results in a relatively high detection limit. The
experience is that NH3 and amines can be detected down to 1 ppm levels. This is also in accordance with earlier
measurements of gaseous emissions in post combustion carbon capture [9, 10].
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2.4 PTR-TOF-MS analyzer
The PTR-TOF-MS (model PTR-TOF 8000) used is manufactured by Ionicon Analytik (Innsbruck, Austria). The
PTR technique has been widely used for environmental volatile compound measurements for over a decade. Its
measurement principle is based on soft ionization, via proton transfer, followed by high mass resolution mass
spectrometric analysis. At TCM DA, the PTR-TOF-MS instrument subsamples from the main sample line through a
heated (100-130qC) Siltek inlet line. The sample flow is diluted by a factor of 10 to 20 with bottled synthetic (zero)
air, to avoid ion signal titration caused by high ammonia levels. The PTR-TOF-MS is able to measure amines,
ammonia, aldehydes, ketones, carboxylic acids, nitramines and nitrosamines which are all important target
compounds in amine based CO2 capture. The analytical setup at Mongstad is described in recent publications by Zhu
et al. [11, 12].
2.5 Manual gas emission sampling
The analytical value chain applied for manual gas emission sampling and analysis is schematically shown in
Figure 3. This value chain governs the measurement and is described in details below.

Figure 3: Schematic drawing of the emission measurement value chain

Sampling. The TCM DA stack is designed to achieve flow conditions suitable for isokinetic flue gas sampling as
specified in the standard EN 15259:2007. The stack is insulated to minimize condensation. Sampling nozzles are
located at a level 2 meters below the stack exit. A sampling system from Paul Goethe GmbH in Germany is used for
allocation of a gas emission sample. The equipment is operated from an associated control unit (iTES). The special
sampling equipment configuration is assembled for amine emissions based on experiences from the CCM project
[7]. Isokinetic gas sampling principles are used to secure representative sampling from a ducted gas stream where
two-phase conditions (particles or droplets with diameter > 1 μm) are present or may occur. From an amine absorber
the presence of droplets in the flue gas has to be considered, hence isokinetic gas sampling is an assurance for
representative samples.
Capture of analyte. The double tube sampling probe was cooled with pressurized air in order to start
condensation of the extracted gas sample stream. Typical amine emission analytes are captured by two principles,
condensation and liquid absorption. It is experienced that the main sampling step is condensation. The condensate
flask is kept cool in an ice bath and has a size and design to maximize the condensation capacity. In this way the gas
is dried and further downstream split to subsequent impinger trains or solid adsorbents. It is further experienced that
only for the most volatile components like NH3, small alkyl amines and aldehydes the second trap based on stepwise
liquid absorption or solid phase adsorption is significant. In case of mist formation in the absorber, submicron
aerosols will enter the sampling train. It is known that aerosols potentially can have limited retention through liquid
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sampling systems. In order to improve the capture of aerosols, a high capacity condensation step is followed by jetimpinger flasks to force agglomeration. However mist is normally not associated with the CHP flue gas.
The condensates were preserved with sulfamic acid at site directly after sampling to avoid potential nitrosation of
secondary amines [7]. Ammonia and the different amines were absorbed in 0.05 M sulphuric acid, the aldehydes and
ketones were adsorbed on DNPH cartridges (Sep-Pak DNPH-Silica Long Body Cartridges, Waters). For
nitrosamines and nitramines 10 g/L sulfamic acid solutions were used as second sampling step.
Sample work-up. Samples were brought to TCM laboratory and immediately cooled or frozen for storage until
analysis. As a principle the condensate sample was prepared for analysis first and subsequent absorbent solutions
were prepared and analyzed secondly, with various experimental techniques (Table 1). This often includes extensive
laboratory work.
Analysis. Expected degradation and emission products from a MEA based solvent system, were assessed from a
recent study using the solvent degradation rig for stress testing of MEA [13]. The target analytes for the current
work is given in Table 1. These compounds cover the requirements set forth by the Miljødirektoratet in the emission
permit.

Table 1. TCM DA sampling and analysis configuration and principle for different parameters / component groups
Parameters/ component
groups
Amines (solvent)
Amines (alkyl)
Ammonia
Aldehydes
Nitrosamines* (Specific,
generic and TONO)

Sampling

Analysis

Condensate + 2x 0,05M sulphuric acid impingers + empty flask
Condensate + 2x 0,05M sulphuric acid impingers + empty flask
Condensate + 2x 0,05M sulphuric acid impingers + empty flask
Condensate + 2x DNPH cartridges

LC MS QQQ
UPLC-MS/MS (Ramboll [7])
Cation chromatography, IC-ECD
LS MS QQQ

Condensate + 2x 10 g sulfamic acid impingers + empty flask

See * (Ramboll [7])

Nitramines

Condensate + 2x 10 g sulfamic acid impingers + empty flask

pH**
Nitrite (NO3-)**

-

UPLC-MS/MS or GC-HRMS
(Ramboll [7])
pH-paper [7]
Anion chromatography, IC-ECD [7]

*Specific; CLLE extraction followed by UPLC-MS/MS or GC-HRMS . Generic; LLE followed by analysis on GC-HRMS. TONO;
Quench of soluted nitrite followed by break of N-NO bond in a reaction chamber. Total NO released from the N-nitroso groups
detected by chemiluminscence analyzer.
**For sample preservation and work-up.

Amines, nitrosamines, and aldehydes were analyzed using an LC MS-MS QQQ (Agilent). The condensate from the
first impinger was analyzed directly on the LC MS, the acidic impinger solutions were diluted before analysis.
Ammonia was analyzed on an ion chromatograph (IC).
2.6 Additional analyzer techniques: Voice200 and PTR-QMS
TCM DA also tested a Voice200 analyzer from SYFT Technologies and a PTR-QMS 300 analyzer from Ionicon.
These instruments operate on the same measurement principle as the PTR-TOF-MS but include cheaper and less
specific quadrupole mass analyzers. Results from both analyzers compared well with the PTR-TOF-MS data. The
results are not presented in this paper.
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3. Results and Discussions
3.1 Analysis of Solvent samples
Solvent degradation processes were monitored during the course of the entire MEA campaign. The solvent
amine, ammonia, and some degradation products were analyzed by TCM DA and Statoil CP laboratories. Alkyl
amines, aldehydes, ketone, generic nitrosamines, solvent specific nitrosamines and nitramines were analyzed by
Ramboll and SINTEF laboratories.
The concentration of the solvent amine was observed to remain stable over the extended period of the campaign
indicating reasonable degradation rates of the solvent amine. The main degradation products of MEA were found to
be amides, amino acids and other amines. Heat stable salts were also measured through the entire campaign, anions
(OA, GA, FA, NO3-) by IC and total heat stable salts (HSS) by ion exchange and titration. Figure 4 displays the
evolution of various degradation products and heat stable salts in the solvent. The components and amounts found
were expected from an aqueous based MEA solvent system [9].
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Figure 4: Results from some major degradation components (left figure) and heat stable salt formations (right figure) in the aqueous MEA
solvent system during treatment of CHP flue gas

Two solvent specific nitrosamines, N-nitrosodiethanolamine (NDELA) and N-nitroso-2-hydroxyethyl-glycine
(Nitroso-HeGly), were detected in the solvent as the degradation process progressed (Figure 5). The total
concentrations of nitrosamines (TONO) were measured to be 797 μmol/L.

Figure 5: Results from degradation of solvent amine MEA (04.02.2014) [13]
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Since MEA is a primary amine it is not expected to form a stable nitrosamine. The identified compounds are thus
formed from secondary amines occurring as impurities in the solvent or being formed during the degradation
reactions. As is shown in Figure 5, there are still some unidentified nitrosamines in the used solvent sample. These
nitrosamines are formed from high molecular weight amines and have low volatility. Only in the first water wash
stage low quantities of nitrosamines were found (see below).
The solvent specific nitramine (MEA-NO2) was detected at a concentration of approximately 2 mg/L (Table 3).
3.2 Analysis of wash water samples
MEA was periodically measured in the wash water from both water wash sections. The wash water sections are
specifically designed to physically absorb gaseous and entrained aqueous MEA before the depleted flue gas is
emitted to atmosphere. Figure 6 shows that the liquid phase concentration in the first wash water section (Lower
wash water – right y-axis) was about 100 times higher than the upper section (Upper Water Wash – left y-axis). The
results from 16/12-2013 show higher results, the temperature in the flue gas was 47qC and this will give higher
MEA concentrations. Going from 30 to 40 wt% MEA in the solvent, will also give higher MEA concentrations in
the water wash sections and this is measured at 19/2-2014, where the solvent MEA concentration was 40 wt%.
Methylamine and minor amounts of ethylamine were also found in water wash samples, as presented in Table 3.
Figure 6 clearly demonstrates the effectiveness of two water wash sections.

Figure 6: MEA concentrations in wash water 1 and 2.

The concentration of alkylamines, nitrosamines and nitramines in wash water samples are given in Tables 2 and
3. TONO were above detection limit only in the first water wash section, in one of two samples. This clearly
indicates that nitrosamine volatility is low and that nitrosamines escaping from the solvent are efficiently captured in
the first water wash section. No generic or solvent specific nitramines were found in either of the wash water
sections.
Methylamine and minor amounts of ethylamine were found in low concentrations (μg/L) and it is seen that the
water wash also has effect of these volatile compounds. No generic or solvent specific nitramines were found in
either of the wash water sections.
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Table 2. TONO (Total nitrosamines) measurement, measured by Ramboll (flue gas, wash water) and Sintef (lean MEA).
Date

Sample

TONO,
μmol/L

Operational Conditions

11.02.2014

Wash water 2

<0.05

30 wt% MEA

11.02.2014

Wash water 1

0.13

30 wt% MEA

04.02.2014

Lean MEA

797

30 wt% MEA

Table 3. Degradation components in solvent and wash water measured by Ramboll
Compound

Unit

Wash water 1

Wash water 2

Lean MEA

11.02.2014

11.02.2014

04.02.2014

Methylamine (MA)

μg/L

3700

1600

-

Dimethylamine (DEA)

μg/L

<50

<500

-

Ethylamine (EA)

μg/L

270

<500

-

Diethylamine (DiEA)

μg/L

<50

<50

-

Ethylmethylamine (EMA)

μg/L

<100

<1000

-

MEA

mg/L

1600

37

-

DEA

mg/L

<0.05

<0.5

-

Morpholine

mg/L

5.8

<1

-

MEA-NO2

μg/L

<1

<1

2120

Dimethylnitramine

μg/L

<0.2

<0.2

<2

Diethylnitramine

μg/L

<0.4

<0.4

<4

NDMA

μg/L

<0.1

<0.1

<1

NMEA

μg/L

<0.1

<0.1

<1

NDEA

μg/L

<0.1

<0.1

<1

NDPA

μg/L

<0.1

<0.1

<1

NPYR

μg/L

<0.1

<0.1

<1

NMOR

μg/L

<0.2

<0.2

<2

NPIP

μg/L

<0.1

<0.1

<1

NDBA

μg/L

<0.1

<0.1

<1

NDELA

μg/L

<1

<1

4200

3.3 Analysis of gas emission samples
Thirteen manual isokinetic sampling emission campaigns were conducted during the MEA-campaign. All
emission samples were collected by TCM DA, except one which was performed by FORCE Technology. The amine
plant operating conditions and detailed emission results are given in Tables 4 to 6. All nitrosamine and nitramine
emissions were below detection limits. Emissions of alkyl amines were limited and only methylamine is quantified
in the low ppb range. Possible emission of unknown compounds has been investigated via PTR-TOF-MS. A list of
identified or tentatively identified compounds is given in Table 7. No alkylamines, nitrosamines and nitramines
were detected by PTR-TOF-MS.
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Table 4. List of emission measurements during the MEA campaign
Date and time

Start

Stop

Flue Gas volume,
m3/h

Temp. gas out,
qC

Operational
Conditions

Operational
hours*

26.11.2013

09:14

11:14

58.000

46

30 wt% MEA

50

09.12.2013

10:33

12:33

50.000

25

30 wt% MEA

350

09.12.2013

13:33

15:33

50.000

25

30 wt% MEA

350

16.12.2013

10:38

12:38

47.000

43

30 wt% MEA

500

08.01.2014

12:11

14:11

49.000

25

30 wt% MEA

1000

08.01.2014

14:35

16:53

49.000

25

30 wt% MEA

1000

08.01.2014

17:12

19:12

49.000

25

30 wt% MEA

1000

09.01.2014

10:20

12:20

49.000

25

30 wt% MEA

1030

09.01.2014

12:40

14:40

49.000

25

30 wt% MEA

1030

27.01.2014

12:25

14:25

61.000

25

30 wt% MEA

1260

04.02.2014

11:53

13:53

62.000

27

30 wt% MEA

1390

11.02.2014

08:15

10:15

49.000

26

30 wt% MEA

1540

14.02.2014

10:50

12:50

62.000

25

40 wt% MEA

1600

* Operating hours counted as hours with CO2 capture

Table 5. Result from isokinetic gas emission measurements during the MEA campaign
Date

MEA,
μg/m3

MEA,
ppmv

NH3,
μg/m3

NH3,
ppmv

Formaldehyde,
μg/m3

Formaldehyde,
ppmv

Acetaldehyd,
μg/m3

Acetaldehyd,
ppmv

26.11.2013

848

0.323

6413

8.3

-

-

-

-

09.12.2013

78

0.030

4907

6.3

-

-

-

-

09.12.2013

59

0.022

5242

6.8

-

-

-

-

16.12.2013

29

0.011

8907

11.5

-

-

-

-

08.01.2014

14

0.005

6336

8.2

-

-

-

-

08.01.2014

21

0.008

9611

12.4

-

-

-

-

08.01.2014

36

0.014

6452

8.3

-

-

-

-

09.01.2014

38

0.014

6729

8.7

-

-

-

-

09.01.2014

3.5

0.001

6806

8.8

-

-

-

-

27.01.2014

14

0.005

-

-

3.1

0.002

18.1

0.009

04.02.2014

12

0.004

-

-

4.4

0.003

31.7

0.017

11.02.2014

21

0.008

-

-

4.3

0.003

31.7

0.016

14.02.2014

22

0.008

10031

13

-

-

-

-

Figure 6 and Figure 7 display atmospheric emission results of MEA and NH3 from absorber outlet over the entire
campaign. Figure 6 display emission results from the FTIR and PTR-TOF-MS analyzer in comparison with results
from manual isokinetic sampling and analysis. The MEA FTIR results are not considered to be reliable in the low
ppm range, since they are below/around the detection limit. The first measurement (performed on the 26th of
November) showed emissions above 300 ppb. The reason for the higher amine emission in the first measurement is
related to amine plant operating conditions. The NH3 emissions were reasonably low and as expected for MEA.
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According to TCM DA experience the aldehyde concentrations were varying from low ppbv to several hundred
ppbv during operations. Results found in this campaign and earlier campaigns are in agreement, and they are
confirmed by third party. The FTIR is not measuring aldehydes below 1 ppm, but PTR TOF gives a good agreement
to results found by isokinetic sampling and analysis, see tables 7 and 8. The PTR TOF is a good candidate for a
reliable online analyzer of aldehydes in the ppb range.
Comparison of emission results from three sampling and analysis methods is somewhat tricky as there are some
fundamental differences like; sampling point, sample extraction principles and sample transfer to the collecting or
detection units. In this case manual samples are collected on the top of absorber using isokinetic extraction
principles while the online methods are extracted non-isokinetic and switched in through a 101 meter long sampling
line. Hence a comparison of MEA emission data can reflect differences in the sampling configuration. The
analytical differences are first of all related to instrumental detection limits. Taking sampling and analytical
differences into account the comparison of results is summarized and illustrated in figure 6. It is clear that the FTIR
data is affected by high detection limit and by then increased uncertainty for this low ppm to ppb-level. Results from
manual sampling and online PTR-TOF-MS are first of all according to both methods reported in a low concentration
level (0,001 – 0,3 ppmv). The variation between the two data sets is significant and in general manual sampling
reflects lower values than online PTR-TOF-MS results. Based on TCM-experience it is likely that the different
sampling set-up explain this. TCM has experienced during this MEA campaign, that switch between different
sampling points and long heated sampling lines are challenging and need to be tested more and further optimized to
secure stable and representative gas composition.
The manual isokinetic sampling and analysis is considered to be a reference method for TCM DA. Isokinetic
sampling and analysis is verified by two independent third party companies (during earlier campaigns by Kema/SGS
and FORCE, and in this MEA campaign by FORCE).

Figure 6: MEA emissions determined by different analyzer techniques during the campaign. Results on the FTIR below detection limit (<1 ppmv)
are colored lighter blue.
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Figure 7: NH3 emissions determined by different analyzer techniques during the campaign
Table 6. Degradation components in Flue gas out of absorber from isokinetic gas emission measurements.
Compound

04.02.2014

04.02.2014

10.02.2014

10.02.2014

μg/m3

ppbv

μg/m3

ppbv

Methylamine

2.6

2

3.6

3

Dimethylamine

<1.1

<1

<1.1

<1

Ethylamine

<1.1

<1

<1.1

<1

Diethylamine

<1.1

<0.3

<1.1

<0.3

Ethylmethylamine

<2.2

<1

<2.1

<1

MEA

13

5

17

6

DEA

<1.1

<0.2

<1.1

<0.2

Morpholine

<2.2

<1

<2.1

<1

MEA-NO2

<0.01

<0.002

<0.01

<0.002

Dimethylnitramine

<0.002

<0.0006

<0.002

<0.0006

Diethylnitramine

<0.004

<0.001

<0.004

<0.001

NDMA

<0.001

<0.0003

0.001

0.0004

NMEA

<0.001

<0.0003

<0.001

<0.0003

NDEA

<0.001

<0.0002

<0.001

<0.0003

NDPA

<0.001

<0.0002

<0.001

<0.0002

NPYR

<0.001

<0.3

<0.001

<0.3

NMOR

<0.002

<0.0004

<0.002

<0.0004

NPIP

<0.001

<0.0002

<0.001

<0.0002

NDBA

<0.001

<0.0002

<0.001

<0.0002

NDELA

<0.01

<0.002

<0.01

<0.002

TONO*

<0.2

<0.04

<0.2

<0.04

*Converted from molar to mass basis, using Mw 130 g/mol
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PTR-TOF-MS was also used for screening of potential other emissions. A list of identified or tentatively
identified compounds is given in Table 7. It is noted that PTR-TOF-MS did not detect any emissions of alkylamines,
nitrosamines or nitramines.
Table 7. Results from PTR-TOF-MS measurements on 11.02.2014, 08:15-10:15. Estimated uncertainty in measurements is f20%.
Name

Formula

2-aminoethanol

H2NCH2CH2OH

ppbv

Structure

m/z

Ammonia

NH3

Formaldehyde

HCHO

Acetaldehyde

CH3CHO

Acetone

(CH3)2CO

88.2

59.049

Aceticacid

CH3COOH

12

61.028

Formamide*

CHONH2

13

46.028

Acetamide*

NH2CH2CHO

14.1

60.044

Methane,nitro*

CH3NO2

19.8

62.024

Ethane,nitro*

CH3CH2NO2

0.8

73.039

Pyrrole*

C4H4NH

5.2

68.049

Pyrazine*

C4H4N2

107.1

81.044

Pyrazinemethyl*

C4H3N2CH3

23.2

95.060

Pyrazinedimethyl*

C4H2N2(CH3)2

7.1

109.079

8.9

62.060

18265.7

18.034

43.1

31.018

454.9

45.033

* Tentative interpretation based on chemical formula, temporal profile or possible chemical pathway of formation.

3.4 Third party gas emission measurement
One third-party emission measurement was done on January 6. FORCE Technology carried out isokinetic
sampling onto a solid sorbent (Thermosorb/N) in combination with condensate collection in an impinger. The
condensate was analyzed separately. Analysis of collected samples was done by Isconlab GmbH. The results show
that all nitrosamine and nitramine emissions were below detection limits.
Table 8. Results from third part measurement on 6th of January, done by FORCE Technology
μg/m3

Compound
Total nitramine

<0.2

Total nitrosamine

<0.08

NDMA (N-nitrosodimethylamine)

<0.08

Formaldehyde

<70

Acetaldehyde

310
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4. Conclusion
Extensive atmospheric emission monitoring has been conducted at the CO2 Technology Centre Mongstad (TCM
DA) during amine based post-combustion CO2 capture. The TCM DA amine plant was operated with the aqueous
MEA solvent system treating flue gas from a combined heat and power plant (CHP). Emission monitoring was
conducted by a Fourier Transform Infrared (FTIR) Spectrometry analyzer, a Proton Transfer Reaction Time-ofFlight Mass Spectrometry (PTR-TOF-MS) analyzer, and manual isokinetic sampling followed by off-line analysis in
the laboratory.
Atmospheric emissions of monoethanolamine (MEA) were very low throughout the complete campaign, and
determined to be in the parts per billion (ppb) range. Atmospheric emissions of MEA amine based degradation
products such as nitrosamines and nitramines were below detectable levels. Atmospheric emissions of ammonia
(NH3) were in the low ppm range, and alkyl amines in the low ppb range.
Absorber wash water sections were found to effectively reduce possible atmospheric emissions from amine based
solvent system.

Acknowledgements
The authors gratefully acknowledge the staff of TCM DA, Gassnova, Statoil, Shell, Sasol, and Aker Solutions for
their contribution and work at the TCM DA facility, and the staff of the Statoil CP laboratory for their contribution
and work with the LC-MS measurements.
The authors also gratefully acknowledge Gassnova, Statoil, Shell, and Sasol as the owners of TCM DA and Aker
Solutions for their financial support and contributions.
Appendix A. Abbreviations
AA
CLLE
DCC
DiEA
DMA
DMNA
DMO
EA
FA
GA
GC-HRMS
HEA
HEF
HeGly
HEI
HEIA
HEPO
HSS
IC-ECD
LC MS QQQ
LLE
MA

Acetic acid
Continuous Liquid Liquid Extraction
Direct Contact Cooler
Diethylamine
Dimetylamine
N-nitro-N-methyl-methanamine
4,4-dimethyl-2-oxazolidinone
Ethylamine
Formic acid
Glycolic acid
Gas Chromatography-High Resolution Mass Spectrometry
N-(2-hydroxyethyl) acetamide
N-(2-hydroxyethyl)formamide
N-(2-hydroxyethyl)glycine
N-(2-hydroxyethyl)imidazole
N-(2-hydroxyethyl)imidazolidinone
4-(2-hydroxyethyl)piperazin-2-one
Heat Stable Salt
Ion Chromatography-Electric Conductivity Detection
Liquid Chromatography Mass Spectrometry Triple Quadrupole
Liquid Liquid Extraction
Methylamine
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NDBA
NDEA
NDMA
NDPA
NMEA
NO2-MEA
NO-HeGly
NPIP
NPYR
OA
TONO
UPLC-MS/MS
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N-Nitrosodi-n-butylamine
N-Nitrosodiethylamine
N-methyl,N-nitroso-methanamine
N-Nitrosodi-n-propylamine
N-Nitrosomethylethylamine
2-(Nitroamino)ethanol
N-Nitroso(2-hydroxyethyl)glycine
N-Nitrosopiperidine
N-Nitrosopyrollidine
Oxalic acid
Total Nitroso amines
Ultra Performance Liquid Chromatography – Mass Spectrometry / Mass Spectrometry
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Abstract
The CO2 Technology Centre Mongstad (TCM) is the world’s largest facility for testing and improving technologies for CO2
capture. The knowledge gained will prepare the ground for full scale CO2 capture initiatives to combat climate change. TCM is
a joint venture between the Gassnova, Statoil, Shell and Sasol. It is located at the West coast of Norway, north of the city
Bergen. This paper will discuss the scale-up and transient operation of amine based post-combustion CO2 capture plants in
general, and presents some typical results. Scale-up and transient operation are typically among the last topics to be assessed in
the technology development process because it requires bigger plants. Results from the monoethanolamine (MEA) campaign
that was executed in fall/winter 2013/2014 were used. Normalized transient data were presented for 7 important variables
during a plant stop and restart and a sudden stop case. Stable CO2 product flow could be obtained after 3-4 hours, while stable
emissions and CO2 product temperature took 1-2 hours more. NH3 emissions showed a peak after restart due to accumulation
in the solvent during the stop. It was concluded that amine based CO2 capture plants should be able to follow their power
plants without significant additional CO2 emissions. Furthermore, the discussion on scale-up showed that the process of
upscaling is ongoing and that emissions, material choice, construction method, vapour/liquid distribution and reclaiming are
important technical aspects of this process. The main non-technical learning for efficient upscaling is to systematically learn
from previous projects on how to build and operate cheaper.
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ABSTRACT: We demonstrate the capabilities and properties of
using Proton Transfer Reaction time-of-ﬂight mass spectrometry
(PTR-ToF-MS) to real-time monitor gaseous emissions from
industrial scale amine-based carbon capture processes. The benchmark monoethanolamine (MEA) was used as an example of amines
needing to be monitored from carbon capture facilities, and to
describe how the measurements may be inﬂuenced by potentially
interfering species in CO2 absorber stack discharges. On the basis of
known or expected emission compositions, we investigated the PTRToF-MS MEA response as a function of sample ﬂow humidity,
ammonia, and CO2 abundances, and show that all can exhibit
interferences, thus making accurate amine measurements diﬃcult.
This warrants a proper sample pretreatment, and we show an
example using a dilution with bottled zero air of 1:20 to 1:10 to monitor stack gas concentrations at the CO2 Technology Center
Mongstad (TCM), Norway. Observed emissions included many expected chemical species, dominantly ammonia and
acetaldehyde, but also two new species previously not reported but emitted in signiﬁcant quantities. With respect to concerns
regarding amine emissions, we show that accurate amine quantiﬁcations in the presence of water vapor, ammonia, and CO2
become feasible after proper sample dilution, thus making PTR-ToF-MS a viable technique to monitor future carbon capture
facility emissions, without conventional laborious sample pretreatment.

Futher information: https://pubs.acs.org/doi/10.1021/es4035045

Received:
Revised:
Accepted:
Published:
© 2013 American Chemical Society

14306

406

August 8, 2013
October 2, 2013
November 11, 2013
November 11, 2013
dx.doi.org/10.1021/es4035045 | Environ. Sci. Technol. 2013, 47, 14306−14314

CATCHING OUR FUTURE

Operational Experience and
Initial Results from the First
Test Period at CO2 Technology
Centre Mongstad
(2013)

Collection 11: MEA Solvent

Available online at www.sciencedirect.com

Energy Procedia 37 (2013) 6348 – 6356

GHGT-11

Operational Experience and Initial Results from the First Test
Period at CO2 Technology Centre Mongstad
Vibeke Anderssona*, Kristina Wittmeyerb, Oddvar Gorseta,
Yolandi Mareeb, Knut Sandena
a

Aker Clean Carbon, N-1360, Oslo, Norway
b
TCMDA, N-5954, Norway

Abstract

The CO2 Technology Centre Mongstad (TCM) is currently regarded as the largest CO2 capture
technology test center for testing and improving CO2 capture. The aim of the TCM facility is to provide a
platform for improving CO2 capture processes by establishing the means for technology providers to
further develop and verify their technologies on a larger scale, thereby promoting the application of CO2
capture processes at full scale, worldwide.
The amine plant at TCM came on-line during the second quarter of 2012. This paper outlines the main
functionalities of the amine plant and presents some operational experiences and initial results from the
first operation period with MEA. Further testing in the plant over the next 15 months is dedicated to
qualification programs aimed towards full third-party facilitated qualifications for large scale plants with
ACC technology.
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Nomenclature
ACC

Aker Clean Carbon

CCM

CO2 Capture Mongstad (full scale project)

CHP

Combined Heat and Power

EPC

Engineering, Procurement and Construction

MEA

Mono Ethanol Amine

MTU

Mobile Test Unit

RFCC

Residue Fluid Catalytic Cracker

SRD

Specific Reboiler Duty

TCM

Technology Centre Mongstad

TCMDA

Technology Centre Mongstad Joint Venture

1. Technology Centre Mongstad
The CO2 Technology Centre Mongstad (TCM) is currently regarded as the largest CO2 capture
technology test center for testing and improving CO2 capture processes. The facility is owned by
TCMDA - a joint venture between Gassnova (the Norwegian state) (75%), Statoil (20%), Shell (2.4%)
is 100 000 tons of CO2 captured per year, and the test
and Sasol (2.4%) [1]. The
results will be valid for direct scale-up to full scale CO2 capture plants. The design and functionality is
described in detail elsewhere [2].
The aim of the TCM facility is to provide a platform for improving CO2 capture processes by
establishing the means for technology providers to further develop and verify their technologies on a
larger scale, thereby influencing the applicability of CO2 capture processes worldwide.
There are two capture plants installed at TCM, one utilizing amine technology, designed and delivered
by Aker Clean Carbon (ACC), and the second utilizing a chilled ammonia technology, designed and
delivered by Alstom.
The two technologies will both be tested on two different flue gas sources. One of the sources is offgas from the Residue Fluid Catalytic Cracker (RFCC) at the Mongstad Refinery. In addition to being a
typical refinery emission gas this source exhibits similar characteristics and properties as flue gas from
coal fired plants. The other source is exhaust gas originating from the Combined Heat and Power plant
(CHP) at Mongstad.
As part of the EPC contract awarded by TCMDA to ACC, ACC was allocated the right - upon delivery
of the plant to TCMDA - to lease the facility for the first period of operation. In essence, ACC being the
user of the facility will specify the test program for the first 15 months of operation. TCM DA has the
responsibility of operations of the facility including the obtaining of emission permit [3], as well as
provision of operational support. Detailed results from testing with ACC proprietary solvents are owned
by ACC.
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2. Amine Plant
2.1. Absorber and Regeneration units
The purpose of the absorber tower and the associated water wash sections is to absorb a minimum of
85 % of the CO2 in the flue gas, to maintain the water balance in the plant and to minimize amine and
amine degradation products in the treated flue gas before exiting the tower.
The absorber tower in the amine plant is more flexible than commercial CCS plants, with three
absorption sections - each with a separate lean amine inlet and a total of 60 temperature sensors, thus
enabling thorough investigation of solvent reaction rates and distribution. Results to date have shown
clear temperature profiles in the areas of reactions when feeding at all of the three inlets, both horizontally
as well as vertically over the packing. This, in turn, provides a comprehensive understanding of the
packing height requirements while confirming proper liquid distribution throughout the column.
In the sides of the rectangular-shaped absorber tower, four columns are installed through which
gamma radiation sources are fitted (on an
ad-hoc basis) to provide a scan of the
column internals [4]. This scan has been
performed twice; the first serving as a baseline scan and the second was performed
shortly after full load of the plant was
achieved (flue gas and solvent load). The
scans showed no abnormalities, and good
liquid distribution profile through the tower.
A third scan is planned after a few months
of operation to assess if any blockages or
mal-distribution have occurred.
The two water wash systems each
consist of a three meter packing section, a
holding tank, a pump and a cooler. The top
washing section may be utilized as an acid
wash section. Two demisters are installed one above the last absorption section and
one above the upper water wash packing
section. Both water wash systems have
been operated at full load (50 t/h and 60 t/h
respectively) without acid addition. Very
low levels of amines have been detected
from the absorber flue gas (below 1ppm)
which verifies that the current water wash
system was appropriately designed for the
MEA specific runs.
To accommodate for the difference in
CO2 concentration in the two flue gas
sources, two strippers (desorbers) are
Figure 1 : Absorber and regeneration units in the amine plant
installed. The strippers are installed with
different types of reboilers, one is a plate
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and frame reboiler and the other is a shell and tube reboiler. This enables validation of reboiler suitability
in various operating scenarios. The welded plate and frame reboiler has proven to be sensitive towards
steam/water hammer, subsequently leading to micro-cracking of the internals. While this was being
attended to, the RFCC reboiler was put in operation with no further difficulties experienced. The CHP
reboiler is expected to be back in service for testing with the ACC propriety solvent soon.
Figure 1 shows a picture from the 3D model of the amine plant, illustrating the absorption and
desorption sections.
2.2. Data collection and laboratory
To be able to ensure good technology qualification, a vast amount of data is collected from more than
1000 online instruments in the amine plant and more than 1100 in the utility plant. In addition, there are
multiple sampling points for liquid sampling throughout the amine plant. A laboratory has been
established as part of the TCMDA infrastructure to analyze the liquid samples using state-of-the-art
technologies. As the analytical procedures for many of the measurements required for particularly
emissions related activities are in the development phase, extensive amount of time has been spent in
establishing methods within the TCM laboratory. This process is on-going as improvements to existing
methods are made by outside research organisations. In conjunction to analyses, methods for physical
sampling also had to be established. This relates in particular to the isokinetic sampling at the absorber
tower exhaust.
Properties such as conductivity, pH and density are measured online in the amine streams and these
data can also be verified by lab analyses. Also, emissions monitoring is mainly done online and is
regularly verified by isokinetic sampling and lab analyses.
To establish the mass balances and to monitor emissions to air, an FTIR analyzer is installed,
measuring various components in the inlet flue gas stream, the treated flue gas stream out of the absorber
and the CO2 product stream out of the regenerator. The FTIR analyzer is the main piece of equipment
used for emissions reporting to the authorities, especially for amine, ammonia and aldehyde components
[2]. All data is logged and stored in an IP21 data management system.
3. Utilities
The TCM plant provides its own utilities and also receives some utilities from the adjacent Mongstad
refinery and the CHP plant. Utilities such as cooling water (seawater), demineralised water, plant and
instrument air and nitrogen are provided from the TCM facility directly. The imported utilities include
process (raw) water, fire water, potable water and high-pressure steam, which is provided at 30 Barg and
335 C. Both the technology plants have their own steam let-down systems to medium- and low pressure
steam. The plants also have their own steam condensate receiving system from where the condensate is
returned directly to the Mongstad refinery.
The two flue gas sources are first run through a separate blower to obtain enough transport pressure to
reach the TCM plant. The RFCC flue gas is also run through a sea water cyclone for particle removal.
The flue gas from the CHP has a CO2 concentration of ca. 3.5 mole%. There is a possibility to recycle
CO2 when the CHP flue gas source is in use, to boost the CO 2 content up to 9 mole%. It is a relatively
clean flue gas with small amounts of NOx, SOx and ammonia, see Table 1.
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Table 1: Typical flue gas compositions
CHP

RFCC

Component

Concentration
(mole %)

Concentration
(ppmv)

Concentration
(mole %)

N2

78.6

79.5

CO2

3.6

12.9

H2O

2.5

2.5

O2

14.4

4.2

Ar

0.9

Concentration
(ppmv)

0.9

NOx

5

CO

3

3

SOx

0.3

25

NH3

5

75

The online FTIR is set to measure the quality of the flue gas entering the system, but difficulties were
experienced in the calibration of the instrument at low levels of NOx. The estimated detection limit of
NO (as NOx) is 5ppm at this stage as interferences with water peaks were observed. The result was that
the instrument read 0ppm for levels below 5ppm during most of the MEA specific run.
4. General operational experience at TCM
Hot commissioning of the plant was carried out with MEA and flue gas from the CHP. A successful
stability test conducted as part of commissioning marked the hand-over of the plant from Aker Clean
Carbon to TCMDA and at the same time marked the start-up of the ACC test period at TCM. The initial
tests in this test period was also carried out with MEA and flue gas from CHP.
By the end of August 2012, the plant had been in operation capturing CO2 for approx. 500 hours.
Figure 2 below shows the time trend of the flue gas flow into the Absorber. The trend illustrates the
operational period with CO2 capture, during this time frame. It is worth noting that significant time during
this period was dedicated to
different commissioning-related
activities, and several periods of
down-time were necessary due to
these activities, as evident from
the figure. Figure 3 below shows
both the accumulated operating
hours of the amine plant and the
accumulated CO2 capture for this
period.
Figure 2: Inlet flue gas flow
indicating operational periods,
i.e.periods with CO2 capture.
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Figure 3: Accumulated hours of operation and CO2 captured.

It was expected that a plant of such complexity in terms of amount of instrumentation would require
substantial effort before normal operation was established. This has proven to be the case. The main
operational focus this far
has
therefore
been
related to tuning of the
plant, especially tuning
of flow instruments and
gas analyzers.
Figure 4 illustrates
the challenge of mass
balance closure, through
different
measured
readings of the captured
CO2. A total of 8 online
measurements as well as
solvent analysis are
available for calculating
the CO2 capture, and as
seen, the readings had a
discrepancy of ~40%.
Figure 4: Illustration of mass-balance challenge
Through
thorough
investigations
and
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testing of the flow meters set-up, we have now decreased the discrepancy and are able to close the
balances to acceptable levels. Establishing and verification of the mass and heat balances, both in-house
and by independent third party is still on-going at TCM.
5. Initial Results
5.1. CO2 capture degree
During the initial start-up period, it was not our focus to maintain a constant CO2 capture degree, or to
maximize this. As seen from Figure 5, the capture degree has varied between 68% and close to 100%
during
operation.
However,
operational
experience has now
shown that the capture
degree can be set at the
required
level
and
maintaining the capture
at required 85-90% is
achievable.

Figure 5: CO2 capture degree throughout the period

5.2. Energy Consumption
The calculated Specific Reboiler Duty (SRD) in terms of MJ thermal/kg CO2 captured is shown in
Figure 6. Also in the figure, the measured steam consumption and the CO2 capture is shown. The initially
achieved SRD lies between 4.1 and 5 MJ/kg CO2 and is within what we expected for MEA for these
operational conditions, based on earlier experiences.
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Figure 6: Measured energy consumption

5.3. Emissions
The surveillance and minimization of emission from the TCM plant was and remains top priority [2,3].
The emission from the amine plant is closely monitored through online measurements, isokinetic
sampling and lab analysis. In Figure 7, the emission of MEA throughout the period as measured by the
online FTIR instrument is shown. It is seen that during this first operational period, low levels of MEA
emissions were detected with the online measurements, well within the expectation level and emission
permit [2]. Superimposed on the graph are points representing the results from isokinetic sampling and
laboratory analysis of MEA. As seen from the figure, these manual measurements have confirmed the
readings from the online instrumentation.
6. Future Testing
ACC is responsible for developing a test program at TCM during the Test Period and will utilize the
plant for their proprietary solvent development and technology qualification.
and for the next months,
operation of the plant will be dedicated to a qualification program for the full-scale Mongstad project
consumption The amine plant at
laboratory testing are all inputs to this program.

est Unit (MTU), testing at supplier and
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Following completion of the ongoing qualification program, a reference run with MEA (Baseline
Reference Case) will be conducted, providing more details and confidence to the data presented as the
first initial results. Subsequent to the reference case, ACC will continue to utilize the TCM plant for
further testing of their proprietary solvent using both the CHP and RFCC flue gas source.

Figure 7: Emission profile as measured by online instrumentation as well as isokinetic sampling.
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